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PREFACE 

llLis book describes a systematic procedure for the conceptual design of a limited 
class of chemical processes. The goal of a conceptual design is 10 find the best 
process fiowsheet (i.e., to select the process units and the interconnections among 
Ihese: unils) and estimate the optimum design conditions. The problem is dif
ficult because very many process alternatives could be considered. In additIOn, 
experience indicates that less than I % of ideas for new designs ever become 
commercialized. Thus, there are many possibilities 10 consider with only a small 
chance of sUCGCss. 

In man} cases the processing costs associated with the various process 
alternatives differ by an order of magnitude or more, so that we can use shoncut 
calculations to screen the alternatives. However, we must be certain that we are in 
the neighborhood ortne o ptimum design conditions for each alternative, to prevent 
discarding ao alternative because of a poor choice of design variables. Hence, we 
use cost studies as an initial screening to eliminate ideas for designs that are 
unprofitable. If a process appears to be profitable, then we must consider other 
factors, including safety. environmental constraints, controllability, etc. 

We approach tne synthesis and analysis problem by cstablishjng a hierarchy 
of design decisions. With this approach, we decompose: a very large and complex 
problem into a number of smaller problems that are much simpler to handle. By 
focusing on the decisions that must be made at each level in the hierarchy (e.g., Do 
we want to add a solvent recovery system?), we can identify the existing 
technologies that could be used to solve the problem (e.g., absorption, adsorption. 
condensation) without precluding the possibility that some new teth nology (e.g., a 
membrane process) might provide a better solution. Moreover, by 'listing the 
alternative solutions we can propose: for each decision, we can systematically 
generate a list of process alternatives. 

In some cases it is possible to use: design guidelines (rules of thumb or 
heuristics) to make some deciSIOns about the structu re of the flowshect and/or to 
set the values of some of the design variables. We usc order-of-magnitude 
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arguments to denve many of these heuristics, and ..... e use a simple analysis of this 
type to identify the III111ta1l0ns of the heunstics Tn many cases, no heuristics are 
available, and therefore we de\elop shortcut design methods that can be uscd as a 
basis for makmg decisions. 

By followmg this hierarchical decision procedure. a beginning designer can 
substItute the evaluation of a number of extra calculations for experience during 
the devdopmenl of a conceptual desIgn Since <;horteu t calculatIons are used. 
however, the penalty paid in the time required to screen more alternatives is not 
\ery high Of course. as a designer gains experience. she or he will be able 10 

recognize what alternatives do not need to be considered for a parlicular type of 
process and thereby obtain an increase m effiCiency. Note also that experience 
normally '5 required for assessing the operability of a design, and therefore a 
beginner should always get an experienced designer to review the results of the 
des.gn study. 

O rganiza tion of the Text 

The text is meant to be used m a one-semester. scDlor-level course in process design 
for chem.cal engineering students. We present the material as a lecture course. A 
single case study is carried throughout the text to illustrate the ideas. and the 
homework assignments include the evaluation of alternatives for the central case 
study. as well as several other case studies_ The purpose of these other case studies 
is to help the student understand the similarities and d ifferences betwttn various 
types of processes (e_g_. Single reactIOns ~ersus product d istnbution problcms. cases 
where gas·reqcle costs dominate, cascs where liquid separation costs dommate, 
the choice bet~een recycling or removing by-products formed by reversible 
reactions, the economic trade-ofTs encountered when a gas recycle and a purge 
stream is used, etc.). The focus is on screening calculations., although a computer~ 
aided design program is eventually used to verify the approximations 

Part I discusses a strategy of synthesis and analysis. In Chap. I it is noted that 
only about I % of ideas for new designs ever become commercialized, so that ..... e 
need an efficient procedure for eliminating poor projects. Similarly, since design 
problems arc always underdefined and we can often generate I cr to 10' alternati\<e 
processes even for a single-product plant, we noed an efficient way of screening 
process alternatives. These discussions provide the motivation for the use of 
shortcut calculations. Also. a procedure for decomposing process flowshoets into a 
hierarchical sct of simpler problems is presented. 

Chapter 2 presents an introduction to engineering economics, including a 
discussion of various measures of profitability. Tn addition, a simple economic 
model that is useful for conceptual designs .s developed 

Chapter 3 presents a very simple design problem (actually a subsystem of 
what could be a larger de~igl1 problem) This example illu~trates how simple it i~ to 
gencrate process altcrnatives. the need for des.gn heunstics. the origlll of deSIgn 
heuristics. the limitatIOns of dcslgn heuristiCS. the intcractions among processing 
units, the need for a systems Viewpoint in placc of a unit operations viewpoint, and 
how shortcut de~ign methods can he developed 

Part II presents the details of the hierarchicat decision procedure for the 
sYnlhesis and analYSis of conceptual designs. Chapter 4 describes the infonnation 
needed to get started. and the decision of designing a batch versus a contmuous 
process is discussed Chapter 5 presents the important decisions for the input and 
output structure, the identification of the important design variables at this level of 
complexity, and shortcut procedUres to calculate the stream costs and the costs of a 
feed compressor (if one is reqUIred). Chapter 6 introduces the additional deciSions 
required to fix the overall recycle st ructure of the fl owsheet . i.e., the interaction of 
the r~aClor system(s) with th~ remainder of the process The reactor cost and any 
gas-recycle compressor costs are evaluated in tenos of the design variables This 
discussion is limited to single-product plants. 

At present. the systematic preliminary design procedure is also limited to 
vapor.liquid processes. For this class of processes, the structure of the separation 
system (i.e., the general structure, vapor recovery system alternatives. and the 
decisions for the liquid separation system) is described in Chap. 7. Chapter 8 then 
presents a synthesis procedure for the heat-<:xchanger network. At this point. a 
base-case design and an estimate of the optimum design conditions are available 

Our basic design strategy is to develop a base-case design as rapidly as 
possible. simply listing the process alternatives as ..... e go along. to detennine 
whether there is something about the process that will make all the alternatives 
unprofitable. Provided that our base·case design appears to be promising. we use 
the methods in Chap 9 to scrttn the process alternatives. Thus., at this point we 
attempt to identify the best process flowshttt . 

Part III presents some other design tools and applications. In the procedure 
presented in Chaps 4 through 9, we used case-study cakulations to estimate thc 
optimum design conditions because we were continually changing the structure of 
the flowshee\.. Once we have identified the best flowsheet. we can use more 
sophisticated optimization procedures. However. to assess the degree of soph.stica
tion that is desirable, ..... e present an approximate optimization analysis in Chap. 10. 
This approximate optimization procedure helps to identify the dominant economic 
trade-offs for each design variable. the dominant design variables, and an indica
tion of how far a design variable IS away from the optimum without knowing the 
exact value of the optimum This approximate optimization analysis is also very 
useful for retrofit studies and for optimum steady-state control calculations. 

In Chap II we use the same techniques for process retrofits that we used to 
develop a design for a new plant. A systematic procedure is presented for 
retrofitting processes, Including completely replacing the existing plant with either 
the same or a better process alternative.. The approximate optimization procedure 
is used to help identify the dominant operating variables and the equipment 
constraints that prevent the operating costs from being minimized. Then, based on 
these results, additional equipment capacity is added until the incremental, 
annualized equipment cost balances the incremental decrease in operating 
costs 

In Chap 12 we dlscu~<; the use of a compu ter-aIded design program to 
improve the accuracy of the shortcut calcul ations Chapter 13 prc<;ents a ~ummary 
of the design procedure, brief outlines of hierarchical decision procedures for solids 



and batch processes. and a brief dIscussIOn of what remams to be done aftcr a 
conceptual design has been completed 

The appendixes prescnt some auxIliary information. The shortcut mOt.lels for 
equipment design arc dISCUSsed in AppendIX A, and the complete details of a case 
study aregl\en in AppendIX B Some samples of design data and cost data afe given 
in Appendixes C and E. 
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CHAPTER 

1 
THE 

NATURE 
OF PROCESS 

SYNTHESIS 
AND ANALYSIS 

J.I CREATIVE ASllECTS OF PROCESS 
DESIGN 

The purpose of engmecnng is 10 crealc new malenal ..... ealth We attempt to 
accomplish this goal in chemical engmeering via the chemical (or biological) 
transfonnation and/ or separation of materials.. Process and plant design is the 
creative aCll vily whereby we generate ideas and then translate them inlO equipment 
and processes for producing new malerials or for significantly upgradmg the value 
of uisling materials.. 

In any panicu lar company, we mIght try 10 generate new Ideas : 

To produce a purchased raw material 

To convert a waste by-product 10 a valuable product 

To create a complelely new malenal (synthetic fibers, food. bioproces~mg) 

T o find a new way of producing an existing produCI (3 new cata lyst. a 
bioprocessi ng alternative) 

To exploit a new technology (genetic engineenng. expert systems) 

To exploit a new malerial or construclion (hlgh.lcmperalUre- or hlgh
pressure-opera tion, specia lty polymers) 

3 



As an indIcatIon of thc tremendous sucG:ess of the engineering effort. we note thai 
over 50 % or the products sold by most chemical companies were devdoped during 
the last decade or two. 

Success Rates 

Despite thiS ClIccllent record of success, we should realize that very few new idea~. 

either fGr Improving existing processes or for developing new processes, lead to new 
wealth In fa ct. the chances of commerciahzat ion at the research stage for a new 
process are only about I to 3 %. at the development stage they arc about 10 to 25 %. 
and at the pilot plant stage they arc about 40 to 6O Y. .• Of course. we expect that 
the success rate for process modifications Will be higher than that for completely 
new processes, but the economic rewards associated with these safer projects will 
have a significantly lower potential 

It is not surprising that so few ideas m engineering ever prove to be fruitful ; 
the same pallern holds for any type of creative activity. Since experience indicates 
that only a small number of ideas ever will ha ve a payout. we see that et'o/UOlion is 
one of the most slgmficant components of any design methodology. I n fact, process 
syn thesis, i.e .. the selection of equipment and the interconnections between that 
equipment which will achieve a certain goal. is really a combination of a synthesis 
and analysis activity. 

Synthesic; and Analysis 

Perhaps the majo r feature that d,stmgulshes deSIgn problems from o ther t)'pts of 
engmcermg problems IS that they are underdefined: i.e., only a very smilll rracllon 
or the IIlfonnatlon nceded to define a design problem is available from the problem 
statement. For example, a chemist mIght dIscover a new reaction to make an 
existing product or a new catalyst for an existing. commercial reaction. and we 
want to translate these discoveries to a new process. Thus, we start with only a 
knowledge of the reaction conditions that we obtain from the chemiSI. as well as 
some information about available raw materials and products that we obtain from 
our marketing organization, and then we need to supply all the other information 
that we n~ to define a design problem. 

To supply this missing infonnation, we must make assumptions about what 
types of process units should be used, how those process units will be inter~n
neeted. and what temperatures, pressures. and process How rates will be required. 
This is the synthesis activity. Synthesis is difficult because there are a very large 
number (10'" to 10"') of ways that we might consider to accomplish the same goal 
I-Ience, design problems are very open-(:nded 

• Theso: values l ep!~nl lhe ave,p&eJ of CSll ..... les supplied by sla r • .....w WO,~ nl In ecOnom IC 
evalua.,on l'oUI'S of maJOr ChemlCat and r<1.o!eum OOmp"nltS 
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Nonnally, ..... e want to find the process alternative (out of the 10'" to IO~ 
possibilities) that has the lowest cost. but we must also ensure that the process IS 

safe. will satisfy environmental constraints, is easy to start up and operate, etc. In 
some cases, we can usc: rules of thumb (heuristics) 10 eliminate certain process 
alternatives from further consideration. bUI in many C8§/!S it is necessary to design 
various alternatives and then to compare then costs Experienced designers can 
minimize the effort required for tIllS type of evaluation becau§/! they can often guess 
the costs of a partIcular Ulllt , or group of uniu, by analogy to another proce~s 
However, beginning deSigners normally must design and evaluate more alterna
ti,"es in order to find the best alternative. 

When experienced deSIgners consider new types of problems, where they lack 
uperience and where they cannot identify analogies. they try to use shortcu t (back 
of-the-envelope) design procedures as the basis for com paring alternatives. These 
back-of-the-cnvelopt ca lculations an: used only to screen alternatives. Then if the 
process appears to be profitable, more rigorous design calculations are used to 
develop a final design for the best alternative. or the best few alternatives. 

Because of the underdefined and open-ended nature of design pmb1c:ms. and 
because of the low success rates. it is useful to develop a strategy for solving design 
problems. We expcet that the strategy that a beginning designer would uS!': fOI 
synthesis and analysis would be different from that of an experienced designer. 
because a beginner must evaluate many more process alternatives. However, b} 
using shortcu t design procedures we can minimize the effort required to undertake 
these addllional calculatio ns 

Engi neering Method 

If ..... e refleet on the nature of process synthesis and analysis, as discussed above, we 
recognize that process design actually is an art, i.e .• a creative process. There!ore. 
we might try to approach design problems in much the same way as a pamter 
develops a painting. In other words, our o riginal design procedures shou ld 
correspond to the development of a pencil sketch, where we wan\ to suppress all 
but the most significant details of the design; i.e., we want to discover the most 
upensive parts or a process and the significant economic trade-offs. An artist next 
e"aluates the prcliminar) painting and makes modifications. using only gross 
outlines of the subjects. SImilarly. we want to evaluate our first guess at a design 
and generate a number of process alternatives that might lead to impro"ements In 
this way ...... e hope to gel:..:: rate a "reasonabk-looking." rough process d~ign before 
we Slart adding much detail. 

Then the artist adds color, shading, and the details of various objects in the 
painting and reevaluates the results. Major modificalions may be introduced if they 
socm to be wflrranted . In an analogous manner, the engineer uses more rigorous 
design and costing procedures for the most expensive equipment items. improves 
the accuracy or the approximate-material and energy-balance calculations, and 
adds detail in terms of the small. inexpensive equipment items that arc necessary for 
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the process operallons but do not ha\e a majo r impact on the tOlal plant cost, eg, 
pumps, flash drums, etc. 

Thus, we s...e that both a painting and a process design proceed through a 
series of successively more detailed synthesis and evaluation stages. Thatcher refer~ 
to a solution strategy of this type as successive refinements, and he calls it the 
tngineerin9 method· Note that as we make successive refinements, we should 
always maimam a focus on the overall problem. 

If we accept t!lIS analogy between engineering design and art, then we can 
recognize some other interesting fealurtS of the design process. An artist never 
really compleles a painting; no rmally the work is lemunaled whenever the 
additional effort reaches a point of diminishing returns; i.e., if little added value 
comes from much additional effort, the effort is not worthwhile. Another feature of 
art is that there is never a single solution 10 a problem; i.e.., there are a variety of 
ways of painting a "great" Madonna and Child or a landscape; and in process 
engir.ccring nonnally different processing routes can be used to produce the same 
chemical for essentially the same cost. Still another analogy betwec:n engineering 
design and art is that it requires judgment to decide how much detail should be 
included in Ihe various stages of painting, just as it does in a process design. 

Of course, numerous scientific principles are used in the development of a 
design, but the overall activity is an art. In facL, it is this combination of scie nce and 
art in a creative aCllvity that helps to make process deSign such a fascinating 
challenge 10 an engineer. 

uvels of Enginei.'ring Designs 

Now we see that there are a number of levels of englllcering designs and cost 
eSlima tc:s that we expeCt to undertake. These vary from very simple and rapid, but 
not very accurate, estimates to very dctailed calculations that are as accurate as we 
can make. Pikulik and Diazt classify thcsc design estimates by the categories given 
in Table 1.1-1. 

They also give the relative costs required 10 obtain these estimates, as shown 
in Table 1.1-2_ From this table we sec how rapidly engllleering costs increase as we 
include more detail III the calculations. Obviously, we want to avoid large deSign 
COSIS unless they can be economically Justified. 

• C. M Thllcher. fu F~,,',,1s P/CIte ... ~aI Engi>wr,"'fI, Merrill Cotumbus, OhIO, 1962, chiP 1 

1 A P,kuhlr Ind H E DIu., -C~I &onmaunl M'Jor Process Equlpment.- C.vm. Eng~ 114(2t): 106 
(t911). NOI~ Thac accuracy bounds .. ,tl \'lITy from one company 10 anotiKr. and the Iccuracy of tM 
de"lkd e~llmllQ Will nO{ be lh ls j,ood dunn, pcnod$ ofhlgb mill 110.1'1 (the elton mlghl be as much IS 8 

10 10" .. eyen for a detlllcd eslmUlle) Abo. norm~U) Ihe ch4ncc of oblalmna pOSIlJVe errou u; j,rca lcr 
Ihln Ihal for I1Cllamt tr,ou., Wlhll lbe ordcr-of·magnJluUc esllmalc, 1 t ., liem I , would be repolled at 
+40 10 ~ 2~ % (dQlifI engJl>C!I'rs 5oC1dom oycratunlle CO$tJ;) SImilarly, hl&hcr co~tingcTlCy fees mly be 

Uldudcd In lbe eall~r kvtlS{Ihai I$, 20 10 2j }~ In lIem ) dropprollo 10" ID ,Iem -4) 10 accounl for COt .. 

.1'101 Inctuded m Ihe lnalysu ( .. hlCh IS somc .. bal dllfcrefll rrom Ihe accuracy oitbe esurwlle) 
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TABU: 1.1-1 

Types of design estim.tes 

I. Onkr-of·mlpllude eshmlte (rlIOOc:lill" .. le) boose<! on mnollr prevlOul 00s1 da .. , probable locuraey 
uc:ccds i40~ 

1.. Study eilimale (faelored ... Ilmlle) luwf on knowledge of mlJOI lIems of equipment . probable 

aocuTaCy up 101 25 % 
l. Prdmunary al,mlle (bt.ld j,et lutho nlilion esumale. K:Opc ct.hmale) based on sull'1cocnl dltl 10 

pcnru t 1M dOlimale 10 be budj,cled , probable aocuracy wllhm i t1 % 
.. [klimll~ ellirnale (pc~1 co~lroi esllmatc) bued OQ almo$t compicle dala, bul before complellon 

of draWings and spe.;,j'Quom. probable I<:cuney Wllhln i 6~ 
1. [klailcd UltmllC (CO.l'lln,,:::Ior', allmale) based on compicte enJlDOCnnj, drllwmgs.. 1pc<:lfiQIIOM. 

lAd Nle .urveys: ptobably &CQIraq wlth,n ± 3% 

For the case or a new process, where previous cost data are not available, it 
seems as if it would not be possible to develop an order-of-magnitude estimate 
However, an experienced designer can overcome this difficully by drawing analo
gies between the new process and other existing processes for which some data arc 
available in the company files. Procedures for developing order-of-magnitude 
estimates have been described in the literature,· bUI normally it requires some 
experience to evaluate the resulls obtained from this type of calculatIOn. 

For a beginning deSigner, wilh little or no experience, it would be useful to 
have a systematic approach for dc .. dopmg order-of· magnitude estimates We ean 
usc order-of-magnitude arguments to Simplify many oflhe design calculallons, and 
..... e can limn our allen lion to the majo r pieces of process equipment as we ca rry out 
a prehmmary process design The goal of this text IS to develop a systematic 

• J. H Tlyk>r, - Procc:u slep-Soonn, Melhod for Makin' Quick Capri.! EmmalQ, ~ C.u/ £iIg., p. 207. 
bty·AuJUSI t980 0 H. Allen. Ind II; C. PIce. - ReVISed Tedln>quc for PrWcs.gn Cost fl;hmahng,
CMm. Eng ., 12(S) t-4 2 (Mlteh 1, 1975). 

TABLE 1.1-2 

Enginttring costs to prepare eslimlte5 (1977) 

........ 
SI II1iJIiM SI -S! ",,1li1Nl S5- l.5O ..uwo. 

T,.,.. of fttimalc ...... PI ... ""-
Study (S IhollUnd$) , " ",. ,",0 
Pl'I:lupmlrY ($ Ihotlsdlxh) IS JS ,.60 lO90 
[kli .... u~e (S Ihow;onds) 2>60 601" IOO 1l0 

Fro. A. ,.,tu!i\..." H E. Du.z, -ea., Eo ...... ''''' MaJOf Pt...,... Eq",~- aw... 
&,, 101(11) 106 (1971) 
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procedure of this type and then to show ho w the results can be extended to a study 
estimate. 

Detailed estimates are considered to be beyond the scope of this text 
However, as noted before, the chance that a new idea ever becotnes commercialized 
is only about I ~ ... so that we expect to undertake roughly 100 preliminar} designs 
for every detailed design. Hence. the methodolo gy of conceptual procas design 
should be mastered in considerable detail. 

O ther Applica tions or the !\1('1 hodology 

Dcsplle the fact that our primary focus is dllccted to the design and evaluation of 
new processes. much of the methodology we develop is useful for other engineering 
tasks. including basic research and technical service. In basic research, we want to 
spend most of our effort studying those variables that will have the greatest 
economic impact on the process, and rough process designs will help to identify the 
high-aJSt parts of the process and the dominant design variables. Similarly. in 
technical service activities, ..... e look for ways of improving an existing process. To 
accomplish this goal, we need to understand the significant economic trade-ofTs in 
the process, and it is useful to have procedures available for obtaining quick 
estimates of the potential payout of new ideas. Thus, the methodology we develop 
will have numerous applications in the process industries. 

1.2 A HI ERARCHICAL APPROACH TO 
CONCEPTUAL D ESIGN 

The engineenng method (or the artlst"s approach) indicates that we should solve 
design problems by first de\'eloping very simple solutio ns and thcn adding 
successive layers of detail. To see how we can use this approach for process design 
problems. we consider a typical flo wshert (o r a petrochemical process, and then ..... e 
look for ways of stripping away layers of detail until we obtain the simplest 
problem of interest. By applying this procedure to a number of different types of 
processes, we might be able to recognize a generaJ pattern that we can use as the 
basis ror synthesizing new processes. 

Exa mple : HydrodealkylatioQ or Tolu~ne (HD A 
Process) 

The example we consider is the hydrodealkylation or toluene to produce benzene.'" 
The reactions of interest are 

ROd 

Toluene + H, ..... Benzene + CH .. 

2Benzene~Diphenyl + Hz 

(12-1) 

(I 2-2) 

• Tlns ell"" .luody '~r<n<:nIS " nlo(hlkd 1It'1S101I oIlhe 1967 AlIKnean Imh!u!~ 01 C herwcal Engm«.s 
(AtChE) SlUden! Con!esi Probkm . 11ft J J M c Ken .. EIIt)"c.d,a ttl Clw ...... al PrOC~s.Jtng ."d /H ug". 
.. 01 • • Dl:kker, New YOl k. 1911. pin. rer the OflJlIUII problem.OO . Mlluhon 

SI!.CTlON U ... HIU .... CHIC4L ... "PRO ... CH TO CONCErTUU I)ESKlN '.I 

I Heat Compressor : . 
Purge 

Hl'tH.. 
I H,,' I 

Reactor Coolut - Flash 

I H"'J I H,,' I H2. e H" 

I ,L -.l Ben=< 
• 

u " ~ Toluene ]. " 
~ 

"& :E 
• • .. ~ 

Diphcnyl T T 
nclJR.[ 1.2-1 
HDA rrocess lA.ft .... 1 M Dot.llitu. A.IChE 1. JJ JH (l94.S).] 

The: homogeneous reactions take place In the range (rom II50
G
F (below this 

temperature the reactIOn rate 15 too slow) to 1300~ F (above this temperature a 
significant amount of h)drocracking lakes place) and al a pressu~e of about 
500 psia. An excess of hydrogen (a 5/ 1 ratio) is needed 10 prevenl cokmg. and !he 
reactor emuent gas must be rapidly quenched to I 150°F in order to prevent cokmg 
m the heat exchanger following the reactor. 

One poSSible flowsheet for the process is sbown in Fig. 1.2-1. The toluene and 
bydrogen raw-material streams are heated and combined with recycled toluene 
and bydrogen streams before they are fed to the reactor. The product stream 
leaving the reactor contains hydrogen, methane, benzene, toluene, and the unwa nt
ed diphenyl. We attempt to separate most of the hydrogen and metbane from the 
aromatics by wing a partial condenser to condense the aromatics., and then we 
flasb away the light gases We use tbe liquid leaving this Hash drum to supply 
quench cooling of the bot reactor gases (not sbown on the Howshect). 

We would like: to recycle the hydrogen leaving in the fl ash vapor, but the 
methane. which enters as an impurity in the hyd rogen feed stream and is also 
produced by reaction J .2-1, will accumulate in the gas-recycle loop. Hence, a pu rge 
stream is required to remove both the feed and the product metbane .from the 
process. Note that no rules of thumb (design guidelines) can be used to estlma.te the 
optimum concentration of methane that should be allowed to accum~late In the 
gas-recycle loop. We discuss this design variable in much greater detalll~te~. 

Not all the hydrogen and methane can beseparated from the aromatics m the 
flash drum, and therdore we remove most of the remaining amount in a distillation 
column (the stabilizer) 10 pre\ent them from contaminating our benzene product 
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The benzene is then recovered in a second dlsullalion column, and finally, Ihe 
recycle toluene is separaled from the unwanted diphenyl. Other, alternative 
flowsheets ca n also be drawn, and we discuss some of these as we go through the 
analysis. 

Energy Integration 

The process f10wsheet shown In Fig 12·1 IS not very reahstlc bttause 11 implies 
thaI the heating and coohng requirements for every process st ream will take place 
In separate heat exchangers uSing external utili ties (coolmg water, steam, fuel, etc.). 
In the last decade, a new design proexdure has bun developed that makes II 

possible to find the minimum heating and cooling loads for a pr()(;CSS and the heat
CIlchanger network that gIVes the "best" energy iDlegration. This procedure is 
described in detail in Chap. 8. 

To apply this new design procedure, we must know the flow rate and 
composition of each process slream and the inlet and outlet temperatures of each 
process stream. One alternative flowsheet that results from this energy integration 
analysis is shown in Fig. 1.2-2. · Now we see tbat first the reactor product stream IS 
used to partially preheat the feed entering Ihe reactor. Then the hot reactor gases 
are used to drive the toluene recycle column reboiler, to preheat some more feed, to 
drive the stabilizer column reboiler, to supply part of the benzeoe prod uct column 
reboi ler load, and to preheat some more feed before the gases enter the partial 
condenser. Also the toluene column is pressurized, so that the condensing 
temperature for toluene is higher than the boiling point oflhe bott om Slream in Ihe 
benzene column Wilh this arrangement, condensing to luene can be used to supply 
some of Ihe benzene reboder load, instead of using steam and cooling water from 
external sources of utilities. 

If we compare the energy-integrated flowsbeet (Fig.. 1.2-2) with the flowsheet 
indicating only the need for heating and cooling ( Fig. 1.2·1), then we see that the 
energy integration analysis makes the Howsheet more com plicated (i.e .. there are 
many more interconnections). Moreover, to apply the energy integration aoalysis, 
we must know the How rate and composition of every process stream, i.e., all the 
process heat loads including those of the separation system as well as all the stream 
temperatures. Since we need to fix almost aU the Bowsheet before we can design the 
energy integration system and since it adds the greatest complication to the process 
fl owsheet, wc consider the energy integration analysis as the last step in our proexss 
design procedure. 

Distillation Train 

Let us now consider the train of distillation columns shown in Fig. 1.2- 1. Since the 
unwanted dlphenyl is fo rmed by a reversible reaction (Eq. 1.2-2), we cou ld recycle 

• ThUi wJulion wu developed by 0 W To .. n!iC.tld al Impenal <:"MmlOlltndLl$lf1CS, Ru ncom., United 
Km&dom 
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Food 

FIGURE 1.2.J 
Altemate dislillallon Iralns. 

DiphenyJ 

Toluene 

(To recycle) 

the diphenyl with the toluene and let it build up to an eqUilibrium lc\·el. ThiS 
alternative would make it possible to eliminate one of the distillation columns, 
although the now rate th rough the reactor would increase 

)fwe decide to recover the diphenyl as Fig. 1.2-1 indicates, we expect that the 
toluene-diphenyl split WIll be \ery easy. Therefore, we might be able 10 u~ a 
sldestream column to accomplish a benzene-toluene-diphenyl split. That is, we 
could recover the benzt'ne oH:rhead. remove the toluene as a sidestream below the 
feed, and recO\'er the d'phenyl as a bollom stream (sec Fig. 1.2-3) We can still 
obtain very pure benzt'ne o\erhead if we take the toluene sldestream off below the 
feed . The purity of the toluene recycle will decrease, howe\'er, if II is reco\'ered as a 
sidestream, as compared to an overhead producL Since there is no specification for 
the recycle toluene, the purity might not be important and the savings might be 
worthwhile. Similarly, we expect that the methane-benzene split in the stabilizer is 
easy. Then, recovering benzeoe as a sidestream in a H} and CH. 
benzene-toluene and diphenyl spliner (a pasteurizatioo column) (see Fig. \.2-4) 

Toluene 
[fo recycle) 

Diphenyl 
FIGURE 1.1 .... 
A1ternale dl~unation ' "inS 
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mIght be cheaper than uSing the configuratIon shown in the original flowsheet 
(Fig. 1.2- 1). 

The heuristIcs (design guidelines) for separation ~ystems require a koowledge 
of the feed compoSItion of the stream entering the distillation train. Thus. bdore we 
consider the deci~ions associated with the design of the distillatioo train, we must 
specify the remainder of the flowsheet and estimate the process flows. For this 
reason \\ e con ~ider the design of the distillation train bero re we consider the design 
of the heat-exchanger network 

Vapor Recm'ery System 

Referring again to Fig 1.2-1. we consider the vapor flow leaving the flash drum. We 
know that we never obtain sha rp splits in a flash drum and therefore that some of 
the aromatics will leave wilh the flash vapor. Moreover, some of these aromatics 
",iiI be losl in the purge stream. Of course, we could recover these aromatics by 
IOstaIling a vapor recovery system either on the fl ash vapor stream or on the purge 
stream 

As a vapor recovery system we could use one of these . 

Condensation (high pressllre, or low temperature. or both) 
Absorption 

Adsorption 

A membrane process 

To estimate'" hether a vapor recovery system can be economically justified. 
"'e must estimate the flow rates of the aromatics 1051 in the purge as well as the 
h~drogen and methane flow in the purge. Hence, before we consider the necessity 
and/ or the design of a vapor recovery system. we must specify the remainder or the 
Howsheet and "'e must estima te the process flows. We consider the design of the 
'apor rcwvery system before that for the liquid separa tion system because the exit 
streams from the options for a vapor reco\'ery system listed above (e.g .• a gas 
absorber) nonnally include a liquid st ream that is sent to the liquid separation 
system. 

Simplified Flowsh~t for the s.-paration Systems 

Our goal is to find a way of simplifying flowsheets. II is obvious that Fig. 1.2-1 is 
much simpler than Fig. 1.2-2, and therefore we decided to do the energy iotegration 
last. Similarly. sin~ we have to know the process Dow rates to design the vapor and 
liquid rocovery systems, we decided to consider these design problems just before 
the energy integration. Thus, we can simplify the flowsheet shown in Fig. 1.2- 1 by 
drawing it as shown," I· ig. 1.2-5. The connc<::tions between the vapor and liquid 
recovery systems ~hown In Fig. '-2-5 are discussed in more detail later. 

We now ask oursehes whether all processes can be represented by the 
Simplified flowsheet ~hown In Fig. 12-5. SIO~ this flowsheet con tams both gas- and 
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Vapor recovery p"," , 
system 112• CH, 

H, • CH" 
Reactor Phase 

To 
s)':>tem split 

lucne 

"' 
Liquid separalion 

s)'Stem 

0; phenyl 

FIGURE 1.l-5 
HDA M:~flIIiOn syslffil. [Afm J !of DougllU, AICIt[ J. 31 JjJ (11185).] 

Ilquld+rccycle loops. but some processes do not contain any gaseous components, 
we do not expect Ihe results to be general (See Sec. 7.1 for other alternatIves.) 
However, we can Simplify the ft owsheet stIli more by lumping the vapor and hquid 
sepa ration systems in a Single box (see Fig. 1.2·6) Thus, ~e consider the 
specificatton of the general structure of the separation system before we consider 
the specification of either the vapor or the liquid recovery systems. 

Recycle Struclure of Ihe Flowshet'l 

Now we have obtained a very simple flowsheet for the process (Fig. 1.2·6). We can 
use this simple representation to cslimate the recycle fl ows and their el'fecl on the 
reactor cost and the cost of a gas-recycle compressor, if any. Moreover, we can Ify 

Gas recycle 

I 1 H2, C 

- Reactor Separation r- Benzene 

- syslem system r---Toluene Diphcnyl 

I I 
Toluene recycle 

FIGURE 1.2-6 
HDA recycle ~lfUCl"re [#u, J M Dougllu, A/C~£ J. JI JjJ (/985).] 
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1 
11 2. CH" ---..[--'-----'-1- Benzene 

Toluene 

fiGURE 1.1., 

- Dtphen)I 
'---------' 

HDA mp"H)"tp"t ~IfUCI"re [Aff~' J It D< ... ~I,,~. AIC~t: J. 31 JH (l98j)] 

10 understand what design questions are important to obtam thIs simplified 
represe~tation , withoul wonying about tile additional complexities caused by the 
separauon system or the energy integration network . For example, we can study 
the factors that determine the number o f recycle streams, heat effects In the reactor 
equi~ibrium limitauons in the reactor, elc. Thus, conl1nuing to Strip away levels of 
detail , we see that we want to st ud y the recycle structure of the flowsheet before 
considering the details of the separation system. 

Inpul-OUlpUI St,.uclure of Ihe F lo"'-sheet 

Figu~e 1.2-6 provides a very simple flow~heel , but ~e consider the possibility of 
obtalnmg an even SI mpler representallon. Obviously, If ~e draw a box around the 
compJ.ete process, we WIll be lefl with the feed and product Slreams. At first glance 
(see Fig. 1. 2-7), thts representat io n might seem to be iooslmp1c, but 11 <'\'111 a id us III 
understand 109 the deSign vanables thai atrecllhe overall malenal balances without 
introducing any other complica tions Since raw-mal erial costs normally filII in the 
range fro m JJ 10 8.s ~~ of the Imal product costs, · the meral! material balances are 
a dominanl fa ctor In a design Also, we do not want to spend any time investigating 
the design variables in the ranges where the products and by-products are worlh 
less than the raw materials. TIl us, we consider the IOpUt-oulput structure of the 
flo wsheet and the decisions that affect this struclUre before <'\" e consider any recycle 
systems. 

Possible Limitations 

By su~ssively simplifying a fl o wsheet, we can develop a general procedure for 
auackmg dcslgn problems. However, o ur onglOal fl owshcct described a conlin
uous, vapor-lIquid process Ihat produced a sll1glc product and involved only 
simple chemicals (no polymers o r hydrocarbon cuts) There are a large number of 
processes tilal satls r) these Itnlllatlo ns, and ~ we try 10 develop this systematic 

• E L GrulTICr. -Sellmll Pnc:c ~~ H ..... M.'m~l COIiI.- eN," &t.j. 79(9) 190 (Ap,,1 14, 1961) Also 
iec: II E. Kyle, C~"," . £"9 P'og . II1(S) J7 (t9116). ror some dall c;on' p&nns commodllY chemICal 
prodlKhon co spcclahl y cheflllQl~ 
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procedure rn greater detail. However. batch procc:sscs may ha~e a somewhat 
difTerent underlYlllg structu re (we of len ca rry out multIple operations In a smgle 
\essel). and certamly they a~ described differently in terms of mathematICal 
models (normally ordllltlry differential or partial d ifferen tIal equations rnstead of 
algebraic equations or ordinary different ia l equa tions) li enee. our first decIsion 
probably sho uld be to dlstlllgulsh between batch and continuous processes. 

Hierarchy of De<:isions 

If we collect the results diSCUssed aboH:. we can develop a systematic approach to 
process design by reducing the deSign problem 10 a hIerarchy of deciSions; sec 
Table 1.2·1. One great advantage of this approach to design is that it allows us to 
calculate equipment sizes and 10 estimate costs as we proceed through the levels 10 

the hierarchy. Then if the potential profit becomes negative at some level, we can 
look for a process alternative or terminate the design project without baving 10 

obtain a complete solut ion to the problem. 
Another advantage of the procedure arises from the fa ct that as we make 

deciSions abou l Ihe structure of the fl owsheet at various levels, we know that if .... e 
change these decisions, we wilt generate process alternatives. Thus. with a 
systematic design procedure for idenllfying alternatives we are much less likely 10 

overlook some importa nt choices. The goal of a conceptual design is to find the 
"best" al teroat i\"e 

Shorccut Solulions 

Experience indicates that it is usually possible to generate a very large number (i.e., 
often 10" to 10°) of alternative fl owsheets for any process if all the possibilities are 
considered. Hence, it is useful to be: able to quickly reduce the number of 
alternatives that we need to consider. We nonnally screen these alternatives, using 
order-of-magnitude arguments to simplify the process material balances, the 
equipment design equations. and the cost calculations_ These shortcut calculations 
often are sufficiently accurate to eliminate the 90%, or so, of tbe alternatives that 
do not correspo nd to profitable operation. Then if our synthesis and analysis lead 

TARtE 1,2.1 

Hierarchy or dedsions 

1. Ibleh ~,.n;us continuous 
Z. Inpul-ouCPUI ~tr"':lun: 0( Ihe 1Io.~~t 

~ Recycle structure of lire lIo,",slittt 

.. Geneu151rucIUle or lhe $ep~r.tion 5Y51,.n, 

II. Vapor recovery 'yslCIl1 

b uquld A:OO'tIY Sf$tem 

50 lleal-n chanse' network 

SEcnON I J A HIUAkCHICAl A,.,.kOAC .. TO COr<f:I'TUAl DEStaro 11 

to a profitable solut ion, we repeat all the calculations more rigo rously, because 
then we can justify the add itional engrneering effort. 

The use of shortcut solu tions and the hierarchical decision procedure also 
makes it possible to provide mo re rapid feedback 10 the chemist who is attempting 
10 develop a process. That is. a lternate chemical roules could be used to make the 
same product, ..... ilh a largc number of nowsheet alternatives for each route. l lence. 
quick estimates of the range of conversions, molar ralios of reaClants, etc., that arc 
close 10 Ihe economic o ptimum for the various rou tes help the chemist 10 take dala 
in the range where Ihe mosl profitable operation might be: obtained and to 
lenmnate experiment s that a re ou tside the range of profitable operation. 

Decomposition Procedures for Existing Processes 

Of course, we can also usc the approach presented above as a decomposition 
procedure fo r existing processes, to simplify the understanding of the process, 10 

understand Ihe decisions made to develop the process, or to systematically develop 
a lis t of process altema ti\·es. The decomposition procedure we suggest is as follows : 

I. Remove all the heal exchangers, drums, and storage vessels. 
2. Group all the dls tiltation columns (liquid separa tion syslem block). 
J . Simplify the general structure of the separation system (similar to Fig. 1.2-5). 

4. Lump (group a ll units m a smgle box) the complete separation system (simi lar 
to Fig. 1.2-6) 

5. Lump the complete process 

This decomposition procedure is different from those that break down Ihe 
flowsheet inlo dIscrete subsystems which always retain their identity, i.e., into 
individual unit operations. To develop process alternatives. we want to modify the 
subsystems. With o ur approach we accomplish this task within a framework where 
we always consider the lOll'l l plant. altbough the amount of detail included at 
various levels changes. 

Hierarchical Planning 

Our Slrategy of successive refinements and our hierarchical design procedure lire 
si milar to the hierarchical planning strategy discussed in the artificial intelligence 
(AI ) literature. Sacerdoli - states, 

The essence of Ihis approach IS 10 ut ilize a means for discriminating bet ..... een 
imporlanl ,"formallon and details In problem spaa: 8y planning in .. hierarchy or 
abstraction spaces in which suocc:s.sive levels or detail are inlrodueed. sigmlitan t 
increases in problem-solving power have been achieved 

• E. D. Saao.dol~ -Plannrnl! In a Hierarchy or AbstractIon SPllnes.- AmI / .. ",_ 5 liS (19H~ 
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The ooncep! Clin be readily el!ended 10 a hierarchy of lpaca, each deallDg wllh 
fewer delails than !he ground space. below II and wuh more details than the 
abstraction space lbo~e II. By consldenng details only when a sua:;cssful plan in a 
higher level space lives strong evidence or thelf Importance, a heunnic search procc.s.s 
will invl:Sugate a greatly reduced portion of the search space. 

In our hierarchy, the ground state represen ts the energy-integrated flowsheet, 
and each level above II contains fewer detaib. M oreover, if the process appears to 
be unprofitable as we proceed through the levels in Table 12-1, we look for a 
profitable alternative or we terminate the project before we proceed to the next 
level. As noted by Sacerdoti, the hierarchy provides an efficient approach for 

developing a design. 

1.3 SUMMARV AND EXERCISFS 

Summary 

Process design problems are underdefined, and only about I ~ of the Ideas for new 
designs ever become commercialized. Hence, an efficient strategy for developing a 
design is initially to consider only rough, screening-type calculations; I.e., we 
eliminate poor projects and poor process alternatives with a minimum of effort 
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Thcn If the rc~ult~ of this preliminary analysis seem pro mismg. we add detail to thc 
calculallons and we use more ngorous computallonal proced ures. 

Wc can simplify the des1gn problem by brealmg it down into a hierarchy of 
decisions, as 111 Table 1.2·1. In this text .... e discuss this hierarchy of decisio ns in 

detail 

Exerci .. eo; 

Recommended e'\clcise:s ar(' pre<:td<'d by an asterisk' 
1.3- 1. If enginccnng time costs SIOO/hr, CS \llnate th~ wOlkel-hour; reqUired to complete 

each type of deslSn study In Table I I - I for a small plant 
1.3-2. According to the engineering m('thod, what .... ou ld be the best .... ay to read a 

te~lbook that co\ers a field you ha"e not studied befo rt, (i.e., blOtechnology, 
elccnocheminry, etc.)" 

-1 .3-3. If the diphcnyl In Ihe h),drodc:alkyla.,on of toluene (1I0A) process: is Iccyded 10 
nhnchon. ins tead or being n:coveled. show onl': altl:mallve for the hierarchy of 
nowsheets, 10::., mput-output, recycll:, separauon system, d istillation train (do nol 
conSider energy Integrahon). 

1.3-4. A Oowsheet for a pr0CZ5S 10 produtt atttone from lsoplopanol is &J~en in Fig. I ]·1 
The: reaction is Isopropanol_ aCC::lone: + II ,. and an azeOUOPIC mi~lure of 
IPA- H,O 15 used as tht feed stream. The reaC110n takes place at I atm and S72"F 
Show the: hterarchy of Oowsheen ... 

Reaction section 

Heater 

Condensate 

Reactor 

SUrtI>-----__ " ~--~ 
Feed ethylene 

FIGURE 1.3-3 
Ethanol synthc:m 

Separator ~ __ ~ 

DEE 

Scrubb<'r Vent 

Water 

EtOH- H20 
ucotrope 

E , 
8 
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1.3-5. An en~rgy -Incegraced nowsheec for the prodUc:lion of echylbenzene: IS &I~en In Fig 
I 1·2 The prnnary ruclions .r~ 

Elhylenc: + Bc:nzenc: ---0 Ethylbenune 

Ethylene ... Ethylbc:n7.c:ne:;:,! Dic:thylbc:nzc:nc: 

Ethylcne: + Dtc:thylben1.c:nc::;:'! Tnc:thylben«ne: 

2Ftbylbc:nzene:;:'! Bc:nl.c:ne .. Dlethylbenl.c:flC 

The: reacuon IS lun .... ·l th an u.ccss of benzene: and almOlIl complc:te con>eBlOn 
of Ihe ethylene, to Iry to minImize: the formation of dl- and tr1c:thylben7.c:nc. and it 
takes place.t ]00 psigand 82<rF over a catalyst. Two reac1ol'li are requi red (one on 
stream and the o ther being regenerated because of coke formation). There IS 0.94 Y
of ethane: In Ihe c:thylcne fea:l and O.l8Y- water In the bc:1lttnc: feed. De~elop the 
hierarchy of Oowsheets for this process. 

1.J...4.. A nowshcct fO I cthanol synthesis is shown in Fig. 1.3·3. The primary reactions an: 

Ethylcne: + II ,O:;:'! Ethanol 

2 Ethanol:;:,!Dlethyl Elher + HI O 

The: reaction takes platt at 560 K and 69 bars, and about 7/,; conversIOn of the 
ethylene IS obtamed The equlhbrium constant fOI dielhyl ether production atth~ 
conditions is about K _ 0.2. The feed s tr~ms are pure waler and an ethylene stream 
contamlng 90~" I':thylcne, S/,; ethane, and 2 /,; methane:. Show the hierarchy of 
ftowshec:ts. 

CataJYSI 

FlGURE t.J...4 

Reactor Toluene 
stripping 

lkTll.OOC IIad ",oductoon LAfi~ JlJ..J'QCarb P'or~ 48(11) 1M (No~~ 19M) J 

Benzoic acid 

Benzoic Acid 
rectification 
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1.3-7. A Howshcci for benlolC ii10d p,oducllon I~ shown In h&- I.}·4 (from SNIA 
VISCOSA I'roce~s, IIJ'drociJrb P'IX ., " 8(lJ): 156 (Nov., 1964)) The prim .. ') 
reaction I) 

Toluene ... 150: . UcnlOlcAc,d ... 1i10 

lI a""e~er. re'trslble by.prvducts (ben~ald~hydc and hclllyll..: ~lcahal) ,is 'WC:II ,J) 

hc:a~ler ones (assume phenyl ben;mate and benz)'1 benw3 le) are ~Isa formed at the 
n:aetlon condUJons of J60' e and 10 atm Pure toluene and au are used as the "' .... 
matenals. and the toluene con'erSIOIl IS lept at 30 to ]5 ~'~ As shown on the 
Hawsheet. the wluene IS recovered "nd recycled in one column, and the re"chlb1e by
prodU<.:ts are recycled from the overhead af a second The product is rcco\'ered as I 

vapor sidestream (wlIh greater Ihln 99 y. pumy), and the heavy componen ls :..re SCn! 
10 fuel. Shaw the hierarchy of Hawshects. 

1.3-8. Select a Howshcet from Hydrocarbon Procuring (sec the November i.ssue of any 
year). Develop the hierarchy of Howshccu far the process 

CHAPTER 

2 
ENGINEERING 

ECONOMICS 

In C hap I we deSCribed a systematic approach thai can be used 10 de\'ciop a 
concepl ual design In add ilion. we hsted Ihe Iypes of design e5limales Ihal nonnal1y 
are underlaL.en over the hfe of a prOJecl. The goa l of these eSllmales is 10 generale 
COSI data , al l hough the accuracy of the calculalion procedures and the amount o f 
delail considered are different for each Iype of estimale. 

Since. cost est imates are 1I11! driVing force for any deSIgn study, we need 10 

undeTSland the various faclors to Include. We describe a procedure for generating a 
cost estimate for a conceptual deSign 10 Ihis chapter We ~gin by prescnung the 
results from a published casc Stud }. 10 order 10 gam an o\'erall perspecU\'e on the 
t)pts of cost dala requirc:d, and then we discuss the details of Ihe COSI analysis. 

Remember Ihat the cost modds that we develop should be used ollly for 
screemng process alternatives. The COSI estimates that are reporled to management 
should be prepared by the appropriate economic speciahsts in the company, 
because they will mdude (:onllngency factors based on expenence: and Will include 
the costs of more ilems than " e consider. Thus, our cost estimates normally will be 
100 o ptimist ic, and they should be kept ronfidentia l unli lthey have been venfied. 

2.1 COST INFORMATION REQUIRED 

By considering the results of a published case study, we can get an overview of the 
"ind of informalion thai we need to develop a cost eSllmate for a conceplUal design. 
Moreover, the framework rdatmg the material and energy balances, eq UIpment 
size5 and utility fl ows, capItal a nd operating costS, and process profi tability should 
become more apparen!. Tbe parllcular case siudy we consider ,"volves the 
productio n o { cyd ohexane by the hydrogenation of benzene · 

IknU:lle + 3H 1 ;;:: Cycloheune (2.1·1) 

• J R.. Fall, C,.doito.<JItI Mam.flX'w", WtihlOllOn UD1Yc~ly DcsIp C .. ", Silldy No. 4, ed.led by B 
D Smith, Wash,,,.'''n U"I\''''5,ly. St I ou.s. Mo, AUg. I. 1%7 
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OUT purpose here is nOI to discuss the details of the design. but merely to see 
what type of results are generated 

Flowsheet and S tream Table 

One of the most important items that we develop during a design is a process 
flowsheci (see Fig 21-1). The nO~sheel shows the major PlettS of equipment. and 
usually each piece of equipment is given a special number or name. as In Fig. 2.1-1 
Nonnally each strea m on Ihc: nowsheet is also lettered or numbered, and a stream 
table that contains these letters or numbers often appears al the boUom of the 
Oowsheet. The stream table conlains the flows of each component in every stream 
as well as the stream temperatures and pressures. In some cases, en thalpies. 
densities, and other information for each stream are included in the stream table. 

Operaring Cosls 

Once we know the stream flow rates and the stream temperatures, we can calculate 
th~ utility flo ws for the various units shown on the flowsheet ; see Table 2.1-1. Then 
if we know the unit costs orthe utilities. we can calculate Ibe total utility costs. We 
combine these utilities costs wi th the raw-materials costs and other operat1l1g 
expenses 10 obtain a summary of the operating cosIs; see Table 2.1-2. 

TABLE 1.1-1 

Utilities summary: Base cue 

Urili,y 

Boder fcnl".lt. 

Steam, 50 lb. 

""'" Elec:1'10 I)' 

10--
R_' 
R-' 
Col 
Co, 
pol 
po' 
P-J 
p~ 

I....ightmg 
Tot.r 

E-' 
E_' 
E_J 

TOlal 

Eq,uPfMa' .... OM 

RQC10f (coolant) 

Waste-hal boikr 

F~ comp'eMc)r 
Reo.;yde compressor 
Be.....,ot feed pump 
Boikr Ieed pump 
RQCIOf KnU~ pump 
Filler pump 
12 hrldar 

Cookr~n'ltl' 

Compr(:$$(l' inle'OQ(Ilcr 
Comr<CRIOr .tlercoolc. 

u.. •• 

R. I. ....... 
". Mpl 

10 ',lIII0 
Iblb· Mib ,,,. 45.SOO 

•• kwh • 

JI6 l62O,OOO 
J_' 26.000 

" " <8,lIII0 
0.4 3,lIII0 

, 2>000 
3" 2,719,000 , .... Mpl 

'" I~,ooo 

" 9,SOO 

" 9,SOO 
141,000 

r-....... J R. rolf. Wulunl'OfI Va,on<'y DosIp C ... 5(vdy No ' . cd"e-d It, B 0 S"",b, 
",_. h,nCl"'" U ... ..".."y. S, I.ou ... Mo. 1961 



Il: 
TABLE 2.1-2 

Opef1lling COSI summary: Cyc:loheunt - basc cast 

ESTIMAT ED P RODUCTION COST AT ARNOLD, CONSOLIDATED C HEMICAL CO 

C.H '1 OUTPUT _ 10,000.000 GAL (65.000,000 LR) Pf R yr.AR (8322 HOURS) 

P RODUCT DELIVERED AS LIQUI D, 99,9+ % 

TOTAL MFG CAPITAL _ ssrO.flOO 

TOTAL FIXED &. WORKING CA PITAL _ 693,000 

UNIT 
QU .... NTITy 

UNIT ['R ICE 
COST ('OST 

PER YEA R PER YEAR PER 100 Lil 

RAW MATERI ALS 

R~NZENE .. I ~,2'n.om SO.D Sl.R91.{XX) 

HYDROGEN MeF '1011 .... 0.23 207,000 

CATALYST Ih In,Hm '00 21.600 

R M H .... NDLING 

TOTAL R M 

CREDITS SPENT C .... T .... LYST Ih 10,Roo OSO - 5,400 

NET R .... W M .... TI:RIALS 2.116.200 Sl26 

DIRECT EXPENSE 

Lobo. '<300 

SUpet~ISIOI'I 9.600 

Payroll Charlie. , . .." 
Steam (SO PSIG-CREDIT) hl lh 4.5.SOO OSO - 22.800 

Eleeln~ny kwh 2.719.000 0.01 21,200 

Compo AIr 

Rcpalr1@4 % MFG CAP '0,<00 

WI!er -Coolmll Mgll 1"7,000 0.015 ~200 

WI!ct-Pro~cu 

Waler- BOILER FEEDWATER Mllal '.000 OJO 1.5011 

Fuel -Ga.-O,I 

Fuel -COli 

Faclory SUPPhU} 10.200 
2% MFG C .... P 

Laboralory , 

TOT .... L DF~ 80.000 012 

!::l 
(Co"",,~ed) 
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lADLE l.I -3 

Equipmenl schedule 

linn N .. 
~ . . , 
C I 
C·2 , .. ., . , 
PI 
P-2 

P-' 
P4 
T-I 

T-' 
T-' 
T4 

'" T-. 
F> 

" IE-}} 

2 
2 
2 

, 
2 

Re.cro,' 
reed compressor 
Rec)ck romp'CHo' 
Coolel<o.,dcn~r 

Inlcrcookr 
Aftrrcook. 
Ikrurnc Iced pump 
Boric. kuI pump 

Reftu1 pump 

Fille' pump 
Iknttnc sur~ 
RenU1 dlllm 

!.mc "'p"Talo' 
Slum drum 
I'roducl otO. ISC' 

FIlter char~ , .nl; 
Catalyst filler 

RdC10f C .... hnf coil 

Sin (nodi) 

4 So," dram " 28 r. 
<101 bhp. two-SIIIC' 

~ bhp 
S2~ fl' 
I ~~ fl' 
ISSfl' 
11 APf'l. 860 n 
II IP"'. 116 ft 
1) gpm, 93 ft 
2S Wm, 62 n 
S7,OOO ga l 
930 pi 
12.m diam. " ) n 
L~&&I 
13.11.000 ,_I 
lOO .. , 
)s (,' 

r,ORl J R F." . w_I''''' U"'>a1IIl ~ ea.c S ... dJ No 4. ~" ... b, 
8 0 SmIth. I'oa,h,,'ttOfl UII" n .. '~. St. l ou,,- Mo.. 1961 

C.pilal COSIS 

After ..... e have determined the st ream nows and stream temperatures. we can 
calculate the equipment siltS; soc Table 2.1-3. Then we can use cost correlations 
(which are discussed in Sec. 2.2) to estimate the delivered equipment costs. Next we 
use installation factors 10 estimate the installed equipment costs (see Table 2.1-4) 
We must also estima te the working capital required for thc plant (sec Table 2. 1-5) 
Combining all these costs, we obtain an estimate of the total capital requirements 
(see Table 2. 1-6). 

Profitability Estimate 

We combine the opcraung and capital costs, along with some other costs, and v.e 
usc these results to estImate the profitability of the process (see Table 2.1 -7). The 
rdurn on investment is used as criterion of profitability in the case study, but a 
number of other criteria can be used. These arc discussed in Sec. 2.4 

Engine-erillg Economics 

Now thaI we ca n see whatlYpes of costs arc mcluded in an economic analYSIS. how 
ca ll we generllle thcse cost data ? First we consider some of the methods for 
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TAIU t: 2.1 -4 

J\1anurllcu.ring capillll : 8 a",e C illoe 

o..Un rPII lIu d 
h e,", 1>0- = , fael.,. TfIt .. 1 .. , '."'" .. S 44.600 
CI 76,000 " 212,~UO 
C·2 J.OOO " 8."'" 
' · 1 S,IOO 40 20,400 
E·2 2.>00 " 10,000 
E·J 2.500 " 10,000 
P-Ia I."" " 8.800 
P-Ib I."" " 8.800 
P-2. 1.200 " '.>00 
P.lb 1.200 •. , '."" P_J. 800 46 J.700 
P-Jb 800 " J. "'" p~ 1.200 ., '."" T· I ,>00 ••• "'.000 
T·2 »00 •• 12,400 
T· ] >00 .. >JOO 
T~ 600 .. 2.800 
T -Sa 10,800 " "'.000 
T-5b 10,800 " "'.000 
T-6 m " ].600 
1 · 1 "00 " 11 ,500 

S143.370 SSIO.lOO 
Ui<t 5510,000 

r,om J • f.", ..... w"', .... em,e,.,,} OnIpI C ... 
S'ud) No 4, .... "ed b) B o Smllb,. ...... hld""" Ub"., 
... " S, Lou .. Mo. 1961 

TABLE 1.1 -5 

Working capilal 

1_ Ra w mllenal (SO~~ (1111) 
C.II . 24,jOO pl@51U3 

2. Goods In pr~ 
U I I7SO p i @ SOB 

J. ProdUCI !IIvcnlo,), (SO Y. (IIU) 

'.600 

]].000 Cyclohuanc; 143.000 pi @SO.2Jesumllc.d 

.... Olher,al Sy' WCUS ules 
10.000,000(024)(005) 120.000 

SIS9,OOO 

From J It, F ... _ w ......... _ U"' ...... '1 Dc.op C- SHld} No 4. 
cdn ... b1 8 0 Sm."b. WuhID,'011 U ... ..., ... , . 51 Lou-. Mo~ 1967 
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TABLE 1.1-"' 
Estimate of capital requirt mtllts: Base cast: bll~d on construction in 1967 

I. Manllradlmna Capllal 
Equ'pmenl 

RC~<:I"" 

Com presson 
EKhlon", •• 

Pllmps 
Tanh 
FII1~r 

Total proc:cu CQlllpmcnl 
TOlll manulaclunn, CIIplul buc:d on b.nd (aClon 
Total mallufaclunnllXKl e$Um.lle 

2. NonmanwaClllnn, c.p,a' 
P,oporlOOl1lllc ,ha,e ull"ng CllplW osumaled al 15 % m.anufaClunng capllal 

.1. TOlal Fued C.pol.l 
Sum of I ao.j 2 

" Workllli Qt.p ... 1 
Rlw-maICful lll>cnlo')' 
Goods in Pfoceu 
Fimshc.d poodllCI ,"w.nl0Iy 
SlOr. , "pphQ Ind all olber Ite .... II ] ~ IroSi ulcs 
TOla' ,",orkin, caplt.1 

S. TOIal F ,. cd and Wor~ln~ Cap""1 

TOlal COSI 

S 9,700 

".000 
10,(0) 

9.000 
32.670 

2.900 
143,37Q 

510.000 

76,(0) 

"'.000 

'.600 
400 

".000 
12.000 

107.000 

S69J,OOO 

r,,,,,,, J It F .... W •• lun.' .... e"".nool o.:...p c..", S,.,.j) No • cd" ... b, B D Smnh_ Wulnn"oa 

L",,'~""" 51. Louu.. Mo. 1961 

TABU 1.1.7 

Profitability of cydohtxane ntllflufaClure 

Ml.nwaClllnn! (:I.l" lal 
TOla. F&W CIIp,I.I· 
Gnw gJu per yea r 
MlnwlClllnn, COlt 

Grou profit 
SARE' @ 1 0~~ 

........ ,~ 
Nel pro fi t 
Rel ... rn o n 10111 f&. W 

"""w e .... , 
10' ,I.IIY. 

S SIO.OO) 
693,000 

2.400.000 
2.257.400 

14l.600 
14.300 

121,300 
64.200 
64,100 
9J y' 

r,om J R F.". Wqlulo"oll UN"~1y 0<>11" C.", 
So.,.j) 1'10 ", cd".d by II 0 SID.I'b. WI. hlOl'OD UD""
.ny. S,_ Lowa, Mo. 1967 

. f" W .. ID lCIonY'" eo. 6 . ... lad .. .,. l on, ""JII' •• 
• URE IS ... lC7O<Iym Jot .. Ie>. .~u., ...... '<Kllch . • "" ... ,._nn, 
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calc.ulatrng capual R.nd operating costs, then ..... e descnbe the techniques fo r putting 
capital and operatrng COSIS on the same basis, next we discuss profitability 
measurc:s. and fina!ly we present a si mple model that is useful for screening process 
alternalrves when 'Ne develop a conceptual design 

2.2 ESTIMATING CAI~ITAL AND 
OPERATING COSTS 

In To?le 2. 1- 1 the ut!ll ty loads {or the various pieces of equipment on the fl owsheet 
..... ere itemized, and rn Table 2.1-2 the utlhty costs were calculated. Similarly, in 
Table 2.1 .~ the equipment sizes for the flowsheet were Irsted. and tbe costs were 
calc.ulated In Tabl~ 2.1-4 .. Thus, the first costs ..... e consider are the operating and 
capnal costs asSOCIated wllh the equipment o n the f10wsheeL 

Operating Costs 

Operating costs arc normally simple to estima te. ODce we kno w the flows o f the 
r~w-materia~s streams and the utility flows (fuel, s team, cooling water, power), we 
SImply multIply tbe fl ow by the doUar value of that stream. ~D companies tbat 
operate their ut~l~t~ systems, i.e., steam and power production, as a separate 
company, the utlht~es costs factors are simple to obtain. If this is not the case, 
however, an analYSIS of the total site is needed to estimate the cost of steam at 
various pressure le\"cIs. For our preliminary designs, we assume that a value is 
available. 

. Care mu~t be taken that the utility values aTe gIven o n a thermodynamically 
consistent baSIS; I.e:, fuel a nd electricity should be more upensive than high
pressure steam, which should be more expensive than low-pressure steam etc. 
~berra~ions in prices do occur at times, so t.hat it might appear thatlbere is a ~fofit 
In burmng feedstocks to make electricity Of in using electricity to produce steam. 
Howeve.r, desi~s based on unusual market situations normaUy pay heavy 
economic penaltlcs after a few years. One way to keep utility costs uniform is to 
relate ~ll utility prices (electricity, various steam le\'els, and cooling-water costs) to 
an eqUIvalent fuel value; sec Appendix E.I. 

The cos ts of chemicals can be obtained from the marketing department in a 
company. For academic purposes, current prices for most chemicals can be found 
in the Chemical Marketing Reporter or many of the trade publications. Light gases, 
for el8mple, °1 , N 1 • CO. etc., afe not listed in the Chemical Marketing Reporter 
bcause most are sold locally on long-term contracts. The current prioe:s avai.lable io 
trade publications arc often different from the price obtained from the marketing 
department because of lo ng-term contract arrangements. 

C apital Costs 

As :-·e might expect, there are a variety of ways of estimating the capita l costs of 
equl~mcnt that ra nge from very quick calculations with hmited accuracy to very 
detailed ca lculatIons that are very lime-consuming but more accurate. The most 
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accurate estimate is simply to obtain a quote from a vendor; i.e.., a heat-exchanger 
manufacturer agrees to sell you a heal e)tchanger (hat has a specified performance 
and that will be delivered o n a certain date for a specified price. It pays to shop 
around because a vendor's quote will depend on how much work is on hand. These 
vendor's quotes are used as the costs of a final design. 

For conceptual designs we need a faster and simpler approach (i.e. . ..... e do not 
..... ant to try to optimize a process based on vendor's quotes). Thus, we nonnally usc 
equipment cost correlations. For eumple, the capital cost of a heat exchanger 
normally is expressed in terms of the heat-exehanger area, and It is not neessary to 
specify the number of tubes.. the number of baffles, the baffle spacing. or any of the 
details of the design. Similarly, the cost of a furnace is given in terms of the heat 
dUly required. and the cost of a distillation column is specified in terms of the 
column height and diameter. The cosl correlatioos arc: oblained by correlating a 
large number of vendor's quotes against the appropriate equipment size variable. 

PURCI-IASED EQUIPMENT COST CORRELATIONs' A quite extensive sct of 
cost correlations is available in Peters and Timmerhaus.· Other correlations of this 
type have been published by C hllton, Happel and Jordan, and Guthrie.' The 
correlations of Peters and Timmerhaus are amoDg the most recent, although an 
even more reccnt update is available in ASPEN. Several com:lations for various 
pieces of equipment that are lakeD from Guthrie can be found in Appendix E.2. 

Of course. we arc most interested in estimating the to tal processing COSts. 
Therefore, we must be able to predict the installed equipment costs, rather than the 
purchased equipment costs. To accomplish this goal, we need to introduce a SCt of 
installa tion {actors. 

INSTALLED EQUIPME,...,'T COSTS. One of the earliest approaches for estimating 
the installed equipment costs from the purchased equipment costs was proposed by 
Lang.1 He no ted that the total installed equipment costs were approximately equal 
to 4 times the lotal purchased costs, although different factors could be used for 
different kinds of processing plants. Haod' found that more accurate estimates 
could be obtained by using different factors for different kinds of processi ng 
equipment. For example, the purchased costs o f distillation columns, pressure 
vessels. pumps, and instruments should be multiplied by 4; heat exchangers should 
be multiplied by 3.5; compressors by 2.5; fired heaters hy 2; and miscellaneous 
equipment by 25. The use of Hand·s factors is ill ust rated in Table 2.1-4. 

• M S. P~lcrs Ind K. O. Timll'lCthlus, PI""t Duig" attd £;COflOntocs!or CltmtiCQ/ F.JtglJYr,J, Mc{jra .... -
Hill Nrw Yorle. 1968, chip&. IJ 10 U. 

1(" 11 Ch,ilon. " Cost Oal" Correla led, ~ C/I,m &,; .. 56(6). 97(hn 1949), J Ila"l"'l.nd 0 Co JOfd~n. 

CMtrJKDI r'D«~ U-II:~ Dekker. Ne .. VOIle. 1915. cha" $; K 1>1 GUlbne. "up,,"1 Cosl 
Es\lm"lln~ - 0" .... £fO{I., 76(6) t t4 (1969) 

, H J Un&. "SunpliflCd Approach 10 Preluninlry eo.t E.5hlJllles. - Clomt £nf~ S5(6) ' /12 (t948) 

, W E. Hind, "From Flow Shoel 10 COSI Estimale.- rtlrol kjin(".11(9): 33 t (1958) 
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FtGURE 2.2-1 
Sbcll·.nd-lUbe beal nchaog<:rs. (From K. M CurItTl~. ~Capil,,1 COli uliInDlJng.~ C/oem. Eng~ p. JU. 
M ar. U. /969.) 

GUTHRIE'S CORRELATIONS. An alternate approach was developed by 
Guthrie," who published a sct of cost correlations which included mformation both 
on the purchased cost and on the installed cost of various pieces of process 
equipment. Guthrie's correlation for shell-and-tube heat exchangers is shown in 
Fig. 22- 1 We see that the information for the purchased cost for a carbon-steel 

• K M GlIlhne, MCaplt.J COSI &um.aung," CIo,-m. t:ng~ 761,6). 114 (1969). 
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exchanger can be read directly from the graph. Then a series of correction factors 
can be used 10 account for the type of heat exchanger (fixed tubes. floating head, 
etc.), the operating pressure of the exchanger, and the materials of construction for 
both the wbcs and the shell. 

Moreover, once the purchased cost of the e}[changer has been estimated, 
there is another sct offac to~ available which can be used to find the installed cost. 
The installation faclCrs provide separate accountings for the piping requirt:d, 
concrete used for the structural supports, conventional instrumentation and 
controllers, installation of the needed auxiliary c:lectrical equipment, insulation, 
and paint. Similarly. factors for the labor costs reqUired to install the equipment are 
listed as well as the indirect costs associated wllh freight, insurance, taxes, and 
other overhead costs. 

The installation factors listed in the correlations are for carbon·steel ex
changers, and we assume that the installation costs are essentially independent of 
the correction factors for pressure, materials of construction, etc. Hence, we can 
write the expressions 

Purchased Cost = (Base Cost)(F,Xlndex) (2.2-1) 

where Fe corresponds to the correction factors for materials. pressure, etc., and 

Installed Cost = Installed Cost ofCarbon-Stecl Equipment 
+ Incremental Cost for Materials, Pressure, etc. 

= (IF)(Base CostXlndc}[) + (F, - I)(Base CostX lndex) (2.2-2) 

where IF is the installation factor and Index is the correction factor for inflation 
Hence, 

Installed Cost = (Base CostX lndexXIF + fc - I) (2.2-3) 

Gut l1rie's correlations provide much more information than most o ther cost 
correlations, although they are as simple to use as other procedures. Moreover, if 
we should want a breakdown of the total cost for piping, or instrumentation, for all 
the process units, we could develop tbis information on a consistent basis. Some 
additional examples of Guthrie's correlations are given in Appendix E.2. 

mE ASPEN CORRELATIONS. Another new set of cost correlations has been 
developed by Project ASPEN," using data su pplied by PDQS, Inc. These 
correlations arc part of a large. computer-aided design program. and therefore the 
correlat ions are all in numerical form, rather than the graphs used in most other 
sources. For example, the expression they use for heat exchangers is 

(2.2-4) 

• L B Evall5. ASPEN PIOjec! . Depanmcn! of Chcrrucal Englnecnng &. Enc:rr;y Labon!o,),. MIT • 
Cambooge, Mau. 
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where C£ = 1979 ellchanger cost; C, _ base cost for a carbon-steel, noatmg-head 
ellchangcr with a lOO-psig desIgn pressure and bc:tWctn 150 and 12,OOOfl ' of 
surface area; F IJ - a deslglHype correction: F w: "'" matenals-of-constructlon cor
rection factor: and F,. = a pressure correction factor. The expression thcy use for 
t he base cost IS 

In C. = 8.202 + 0.01506 In A -t 0,06811(ln A)' (2 ,2-5) 

Equaholls for the correctIon factors are available as well as the cost e.lpressiolls for 
a vanety of other p,eces of eqUIpment. SImIlarly, the installatIOn factors arc given 10 

the form of equations 

Updating Cost Correia lions 

C hilton's correla tions were published in 1949. Guthrie's were published in 1968, 
and the Peters, Timmerhaus, and ASPEN correlations are more reoc:nt. However, it 
takes about three yea rs to build a chemical plant, and so we musl be able to predict 
future costs. Clearly the cost of almosl everything increases with time, and so WC' 
must be able 10 update the cost correlations, Several melhods can be used for this 
purpose, but they are all SImilar in that they involve multiplying the base cosl in a 
ccrtain year by the ratio ofa cost indell for some other year 10 the cost index for the 
base yea r. 

One of the most popular cost indices of this type: is published by Marshall 
and S:"ift (~~&S) and is updated monthly in Ch~mical Engineering. A plot of thC' 
M&S IOdell IS shown 10 Fig 22·2. Simi la r relationships are the Engmeermg Nt'It"$. 
Rt'cord inde~, the Nelson refinery inde~ , the Cht'micol Engm(!eriltg plant construe. 
tion inde~, and the materials·and·labor cost index Some of these mdices include 

WOr-----------------~~, 

600 

200 

~~O--~4~O--~~~---W~--~70~--~W~--~~ 

f'lGUR[ 2.2-2 
M&S ,ndc. 

Years 
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separate fa ctors for labor and materials, whIch of len expc:nencc: dIfferent IOna1l0n
ary forces . Guthrie's co rrelations have the advantage that it is possible to update 
the material and labor factors at dIfferent rates, or some kind of average facto r can 
be u~ to account for inflatIOn 

IN.I-IO USF' (,OST CORRF.:I ,,·1I0-':S. Many companies have dC'veloped their o wn 
COSt correlations and installatIon factors , The.~e are frequently updated by uSlIlg 
\'endor's quotations and rettnt const ruction eosls. These company cost corrcla · 
tions should a!""a}'s be u.scd If they are available. We use Guthrie's correlatio n .. 
because they are available in the published lilerature. 

2.3 TOTAL CAPITAL INVESTMENT AND 
TOTAL PRODUcr COSTS 

There are numerous costs required to build and operate a chemical plant other 
than the operat ing costs and the installed equ ipment costs; see Tables 2.1-2 and 
2.1·6. Some o f thesc costs add to the capital investment, whereas others a rc 
operating expenses. Fortunately, most of these costs can be related directly 10 Ihc 
instalJed equipment costs th rough the use o f various factors. A very concise 
summary of these costs was prepared by Peters by Timmerhaus,· and a modified 
'oersion of then list for the Iota I capital ,"vestment is shown In Table 2.3-1 The 
correspondi ng breakdown for the IOlal product costs is gi\'en '" Table 2_-'-2_ 

It is common practlcc in the de\'elopmC'nt of a dC'sign first to calculate the 
Slles of all the equipmC'nt and to estimate the amounts of ullllllcs rcqulfC'd. Next. 
the equipment COSIS are delennined, and the utility costs are calculated Then the 
other cost factors are added, and finally a profitability analySt:> is undertaken 
However, for preliminary process design, we prefer to look for proccsss allernalivcs 
as soon as a design appears 10 be unprofitable. Therefore, we would like to develop 
sim plified cost models for tOlal investment, total processing costs, and process 
profitabilit y. We develop a simple model of this typc as we discuss the IOdlvidual 
cost items. 

Tolal Capital Inu~5lmenl 

According to Table 2.3- 1, the Iota I capi tal investment (ToL lnv.) is the sum of the 
fL\ed capilal investment (Fi)led Cap.) and Ihe working capital (Wo rk. ~ap) : 

Tot . Inv - Fi.led Cap + Work . Cap. (2.3- 1) 

• M S Pdcn .nd J( D -hmlTKrhaIlS. rlo,,' 1NJ'fJ" OM u o_urJ f~ C/"",ucfJI fJog'IVt ... 3d cd , 
McG ...... -'.,lI . New York, 1969. chap' 
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TARLE 2.J-1 
Breakdown of lolal <:apillti im-eslllleni and Slarl·up costs 

TOlol ~op,tol "'"JI~"I ~quals Ihe Ium of Ihc fixed c:apilallllVQlrnenl plus the wOIUnI capital 
II Fu;d cop",.1 ",.,..!I,....", (FCI) IS lhe COS" m:j.ured 10 bllild lhe ptootJS, eq~1 10 the ..,m oIlhe 

dlrec, cosio a nd Ihe ",dlrecl COSIS 
A OuUI cmU equal lhe ium of lloe ",,,Ienal .nd labor cos .. requIred 10 bUIld Ihe romplcl~ 

fledll),. aboul 70 IS~ 01 Fel 
1 Onsll~ (OJU or IS BL (J/lSuk of baJlny III'uu) ale Ibc: (:05ts of .mlalhng lhe c:qwpmcnt 

mown on lhe proccss now§hcel In a Opecl& 1"0iraphlC&1 1og1100 (Ihe ballery Iim"s). 

about SO 60". of FCI 
" P",r~d ~qll;pmrllllncludCII all CCjIl'pmeo[ Imcd on I complele floWJhcct ; spare 

parts and nonlnualled equipment sp"rc:s; surplus c:quiprnenl. supplies, .nd eqlllP
menl .Uo ..... na:s; InlblOon _. IlIlo ..... na:. rrelgbl eharp. t.u.~ ,muraaoe, and 

dUlles. allowan<:e for mo(hficallon dunnllilMl·llp; aboul 2O~~ or FCL 
b PuTC~d·cq,,;pmr'" 1lU1"II,mon Includes IIHwbtioo of IlII equlpolent lISted 00 a 

complele nowshccl includml 1In>Clur.IIUpporu.. iosulalion., and paint. aboul 

1.3-26". of Fe! Or 3S·"S~ of pu.chucd cqwpmcOI «nil. 
C 1""""' ... "'0"011-.1 to,u,oI,ndudes I'Ulchax, uuu.1l.uon., and Clhbrallon •• boul 

2.S-7.0"~ of Fel 01 6 JO~ of pulchased eqUlplDCllt (:()$I 
d P'PIlt(J Includes cost ofplpc.plJIC hanaers. filliags, Y11lvC$, IIIsul.lIon. alld eqlliprnenl. 

.. boU1 ) 1 S% of Fel 0 1 10-80% of pUf~hHCd cqwpmcnt «nil. 
~ ElultIcol ~IIU;ptnC'I' <VId ".."t, lOh include lhe purch_ ,lid illlliliallon of the 

required elcdn;;al equlpmeol inc1udlnl , .... cbc:I.. moiOrs. conduit, WI~ fillings, 
kede". ,roundin&- In§trumcnl and conlrol wirin .. llJhling paoels, 100 1»QCi.led 
labor (:()$II; .boUI 2 ~ \I 0% of FCI or 8+20% 01 purcl!ascd equlpmCIII (:()$I 

2. Offsut COJIJ Of OSBL COSU ( .. u .. uk of bolll~r)· l,mllS) Incillde C05l!i dlrco;l ly ",lilted 10 
Ih~ p.oasIi bUI bUll! ,n ~p;"~I. IocalioOi f.om the m .. n P.OOCSI,.ol equlrmenl 
" Butld.~~ (,,,dudlnl ""r~ICO). aboUI 6 2O~. of Fa 01 10 10% ofpurcbasc.i eqll'p. 

ment CO$t 
(I) P'Oet" b ... ltli11gs 'nclude .... bsuucu .. a. SUPO:~IUCIU'~ iaJ .... ·.Po ladders. 

aocas w~y ... cranes. monorails. hOlsll. dc ... IOrs. (Some oompanlCl Include 
Ihac fac[ors u part of the IS Ul COIl.!., IDd nOI Ihe OSBL cosu.) 

(2) A .... "/JOry b..JJII1,J Include: IdOll_lrallon and o ffice. mcdM::a1 01 dIJperaary. 
cafclena, pnge. p, odllCt ..... rehouse. pam .".,rehollS(, lURId ,nd ufel),. fire 
lIallOn. ch.nA" house. personnel buiidIOl- ihipp'nl ollicx ... d plalform. 
reseal~h laboratory. conu-oI laboratory 

(3) MO;"ICNUtcc shop. include electllCll piplOl- shoe[ rncta.1. machine, welding. 

calpenlry. IMlrurnent§, 
(4 ) 8 .. ,lduog Jcnat~s Include plumbln&- !Jullll&- nllullllOD., dw" c.QIlccllOn. "' 

rondillonlng. bUlldtnl bJhulla. dc~.ton.. coalaIOR. ,dcpboOC$, 10IctCOmmu!U
o;& lIon syslem, pamlln" spnll ~lcl ')'il~ms.. fire llano. 

b YDrd ""prO,...,m~1I1J IIIYDlye SIiC de"elopment loc1udinl s;le deanna. Inding. roads, 
wal~ ... ·a)'l, railroad ... renc:a. par~"'1 areas, ... ·b.rH:s .nd pocn., reaealtonai fac.hllC$, 

IandKollP"'I; .bout ISS 0% of FCI 
c s,,,,,u fodli.ws (iNI.ned), aboul 10 35 O~, of Fa 

(I) U"lmll'J Include .. cam, wale •• powel .• efn".nloon. conoprcutd IIr. fud • ....ute 
dl~po»al. 

(2) ,. ....... I"' .. s ,ncluo:k boIler pl.nt. IflClnculor. " 'db. nycr muLe. waler tTcal~nl, 
CUOO11R1I InW(rl, .... ,er Slorage. elcclf1C sllb!iulton. rcfnl!er.Uon pllnt. all pl.nl . 

fuel "Dlage. ..... ~Ie dIsposal plaol. li.e P'OIcctlOlI 

(1) 

(4) 
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NOIIp'ilCCU .. q~I"""'''' composed of offict: furnUllre .nd eqUlpPlCOl, ... fety .nd 
medlCill equlPflICnl. shop eqwpmenl, lulomouvc cqlllpmc:nL yard ml1tenal-
baodllnl eQu.pmenl. I.OOralOry eqUlpmc:nl, shc:I.'1C$, bms. pallels. h.nd lruck ... 
lirc nUnlu.~hen.. botU, firc enpnes. loadlnl equIpment. 
DmnbllUDf1 U1'Id pot'k"9"'9 melude I.w_matenal .nd product 1I0.81!C and 
handling equipment. ploduct packaglnl equlpmenl. blending r.dllll($, load.ng 

i1.t~ 

d lAII4. aboul I 2 ~ or Fet or 4 8% of purchased eqUIpment 0011$_ 

(I) SUf'I'YS .nd foes 
(1) Properl)' rom_ 

B_ INii,ul c,,~tJ aR upcoscs nol dllecll), m .... lvod ""Ih m.,enat and I.bor or ICIUII ,ml.lla-

1100 •• boul I ~ JO~. of Fel 
I EltgIltCCTIII{/ tutd ~rrulOtl. about 4~21 % of FCI or S+IS% of dlf"'l 00i1S. 

II. EIIi""""'''''I ~DS/J Indudc Idrnlrus.trallve. proc:as "-I" .nd JC!ICnl enpnocnng. 
drafung. COil enl'nccnng. p'Q(XSSlng. c~pedlling. reproductIOn., communoca1l0ni. 

_Ie models. eon§ultlnl fecs. lra"el 
b EllgUIH'III{/lJJj1Cn·UIOtI o"d lrupcclllm 

1 COIIllf1JCIJOft U/WIUCJ; aboul "8 22.0% of Fel 
II. Trmporor)' [«./II~J cornp<l$'Cd of coru;trUCIIOn., opo:nllOn., .nd IIl:IlIIlen.ncc of 

lemporary fao!Jues; offices. roath. parkllli 101~. raIlroadS. elcclncal p.pm" 

commuoocauons. rC!lCln .. 
b COfIl'f'r.c'_ ,ools tutd ~qu'pmcn' 
C COIIJ/flI("t_ , ,,/Wn·u_ tn~oIYml ao:ounlln&- [imcl;ecpml. I'Urchuln~ upeo:lIllI1" 

4 WOl' .. IrOOU<' /WtJonncf _d ,u",tis 
.. SD[nr. mdocol. ",,4 [,mgt lH"tfi" 
[ I'~Tm"s.jirld Ints. Jp«.ulllr~IUCJ 
, TQx~s. 11lS"'''''(C. QIId ",I<', .. JI 

) C{JtIIrGC'or·s ( ...... boUI I S SO·. 01 FCI 
4 C .... ,rng .. nC) 10 compcru.ale lor unpredlclable uen1S iuch as SIOrms. 1Iood ... stn~e ... 

pna: ehanl($. unaJl dn1ln ch4nlc:li. eTTOU In CSllm~les. eiC. aboul 5 2O.,~ 01 FCI 

C. .. 1.uNllt brCaJ.· d<J~·1I of FCI 
1 }.tanuj"oC!II'UIjJ cQPIl"'II1I"'S'mcnl~Ame I~ OnWICS_ 
1. NQftlJlDrlllfoc'urllllJ Caplla! ",.,..SlmI'M IS olf~"c pi ... m,h.eel ~ts. 

111 W..,I.-IIIIJ aIpI,a!1S lhe Clpital m:jlllfed 10 'CluaJly openle the plaOI. about 10 -20% ollhe lo.tal 

capital Investmenl 
A. R",,· "",'t,iol fOIl on(-monlb supply_ (11Ie supply dcpendi on aVlllablbIY •• iCuonal 

deman<4. etc.) 
B F",uW"oJu,cu ... • loc1. and sem,firushod produc .... ~ppro .. 'male production C05Ii ro. oM 

monlh. (Agalo. the amounl ma), ~.ry) 
C. A rcOUllIJ ,<'Cc,vob/t 10 lP'c ~U510Rlers.)(J days 10 pay for loods. aboul [he production 

COsls fOI one month 
D CIUIr .... lwIId 10 meel operalmg upemcs~§ltl~nel; and wagc:s, rlw·mlten.l pUI~hascs 

E. A uo.ll11s payobl<' tutd uuu pD)"Qbfc 
IV $,,,,,.,,,, cosu; aboul 8 10~~ 01 Fel 

A P,occu modJjiCO'HHU no:cdcd 10 meel des.,o speclficallOOO 
U Sf(l"'~p lobo, more people Irc needed 10 il.rt up planl than 10 ~«p 11 runnlnl 
C IAlu '" ,,00111:""" ""nl,·o loss of rc'·enua. dUflnl dcbuUinl of Ihe P'OCCliS 

T.~ .. I._ tot oS Pc .. " , .1Id I.. I) l ·....-,ba" •. 1',-. 0.-."," -"/&_1£." o-...c.J lAtI_ .. ~c:Gu.dhIL 
N.", Y ... ~ , 1961 
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Gross earning~ lind total prootlct CCKts 

Grou arn,np .. 1011.1 Income 10lat production C05I. 

II Totat product COlIt .. manurlctunnl COSI -+ ~neral npen5eS. 
A 1>t.n"Iacturlnl eMl .. dlr«1 productIOn CO!itJ -+- hed ehlr~ + pl.nt ovnht~d 

I t)necl J'",ductKln rom taboot 6O ~;. olthc total product eml) 
.. R.aw mal~rI." ,aboul 10 jOO{ of 10'11.1 prodUCI COSl) 
b UIIIII," (aboul to 2Oo~ of 101.1 produci COSI). 
C 1>h'nl~n.ncc and r~pa'" (I.bo.u 1 10 ~o of FC"I) 
J Op"ulln, 5uppha 'I.bout to 2O~~ 0( co.l for ma'nl~lUIncc ~nd rep'"1S o. 0 S I ./~ or 

fel) 
r Oper.l,nl labot (about 10 2O ~'o ollol.ll prodUCI COSI). 
f. DIJa:. $urcrvl!l'on and dericallabof (about to- 2S r. of opn1lt"'g tabor) 
g Laboratory c:harses (I.boot 10 -20r. of operanollabor). 
A. P.lentJ and royahleS (aboUI 0 6r. of Iota! product COSI). 

2. FiKed m.r,es (about 10 20% ol tolal product cosI). 
II. OePf«i.I,on (aboul lOr. ol Fel). 
b Loalluu (aoout I 4 r. ol Fel) 
c, InsurulO: ('ooul 04 I ~. 0( Fel) 
" Rent (aboul to}. of .aluc; of Rnled land .nd buildings)_ 
r Inlcrl!it (abou t 07% oflatal Cllpita! ","ot"",nl). 

1 Planl o~erhead (aboUI SO 7Or. of Ihe "","I for opcrat.ing labor. supervision. and ml'nl~nancc 
Of S IS::'~ of tOlal produci COSI); COSIS Include general plaol upkeep and overheat!.. payroll 
o""rhead, pack'lPng. mro'CIIJ services. safely aDd prOlect.iOn, reslaunults., .ecr~alion. Ioah·age. 
labo.llona. and lIo.lge faallt .... 

B Galc,al npenSt$ .. adm,"I"rll,,,,, costs + d'stribulloo and scllmg costs + raea.ch a nd dud. 
opmeol COSIIi (.Iso CIIllcd SARE (1ol1es, Idlllllllsirat.ion, usa..ch. and. engJneenngl] 
1 AdmInISltll"'~ COSIS (IOOUI IS% of <:01;1$ for op"uting lloor, liupel"YlSIOn, Ind m.,.,tcnl~ 

or 2 ~% of tOlal pfoduel COSI); IIIdu.des COSIS for ucc::utive H1anes, c:kneal "·18~ Icgal fees.. 
offine 5upphes • • nd c:ommunlClllions. 

2. Dlslnbuhon Ind selhnl COStJ (aoout 2-20% of total product cost); irlclooes costs fOf sales 
offica. sales slall", shlpp,., .... nd .d.·crtwng. 

1_ Research I.nd dc~topmcnl com (about 2-S r. 0( cvt:ry saJes doll~. Of _00..1 Sy. ollO'lal 
product cosl) 

T.kea r,... M s _ Pnen and K. D Timmer"" .... '1.tI Duip...J ~/_ 0-0.:. c.._ .. McGrlw.HiD. 
Ntw Yorl. 1963 

Stut-up Costs 

Many companies also include the start-up costs as part of the capital investment , 
Other companies conSider the fraction of the start-up costs that is allocated to 
equipment modifications as part o f the capita l investment, whereas the funds used 
for additional workforce and materials needed to start up tbe plant are considered 
operating expenses. The choice among these various possibilities depends on the 
tax situation of the company However. for our purposes we include the start-up 
costs (Slart -u p) as part o f the investment. Hence, Eq. 1.3- 1 becomes 

Tot Inv = Fixed Cap_ + Work . Cap. + Start-up 

From Tablc 2_3-1, item IV, wc see that 

Start-up ... 0, I (Fixed Cap,) 

(23-2) 

(23-3) 
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Working Capital 

The working capital represents the funds required to actually o perate the plant, i.e_, 
to pal for raw materials., to pay salaries, etc. Wc attempt to replace the working 
capital each month oul of product revenues. NeH:rtheless, we must have moncy 
available before we C<"Immence opera tions to fill up the tanks and to meet the In itial 
payroll For Ihis reason the working capita l is considered 10 be part of the total 
,n\eslmen l. 

A breakdo,",n of the working capital IS gl\en m ·1 able 1.3-1. and a rca~onah le 
first eslimate of thiS cost can be taken as a 3-mon th supply of ray, material~_ or 
products Wc can greatly sim plify the mitial m\estmcnt analysis. howe\cr, if y,e 
assume thai ,", o rkmg capJtal is related to the in\·cstmenl. For this reason, ..... e let 

Work. Cap. - O_15(Tol. Inv.) (2.3-4) 

Fixed Capital 100'estmenl 

From Table 2.3- 1 we see that the fixed captlal Investment is the sum of the direct 
cost and the indirect costs: 

Fixed Cap. _ Direct Cost -I Indirect Cost (2.3-5) 

The direct costs include the onsite costs (Onslte) or ISOL costs {inside battery 
limits}, and the offsl tc COSIs., or OSBL COStS (outsKic ballery limits): 

Direc:t Cost = Onsite + Offsite (2,3-6) 

The onsile costs correspond to the installed equipment costs for the items shown 
on the process flo ,", shtti. All these items are built m a specific geographical area. 
called the battery limns, We can estimate the onsite costs directly fr om Guthrie's 
correlations. 

The offsite costs, or OS BL costs, refer to the steam plant, cooling towcrs, and 
other items listcd in Table 2.3- 1 that are nttded (or the operation of the process but 
are built in a different geographical area. It is common practice to ha\·e central 
areas for cooling to\lo'ers. steam generation equipment, etc. We note (rom the table 
Ihat the variation in the individual offsite costs is much larger· than that in the 
onsite costs. In facl, the offsite costs may vary from as lillie as 40 to 50°'0 of the 
onsite costs for an ellpansion of an existing facility, up to 200 or 400 % of the onsite 
costs for the construction of a grass-roots plant (a brand new facility starting from 
scratch) or a major plant expansion. This situation is analogous to building an 
addition to a house versus building a new home. In our sludies, we consider only 
plant ellpansions, and we assume that 

Offsi te ... 045 On<;lte (2.3-7) 

The indirect COslS described III the table often arc lumped in two catcgories: 
(I) the owner's costs, which include the cngineenng, supervision, and construction 
expenses; and (2) contmgencles and fees (Contlllg) whIch account both for items 
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overlooked in the preliminary design and funds to pay the contractor. A con
tingency allowance of at least S % should be included, even If we have firm quotes 
on hand (rom vendors, because something can always go wrong. For our 
preliminary designs. where we consider only the most upensive pieces of equip
ment, we include a contingency factor of lO Y.. Thus, we assume that 

Indirect Costs .. Owner's Costs + Conting. 

Owner's Cost :::: O.OS(Onsite + Olfsite) 

Conling. - O.20(Onsite + Offsite) 

With these approximations we can write 

Fixed Cap. = Onsite + Olfsite + Owner's Cost + Canting. 
= 1.25(Onsite + Offsite) 

A Sim plified Investment Model 

(2.3-8) 

(2.3-9) 

(2.3-10) 

(23-11) 

The factors we have selected 10 use in our analysis should give a reasonable 
estimate o f the investment for the type of petrochemical processes that we are 
considering. However, different assumptions should be made for different pro
cesses. a nd the choice of these factors is an area where design experience is needed. 
Our goal is to develop a simple method for preliminary process design. so other 
fa ctors should be used where they are applicable. 

Wbeo we combine the expressions above, we find that 

Tot. Inv. = Fixed Cost + Work. Cap. + Start-up 

- Fixed Cap. + O. I 5{Tot. lnv.} + O. I (Fi~ed Cap.} 

so that 

Tot. Inv. = 1.3O(Fixcd Cap.) 

Then, from Eq. 2.3-11, 

0' 

Tot. Inv. = 1.3O(1.25XOnsite + Offsite) 

To t. lnv. = 1.625(Onsile + Offsile) 

For the case of a plant expansion, we substitute Eq. 2.3-7 to obtain 

Tot. Inv. = 1.625(Onsite + 0.45(Onsite)] = 2.36(Onsi te) 

(2.3-12) 

(2.3-13) 

(2.3-14) 

Hence, once we have estima ted the installed equipment costs, II is a simple mailer 
to estimate the total invcstment, a lthough it is important to remember that 
the estimate depends on the assumptions made in Eqs. 2.3-3, 23-4, 2.3-1. 2.3-9, and 
2.3-10. 
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Total Product Cost 

Table 2.3-2 lists a breakdown of the tOlal product cost. Since the 10lal product cost 
(Tot. Prod. Cos!) is the sum of the manufacturing costs (Manu. Cost) and the 
general expenses (or SARE), we can wnte 

Tol. Prod_ COSI = Manu. Cost + SARE (2.3-15) 

The SARE COSIS often are about 2.5 % of the sales revenues for chemIcal 
intermediates, although they may be higher for finished products sold directly 10 
consumers : 

SARE - 0.025( Revenue) (2.3- 16) 

The manufacturing cost is the sum o f the direct production cost, the fi).ed 
charges, and the plant overhead (OVHD): 

Manu. Cost _ Direct Prod. Cost + Fixed Charges + Plant OVHD (23-11) 

The direct production COSIS include the raw materials. the utilities, mainlenantt 
and repairs, operat ing supplies (Op. Supply), o perating labor, direct supervision, 
laboratory cha rges, and patents and royalties : 

Direct Prod_ Cost = Raw MatI. + UliI_ + Mainl. + Op. Supply 
+ Labor + Supervis. + lab. + Roya lt y (2.3-18) 

We can eslimate the raw-materials costs and the utilities based on OUt 
prciiminary design calculations. From the table ..... e sec Ihat the mainlenantt and 
repairs a nd the operating supplies depend on the fixed capilal investment, and for 
our studlCS ..... e assume that 

Mainl. = O.04(Fixed Ca p.) 

Supply = O.I5(Maint.) = O. I5(O.04XFixed Ca p.) 

(2.3- 19) 

(2.3-20) 

The costs for operating labo r, direct supervision. and laboratory charges also can 

be combined inlO a single factor. We assume Ihat 

Labor + Supervis. + Lab. = (1 + 0.2 + O.15XLabor) = I.35(Labor) (2.3-21) 

The table indicates thallhe cost fo r patents and royalties should be about 3% of 
tbe total product COSI : 

Royalty = O.03(TOI Prod. Cost) (2.3-22) 

When we combine these relationships, we find thai 

Direcl Prod. Cost = Raw Mati. + Util + O.046(Fixed Cap.) 
+ 1.35(Labor) + O.03(Tol. Prod. Cost) (2.3-23) 

The fixed charges (Fixed Chg.) gIven LO Table 23-2 include local taxes, 
insurance, rent, and interest : 

Fixed Chg. "" Tax + Insur. + Rent + Interest (2.3-24) 
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8ased 00 the values gJ\eo In the table ..... e assume that 

Tax + (nsur. _ O.03(Fiud Cap.) (2.3-25) 

The interest charges on borrowed capita l depend on the company's financing 
policy, and for our preliminary deigns we assume that internal funds arc used to 
finance the venture, so 

Intcrest = 0 (2.3-26) 

Similarly. we assume that \\ie do nol rent any faCIlities 

Rent _ 0 (2.3-27) 

The allocation for depreciation· may be calculated in a variety of ways, and so we 
discuss dcpreciation allowances in more detail later. With these approximations, 
we find that 

Fixed Chg. "" O.03(Fixed Cap.) (23-28) 

According 10 Table 2.3-2, it is reasonable to assume Ihat the plant ovcrhead IS 

roughly 60 % or the CO!lt for operating labor, direct supervision, and maintenance. 
Referring to Eqs. 2.3-19 and 2.3-21, we obtain 

Piapi OVI-iO = O.6(Labor + Supervis. + Maint.) 
= O.6[Labor + O.2(Labor) + O.04(Fixed Cap.)] 
_ O.72(Lahor) + O.024(Fixed Cap.) (2.3·29) 

Whcn we combine all the cxpressions above, we obtain an expression for the 
IOtal product cost : 

Tot. Prod. Cost"" Manu. Cost + SARE 
- (Dircct Prod. + Fixed Chg. + Plant OVHD) 

+ O.025(Revenue) 
= [Raw Mati. + Util. + O.046(Fixed Cap.) + 1.35(labor) 

+ O.OJ(Tot. Prod. Cost)] + O.03(Fixcd Cap.) + (O.72(Labor) 
+ O.024(Fixcd Cap.] + O.025(Rcvenue) 

Tot. Prod. Cost = 1.03(Raw Mat!. + Uti!.) + 2.13(Labor) 
+ O.103(Fixed Cap.) + O.025(Revcnue) (Ll-JO) 

• The: okpoeci • .,on .no .... na:. Included .,. fiud dI.,p: I. lhe table, bul man)' OOUIplna do nol 
lD!;Ounl roo- dcpruiIloon in th ..... , 
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Now we would hke to eliminate labor and fixed capital from this expression. 
From our previous analysis we know that 

Fixed Cap. = I.25(Onslle + Off'site) = 1.25(1.45)(Onsite) 
= 1.81(Onslle) (2.3-31) 

Thc cost for operating labor primarily dcpends on the complexity of the 
process, aoo it cap be M guesstimated M frol1l an inspection of the f1ow5heet (although 
some experience is required to make reasonable estima tes). An attempt to quanlify 
the (casonmg involved was published by Wessel- who correlated operating labor 
in worker-hours per day pcr prooessing step versus planl capacity. The difficulty 
witb this procedure lies in cstimating the number of processing steps; i.e., a batch 
reactor may require a full-time operator, whereas a con tin uous reactor may require 
only one-half of an operator's time. 

For relatively small processes, such as we consider in this text, between two 
and four shift positions (operators) would be required . Labor costs per shirt 
posilion are aboul SIOO.OOO (since we operate 24 hr/day for 7 days/wk, we ~ 
about 4.S operators per shirt position) : 

Labor = 100,000 Operators 

Simplified Cost Model ror the 
Total Product Cost 

When we combine Eqs. 2.3-30, 2.3-31, and 2.3-32. we obtain 

Tot. Prod Cost = 1.03(Raw MatI. + Uti I.) 

0' 

+ 2.13 )( IO~ operalOrs + O. IOJ(1.8IXOnsile) 

+ O.025(Revenue) 

Tot. Prod. Cost = 1.03(Raw MatI. + Util.) + O.186(Onsite) 

(2.3-32) 

+ 2.13 )( lOS Operators + O.025(Rcvenue) (23-33) 

Hence, wc can use the cstimates oflhe raw-materials cost, the utilities., the revenues, 
and the installed equipment costs rrom our preliminary process d~ign, to calculate 
thc total prodUct cost. 

Pro6ts 

PROFIT BEFOR E TAXES. The gross profit berOTe taxcs is the revenucs minus the 
total product cost : 

Profi t berore Tax _ Revenue - Tal. Prod. Cost (2.3-34) 

• H E. Wead, -New G •• ph Cond.'es Opera'ml labo, Dlta roo- Cho:moeII p,oc:eDeS, - Chm\. £;og~ 
.59(1) 209 (19$2). 
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or, after eliminating the total product cost, we have 

Profit beforc Tax _ o 974(Revenue) - L03(Raw Mat -t Util) 
_ O.186(Onsite) - 2.13 x lOs Operators (2.]-35) 

To calculate the profit after taxes, we must consider various depreciation policies 

DEPRECIATION. If we consider buyrng a car or truck to use for business purposes, 
it is apparent that the vehicle will wear out over lime. ]-Iencc, we should set aside 
part of our revenues in order to accumulate sufficient funds to replace the vehicle 
when it docs wear out, and we should consider these funds to be one of the costs of 
doing busincss. We could deposit this n:placement allowance in 8 bank and draw 
interest, but we hope that we could gain an even higher effective interest rate by 
investing the funds in another venture of our company. 

Fortunately, the government recogmzes that it is a legitimate expense to 
deduct a fraction of the cost of equipment as it wears out, despite the fact that the 
funds are not actually used for this purpose ; i.e. they are invested in other ventures, 
and a portion of the profits of thCS«' other ventures is used to replace the 
equipment. Thus, to prevent a company from establishing com pletely arbitrary or 
unrealistic depreciation schedules, the government specifies the average lifetime 
that can be expected for various types of processing equIpment. 

Of course, if pieces of equipment havrng different lifetimes are combined in a 
sIngle process, dearly accountrng for depreciation can become quite complicated 
Since t here are often several processes in an integrated plant complex, however, we 
can consider that there is an average Irfetrme for the prOttss for preliminary dC!iign 
calculations. In fact, fo r petroleum prOCC'sscs we often assume a J6-yr life, whereas 
for chemical plants we often take an II -yr life. 

Once the process lifetime has been fixed , the government still allows us to 
choose between methods of computing the depreciation : straight-hne or ACRS 
(accelerated cost recovery system). Land does not depreciate rn value, and therefore 
the investment in the land should not be considered in a depreciation calculation. 
Similarly, if we replace the working capital each month, we will have the same 
amount of working capital at the end of the project as we started with. so tbat 
working capital docs not deprecIate. Furthermore, the equipment may have some 
salvage value at the end of the project (often about 10% of the purchased cost, 
whIch corresponds to about] 'Y. of the fixed capital investment), so we should 
account for this salvage value at the end of the project (If salvage value is not 
Included In the depreciation calculatIOn and the equipment IS sold al the end of the 
project life, then a capital-gains tax must be paid on the value of the equipment 
sold .) 

Straight-line depreciatron Simply means deducting 33 % per year of the value 
of eq uipment having a 3-yr life, 20% per year (or equipment with a 5-yr tife, 10 % 
per year for equipment haVIng a 10·yr life, etc_ The ACRS method is more complex. 
II only slarted rn 1980, and at that lime all equi pment had to be grouped in one of 
four categones - 3-yr property, S-yr property, 100yr property, and 15-yr property. 
The depreciation allowanoes for the first three categories are gIven in Table 2.3·3. 

TABt..£ 2.3-J 
Deprec:iation allo"'anc~ 

3-). P'O .... ") S-)T P'0~r11 to-). P'."1 

y~, " 'u, " \ur " 

:s t " • 
1 " 1 " 1 " l " " " l " , . to 

7 to to 

The 15-yr property deductIon allowable depends o n the month Ihalthe lIem was 
placed rn service, and IS gIVen in Table 2.3-4 for equipment placed rn servIce after 
1980 but before M arch 15, 1984. The U.S. gOlernment has been changing both the 
lifetime (from 15 to 18 and now 19 yr) and the allowance for this type of property 
e\'ery year. so recent tax Information must be consulted 

The ACRS method is too complex to use for screening calculations, thus we 
usc the simpler expression 

Deprec. ,., 0.1 (Fixed Ca po) '"' 0.1 (1.81 )(Onsite) 

== 0. 181 (Onsrte) (23-36) 

PRQF"IT AITEN TAXES. The depreciatron allowance is subtracted from the profit 
before ta).es because. it represents a cost for replacrng eqUIpment. For most large 
corporallons, the rncome tax rate is 48%, so that the profit after taxes IS 

Profit afler Taxes _ (1 - 048)(Profit before Taxes - Dcprec.) 

TABLE 2..J...4 

= (0.52XProfit before Taxes - Deprec.) (2.3-37) 
- 0.507(Revenue) - (O.536(Raw MatI. + Uti!.) + 052(Deprec.) 

+ 0.0967(Onsite) + Ll08 )( 10$ Operators] (2.3-38) 

Depreciation allowance (or 15-yr prope.ny (stlrt in 1980) 

l\1...u. pIa«4 ill wnic~ 

y~, , J • , 6 7 • • " " U 

U " to , • 7 • , • J 2 t , to to " " " " " " " " " " ) , , , , to to to to to to to to 

• • • • • • • , , • , , , , 7 ) 7 7 7 7 • • • • • • • • • • • • 7 7 7 7 7 7 7 
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Cash Flow 

The actual eash flow (CF) that IS retamed by the company is the profit after taxes 
plus the depreciation allowance : 

Cf ,.. Profit after Taxes + lkpree. 

"" 0.52(Profit berare Taxes - lkprec.) + lkprec. 
"., 0_52(Re"enue Tot Prod Cost) + OAS(Deprec.) 

or. after substitutmg Eqs. 2.3·35 and 2.3-36. we have 

CF "" 0 .507(Re\enue) - O.536(Raw MatI. + UIII.) 
+ O.OO98(Onsile) + 1.108 )( 10~ Operators 

Profitability Analysis 

(2 ) ·39) 

(2.3-40) 

Now that we have calculated the cash flow, wc have the infonnation requlrcd to 

undertake a profitability analysis. Howc\cr. since a profitability evaluation in
volves both capllal and operating costs, first we must find some way of putting 
both types of cost on the same basis. To do this, we need to consider the time value 
of money. 

2.4 TlME VALUE OF MONEY 

When we consider procc:ss optimization studies, we o ften encounter trade-offs 
between capital and opera ting costs. For example, we can recover more of a solvent 
entering a gas absorber by increasing the number of trays. Operating costs are 
measured in S/hr (or more commonly in S/yr), whereas capital costs correspond to 
a single expenditure of money (i.e., an investment). Then, to trade off capital costs 
against operating costs, we must be able to place both costs on the same baSIS. 
Thus, we can ei ther annualize the capital costs o r capita1ize the operating costs. In 
this text we report all costs on an annual basis. 

Similar Problems and Strategy 

The problem of trading off capi tal against operating costs is commonly encoun
tered in everyday life. For example, whcn I bought my last car, I wanted to 
determine if it was to my advanage to buy a VW Rabbit with a diesel engine for 
S6400 as compared to a conventional engine for $5200, when diesel fuel cost SO.891 
gal as compared to gasoline at SO.94/gal and the diesel engine averages 45 milgal as 
compa red to a conventional engine that averages 32 mi/ga!. There are different 
capital and operat ing costs for the two choices. and we want to lind \o\hich is 
cheaper. A similar problem occurs if we want to assess the desirability of installing 
a solar heatcr that costs SI5,OOO 10 order to save 55% olan oil bill ofSI OOO/ yr To 
solve problems of this type, we must consider thc time value of money 
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We determine the time value of money Simply by .ssuming that ,...e will 

always borrow the capital that we need from a bank and, of coune. that we must 
pay mterest on the money that we borrow. With this approach. we rcplace the 
amount of capital investmen t by the annual payments that we must make to the 
bank to repay the loan and the interest on the loan. These annual payments have 
the same units as operating costs, which is what we want to achieve_ 

Thus. the key to understanding the relationship betwen capital and operatmg 
costs IS merely to de~elop a detaIled undcrstand1llg of the n:payment of bank loans_ 
There arc IwO parts 10 Ihis repayment principal and interest. 

Consernlion of Money in a Bank Account 

Banks lend money at compou nd interest, and the simplest way of understanding 
the changing balance in an accoun t is to assume that money in a bank account is a 
conserved quantity_ That is, the money deposited (input) plus the interest paid by 
the bank to the account (input) minus the money withdrawn (output) must be 
equal to the amount of money that attumulatcs. Thus, the conservation of money 
in a bank account can be treated just as the conservation of mass encrgy, ctc. Of 
course, this conservation pnnciplc is valid only for bank accounts and not for the 
federal government, becau.sc: thc governmen t can simply print additional money. 
Howevcr, rccogni7jng this restriction, wc can write 

Attumulation = Input - Output (2.4-1 ) 

CO;-.TI;-.;-l:OUS 1l''TEREST. Some banks are now offering con tinuous compound
ing on money, rathcr than compounding the interest at discrete intervals. Since the 
continuous compounding case is similar to other conservation problems that 
chemical cnginecrs study, weconsidcr it fint. We let S~ be the money wc havc in the 
bank at orne t . If we make no deposits or withdrawals., the amount we have m the 
bank will increase to SI."",. over a time interval dt because the bank pays us 
intcrcst. If we let the continuous interest rate be i, [$ inlerest/($ in attount)(yr)], 
then the amount the bank pays us in the time interval df is i.SI. Ilt. 

Hence, the consenation equation, Eq. 2A.I, becomes 

SI •• 4< - 51. = i,SI. AI (2.4-2) 

Now if we divide by III and ta ke the lim it as III approaches zero. we obtain 

]. SL.", - SI. dS . s 
1m _~ =I 

41~O /:!.t df' 

Wc calf solve this differential equation to obtain 

S = p,~r .. 

(2.4·3) 

(24-4) 

,...here P, is the principal that we put into the bank initially; ie. at t "'" 0, S - P,. 
Thus, our moncy grows exponenlJally. 
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DlSCR .... ,-E COMPOUNDING. II is morc common for a ban~ to compound 10-
terest at discrete intervals. If we let SI •• I - SI. = the accumulation of money 10 the 
acco unt over o ne compounding interval, I '" S interest/ [(S in accounlXI period)). 
the amount of interest in one period - ;SI., and If we make no deposits o r 
withdrawals, then tbe conservation equation becomes 

Siu I - SI. = iSI. (24-1) 

The parameter n takes on only integral values, and thus we call Eq 2.4-5 a 
first-order, linear finite-difference equation 

Finite differences arc not as common In chemical engmeering practice as 
ordinary differential equations. However. the equations describing (hc composi
tions in a pla te gas absorber or distillat ion column, where the compositio n changes 
from plate to plate instead of continuously. have this same form. If we use finit e
difference calculus to solve Eq. 2.4-5, we obtain 

S =- P,( I + .'t (2,4-6) 

where, again, S _ .p, when n _ 0, so Ihat P, is the initial amount we deposited with 
the bank. 

Instead of using finite -di fference equations to find the compound interest, we 
can prepare a table showing the amount at the beginning o f each compounding 
period, the amoum of interest paid during thai period, and the amount a t the end 
of each penod; see Table 2.4- 1. As this table indicates, II IS a simple mailer to 
generalize the results and thus to obtam Eq 2.4-6. 

Compa rison bel,,-een D iscrete and COlll inuous 
Compounding 

As we might expect, the interest rate that a bank would pay using continuous 
compounding is different from that for quarterly compounding. Similarly, the rate 
for quarterly compounding is different from the rale for semiannua l compounding. 
Hence, we need to find a way of comp.aring these various rates.. 

Suppose that a banlc pays 1.5% interest per quaner and compounds Ihe 
interest 4 times a year. In this case we say that the nominal interest rate is 6 Y.lyr, 

TA8LE 1.4-1 

DiKrefe compound interest 

I' ... d""t .1 1 •• " .. _ 

Miiculilll or NrM1I cllII"i"C v.t .... 0( fund .1 

p,""" poriod ,. .... aMI of ptriocI 

1 P, P,' P, f 1',. - 1',(1 -t.) , P,(t of I} 1',(1 + .)0 I',(t -t.) + 1',(1 + i}l_ 1'.(1 + ij' , 1'..(1+.)' p..(t + ij'i 1',(1 + .}' + 1'..(1 -t .)', .. 1'..(1 .... ), 

" 1'..(1 +.y 1'..(1 + i)" " 1',(1 + iT '+ 1'..(1 + .)" - '. _ p..(t -t ir 
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compounded quarterly We oOle that II IS esS(>ntlal to mcludc the compoundlOg 
mlerval III the dcscriplloo of the mlere!>t. because we expeet that the effecw.!4' 
mteresl rwl!. 011 an annual hasis will be gn:ater than 6~~. If we let , be the nominal 
inlerest rate and It! be the number of corresponding intervals txr year. the 
expres!>lOn \.\ohich IS analogous to Fq 24-6 for payment!> for I yr IS 

(2.4-7) 

When we compare thiS result to Eq 2 4-f> for I yr. \.\0 here we call the interest ra te in 
Eq 24-6 the effccm'e mterest rate i,ll' 

(2,4-8) 

we sec that 

1+I,U =(I+;r (2.4-9) 

For very frequent compoundmg periods. i.e_. as m approaches infinity for n yr. 
Eq 2.4- 7 bci:omes 

S - P.(I 
Ho .... e\er, b} definition. 

-t ", P,I+ ,)- ( ')'""" 
m In 

lim (I • 
"-" 

, )"" ~, 
'" 

so that Eq 2 4-10 becomes 

S", ,J,ff" 

which has the same form as Eq. 2.4-4 if I _ n yr. 

(2.4-10) 

(2.4-11) 

(2.4-12) 

Thus. if we write Eq . 2.4-8 for n yr and compare it to Eq. 2.4-12, we see thai 

(2.4-13) 

so that 

(2.4-14) 

After rearranging this expression and comparing it to Eq 2.4-4 wilh I = n, we find 

r = ln(idf t I)=i, (2.4-15) 

Thus, we can find expressions that relate the various mterest rates. 

rumple 2.4-1. If Ihe Ilomlnal annual InterC5t rate 15 6~~. find the value or a .5100 
deposit arter 10 yr I'o'lth (,,) continuous eompoundms. (b) dail), compounding. (c) 
5Cnl1annual compoundmg. lind (d) the effcctlve allnWlI mterCSI rate for conllnuous 
compounding. 
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(a) 5 _ p,r _ lOOt° OtoUol . S182.21 

( ')- 00( 006)""'" (b)S-P,I+;;; _ I 1+;6S _ SI82.20 

( ')- 00( 006)"'" (c)S _ P,if/PI ~ I 1+ '2 . $18061 

(4) i.« _ ~ _ I _ too· _ l =0.0618 

It I.S nltefesl1ng to note that contmuous compoundmg is cs.scnually the same as dally 
compoundmg. 

Annuities 

H we return to our example of whether to buy a car with a conventional or a diesel 
engine, we recognil'c that we have to make month ty payments on thf! car and Ihat 
the bank can reinvest this money every month. Sim ilarly, we usually contmue to 
make deposits in a savings account rather than just make a single deposit. Thus. 
we need to extend OUI analysis of interest paymellls to COVeT these cases. The 
method involved IS essentially the same as buying an annuity from a life insurance 
company. 

DISCRETE CASE. Suppose ..... e make periodic payments of SR, for a tolal of n 
periods and Ihe inlerest rate for each payment penod is i . It is common practIce to 
make the first payment al the end of the firs t penod. so It ..... iII accumulate mterest 
for n - I periodS: the second payment will accumulate inlerest for n 2 periods. 
etc. Il ence, the mOf~ accumulated at the end of the rI periods will be 

S.,. R( I + rr-I + R(I + i)" - J + R(I + fr -J + ... + R( I + i) + R (2.4-16) 

We can simplify this expression by multiplying by I + i : 
S(I + 0 = R{I + 0" + R(I + ,,-I + ... + R(I + i) 

and then subtracting Eq. 2.4-16 from Eq. 2.4-17 to obtain 

0' 

is = R[(l +i)"-I] 

S= R(I+if - 1 

i 

This same solution can be obtained usmg finite-difference calculus. 

(2.4- 17) 

(2.4- 18) 

CONllNUOUS C'OMPOUNlJtNG. For con tmuous compounding.. the IOpUt term 
ill Eq . 2.4-12 includes both thf! payment Rc l1.1 and the interest rate on thf! mOlley 
accumulated i.Sl. At dunng the time mterval 61. so that 

SI"A1 - SI. = Rc 61 + icS 61 
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In the hmlt as 6/ approaches zero. we find that 

dS 
dt = i.5 + R, (24-19) 

Again, we can separate variables and integrate, and if S = 0 at I = 0, we find that 

S _ R.(e .... - I) 

i, 

which IS the contmuous ana log of Eq 2.4· 18. 

(2.4-20) 

EnmiMe 2. ..... 2. A frKnd buys a VW Rabbi t for 1S200, makes I do ... n paymenl of 
lO Y .. and then pays 51 SI Ol/rno for ) yr. If the nominal interest rale is 10Y,Jyr 
compoundod monthly. What is your rriends total cash outlay for the car'! 

Sobl';Ort . The 10lal cost is the sum of the down paymerll and lhe alXumulated value of 
the monthly payments given by Eq 2.4-18: 

TOl- Cost = 520 + - - 1 + - - I .. S682947 151.01 l( 0.10)"'" ] 
010/ 12 12 

GenNal Approach to Interest Problems 

With a detailed background in conservalion equattons., chemical engineers might 
find it simpler to derive interest formulas ror other situalions in terms of continuous 
compoundmg by making money ba lances based on Eq. 2.4- 1. EJI:3ctly the samc 
approach can be taken for discrete compoundi ng If we use tilllte·difference calculus 
Numerous tables are a"ailable in a varkty of books that give the results for the 
dIscrete cases. and it is always possible to convert rro m one procedure to the olher 
by calculating the effective annual interest rate. 

Present Valut' 

The interest formulas that we developed earlier describe the amount or money that 
Will be in our bank account after a Specified time interval : ie., they indicate the 
future value of money. However, we make decisions about investments today, and 
so we would prefer 10 know the present oolue of various kinds of investment and 
paym~t plans. In other words, we want to ask. How much principal p. would we 
need to invest today in order to have a certain amount of money S avai lable in the 
fUlure? or course, we can answer this question merely by rearranging the equations 
.... e deri\'cd before. The present value (PV) fo r discrete compounding is simply 

PV = S(I + i) - - (2.4-21) 

"Iule that ror con tinuous compounding IS 

PV _ Se - I.l (2.4-22) 

The terms (I -+ I) ~ and ~ - I,. are called the diMOImr!actors 
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Enmple 1.4-3. On your elghlecnth bLrthday your nch u[I(;k promlSCS 10 &lve )OLl 
$10,000 on the: day you arc 25. If the nommal interest rale is 8·/,0 compounded 
quarterly, how much money would he need 10 PUL 11110 Ihe banL on your eLghtccnth 
birthday for hLm to be abk 10 kccp hi:> promLSC? 

s...f .. lio • . For Eq 24-21 we lind Ihal 

PV ... lO,oo:{l + O~) - S574375 

Comparing Capital and Operating Costs 

If we want to compare an investment J L plus annual payments R I to another 
iDvestmem 11 with different annual payments R 1, to soc which is the smaller, we 
waDt to compare the prescnt values for each casco The prescnt value is given by 

(2.4-23) 

for the discrete compounding or 

R . 
PV = I + -;- (1 - e- "') (2.4·24) 

" 
for the continuous casco The appropriate expressions for other payment (>triods 
can be derived in a SImilar way. 

Example 1.4-4. Suppose Ihal we drive a car 15,000 wi/yr, thai -.e Leep a car for 7 yr 
before it fusts away and \Io'e Ju nk Lt, and that we pay our gas bdl~ monlhly. If the 
nornioal mlerest rale is II 'Y.Jyr compounded monlhly, is II beneT to huy a VW RabbI! 
with a convcnuonal engme or a dlCSl'1 engme CUllume we pay Iht total purchase: pn(;C 
10 cash and Ihat we usc: the CO$I and mileagt condLlions given earlier)' 

50111';011. Accordmg to Eq 2.4-23, 

Convenllonat : (I5,OOO/12XI/32XO.94)[ ( 0.11) 
PV _5200+ 0.11/ 12 1 - I+lf 

_ 5200 + 2144.48 = $1344.48 

Diesel: 
(15,OOO/12XI/45XO.89)[ ( 0 ") 

I'V - 6400 + 0.11 / 12 I - 1+12 

_ 6400 + 1443.85 ", $1843.85 

Hence. It is beller 10 buy the conventional engine.. 

Estimating Capital Costs 

Now we can usc a present-value calculation to compare alternallves that have 
different capital and operattDg costs. We can use these results to assess the 
profitability of a process. 

2_5 MEASURES OF PROCESS PROFITABILITY 

From the dbcus~lOn In Sec. 2.3 clearly the cost accounting associated with process 
economics can become qulIe complica ted We anlicipatc the same kind of difficuliy 
in allempls to assc:s~ the process profitability or course, we prefer to usc lhe: 
simplesl possible prOi.:edurc~ for our preliminary deSign calculations, but we would 
lile the results to be as meanmgful as po.l.sible Thus, before we select a procedure 
for e.l.llmatmg profitability, we nec:d to undef'.l.tanrJ the relative adyantages and 
dlsadvanlages of Ihe \3nOU.l. techniques. 

Return on Inl'eslment 

In Table 2.1-7, the profitability measure calculated was the return on investment 
(ROI). We calculate thiS value by dividing the annual profit by the lotal investment 
and mUltiplying by 100: 

Annual Profil 
% ROT - T x 100 ot Inv. 

(2.5-1) 

We can base IhlS return o n investment on ei ther the profit befofe taxes or the profit 
after taxes, so we must be careful to report the baSIS for the calculation. Also, it is 
Important to remember that tILe working capital, as well as the portion orlhe star!
up COSIS considered as an Imestment for lax purposes, should be included in the 
IOtal In\CSlment. 

The return on Ifl"cstment IS a very slmpk measure of the profitability. but 11 
d~s not consider the lime value of money. Moreover, it must be based on some 
kmd o f an average year's opera lion, SlOtt variable deprcclation allowances (such as 
the ACRS method), increasing mamtenance costs over the project life, changmg 
~les \olume~ etc., cannot be accounted for except by avenlglDg. DesPIlC these 
sboncomlOgs. the return on InveStment ohen 15 used (or prelimmary design 
calculauons. 

Payout Time 

Anotber measure that somellmes IS uscd to assess profitability is the payout lime, 
""'htch is the tIme in years It takcs to recover the funds thai we invest (after the 
payout period we arc playing poker with someone else's money, which is a 
desirable situation). We recover the working capital every month, and therefore we 
neg.1ect the working capital In the calculation However, the fraction of the start-up 
costs Ihal is conSidered to be an investment should be added to the fixed capital 
Lflvestment, to find the amount of money tLed up In the project. The funds that we 
recover from the project are the profit after taxes plus the deprCClation allowance, 
which we call the cashj/ow, so that the payoul time is 

P ) 
Fixed Cap + Start-up ayout lime (yr _ 

Profit after Taxes -+ Depree. 
(2 '-2) 
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ThIs criterion also is very simple to calculate, but it suffers from the same 
limitations as the ROI. Hence, .. e would like to contrast these simple procedures 
with a more rigorous analysis that accounts for the time value of money. In this 
way we gain a beuer undeTStandmg of the additional complexity required to obtain 
a more accurate estimate 

Discount €'d.ClIsh.F lo~ Ra l€' of Return 

SIlII another "Way to Judge the desirability of in\'esting 10 a ne~ process IS to 
estimate the maximum amount of interest that we could affo rd to pay if we 
borrowed all the investment and the projcet would just break even. Obviously, if 
our analysis indicates that we could afford to pay 120% interest. we know thaI it 
would be far betieT to invest in this project rather than in a bank. However. if the 
inlercst we could afford to pay was only 2 'Y .. we should abandon the projcel. When 
we consider mterest calcu lations, we rccognize that interest often is compounded at 
discrete intervals. lllld therefore we need to consider the lime value of money. 
Hence, we want 10 evaluale the revenues, costs. depreciallon, taxes paid, and the 
investment on a year·by·year basis. 

Normally it lakes about 3 yr to build a plant, and for this reason we wanl our 
lO\"estmenl costs, ra .. ·ma terial and product prices, utilities costs, etc. to rencet the 
valucs at least 3 yr in thc futurc. ra ther than at the current timc. Moreover, the 
calculation of the process prvfitability should be bascd on the income and costs 
3 )t after Ihe decision has been made to Slart constructIon In Olher words. zero 
lime IS considerrd as 3 yr beyond the prOject approval 

Al.LOCATI ON OF CA PITAl. INVESTMENT. Smce it reqUires aboul 3 y"o build 
a complex processing plant. thc direct costs will be spent over this tOlal period At 
the outset, we will have to pay for the land, hirea contractor and construction crew. 
order the equipment, prepare the sile, and starl preparing Ihe founda tions for the 
equIpment. Then we slart installing Ihe equipmenl as it is delivered. Thus, the 
dircct cost expenditure at timc mmus 3 yr is about 10 to 15 % of thc total. Durms 
the periods o f both - 2 and - I yr, ..... e often spend 40 or 35 % of the direct costs 
each year, and in the la st year we norma lly spend the: remainmg 10 to 15~,;.. 

Howe\'er, the owner's costs, which are fot engmeering and supervision, and the 
contingencies and fees may be spent uniformly thro ughout the construction period. 

The working capital and start-up costs are invested at limc zero, but 
remember thai the wo rking capital is ret:Overed at the end of the project. Similarly. 
Ihe sal vage vaJue of the equipmenl can be realized allhecnd of the project. and Ihis 
often amounls to lO y' o f the purchased equipmenl cosl or roughly 3 % of the fi10ed 
capital investment. Of course, money returned after N yr has a smaller value at 
lime zero, because .... e cou ld deposit a smaller su m in a bank at time zcro and 
recci\'c the compound interest on these funds for N yr. Agam, we sec that the time 
value of money requires us to account for funds in terms of their presel1l VO/llf', 

which is just the principal p. required to accumulate an amount of money S after 
N yr. The present value of various investment policies can be estimated o nce the 
interest rate has been specified by using the relationships we developed earlier. 

ALLOCATION OF REVENUES AND COSTS. Mosl new plants do not reach 
their full productive capacity in the first few years of operations, often becau~ a 
market does not exist for all the product. Experience indIcates that Ihe production 
rate increases from about 60 to 90 to 95 % dunng the first, second, a nd third years. 
respectively. of operat ion After that time, hopefully, Ihe process operates at full 
capacity. 

SImilarly, the depreciation allowance wi ll vary each year, unless a straight. 
line depreciation schedule is used. Thus. with variable re"enues and a variable 
depreciation allowance, thc annual profits, the income tallCS, and the net profit will 
change from year to year. We call the sum of the annual oct profil. which is the 
profil aftcr ta.xcs plus the depreciation allowance, the caY! flow, because Ihls 
amount of mo ney is aclually retained by the company each year. or course, the 
cash flow at the end of the first year, and later years, must be discounted to Ihe 
presenl value, again because we could realize the samc amount of money at a later 
date by investing a smaller amount of money at lime zero_ 

D1SCOUI''TED·CASII-FLOW ANALYSIS. With the background 8l\'en above we 
can set up the procedure for calculating Ihc discounled-cash-flo\\' rate of return 
(DC FROR). This is accomplished by equatlOg the prcsent '-alue of thc mvestment 
10 Ihe present value of the cash flows. If we consider a falrl) general case where 

I. The allocation of the dltttt costs can be represented by perceOlages, such as 
0 1 = 0.1, 0 1 = 0.4, 0) _ 0.4, and 0 .. = 0.1 . 

2. Thc re,'eoues are constant except for thc firsl 3 yr when b, - 0.6, b1 - 0.9, aod 
bJ = 0.95. 

J.. The 10lal product costs (or cash o perating expenses) are constant. 
-4. We use straight-line depreciation, so that d, _ d 1 = d

J 
= ... =' d.v• 

5. We cxc1ude the dcpreciation allowance from the total product cost. 

then we can develop an expression for the equality of the present valucs o f the 
e.tpenses and the income_ 

Thc direct costs, the owner's costs, and the contingencies are spent over Ihe 
construction period, but the working capital and the start-up costs are requircd 
onl), at start-up Thus. the total value at start·up time is 

, 
L {[oJ( Dircet Cost -f Owner's Cost + Conting.))(1 + i) l ,., 

+ Work Cap. + Start· up} (2.5·)) 
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The present value of all the cash ftowsdlscountcd bad: 10 Ihe start-up lime plus the 
discounted value of the ..... orkm& capllal and the salvage value at the end o f the 
plant life after N yr is 

£ {bi O,52(ReVenUcl - Tot . Prod, Cost j ) + 0.48JJ~ 

I-I (1 + 1)1 

(Work. Cap. + Salv. Val,)} 
+ (1+1)'" 

(2.5-4) 

For a DCFROR calculation, we look for the interest rate I that makes these two 
expressions equal to each other, Unfortunately, there is no simple way to sum the 
series involved, so that we must use II. trial-and-crror procedure to find the interest 
rate i, 

APPARENTLY UNPROFITABLE PROCESSES. Of course, there IS no sense In 

attempting to solve. the problem by tria l and error ilthe total cash flow over the lire 
of the project plus the salvage value is Dot adequate to pay for the fixed capital 
investment plus the start-up costs, 111 other words, for the interest rate to be 
positive, we require that 

) .FC'O,,=d:..:C=.,p,. C+--=S~"='C' ·cu,p~~c7.S:=a=',. ,"=,,, ~~--=O,.4=8=lk2PC'=== (No. Years x Revenue > -
0.52 

- Tot Prod. COSI (No. Years) (2.5-5) 

In pracllce, we expect to encounler this hmitation quite frequently ; many ide85 for 
new processes simply are not profitable, and the etrecls of Inflation will make It 
appea r thai we can never build a plant similar to one thai already cxtSIS-even If 
the market expands. 

However, we do not want to eliminate projects that may become sound 
investments when product prices rise because of supply-and-demand consider
ations. Thus, if Eq. 2.5-5 is nOI satisfied, we often let i equal 0.15 or 0.2 In Eqs. 2.5-3 
and 2.5-4 ; we substitu te our estimales of direct costs, owner's costs, contingencies, 
working capilal, stan-up cost, 10lal product cost, and salvage value; and Ihen we 
solve for Ihe revenue we would need to obtain. Nellt we estimate the product price 
thai corresponds to these revenues and undenake a supply-and-demand analysis 
10 delermine how far in the future we might expect 10 obtain that pncc. lfthe time 
projection is 20 yr, we might as well put the project in the files ror 15 yr or so; but if 
the time projection is 5 or 6 yr, we might continue to work on the design. Again, 
judgment is required to make this decision. 

SIMPLI FIED MOOEL As we might expect, the analysis becomes much SImpler if 
the investments, cash flows, and depreciallon allowances are umfonn . With 
constant cash flows we can use our mteresl and annuity rormulas to sum Ihe series 

The rc~ult become~ 

( FiJ(ed4 cap\r~ 1 -t i,). ' ~ 'J ~ A' Wo rl Cap + Sta rt-up 

[ ' ~( ' + i) NJ = [0 521 (Rc\ eIlUe - To t Prod CoSt) t 048De:prec] i 

-t fWor]" ('Il l' I Sa lv Va l ]( 1 t I) '" 

{( FIlI:e~ c ap)W -t O· - I] + (Wor]". Cap. + Starl-UP)i}(I + it 

IE (O.52(Revenue - Tol. Prod Cost) + 0.48Deprec.][(J + i)'" - I] 

+ (Work. Cap + Salvo Va!.); (2.5·6) 

Of course, we still need to use a trial-and -error procedure to find i . 

E)(Imple 2.5-1. Cakulat( the DC FROR (or the aJlocalion o( ID\'estmenl and reven ue: 
pallern gJven 

So/uriofl 

; _ O,IS ; _ 0.2 i_O.I611 

OiK .... n. 0;';"_. O~C 
In,elOI_c rUIII< r..,.Of r.nor 

YU I-4 " • .000 1 749 2014 , .. , 
ha •. ) 350,000 I ~21 1728 "" Yu,·2 35O,OJO 1322 1 "" 1.)61 

Yu.I · 1 150,000 1I ~ ,,. I 16. 
.... orkl", cap".1 150,000 
Scan·up C05l 100.000 
P\' In~tfllcnt 1.680,0)2 1,849.840 1.739 • .s40 

c... ... 

Yur , 240,000 0.8m 08ll 0.8S6 
1 )60,000 07" 0.694 0.H3 
] 380.000 0658 On8 0627 

• "',em 05 72 0.482 o.m , <00,000 0.497 0.402 .... 
• "',em 0.432 O.B S O.J94 
1 "',em ,w. 0.219 0.H 7 

• "',em o.J 27 0.232 0.189 

• "",.em 0 .284 0, 194 0.247 
10 .... em 0.247 0.161 0.212 

W Ollin' ao puII 150,000 0 247 0.161 0.212 
Salvl,c vl luc lQ.OOIl 0.247 0161 0.212 
PV,cluln 1,869.474 UB,lH I.H6.312 

Thus, the DCFRO R IS 16 81~o 



Capital Charge Factors 

We prefer to avoid t~-error calculations In preliminary process designs. and 
yet ~e would hke to account for the time value of money in some way in our 
profitability analysi~ To accomph~h thl5 goal. we define a capi tal charge factor 
(CCF) as 

Revenue Tot Prod Cost .., CCF(Tol. Inv.l (2.S·7) 

",here the total t11Ve~lment Includes the workmg capital and the st art ·up costs 
Nov. v.c can use this definillon to ehmmatc Rc\-·cnue - lot Prod . Cost. which 
Invol~es hourly costs. from Fq 2.S-6. so that ..... e obtain an expression contaimng 
only invcstmcnts : 

{[FiX~ Ca p"]W + 0. _ I] + (Work . Cap. + Start-UP)i~1 + 0" 

= (0.S2{CCF)(Tot Inv.) + 0.48(Deprec.)](1 + 0" - I] 

+ (Work Cap. -+ Sah' Val.)1 (25·8) 

If we solve for CCF . ..... e obtam 

CCF~ 

t{ 1 -+ it I) -+ (Work. Cap + Start-up)i - 0.48(Deprec.) 

0.S2{Tot In\· )((1 + it - 1)(1 + i) 11 

+ 
(Work Cap . ., Sah' Val.)i + 0 48{Deprec.) 

0.S2(Tot. 1ny.)((1 + i)~ I) 
(2.5·9) 

In our discussion of depreciation. we assumed that 

SaIY. Val. = 0.03(Fixed Cap.) (2.5·10) 

Also. we can relate the other quantities appearing in Eq. 2.S-9to fixed capital. using 
the expressions ..... e de\·eloped earlier: 

Start-up = O.l(Fixed Cap.) (2.3·3) 

Tot. Inv. = I.3(Fixed Cap.) (23·12) 

Work Cap = O.IS(Tot.lnv.) (2.3-4) 

- 0 1S(1.3XFixed Cap.) = O.l95(Fixed Cap.) (25-11) 

Depree. = O.l(Fixed Cap.) (2.3·36) 

With thesc approximations. all the investmcnt terms cancd in Eq 2.S-9. and we 
find that 

CCF "" lO.2S{1 + i)· + 0.29Si - 0.298}_(1 + it· - O.22SI + 0.048 
0.676((1 + if I) 

(2.5-12) 
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Hence, b~ on these simplirying assumptions, we sec that there is a dLrect 
rc:lationship between CCF and the discounted-cash-flow rate of rcturn i. If we let 
I_O.IS and N_II. we find that CCF_0.35J; whereas If we let 1" = 015 and 
N _ 16, we obtain CCF _ 0306. In our preliminary deSign ca lcu latio ns, for thc 
sake of simplicity. we let 

CCf = 0.333 yr - I (2.S- IJ) 

A value of i - 0.1 S is the sma llest va lue we would ever conSider for a new proJect: 
i e .. a value of 0 2 is more realistic for safe projects. For a project with a high risk. 
such as 10 biotechnology. we might let CCF - J yr I. 

A Simplified Pr06tability Model 

Usi ng the defini tion of the CCF 

Revenue - Tot. Prod. COSI = CCF(fol. Iny.) (2.5.7) 

.... e can subSlllute Eq. 23· 14 for total investment and Eq. 2.3-33 for tolal 
production cost, (0 obtain 

CCF(2.36 Onsite) = Revenue - [1 .03 I( Raw MatI. + Uti!.)] + 0.186(Onsite) 

+ 0.0256(Revenue) + 2.13 x lOs Opera tors 

CCF = O.4I3(Revenue) - 0.436(Raw Mall. + Ulil.) 
Onsite 

0.0788(Onsi te) + 0.902 x lOS Operators 
+ 0 . nslle 

(2.5·") 

Hen~. from estimates of the reYt:nues, the raw materials, the utilities. and the 
installed equipment COS15 (Onsite). we can calculate the CCF corresponding to a 
design. If this result is greater than 0.333, then the project appears promising and 
we can justify undertaking a more detailed design. 

If the CCF is less than 0.333, we let CCF = i in Eq. 25-1 4, and we calculate 
tbe revenue: 

Revenue "" 1.06I(Raw Mat!. + Util.) + 0.998(Onsite) + 218 x 10' Operators 
(2.5· 16) 

From these revenues we calculate the product price required to make the process 
profitable. and then we undertake a supply-and-demand analysis. 

Preliminary Design Pro6tabililY Model 

For preliminary prooess designs where we are screening process alternatives. we 
can approxima te the expression above by the equation 

Revenue = Raw Mati. + Uli!. + Onsite + 213 x 10' Operators (2.5-17) 
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Our first estimate: of the.: economiC poten[lal (EP,), based 011 current product 
prices, corresponds [0 

EJ> I - Revenue Raw Mali. (2.5- 18) 

Afler we complete the material .. lid energy balances, we can evaluate the uuluy 
costs, and .... e n!VI:.c the economic potential 

(2.5- 19) 

Then, as we calculate the cost of each piece of equipment. y,e can subtract them 
from the revised economic potellual: 

EP. -= Revenue - Raw Mat. - Utll. - L (Onslle},j (2.5-20) ,-, 
If this cost becomes sigll1ficalllly less than zero at any point in the analysis. we 
might want to redlrcct our efforts and 100L. for less expensive process alternatives, 
rather than to complete the design calculations. As in any creative activity, 
judgment is required to make thiS deCision. 

In some cases it is easier to makejudgmems If we write Eq . 2.5·17 11\ terms of 
product pnces instead of revenues. For a process with a single major product, we 
d ivide both sides of Eq. 2.5- 17 by the product Aow rale ( Prod.), so that the left 
hand side of the expression Just becomes Ihe product price, en: 

C Ra ..... Mall. Util. Onsite (operators) 
~ - P d + P oct + P oct + 2.18 x IO~ (2.5-21) ro r r . Prod 

The lenns on the nght-hand Side are Ihe contnbutlons nf the \anous quantllles to 
the total product price; I.e., the unlls of each tenn can be ,:jIb product. If any of the 
terms on the right-hand Side are very large compared to the current product pnces. 
we want to consider process alternatn·es. 

For cases where a process produces multiple products, such as a petroleum 
refi nery, the analysis becomes more complex. In these silUations, we consider both 
modifications of the p rooess that lead to different product distributions and 
processes that can be used 10 convert one type of product to another. We contlllue 
in this way until we have developed as many cost expressions as there are produclS, 
and then we loo~ for the optimum process alternative and design conditions_ 

Optimum D esign 

In many liitualions we wanl to find the valueli of design variables, such as reactor 
conversion, that maximize the profilability of the process. To do this, first we look 
for the values of the design variables that wiU minimize the product price that 
guarantees us a 15 % DCFROR ; ie_, we minimize e ... in Eq 2.5-21 (or the more 
exact relatinnship given by Eq 2.5- 16 divided by Prod.). If the minimum product 
pnce that we obtalO from this analysis exceeds the current product price, we use a 
supply-and-dcmand analysis to decide whether we should tennmate the project 
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However, If thiS mlllllnum required product price is less than the current 
pnce, it probably is adval\tageou~ to build a larger plant and collcct more re\'enues_ 
Smce the: CCF is dlreclly related to the DCFROR by Eq. 2.5-12, we expect that the 
ma)l.unum CCF .... ould correspond \ 0 Ihe.: m:uimulll DCFROR_ To find a design 
variable ). Ihal mallam.zes eC'F, we would wnte 

deCl' = d (Re\-ellue - 1'01. Prod cost) ~ 0 
dl dx T ot IlIv 

(Tol. lnv.)d(Re\enue - TOI. Prod Cost)/dx 
(Tol. ln\)1 

(Re\'enue - Tol. Prod Cost)d[fOl.lnv.)/dx 
(Tot. Inv.)2 

d(Revenue - Tot. Prod. Cost)/dx. 
d(Tot. Inv.)/dx 

Re\'enue - Tot. Prod. Cost 

Tot. Inv. 
(2 .5-22) 

However, close to the optimum design condition, the incremental return on 
an incremental investment will become very small. If this is the case, it will be more 
ad\'antageous to allocate that incremental inveslmen t to a project where we would 
obtain a 15% DCFRO R or CCF = 0.333. Hence, from thIS consideration of 
incremental return on Illcremental investment, \Ie require that 

d(Re\'cnue - Tot. Prod. Cosl)/dx 0 
=-'-="".-:~:-,:-,7;'-'-'-'-"-..o ~ .333 

d(Tol Inv}/dx 
(2.5-23) 

In other words, to find the optimum design condlllons for a case y,here the 
mlllimum requi red product price is less than the current price, firs t we maximize 
CCF by solving Eq. 2.5-22. Then we evaluate CCF at the optimum design ; and if 
Ihis value is less than 0.333, we solve the problem by using Eq. 2.5-23. If the 
oplimum CCF does exceed 0.333, we might want to consider the possiblhty of 
increasing the plant capaci ty, since the return on our investment will then be beller 
than for most of our other projects. Of course, marketing considerations may limll 
this alternative. 

EcODomic D ecisions a mong Process Allernalh'es 

10 geoera~ we prefer to select the process alternative that satisfies the produclJon 
goal and requires the least capital investment. because with a specified CCF this 
process normally will give the smallest product price. However, if the least 
expensive process involves a lot of unproven technology, highly corrosive or 
hazardous materials, an unccrtalll supply of raw materials, or other similar factors, 
we must assess the additional costs that we may encoUOlcr in overcoming potential 
pro~lems . 

In addition, in some situations we can decrease the losses of either materials 
or energy from a process by installlOg additional equipment For these cases we 
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again reqUIre that th~ Incremental return on this additional mvestm~nt satisfy our 
investm~nl criterion. ie .. a CCF of 0.333. 

Economic Decisions for Process Modifications 
or ReplHc('ments 

If our ne ..... Idea invoh'c:s the modification or replacement of part of a process by a 
new technology. we still want to achie\e a 15 %. or more, relurn on our investment 
because this project y,ill be in competition wllh other projects considered by the 
company. The Investment required is equal to the cost of the new equipment minus 
the aClual mark,,' t'a/u" of the equipment we are replacing. Note that we should usc 
the aClual market value in the calculation rather than the original cost minus the 
depreciation we ha \e already recovered, because our original estimates of the 
equipment life and the depreciation might have been in error. In other wo rds, we 
always base our economic dcrisions on present condi tions. and we ignore our past 
mistakes. just as we drop out of a poker game if the cards reveal we ha\'e lillk 
chance o f winning e\'en If we have a large Slake In the pot 

The savmgs we expect to gain from the replacement are tbe old operaung 
costs plus the depreCiation of the o ld equipment over its expected life as judged 
from the present (and not the original depreciation calculation) minus the 
operaung costs for the ney, eqUIpment plus the depreciation for this equipment 
over Its expected hfe I fthe~e savings provide a 15% return on the net investment . 
we might want to conStder the replacement project using more detailed design and 
cosling procedures 

2.6 SIM PLIFYING T HE ECONOMIC 
ANALYSIS FOR CONCEPTUAL DES IGNS 

In Eq. 2.5-17 we presented a very simple economic model that we can use for 
conceptual designs (te .• the screening of a large number ortlowsheet alternatives by 
using order-of-magnitude estimates to determine the best flowsbeet or the best few 
alternatives): 

Revenues"" Raw Matt + Util. + Ann. Install. EqUIp. Cost 
+ 2.13 x 10' Operators (2.6-1) 

The annualized installed equipment costs are determined by multiplying the 
installed equipment costs (see Sec. 2.2) by a CCF which includes all the investment
related costs 

Economic Potential 

In Chap. I we presented a hierarchical decision procedure that would simplify the 
development of a conceptual design. The approximate cost model presented above 
flu IOto the hierarchical frarnework \'ery nicely. Thus. when we consider the input -

output structure of the fto ..... sheet. I.e., le\'el 2 In the hierarchy. we can define an 
economic potential EP2 at this k\eI as 

EP l "'" Revenue - Raw MatI. 

- (Power + Ann Cap. Cost of Feed Compress. if any) (2_6-2) 

Simi larly. when we consider the recycle structu re of the fiowsheet, i.e, level 3. and 
~e generate cost estimates for the reactor and a recycle gas compressor (if any). we 
can write 

EP) - Revenue - Raw MatI. - (Feed Com press. Cap 

+ Op. Cost) - Reactor Cost - (Gas-Recycle 

Compress. Cap, + Op. Cost) (2.6-3) 

Thus. as we add more detail to the ftowsheeL we merely subtract the ney, 
utilities costs and the annualized, installed equipmen t cost of the new equipment 
that is added If the economic potential at any le\'e! becomes negative, we have 
three options ; 

I. Tenninate the design study. 
z.. Look for a better process altemati\·e. 

3. Increase the product price so that thc economic polenlialls zero. and contmue 
""'lIh the design. 

If we follow option 3. we e\entually determine a \'alue of Ihe product price Ihat 
y, ould make the process altemall\'e under consideration profitable. If thiS nc" 
product pnce were only sligh tly higher than the current price, we would proba bl) 
continue with the design. (We need to undenake a supply-and-demand analysis to 
see how far in the future that we might expect to obtain this higher price.) 

However, if the product price required to make the a lternative profitable 
were much grealer than the current price at any or the levels in the hierarchy. we 
would terminate the work on the current alternative and look for one that was 
cbeaper. If none of the alternatives were acceptable, we would terminate the 
project This approach is very efficient because it makes it possible to termlllatc 
projects wilh a minimum amount of design effort. 

Significant Eq uipment Hems 

The case study considered in Sec. 21 is somewhat unusual because o ne piece of 
equipmeDt (the recycle compresso r C·I) comprises almost half of the total 
purchased (or installed) equipment cost. However. suppose we consider another 
case study" for the dispro portionation of toluene to produce benzene and xylene. 

• R. J Hengscebeck and J T 8anchelo. DUl'fopor,w"''''ofl of Tolwfl~. WlShlnglon Unt'(rs,ty Destgn 
Cue Scud)' No 8. ediced b)' (I 0 Smtih. WlShtngton Untvt: ' $,ly. 51. Lom$. Mo. June 26. t969 
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TABLE 1.6-1 

Inveslmenl summary, S 

Pumps (1949) FumaCQ (1969) 209M 
'~I '.900 Reaclo. (1969) 19.800 
P~2 1,)10 
P~] 1.9~ 

Towers (1969) 

,~ 1.680 T~ I 2S,OOO 

p~ ,"" T2 37,600 

p~, 'SO T~' JS,SOO 

,~. 14,180 Total 98.100 

Pumps (1949). Trays (1969) 

tndudilll spatCS 28,760 T~I , .... 
Pumps (1%9) 50.111111 T~2 31,100 

T~] ,,111111 
EJ.chango:n; (1968) 

TOlal 79.111111 
E~I 140,000 
E~2 115,000 Compresson; (1969) 

E-) ..... C~I 

E~ ,,111111 C~2 )13,000 

E~' 26,000 Drumli (1969) 23,6SO 
E~' 16,000 Inslallod COIiI liummary 
E~ 7 '.«XI Pumps I 85,txXl 
E~' 4,200 Exchangcts 1,l40.000 
E~' 16.000 

RUCIOf 128,000 
£·10 ".000 To....,n IU lrays) '90.000 £.1\ '.100 T~,. 19'.000 £·12 ' .500 Comprcuon 751.000 

'90.200 Drums 130,000 
b.chan@~1"' (1969) ".111111 f"tn~cr 521,000 - --

3,142,000 

Foom R J IIcDptebccL.OO J T B ...... bc'o. W .. h,nlloa U",.cnny Dew", CaM: SLudy No_ a. 
.. :fned bt B D 5 .... ' ... WHit",,,,,,, UDI ...... 'y. SI Lou ... Mo~ 1%9 

The equipmcnl COSIS for Ihe flowsheci shown in Fig 2.6-1 are lislcd in Table 2.6-1 , 
and tbe operating costs are given in Table 2.6-2. A cost summary fo(thc process IS 
prcscnted in Tablc 2.6-3. 

Whcn we cxamine Tables 2.1-4 and 2.6-1, we sec thatthccoSIS of pumps and 
drums arc only a small fraction of the total costs. If we neglect these costs (or 
simply assume that they are aboul 10% of the 10Ial), then we can save the effort of 
deslgnlDg a large fraction of the 10lal number of pieces of cquipment and yct 
Introduce only a small error In our calculations. Similarly, if wc assumc that thc 
costs of the feed tallks and product storagc tanks will be essentially thc samc for all 
the process alternatives, thell wc can omit them from our screening calculations. 

Of course, the process Will not operatc without thc pumps, drums, feed tanks. 
and storage tanks. Ilowc\·cr. If our screening calculatIOns mdicatc that the process 
IS not profitable and that the proJcct should be lenmnalcd whcn we do 1101 include 
these cOSts. then we never need 10 design them. Thus. for conceptual designs we 



rA8LE 1.6-1 

OjW:raling COSI sulI"nuy. :Ii I 000 

UuhllQ Tues. insur1Il"Kle .66 
Powr. m Rrp,!IIrs '10 
Slr.m ,,. MlKII:llafICUUI " r"" '" P.poll ch1aes J2 
.... atr. JO Total "10 
10t.1 '20' SA Rr '10 ...... , " C.I.lysl "' SU~f" ... on " 

--
Tol~1 ,... 

F_ k. J lIonpkb.d. aDd J T IU ndoon-... wadwotct_ u ... _,. 
Desoln C.t< S.ud,. No I. ..:111..:1 by 8 0 S""III. W.dI.,.,on U ... · ••• 
.IIy. Sl I ....... Mo. 1969 

include o nly the costs o f the s.gnirteant equipmcnt item s. This approach is In 

agreemcnt with the engineeri ng method discussed in C hap I. 

2.7 SUMM ARY. EXE RCISES. AN D 
NOMENCLAT U R E 

S umma ry 

When we com pare process alternatu·cs. nonnaHy there arc d ifferent economic 
trade-()lTs bet"'een capllal and operatmg costs. To make vahd compan sons 

TABLE 2.6-3 

In H'Slment I nd operlling summary 

Convusoon/pass. ~. JO Labor and supervtSlon' '" Purge ps N. Tua and insu~ 'I> 
In~eslmcRl s. S m.llions RepilJ." .nd muoel1~OC(l", OJ3 

ISOL ,,. Catalysl '06 
OSBL 112 

SARE '" .. , >06 
Wo.klng cap,I.I· '.00 t-htrnals. BCD' (60"F) 

'" 
Tolurnc feed """ Catalyst lD~rR'ory '06 Products 

S.92 
.. =~ ",. 
X, ..... 2000 

Ope"URI emls. S t molllo"". H, Feed. 10" SCFD' IO. 
Uhlttoes .20 FIOCI p.s. 10" Blu/day .100 

F' ..... II. J lIe",.'cb.d and J T Bancho .... Wnbml''''' Uh,~cn .. ,. 1)eo'P' 0.". S ..... y f'O .. I. ed"ed by 8 0 
s."ltil. W_DI''''' U .... ~I,.. 51.. Lou ... Mo. 1969 
• PnaapaU,. lor • 1 .. ·ed .n~"' ... ,. of,.,... aJtd 1"001"'11. ... ,th ,Ioo I"oducu ~aIYold., ""'" 
• Ind..a.nl ""rroll eluo,1'" 
, BCD .. banels/aJtnda, day 
, SCft) - .......... d ""boo: ","Iday 

between thesc two different types o f quantities. we must considcr the tmle value o f 
money. Thus, by uSlllg interest calculatio ns to determllle the present va llie of two 
a!lemal ives, we can compare them on the same basis. The present value ( PV) of an 
!Ovestment I plus ann ual paymenlS R with an interest rate i i~ 

R 
PV = I + .[ I - ( I +il"J (24-2~) , 

Once we find Ihe besl al tema live, we must evaluate Ihe total cost associa led 
with the process, to see ",hel her additional enginecnng effort can be Jusl lfied. That 
IS. we must include the cost of the ofTsile facilill es, maintenance and repairs . 
.... o rking capital, start-up costs, etc. These various factors are discussed in Sec. 2.3. 
and a pro fitability model is develo ped in Sec.. 2.5. This modd provides an 
explanation for the simple cost analyses that we use throughou t this lext 

NOle that .... ·e 51 ill have [Jo t considered the control of the process, safe lY. or 
environmental faClo rs in adequate detail_ Any of thcsc faclo rs might make Ihe 
process unprofitable. Ih:nce, lhe pro fitabilit y calc;J lat ions for ou r conceplUa l 
design merely provide a basis Ihal we can use to Judge "' he ther more detailed 
design slUdlcs can be justified. By including rough esl1matcs of the other processing 
costs, however, we are beller able to make this judgment. 

Exercises 

2.7-1. Derive an rxpresSlon fOI Ihc "alue of an annui,y aftr. " yr .f the first paymenl,s made 
a. lime zero. ra tlier Ihan a. thr end of Ihe fint yea. 

2.1-2. A friend of yours jOins a Christmas Club a. a local bank She drpos,ls :51O:mo 
51arlmg on January I and receiVes SilO at the beginning of December If the nomlOal 
rale available is 5.15 ~{compounded monlhly, ho"" much interest does Ihe bank keep 
for providing th iS servlCC? (Nott : This payment plan.s different from the annully 
schedule diSCUSsed In Ihc te.t) 

2.1·3. SI Mary's Cemetry in Northampton. MassachuSSC:lls, eharges SIlO for a exmetry 
plot and SSO for perpetual ca~ of the plot. At a nominal Interest ra te of 6% 
compounded momhiy, whal are the npccted annual maintrnancc cha rges? 

2.1-<4. Some unh'rrsi tics arr fortunale to ha"e endowed chairs fOi their oUlstandlng facul ,y. 
and often these: cham provide SSO.oc:K>/yr. U the nommal interest ra lt' is 10% 
compounded continuously. bow much monry is requiKd to establish a chair' 

2.1·5. When we make mODlhly paymenlson a carol a house. the amount of the payment is 
a oonstant, but different fractions of Ihis payment rt'present rt'paymrnt of the 
mncipa] and the iDtrrest. Also. the frael.oD allocated 10 each changes over Ihe loan 
penod. Using thr trrminology below, develop e~pressions for the principal and 
interest paymenu dunng year y: 

M _ amount 01 mortgage 

R "" nominal interest rate 

, .. R/12 ... monthly interest rate 

" .. no months for loa n 

p - monlhly paymt'n, 

P _ annual payment 

P, _ pnnCIpal p:ud durmg year )' 

I. ", interest p:ud during year y 

;l ... prmeipal paid al t'nd of lSI mont h 
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2.7-6. Esllm3te Ihe purchased and mstalled equlpmenl COS\S of. 3CXlO-fl\ SS,lSS, U-Iubc: 
heat exchange:r operatmg al ]80 Plol 

2..7-7. Develop an upreSSlou for the: IOI"lmvC:S-lmenl if we u)urne thai 'he: ",orlmg capnal 
IS] rnonlhs' worth orthe product revenues 

2.7-8. Develop an expression for the profit before taxes If ~e assume that [he: labor C(l~[~ 
are: 15 ~~ of the 10tal product costs hce: Table 2.]-2) 

2.7-9. fX\c1op an uprC:»lon for Ihe h)lal caPlldl ,",e:stme:n! for a grassrOOIS plant 
(assume: off~lIe COSts are J times onsue c()'!;ts) 

2.7·10. For an 11 ·}r plant lIfe: and a DCFROR 0(25%. ~·hat [~Ihe: caplIa! charge faC1 or' 
2.7-11. Cakula le: the: payout time: and the: [)('FROR fOf the process described in Sc:c 2 I If 

you nc:c:d 10 Introduce addilional assumpllons, cle:arly siale: the:se: assumplions 
2.7-12. Calculate the: ROI. payout time, and DCFROR for Ihe: process de:scribed in Sec. 2.6 

If you nc:c:d !o inl rodua: addlIIonal assumptions, cle:arly Slate these: assumplions 

Nomenclature 

A 

C, 
CCF 
C, 
CN 
Conttn,g 
Deprec 
J, 
EP, 
F, 

FCI 
F. 
Fixed Cap 

F~ 
F, 
i.1T 

i, 
IF 
Insu r. 
IS8L 
Lab 
m 

Main!. 
Manu. Cost 

" Op_ Supply 
OS BL 
Plant OVHD 

Heal-cxchanger area 
Base cost for carbon steel 
Capital charge fact or 
Exchanger cost 
Cost of product. ~lJb 
Conllgency costs 
Dcprociallon 
Annual depreclallon 
EconomIc (lOtenlial at ]e\ell 
Correction fa Clor for pressure. materials of construclloll, 

etc. 
Fixed capital inveslmenl 
Design-type correction factor 
Fixed capilal cost 
Malerial·of-<:On5truction correction factor 
Pressure correclion factor 
Effecti ... e inlerest rate 
Continuous interest rate 
Inslallation factor 
Insurance 
Inside-battery-hffills costs = oOSlle costs 
Laboratory costs 
No. payment penods per year 
Repair and malllienance costs 
Manufacturing costs 
No. year~ 
Operating supplIes 
Outside-battery-hmllS COSIS = otrSHe costs 
Plant overhead 

P, 
PV , 
R 
Raw Mati 
ROI 
R, 
S 
Salv_ Val 
SARE 
Start-up 
Supervis , 
TC 
TOI Inv. 
Tal. Prod. COSI 
Uti!. 
Work Cap 

1 
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Pnnclpal 
P resenl value 
Nommal interest rate 
Periodic paymen t 
Raw-material costs 
Return on investment 
Contmuous payment 
Amount of money In a banl account 
Salvage ... alue 
Sales, adlllllllslra llOn, research. and engineenng costs 
Slarling costs 
Direct supervision 
Time 
T Olal cost 
TOlal investment 
Total product cost 
Utlhtles COSIS 
Workmg capllal 

Design variables 



CHAPTER 

3 
ECONOMIC 
DECISION 
MAKING : 
DESIGN 
OF A 
SOLVENT 
RECOVERY 
SYSTEM 

To illustrate how process alternatives can be generated and the use of order-of
magnitude calculations 10 make economic decisions, we consider the very simple 
example of the design of a solvent recovery system. 

3.1 PROBLEM DEFINITION Al'o'U 
GENERAL CONSIDERATIONS 

We assume that as part of a process design probicm there is a stream containing 
10.3 mol/hr of acetone and 687 molfhr of air that is being fed to a Hare system (to 
avoid air pollution).- The design question of interest is : Should we recover some of 
tbe acetone? 

• ThIS ea$e study IS 8 mo,hfied ~c.,'on or [he 1915 AICbE Sludenl Con!c:s! Pro blem. Jcc I J McKena. 
E'lCyd"prd'(J of C""""ral P'"", .. uing """ OfJifl'" ~ol I. Ddr.kcr. New YOlk, ]976, p. J t4 

72 

SH:TlO~ J I I'~08I.fM OEONmON "'1'<D GENOM CONSIOUArIONS 73 

uonomic Potential 

The first step in the analysis of any design problem is to naluate the economic 
sIgnificance of the project. Initially we do not know what fraction ohhe acetone we 
mIght attempt to recover. but rather than spend time on this decision we merely 
base the calculation on complete recovery. Thus. we calculate an economic 
potential (EP) as 

EP .., Prod Value Raw Mati Cost 

Or. since ~'e are currently burnmg the acetone, 

EP:: (10.3 molfhr)(O.27 S/lb)(58 Ib/molX81SO hr/yr) 
= SUIS x I06/ yr 

Operating Time 

(3.1-1) 

(3.1-2) 

It IS conventional practice to report operating costs or stream costs on an annual 
basIS. Different companies use somewhat different values for the number of 
opera ting hours per year, and they may even use different values for different types 
of projects We will use 8150 hrlyr for continuous processes and 7500 hr/yr for 
batch. (ThIS operating time includes scheduled shutdowns for maintenance. 
unplanned downtime due to mechanical failures, andlor production losses caused 
b~ capacity limitations or lack of feed.) 

Process Alternatiyes 

The next question we ask is : How can we recover the acetone? From our 
knowledge of unit operations, we might list the alternatives shown in Table 3.1-1. 
We might be able to think of olher alternatives, and so we need to make some 
judgment about using conven tional technology versus the cost of doing the 
de"dopmeot work required to design and evaluate unconventional alternatives. 

TABLE 11-1 
Soh-ent recovery .Itern.th·cs 

1. Conde"",!ion 
II. H.lgh prcuure 
h. Lo ... temperature 
~ A combination 01 both 

2. Absorpoon 

.\ Adsorptron 

4.. It membrane $l:"pa.allon ')"I!nn 

S. A reamon P'OCQ;I 
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Nov. we come to this que~tioll: Wh ich is the cheapest alternative? Fair
suggests that a ny time the solute concentration in a gas stream is less than 5 "' .. 
adsorption is the cheapest process. However, many petroleum companies prefer to 
lise condensation or absorpt ion systems because the companics have much more 
experience designing and operating these types of units. Furthermore, only a few 
vendors sell adsorption equipment Thus, we are again required 10 make a 
judgment concerning the use o f technology where we have a great deal of 
experience versus uSing a technology where we have much less experience. We 
should base this decision on the relat1ve costs, as well as the risks, of the various 
processes In question 

Of course, we do not know the costs of the various alternativcs until we 
design each of them. We do not necessarily want to develop rigorous designs 
initially, because (at best) we would build only one of them. Hence, we only want to 
include sufficient accuracy in our screening calculation to determine which 
ahernalive is the cheapest (or to sec wllether they have about the same costs), and 
then we will develop a rigorous design if we decide to build the process. 

On numerous occasions in design we can develop a number of alternatives 
that appear as if they will do the job If we do not "now which alternative is the 
cheapest, we should consider designing them all. By doing quick design calcula
tions, we can simplify the design effort required to make decisions. 

3.2 D ES IGN OF A GAS ABSORB ER, 
FLO WSHEET. MATE RI AL AND ENERGY 
BALANCES, AND STREAM COSTS 

We arbitrarily decIde to consider Ihe design of a gas absorber first, although ,",e 
recognize that we musl also consider alternative designs before we deode which 
process we mighl build. This very simple design problem illustrates the use of 
shortcut calculations, rules of thumb. and other process alternati\'cs. 

F lo",·sheels and AlleroMlh es 10 Gas Absorption 

Before we can do any calculations, it is necessary to invent a flowshect fo r the 
process. The si mplest possible flowsheet we might imagine is shown in Fig. 3.2-1. 
We lISC water as a solvent (because it is cheap) to recover a~tone from the air 
stream in the gas absorber, and then we distill the a~toDe product from the water 
and throwaway the water (environmental constrai nts may preclude this possibih
ty, so we include a cost fo r pollution treatment). Of course, we could recycle the 
process wattr to the gas absorber (sec Fig. 3.2-2), and m this way we wo uld avoid 
any environmental problems. !fwe used anything other than water as a solvent, we 
would always recover and recycle the solvent. 

- J R Fa •• , M,,,.,d Sol"",'1( Rrcoo>uy"'" Pur.jicoJUon. p I, WashlllKlon UIllv<:rJlly De!;'&n Cue Study 
No.7, edLled by 8 D Smnh, WUhln&IOn UnlVCfSLI)" SI l.ou,", Mo, 1969 

Water 

Air 

Acetone 

f iGURE 3.2-t 
ACCIODC absorber 

Heat -v-
a 
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Acetone 

It is reasonable to question whether discardmg the process water, as is shown 
in Fig. 3.2-1, can e\'er be justified - even when a poilu lion treatment facility is 
available. The only justification is based on the tem perature of the process water 
entering the gas absorber If a recycle process is used, we cool the recycle SHearn 
with cooling water. Nonnally we assume that cooling water is available from the 
cooling towers at 90°F (on II hOI summer da y) and that it must be returned to the 
cooling towers at a temperature less than 120°F (to prevenl excessive scale 
formation on the exchanger surface). Then if we assume a 10°F driving force at the 
cold end of the exchanger, the recycled process waler Will en ler the gas absorber at 
IDO' F. 

However, If we usc well water as the sohen!, then the temperature of the 
water fed to the absorber might be 7JOF, or possibly less. It is advantageous to 
operate the absorber at as Iowa temperature as possible. whicb we can achieve If 

Acetone 

t-1G URE J.l-l 
ACCLODC a~orber 

Solw:nt 

Acetone 

H", 



well waler is ava ilable as a solvent and if we do not recycle the waler ThiS 
reasoning is lhe basis for a design heu ris tic · 

If a raw material component is used as the solvent in a gas 
absorber. consider feeding the process th rough the gas 
absorber (3.2- 1) 

Thus. we find that we have two alternative ftowshects. If we do not know 
which is thecheapc:r. we should dcslgn both. In addi tion, we must eva lu atc whether 
we really want to use waler as the solvent. We arbitrarily choose to consider the 
fl owshec:t shown in Fig. 3.2- 1 fina. because it is the simplest . 

Mllterial Balances 

DISTRlBlITlON OF COMPONENTS. Once we have specified a ft owsheet, we 
must try to Idenllfy the components tha t will appear in every stream. The inlet gas 
flow to the absorber IS given in the problem statement as 10.3 mol/hr o f acetone 
and 687 mol/hr of air. If we use well water as a solvent. then the inlet sol vent st ream 
is pure water. The gas leaving the absorber will contain air. some acet one (we can 
never obtain a complete recovery), and some water. Since water is relatively 
ineJ{pensive. we neglect this solvent loss in our first design calculations. However. if 
any ot her solvcnt is used, it is essential to include the solvent loss in the econcomic 
ana lysis., as we demonst rate later. 

The feed stream to the distillation column will contain water. most of the 
acetone, and some dissolved air. Probably ..... e caD neglect this dissolved air in our 
first set of design calculations. but it is essential to recognize that we must put a 
vent on the distillation eolumn condenser, to prevent the accumulation of alT in this 
unit. The overhead from the dlstiliatioD column will tben contain acetone and 
water, while the bottoms will contain water aDd some acetone.. 

We now see that acetone leaves the process in three: places: thecxi! gas stream 
from the absorber. the distillate oV1!rhead, and the distillate bottom stream. 
Nonnally, we would be given a product specification fo r the product stream, which 
would correspond to either the specification that the company established when 
they used acetone as a raw material or the specification that the marketing group 
would indicate when they try to sell this acetone. However, even if we fix the 
acetone composition in the overhead of the distillation column, we still cannot 
calculate an acetone material balance until we specify some infonnation about the 
acetone leaving in the o ther two streams. 

RULES 01' THUMB. Of course. we can recover 90, or 99, or 99.9%, or whatever. 
of the acetone in the gas absorber, simply by adding more trays to the top of the 
absorber. The cost of the gas absorber will continue to increase as we increase the 
fractional recovery, but the value of the acetone lost to the flare system Will 

continue to decrease. Thus. there is an optimum fractional recovery. 

Simi larly, there is an optimum fractional recovery overhead in the distillat ion 
column As we add more and more pla tes in the stripping .sa;lion of this column. 
the still cost Increases. but the value of the acetone lost to the 5ClIoer decreases. 

We cannot find the optimum fractional recoveries of acetone in either the 
absorber o r the sllil unless lIo e carry out detailed designs of these columns 
Furthermore. it is not clear that we want to find the optimum design conditions 
unti l we have decided to bui ld an absorption process. Henao. for our rirst sct of 
calculations. we basc the design a rule o f thumb (i e . a heunslic): 

It is desirable to reco\er more than 99 ~/ .. of all valuable 
materials (we normally use a 99.5 % rcco\ery as a first 
guess). 

We discuss this rule: of thumb In greater detaillaler in this chapter. 

(3.2-2) 

We also ha\'e to fix the water flow rate 10 the gas absorber before ..... e can 
calculate a set of material balances. The greater the: solvent flow rate, the fewer 
trays that are required to achieve a fixed fractional rCCO\'ery in the absorber. but the 
greater the load on the distillation column. Thus, there is an o ptimum solvent fl ow 
rate. Again, we prefer not to optlmir.c deSigns at the scree ning stage if a heuristic is 
available. and so we use anolher rule of thumb to fiJ{ the solvent flow : 

For an isotherma l. dilut e absorber. choose I . such that L = 1.4mG (3.2-]) 

We also diseuss Ihis rule of thumb later 

EXACT MATERIAL BAU, NCES. Wilh these rules of thumb. it is a stralgh t
fo .... ard task to calculate the malenal balances. For the acetone-water system at 
77~F aDd I atm, y = 6.7 and fY "" n~. so tha t 

y~ 6.7(229) 
m ~-_ - 202 Pr 760 . 

L = IAmG '"' 1.4(2.02X687) = 1943 mol/hr 

For a 99.5% reco\'ery of acetone In the gas absorber. the acetone lost is 

0.005(10.3) - 0.0515 mol/hr 

aDd the acetone How to the distillation colum n is 

0.995(10.]) - 10.25 mol/hr 

U 99.5 % of the acetone entering the still IS recovered overhead. we obtain 

0.995(10.25) = 1020 mol/hr 

(U-4) 

(3.M) 

(3.2-7) 

(3 2-8) 

Also. jf the product compo~l tion of acetone i<; specified to be 99"{;. the amount of 
watel in the product stream will be 

(
' 099\ 

0.99 r1020) = 0 10 mol/lir (12-9) 
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Then the boltom Rows of acetone and water arc 

,"d 
DOOS( 10.25) = 0.005 molfhr 

1943 ~ 0 I - 1942.9 mOlfhr 

(3.2-10) 

(3.2. 11) 

APPROXH\lATl /\1A rt:RtAL 8ALA NCt:S. Even though these material-balance 
calculations are very SI mple and quick, accordmg to the engmeenng method we do 
nOI want to do any calcu lallons unless they provide us wIth SIgnificant infonnation_ 
Thus, we want to explore the poSSibility of developmg a set of material balances 
that are almost correct (withm 10 '1' .. or so) wllh the minimum amount of effort We 
need to calcu late the solvent feed rate in the sa me way as we did before, but there is 
a si mpler way of obta ining good estima tes of the other nows 

If we assume that 99.5% recovery (or any recovery greater than 99%) is 
essentially equivalent to a 100% recQ\'ery (act ually, we are willing to to lerate 10 % 
error). then the acetone Row in the disullauon column overhead becomes 10.3 
versus 10.2. Also since a 99 % acetone composit;')n in the distillate is essentially the 
same as 100% acetone, the water flow leaving the boltom of the column could be 
written as 1943, versus 1942.9. Similarly, the feed stream to the still becomes 
10.3 mol/ hr o f ace lone and 1943 mo lfhr of water, versus 10.25 + 1943. Th us, we sec: 
that we eS5ellliaJly make no errors m the stream Rows if we merely assume 100 % 
recoveries and pure streams and then just write down the flows. 

Of course, we cannot base the design of the gas absorber or the still o n 100% 
recoveries_ Moreover, we would hle to estimate the acetone losses from the 
absorber Q\'erhead and the still bottoms. However, suppose "e use 99.5 % 
recoveries for these calcula tions. Our material balances will no longer quite 
balance (although they arc certamly within 10% of the exact answers), but our 
calcu lat ion efforl will decrease. The savings in time are not signi ficant for this 
simple problem, but it can be for complex plant designs. Thus, we use approximate 
material balances for screening calculations throughout thiS text. although we 
would make rigorous material balances as we proceeded with final design 
calculations. 

SOl.VENT l.oss. For C8SC5 where "e use a solvent o ther than water a nd we 
recover and recycle this solvent, as is shown in Fig. 3.2-2, il is essent ial to estimate 
the loss of this solvent In the absorber exi t gas stream very early in the design 
calculations. For a low· pressure absorber, the fugacity correction factors are 
negligible. and the vapor liquid equilibrium relat ionship for the solvent can be 
written as 

(3.2.12) 

With greater than 99 % recovery o f the solute, th~ solvent composition on the 
top tray will be essenllally 

(3.2-13) 

If a solvent IS used that is ID the homologous series with the solute, then 

1." 1 (3.2-14) 
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and we can write 

Y. = P";/Pr (3.2.15) 

lIence, a quick way to estimate Ihe solvent loss IS to write 

(3.2·16) 

Stream costs. Once we have eSlimated the material balances, we calculate the 
stream costs. 

ACETONE-WATER PROCESS. For the acetone-water system with no recycling 
and 99.S % recoveries, we find from our approximate material balances the 
following : 
Acetone loss In absorber overhead (assume SO.27/1b) is 

(S027/1bX58 Ib/ moIXo.OS IS molfhrX81SO hr/yr) = S66OO/yr (3.2·17) 

Acetone loss in still bottoms is 

(SO.27j1b)(58 Ib/mol)(O.0515 mol/hrX8lSO hr/ yr) = S6600/yr (12.IB) 

Pollu tion treatment costs (assume SO.25/1b BOD and I Ib acetonejlb BOD) are 

(SO.25j1b BOO)(l lb BOO/lb acetone)(S8 Ib/ mol)(0.05 IS moljbr)(8lSO hr/ yr) 
"" S6100/yr (3.2.19) 

Sewer charges (assume 50.2/ 1000 gal) are 

( 
'0.20 )( I .,1 \, 

1000 gal B.34 Ibt 18 lb/mol)(1943 mol/ hr)(8ISO hr/yr) "" S6800/yr (3.2-20) 

Soh'ent water (assume $O.7S/1000 gal) IS 

( SO.75 X 1 •• 1 \, 
1000 gal 8.34 Ibt l8 Ib/ mo1X1943 molfhrXBISO hr/yr) - S25,600/yr (3.2·21) 

~ince each of these costs is essentially neglIgIble compa red to !he economic 
potential ofSI.315 x IW per year, we want to contmue developing the design. Also 
we oote that there is little incentive III using mo re rigorous material balances or in 
getting very accurate costs for the pollution treatment system. In fa ct, we can 
tolerate 100% eITOrs in our calcula tions, and the conclusion of negligible stream 
costs will not be affected. 

COST OF SOLVENT LOSS. Suppose we also consider using methyl Isobutyl 
ketoDe (MIBK) as a solveDl, and we recycle the MIBK If P'; = 0.0237 atm at 77~F 
and PT = I atm, from Eq. 3.2- 16 we find that 

MI OK loss (assume SD.35/1b "" S35/mol) 
= (S3S/ mol)[O.0237(687 mol/hr))(8ISO hr/ yr) 
= $4.464 x 10D/yr (3.2.22) 
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When we compare IllIs yalue 10 the economIc potcntial , we see that we wanl to 
dror any idea of using MIBK as a solvent. Moreoyer. we arc glad thai we did not 
take the: trouble to desIgn the absorber and still before we calculated the stream 
costs. Again ..... e find that our decision does not depend to any great extent on the 
accuracy of the calculation. Thus, we usc the «onomic analysis to help us decide on 
the accuracy we nc:cd fo r our design calculatl0ns_ 

Energy Balances for the Acetone Absorber 

Our ongmal deSign problc:m was underddined. and th us II was necessary to usc 
some rules of thumb (grealer than 99% recovenes and L _ 1.4mG) to be able to 
calculate a set of material balances. It sho uld nol be surprising Ihal the same 
problem is encountered ..... hen we try 10 wrile energy balances. Thus. we need to fix 
each of the stream tempera tures in order to estimate the energy fl ows. 

Since the inlet composi tion to the gas absorber is quite dilute. we might 
assume that the absorber will operate isothermally. Hcnce. if the gas and liqUId 
streams entenng the absorber are at 77 F. we assume tha t the exit sireams are at 
this same temperature (see Fig. 3_2-3) 

We do not want to store our product slream at its beiling point, so we install 
a product cooler. With cooling water available at 90~ F and a IOc F driving force, 
the temperature of the product st ream leaying the product cooler will be 100°F. 
OUT acetone product contains 1 % water. But rather than calculate the bubble 
point of the distillate, ~'e might merely guess that the temperature of the overhead 
is essentially the same as the boiling point of acetone ( 135°F); i.e_, we expect tha t 
the error in ca lculating the heal load of the product cooler caused by this 
assumption will be negligible. Similarly, we assume tha t the bottom stream from 
the still is at 212"F (because there is only 0.05 mol o f acetone as compared to 

Air 
77·F 

FIG URE ll·J 
SlrCllm lemretllures_ 

Hut 
? 120 90 

276°F , 25 psia 

120 90 

Coolant Sewer L:-==--' 1000F 
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1943 mol of .... ater) and that .... e must cool IhlS waste stream to I(XrF (eooling
.... ater temperature) prior to pollution treatment. (It would be beller to assume that 
the 0011001 of the column is at 5 to 10 psi&, ra ther than atmospheric pressure. but 
again the error ..... ill be small .) 

We still must specify the temperature of the stream entering the distillation 
column. Satu rated -liquid feals arc the most common case. and so we might guess a 
temperature of 20(rF or so (10.3 mol of acetone and 1943 mol of water). Again. we: 
expect thai a guessed value Will enable u~ 10 calcu late the load on the still preheater 
.... ithout calcu lating the bubblc point of the fo::d mixture or corrccting for a column 
operating pressure of 5 to 10 psig 

If we do nol preheat the feed stream entering the dIstilla tIon colum n to c10sc 
10 the sa tura ted-l iquid condit ion. then we will have a supercooled liquid enteri ng 
the st ill and the heal load on the still reboiler ..... ilI increase. Thus. the Iota I energy 
demand on the preheater and the still reboiler is essentially constant lI o ..... evcr. 
usually we prder to preheat the fo::d because T10nna lly ..... e ca n use a hot process 
stream thatllccds to be cooled down as thc source of hcat. rather than using steam 
from a utility supply. Hence. we no::d to consider the energy integration of the 
process as part of our desl!!n activity 

E~ERGV BALA NCES. Once we have specified the stream temperatures and we 
ha\e estimated all the Slream fl ows. it is a sim ple mailer to calcula te the hea t loads 
of the various Slreams b) usi ng the ex pression 

(3 .2-23) 

Then we could decide on a heat-exchanger network and calculate the heat
exchanger areas, the annuailzed hcat-exchanger capital costs, and the utility costs 
For a simple process, such as the one ..... e arc considering, this would be a 
reasonable procedure. In general, however, we want to energy-integrate the: 
absorber-stripper heat loads with those of the remainder of the process, and 
therefore we defer the energy analysis. 

PROCESS ALTERNATI\'E. In our selection of the stream temperatures, we noted 
tbat the sti ll boltom was almost pure water (0.05 mo l aoetone and 1943 mol of 
~ater). For this case, the column reboiler uses 25-psia steam to generale essentially 
l 5-psia steam that is returned to the column. As a process a1ternatiye, we could 
eliminate the re:boilcr and feed liye steam to the column. We pay a penalty with this 
approach, ho wever. because once the live steam is condensed. it must go 10 the 
poUution treatment system and then is lost to the sewer (whereas the steam leaving 
a reboiJer wou ld be vaporized and recycled through the closed steam system). Also. 
boile r feed water has 3 higher quality (i t is demineralized, ctc.) and is thereforc 
more expenSive than prClCeS5 water. i-ience. we must ba lan~ the reboilcr 53viTlg~ 
against the incremental cost of beiler feal water. pollution treatment. and o;cwer 
costs to see whether this alternative is worth pursuing. 



3.3 EQUIPMENT DESIGN CONSIDERATIONS 

In addition 10 calculating the sizes of the heat exchangers, we must calculate the 
size and cost of the absorber and the 51111 Before we begin any calcu lations, 
however. we want 10 understand the cause-and-effect relationships of the design 
variables and [0 see whether we can simplify Ihe normal unil-oper31ions models. 

Gas Absorber 

For isorhermal, dilute systems, the K rem~r equation· can ~ used to calculate the 
number of theoretical trays required 10 the gas absorber; 

(3.3·' ) 

If pure water is used as the solvent,then XI. _ O. From the rules of thumb discussed 
cartier, we know that 

.nd 

yo~' :$; I _ 0.99 c; 0.01 
Y. 

L = 1.4 C'::) G 

(3.3. 2) 

(3.3·3) 

We can usc the K(f!'mser equation and the rules of thumb to understand the effects 
of the design variables. 

COLUMN PRESS URE. Suppo~ we double the tower pressure Pr o From Eq. 3.3-3 
we see thai L decreases by a factor of 2; but since L/(mG) _ 1.4, the number of 
plates required in the gas absorber (see Eq. 3.3- 1) does not cbange. Lower values of 
L mean that the stiU feed wiu be more concentrated, the reflux ratio will decrease, 
the vapor rate in the still will decrease, the column diameler will decrease, tbe sizes 
of the condenser and reboiler will decrease, and the steam and cooling-water 
requirements will decrease. Thus, decreasing the solvent flow 10 the gas absorber 
will have a significant effect on the design of the still, but no effect on tbe number of 
tra)'s required in the absorber. 

1be absorber diameter will decrease (because of the density effect and a 
smaller liquid load), and a feed gas compressor wiU be required 10 obtain the 
increased pressure. Since gas compressors are the most expensive type o f process
ing equipment, normally it does not pay to increase the pressure of the gas absorber 
with a compressor. (1n some cases, a higb pressure can be obtained by pumping a 
liquid stream 10 a high pressure somewhere upstream of Ihe absorber.) 

- A. Kr~mscr, NIJII Pflrol Nn>ls, 21(21 ): 42 (1930). 

Et-'F .. :cr OF SOLVENT. 
by 

For the acetone-waler system, the value of m was gIven 

yP~ 6.7(229) 
m - P;_ = 760 "" 2.02 (3.3-4 ) 

We see Ih,al if we use a soh'ent such as M I BK Ihal CamlS an essentially ideal 
mIXture with acetone, so [holt }': I, Ih":l1 from Eq ],].] 'AC CU\lhe hqUld r.He: by a 
faclor of 6.7 (and decrease the s till cost). However, from Eq. 3.3-1 we sec: Ihallhe 
requITed number of plales In the absorber does not change 

EF~[cr O~ OPERATING TEMPERATURE. If we change the inlet water temper
ature to 4Q°C, then y ""' 7.8 and p" = 421 mm Hg. Thus. from Eq. 3.3-3 we see thai 
L will increase (so that the SIlU costs will increase), but the number of absorber 
trays (see Eq. 3.3- 12) Will remam the same. 

Syslems Approach Versus U nit Operations 

The Sim ple examples dlscus§ed above clearly reveal that the mteractlon bell"een 
unit operations is the key featu re of process dc~ign . Thus. design C-.lnllot be 
accomplished merely by conntttmg vanous umts and mlstalf!'nly thmking that If 
we properly design each unll, we will obtain a propc!r deSign of the whole plant 
Instf!'ad, we must always look at the behavior of th;: Iota I svstem 

Back-of-the-Envelope Design Equat ion 

The Kremser equation, Eq. 3.3-1, IS aC1Ually a qUIte simple equation thai can be 
used 10 design gas absorbers for isothermal opera tion with dIlute fc.:eds. Ho ..... ever, 
10 accordance with the engineering method and our basic dc~ir;: to do calculatiOns 
only If we gam some SIgnificant informatIOn from this effort we would lIke 10 

review Ihe Kremscr equalion and to evaluate the significance o'f each term. We do 
this by examining the order of magnitude of the various terms in the equation. 

First lei us consider the left-hand side ofEq 3.3-1. i e., the term N + I We are 
concerned with obtaining accurate estimates of on ly the ilc.:ms that are expensive 
We e~pect thai relatively ellOpc!nsive absorbers will contain 10 to 20 theoretical trays 
(tbe COSI of a gas absorber with only 2 or 3 trays will probably be negligIble 
compared 10 a ~urnacc, a gas compressor, a dlstillallon column with )0 to 20 trays, 
etc). If we decide nOI 10 underlake a calculation unless 11 changes the result by 
more than 10%, lhen we sec thai wean simplify the left-Imnd side oflhe Kremscr 
equation by writing 

N -+ I ::;:N (3.3·5) 

For pure solvenls, xin = 0, and the numerator of the fight-hand Side becomes 

(3.3·6) 
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The rules of thumb indicate that 

Thus, 

L 
-<I;: 14 

mG 
.nd (33-7) 

( 
L _ ,)('_) + I ::::: 40 + I (3.3-8) 

mG .'._, 

and If .... o:: apply the order-of·magllltude criterion (I ~ 40), we can write 

The denommator of the right-hand side of the equalion, In [L/(mG)] . can be 
written as 

In(l+t) 

Now, from a Taylor senes expansion, we can write 

L L 
In -- = In(l -+ t) :::::c=~- I ~ 0.4 

mG mG 

With these SI mplificatio ns, and replacing In by log. we obtain 

1.3 log{ [ L/(mG) - Ilu,;jy_ll 
N -= 0.4 

Within a 10 % error, we no te that 2.3/0 4 = 6 and (2.3 log 0.4)/0.4 = 

simplified version of the Kremser equation becomes 

y. 
N+2 = 610g~ 

y-, 

(3.3. 10) 

(3.3- 11 ) 

(3.3-12) 

- 2. lienee, a 

(3.3.13) 

Now we hal·e a design equatIOn that we can solve without a calculator. For a 
99 % recovery. Eq. 3.3-13 predicts 10 trays versus the exact value of 10.1 . For a 
99.9 % rccovery, we obtain 16 trays rrom Eq. 3.3-13 versus 16.6 from the exact 
equation. In addition to calculating the number of platcs in t.he absor~r, we mU~1 
calculate Ihe height and diameter. These calculations are diSCUSsed In AppendIX 
A.3. 

Dislillalion Column 

To separate acetone from the solvent water, we use a distillation column The 
acetone-water mixture IS very nonideal, and we do not know of any shortcut 
procedures for highly non ideal separa tions. However, the mixture is only a binary 
one and so we can u~ a McCabe-Thiele diagram to find Ihe number of trays. We 
als~ must calcula te the sl ill diameter. the size of the condenser and reboiler, and 

5Ec.-noN J.' lULU or TlIU Io48 8S 

the steam and coolmg-water loads. Calculations of this type are discussed In 

Appendices A.2 and A.3_ 

Process Ahernati~·es 

In addition to completing the gas absorber design, we must design a condensation 
proccss and an adsorption process (as well as a membrane process) before we can 
evaluate whether the acetone is worth rccovenng and, if so, which process should 
be selected. Our goal here is merely to indicate the nature of design problems and 
10 illuslrale how order.of-magnltude analyses can be used to obtain shortcut 
design procedures. These shorlcut procedUres can often be used to simplify the 
evalualion step in the syn thesis and analysis procedure, particularly during the 
preliminary stages of design when a large number of alternatives is being screened. 

3.4 R ULES OF THUMO 

Originally rules of thumb were developed by experienced designers. A designer 
might have optimized the design of 10 absorber-stripper systems and found that 
the oplimization always gave values close to L ,.., 1.4mG and optimum rcco\'eries 
greater than 99 %. Then, when the eleventh problem was encountered, the designer 
simply wrote down the answer. However, today most rules of thumb (or design 
heuristics) arc developed by graduate students who run 500 to 1000 case st udies on 
a computer for a parlleular problem and then attempt to generalize the results. 

Of course, the faCI Ihal generalizallons of computer optimiza tion studies arc 
possible Implies that the optimization calculatIOns are very insensithe to changes 
ID most design and cost parameters I r the design and cost equations are insen$itive, 
then the engineering method indicates that we should be able to simplify the 
equations. Thus, using the order--of-magnitude arguments to simplify problems, \~Ie 
should be able to derive the rules of thumb. The advantage of a derivation of this 
type is that the assumptions used in the analysis will clearly indicate the potential 
limitations of the rule of thumb. 

Liqu.id Flow Rate 10 Gas Absorbfrs 

For isothermal, dilute gas absorbers, the Kremser equation, Eq. 3.3-1, can be used 
to calculate the number of trays requi red for a specified recovery as a function of L/ 
(mG). A plot of the Kremser equatioJl is shown in Fig. 3.4-1. From this graph we see 
tbat if we pick L such that L/(mG) < I, we can neVer get close to complete recovery 
of the solute even if we use an infinite number of plates (infinite capital cost). If the 
sol ute is very valuable o r, worse, if It 15 toxic (such as I-leN), certainly we will want 
10 obtain very high recoveries. Thus. we ca n conclude that we would never choose 
the liquid fl ow rate such thai L/(mG) < I 

We also see from the graph that if we choose l../(mG) = 2, we obtain 
csscutially complete rccovery with o llly five plates. Remember that large solven t 
now rates correspond 10 dilute feeds to the distIllation column - and therefore large 
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reflux ratiOS, high vapor ratcs, large-<iiameler columns, large condensers and 
reboilers, and high steam and cooling-wa te:r demands. I·knee, if we: pick L such 
that L/(mG) > 2, we will obtain tin), mexpensive absorbers, but very upensive 
distillation columns. 

Based on these simple arguments, we find Ihal we want to choose: L such Ihat 

L 
1 < - < 2 

mG 
(3.4-1) 

Of course, LI(mG) = L5 is right in the middle of tbls range. However, if ~·e inspect 
the shape of the cuo·e!; near LI(mG ) IZ I.S and with high recoveries, we sec: that we 
might obtain a better trade-off bet ween a decreasing Dumber of plates required in 
the absorber (capital cost) and the increasing capi tal and operating costs of the 
distillation column by decreasing L lI ence, as a first guess, il seems to be 
reasonable to choose L such thai 

L 
mG 

_ 1.4 (3.4-2) 

which IS the common rule of thumb. 

Fratlional Recovery in Gas Absorbers 

For a fixed solvent flow rate, we can always IIlcrease: the recovery of the solute 
si mply by addmg trays in the gas absorber. Hence, there IS an economic trade-off 
between an increasing absorber cost as we add trays versus a decreasing value of 
the solute lost. One of these: is a capllal cost (the absorber), and one IS an operatmg 
cost (the solute loss). 
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COST MODEL It is commoll practice to re:port operating costs 011 all anllual 
basis. Thus, to exam me the: c:conomic trade-off. we must also put the capital cost on 
all annuahzed basis. As discussed in Sec. 2.5, we annualize the capital coSt by 
introdUCIng a capital charge faclor (CCF) of ! yr, wh~re the CCF mcludes all 
capital· related expenses (depreciallon, repairs and maintenance, etc.). A CCF of 
i yr correspond!> 10 about a 15~o discounled-cash-fl o llo' rale of return (DCFROR) : 
sec Eq 2.5.13.· 

Suppose we write a IOta I annual co~t (TAC) model as 

TAC (S/ yr) "" (C, S/moIXGyo~, mol/hrX8150 hr/yr) 

+ (CN S/(plate ·yr»(N plates) (3.4-3) 

OPTIMUM DESIGN. Now, jfwe use our simplified de!;ign equation, Eq 3.).12 'he 
obtain 

TAC - 8ISOC,Gy, .. (y~,) + C. (6108 ~i. _ 2) 
),. ,-, 

The optim um fractional loss is glve:n by 

0' 
y_, = _ 6C~ 

Y,n 8150C.Gy,. 

If we consider some typical values 

C, "" SI5 .Sl mo] 

we find that 

which corresponds to 

G Yin = JO molfhr eN '" S850/plate yr l 

y-, 6(850) 0004 
-Ylo. = 8150(15.5)(10) "" . 

Fractional recovery = 99.6 y' 

(34-4) 

(3.4-5) 

(3.4-6) 

(3.4-7) 

(3.4-8) 

() 4-9) 

• A IS"; DCFROR l5a bafe minimum rorf;onoeptual <Je~l&nsor ... dl·ulldcnlood pr~,I_c., . uluc 
of If2,.S - 0.4 I~ mOre rea listic. foOl hlj.h·nd; proJeCts, iUf;h at III biotechnology. a value of t/ I _ I '$ not 
unrusonable. 

' M SPeier. and Ii: 0 Tlmmcrhaus. fum/ DI!S<!lII aM E.t:ONHnicsfor C/o"IIIll'W Eng,ftuu, McGraw. 
Hill, Ncw VorL, 196&, P 389, &lYC IYplQl ".IUQ Ih .. ran,e from $1200 to $2100 VC'f ptale depend,n, oa 
lbe column d.-melcr Ir wc kl tM CI')l;I be S2SSQ VC'f ptlte and UK I C"CF of J yf ... ·c obtlln USO!), pcr 

""~ 
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Sensith'ity 

The significant feature o f this elementary analysis is not the relat ionship for the 
optimum design. Eq. 34-6, which is not exact, but rather the sensitivity of the 
calculation, Eq. 3.4-8 . From Eq. 3.4-8 we sec that we can change any of the numbers 
in the numerato r or the denominato r by 100 '1 .. and the optimu m fractional 
recovery only changes from 99.2" .. to 998 ~ .. Thus. the result is vcry ino;ensitive to 
any of the design o r cost parameters. 

This simple sensitn'ity analysis clearly demonstrates that there is no incentive 
for refining the cost dala used in the analysis. ThIS same behavior is cha racterist ic 
of a large number of design problems ; i.e., the solutions are oftcn \'ery insensitivc to 
the physica l property dala, the functional fonn of the design equation, and design 
parameters such as heat-transfer coefficients, cost data, etc. Thus., good engineering 
judgment requires that we obtain some idea of the sensitivity of the solution before 
we eJlpcnd a SIgnificant amount of lIme gathering accurate data or attempting 
rigorous design calculations. That is., we want to spend as little time as possible 
gelling an answer, and we want that answer to have only enough ao::uracy to make 
the decision we a(e faced with. 

Limita tions o f Rules o f T hum b 

The rules of thumb ..... e developed were both based on Inc Kremser equation. and 
we know that the Kremser equation is valid only for isothermal. dilute systems. 
where both the o perating and the eqUIlibrium lines arc straight For a system 
satisrying these condItions. the minimum solvent flow rate corresponds to the 
condlllon at the bottom end of the tower when the exit-liqUId composition (for a 
fixed fractional rcco\'ery) is in equilibrium with the entering gas (so thaI an 
infinite number o f Irays is required at the concentrated end of the column): see Fig. 
3.4-24. The economic trade-offs dictate that we wanl to operate with L :::: 1.4mG 
and a high fractional recovery. From Fig. 3.4-2c ..... e see that these results 
correspond to almost a pinch zone at the top (dilu te end) of the absorber. 

For concentrated mixtures of solutes, the equilibrium line might be curved, as 
shown in Fig. 3.4-3. For a fiJled fractional recovery, the minimum liquid flow rate is 
detennined by the operating line becoming tangent to the equilibrium curve. As the 
liquid fl ow rate is increased, we expecllhat il will require more trays to gel from }',~ 
to y_, for this case than a corresponding change for the dilute case, Fig. 3.4-2b and 
c. Hence, we might expect that using a solvent flow such that L/(mG) is somewhat 
greater than 1.4 and attempting to recover somewhat less solute than for the dilute 
case will get us closer to the optimum design conditions. 

An even mo re dramatic difference is encountered for adiabatic absorbers. As 
the solu te leaves the gas strenm and is taken up by the solvent, the solute gives up 
its heat of vaporization This heat effect causes the tempera ture of the liquid st ream 
to increase as it approaches the bollom end of the tower Incrcasing liquid 
temperatures increase the vapor pressure of the sol ute, and from Eq. 3.2-4 we see 
that the slope of the equi librium line increases. Thus, the minimum liquid flow rate 
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Dilute solutions: Y - y, X = x 

G, Yout L, x", 

G, Yin L, .l"OUI 

(a) 

:tzr-
YOUI I 

(b) 

Minimum liquKl flow when x.,... is in equilibrium with)'1B 

flGURE lA-Z 
MinImum hquld How .alr ISOI~rmat 

Y"~ t Y~nt.f 
Y I 

, 
Y- ' 

..1: .. X x ... 

(c) 

occurs when there is a pinch at the bouorn of the tower when ,)' .. _ m ... ,x_, (sec 
Fig. 3.4-4). 

From Fig. 3.4-4 ..... e see that a very small increase in the soillent flow rate 
above Ihe minimum will allow us to get from y,. to )'_, with a very few plates. 
I-Io ..... ner. the upward-curvi ng nature of the equilibrium line means that the 
mmimum solvent flow rale will be much larger than a corresponding case where we 
could maintain isothennal operation at the same inlet liquid temperature. In fa ct. 

The minimum liquid flow rate for an adiabatic absorber 
may be 10 times greater than the rule-of-thumb value 
L -= 1.4mG based on the inlet liquid temperature. (3.4· 10) 

ThIs eJlampJe illustrates that the indiscrimina te IJ5C of rules of thumb may lead to 
an inoperable design. In general, 

Every rule of thumb has some limitations. (3.4·11) 

From our discussion of the design of an adiabatic absorbe;, we note thai we 
upect to obtain only a few plates (small absorber cost) and large liquid fl ows (large 
uill costs), which is Do t a desi rable situation. Thus, it is common practice to put 
cooling coils or one or more pump-around cooling loops on tbe bottom two or 
three trays of a gas absorber, to force it to behave more as an isothermal tower. 

~
:.. 

Ym ----
y ! Equilibrium 

}"0\It I 
nCURE J.4.J 

xin x XOU[ Mimmum liquid fl o .. r.te ool>antrated miJl.lUtCS. 
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y~~ /J 
YOUI~ FlGUME: 3.4-4 

Zoo X x OilI M,nimum liquid n ... ", adiabauc 

Again, it is essenlialto understand the mteraction between process units in order to 
develop a close to an optimum design. Similarly, s tructu ral changes in the 
flowsheet (cooling coils in the bollom trays of an absorber) normally have a much 
greater impact on the process economiCS than exact optim izat ion calculations (the 
optim um solvent fl ow ra te to an adiabatic absorber). We ca n the refore propose 
another heuristic: 

Avoid the use of adiabatic absorbers (unless there is only 
a small temperature rise across the absorber). 

35 SUMMARY, EXERCISES, AND 
NOMENCLATURE 

Summary 

A number o f im portant concepts are presented in this chapter : 
I. Process alterna tives 

a. A large number of alternatives can be generated even for simple processes. 
b. We use shortcut procedures to select the best alternative that we will design 

rigorously, providing that the process is profit able. 
( I) We want to spend as little time as possible getting an answer. 
(2) We only want to include sufficient accu racy to be able to make a decision. 
(3) We always consider the sensi tivity of our calculations. 

2. Shortcut design procedures 
a. It is reasonable to base process flows on 100 % recoveries in separators and to 

base equipment designs on 99.5 % recoveries, at the screening stage of process 
design. 

b. Order-of-magnitude arguments can be used 10 simplify design equations. 
3. Systems approach 

a. You should always consider the total problem. 
b. Changes in the design variables in one unit (absorber) might affect the design 

o r some other um! (still), but not the Ulut under conSlderallon. 
4. Rules of thumb heuris t ics 

(I. If a raw material is used as a solven t in a gas absorber, consider feeding the 
process through the absorber. 

b. It is desirable to recover more than 99 % of valuable components. 
c. Choose the solvent flow for an isothermal, dilute gas absorber as L = 1.4mG. 

d Cooling water IS ayailable al 90' " from a cooling tower and mu~t be returned 
to the tower at 120°F or les~. 

e, Assume a IO~F approach lemperature for streams cookd wilh cooling water 

" IS Important to remember Ihal e\..:ry rult:: of Ihumb has some limitations! 

Exercises 

3-5.1 If we use Ihe recycle flowshet:t shown 111 Fig. 3.2-2, what an.' the economic tradc-offs 
that fiA [he recycle composition of Ihe solvent? 

3-5.2 Consider a condensallon process for recovenng acetone from an air ~Iream . 

(a) Draw a nowshcet for a condensation process for the acetone recovery problem 
(b) If the condensation process operales al 15 psia, whal lemperature would be 

required to recover 995~-:; of the acetone? 
(c) If the condensation process operal~ at lOO"F, what pressure would be required to 

condense 99.5 % of the acetone? 
(eI) Discuss your r~ult~ 
(e) Describe the economic trade·offs involved m the design of a condensation process 

(both low-temperature and high-pressure). 
3-5.3 Peters and Timmerhaus· derive an expression for the optimum diameler or a pipe by 

balancing Ihe cost of Ihe pipe (which mereases wilh Ihe pipe diameter) against the 
po .... er requi red 10 dehvel a specified amount of flUid Ihrough Ihe pipe: (which 
decn:ases as the pipe diameter increases) For pipes grealer Ihan I-m. diameter, they 
give the results 

o =Qo .. . . Ou. o 0" [O.ggK(1 + J)H'J ". 
LOP' f P fl. , (I + F)XEK

f 
(35- 1) 

.. ].9Q1"'po ,) 

'oIhere D, = optimunl pipe dlameler (m.), Qf = volumetric flow rate (ftl/s), p = 

densi ty (lb/rc.l), JJ. - viscosity (eP), K = SO.055/kwh, J _ 0.35, If, = 8760 hr/yr, 
E = 0.5, F - 1.4, K f = 0.2, and X = SO.45/ft. Many mdustnal practiltoJlers usc a rult:: 
of thumb that the velocity in a pipe IS a constam, although they US(' different values for 
liquids and gases. Can you use Eq. 3.5·1 to derive a rule of thumb for pipe velocity? 
Wbat a re tbe limitations of this heuristic? That is, (or what cases does it not apply? If 
\I,'e change the annual charge factor K f from 0_2 to 0.4, bow does our'estimate change? 

3-5.4. A fne nd of mille in industry tells me thaI some of the chemins in hiS company eslimate 
the minimum number o(lrays in a distillation column for a binary mixture by taking 
the sum of the boiling POints and dlvldmg by] limes theIT difference. Can you show 
thallhe back-of-the--enve1ope mode1IS essc:mially equivalent to Fenske's equation for 
Ihe mlllImum number of trays? (HUll : Assume Ideal, close·boihng mixtures, the 
ClaUSius-Clapeyron cquallOIl. Troulon's rule, and we want to obtain 97% purities.) 

3-5.5 Several quantitative heurisues have been proposed for deciding 011 a sequence of 
dlsllllauon columns (I .e~ for a tcrnary mixture we could recover Ihe hghlest 

• M S PCICCli aDd K. D. Timmerllaus. Plan! lH3'lIn and UOI'IonllCJ for- CMIfIIl'O/ Eng",ee~s, 3d Oil , 
McGraw_lIdl Ne'" Yorl, 1980. p. J79 
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component 111 the fir~! column and then sphtthe rem~lImng 1\00'0, or .... e could r~ver 
the heaViest component first and Ihen spill the remaming two) Rod and Maret" use 
the cmenon 

tr.v ("'~c + 0.25)X~ I 25Xc 

r "~c - I 
P 5-2) 

\Oohereas Rudd, l'o"'els, ami Snrola' esumate the <o:latl\'e co~ t of II dl~ulla\lon 

separallon b;a~d o n the expression 

Feed Rate 
DISlllla1lon cost - Boiling-Point Difference 

Nadgir and Liu' propose a coelf.cient of casc of ~paralion (CES). defined 115 

CES _ -.!!. . AT= lOO( ._0 _\0: _ I) 
F - O F - O! 

(35-3) 

(3.5-4) 

while Nalh and Motard' and Lu and MOlard ' presenl a mOle compkll ClIprcssion 
based on Ihe num~r orlray~ (proportIonal 10 Il ln "') muillphed by cOmblnaliOnS of 
flow ra le factors. Can you show Ihal allthesc ClIpressions have esscnhal1y the sanTe 
dependence On the relallve ~0laullly1 Deri"e the sImplest expressIon thaI you can for 
Ihe vapol lale ma blnall column, assuming Ihlll RIR .. _ 12. and compale Ihls result 
to Rod and Marek 's result 

J.-5.(; ConSider the dcslgn of a benzene-Ioluene dlstillallon column (assume .2 _ 2.5) for a 
c:ase \Oo'htre tht fted rate IS 100 moljhr, Ihe ben ... ene fted composilion is 005, \Ooe want 
10 rCCO\'er 99_5 % of Iht benzcM, and .... e want the ben7-cne pUnl) to be 099 Usc 
Smoker's equauon 10 cakulale Ihe number or trays requlrW. and assume Ihal 
R _ 1 . 2R~ Find bolh the va pol rates and the number of trays requITed In tht 
recllfying and stTlpplng sections if (a) the fted stream is at I OO~F and (b) you heat the 
feed stream to saluraled-hquid condtUons (also calculate Ihe load on the heater). 
Compare lhe to tll heat Input and Ihe number or trays required for both cases. 

J-5. 7 A rule of thumb commonly used in design is that Ihe approach temperalure in a heat 
exchanger should be 10°F 111 the range from ambienllo the boiling poml of organics 
(lower values,lhat is, 3°F, are u..'ICd for refrigeration cond itions and higher valuc.~, Ihat 
is, 50°F, are used for high temperatures). To evaluale this heuristic, consider the 
Simple system shown In Fig. 3.S- 1, where we are auempLing 10 rceo,'tr 50me heat from 
a waste $Iream by prodUCing steam The tOlal annual cost or Ihls process is the sum of 

• V Rod and J Mar"k, CmlHI C.«h C,,"" C_"~ 2-4, J2..:l (I9S9). 

10 F Rood, G J PO"'CIS, lind J J SIIIOI., P,ocrss S)"lIt~jlS, P~ntice- lIall. Fnglcwood ellfl\. NJ~ 

1973, P 37 

I V M Nad", and Y A L,U, AlChF: J ., 29 926(198) 

, R Nath lind R L MOIUd, MFvolulionalY S)ntJor.ls 0( sc,pl".tiol! Pr()()eS'I05.- Alor MectinA. 
Phlladdplua, 1978 
I M f) Lu aoo R L Mot.rd, III!t C/otnt, f,,!/ S)",,,I' Sr. ., No. 74 (1982) 
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T, 267 120 90 W, 

! I ! I '" F 7; 100 

A,. U, Ac' U .. 
T,,, - 366 

, I ' I 
FIGURE l.5-1 
lIul recovny 

lhe annuahzed CO'SI or Ihe Iwo ClIchangers plus the cooling-wlter cO'S! mmus Ihe lalue 
of the Sleam produced ' 

TAC - C",As + C~Ac + C", w; - C.S (15-5) 

Write the equal ions for the heal balances for the ellchangcrs. Ind show Ihal Eq 35-5 
can be wntlen as 

'C.(TI - (00) T, - 120 FC. T .. - T, 
TAC - C~ U T 130 In,OO 9O-+C~U In T - T . , , , , 

fC, 
+CwJQ(T, (3.H) 

Sinoe T, _ 267 and TI must be gfeater than T" we simplify the ClprCSSlon by 
assuming that (T, - 100)/(TI - 130) _ I. With Ihis approllimation show thai the 
opumUn! value of '1 IS given by 

0 - _ C~/U~ + CA IUe -+ c",+..s.. 
T, - T, TI 120 JO MI, 

(35-7) 

E>en though Ihis equallon is relat ively simple to solve rOT 1'1' suppose that we 
attempl 10 bound the answer instead. That is. we know that TI must be less Ihan 11. 
and that it must be greater Ihe T" lienor:, we can wrile (afler we solve fOf T, - To' 
whICh IS the most sensitive term In Eq 3.5-7) 

~""~C~./~U~, __ p- ___ nTC~.~/U~,c-~ • < T, - T, < 
_C_~/U, + c w + _C_,_ ,;Co.el"Uc'~ + c W + C, 
T, - 120 JO All, T", 120 JO A, 

(3.5-8) 

Calculate thtS(: bounds for a case \Oo'here C~ _ SI 1.38/ yr, . F - 51, 100 Ibfhr, 
C. = 1.0 Btu /(lb ·oF), U. _ 30 Blu/{hr f1 J .-F). U. _ 20 8tu/(hr · ft 1 .oF), C. = 
SO.01J8811(lbjhr) yrJ, All, - 933.7 8 1uJlb, T, _ 267"F, Ti. _ 366°F, and C, '"" 
121 2211.(lbjhr) yr] 
Unde,wood's equation for lhe mllllmUm reHux ratio for mulii<:omponenl mixtures 
no{mal1y requi,es a 1I111-and-error solution. That is. for an A8/(CD) spli t, we: first 
soh'e the equilion below fOI the vallie of 8 between O:ac and I 

Xc, Cl K ·1(D' 
+ ---. 

1 - 8 Cl oc - 8 
I - q (15-9) 
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3--5..9. 

and Ihen we use Ihl~ result 10 calculale R .. (assunung a sharp AB/(CD) spill and Ihal 
no D goes o~erhead ); 

II~C.l" • .u' ClK.I".D xc., --- + +--=<R +1 
11...:; - 6 IIK-9 1-9 .. 

(35- 10) 

II IS Id~antagcous 10 avoid Irial·and -crror calculations when we are attempting to 
determllle Ihe best separation seqllCnce Ixc.:au.sc Ihe number of columns Ihar need to 
be designed Increases raPKII)' as the number of componenlS Increases (the column
sequencing problem IS dlSCIIssed In Chap 7). Malone· suggC$lcd I procedure for 
bounding Ihe volilues of 8 In Eq 35-9 Be first rewntes the equation U 

IIJCX., xc, Il .. CX .. , aIlCJC." --- + -- ,,", I -q--- - ----
1l.: -8 1-8 a .. c -9 IIDC - 9 

(35-1 I) 

Since tbe desired value of 8 mUSI be In Ihe range of 11K < 8 < I. he ficsi suh$mule5 11K 
(or (J on the nghl-hand side 0/ Eq 3.5-11 and then wives the remaining quadrat,,;: 
equalion. lie repulS thiS procedure wllh 8 = I substiluted on the nght·hand $Ide. 
The actual value of 8 must thus I~ betwccn these bounds. 

ConSider a case where x .. ,. - X. f = .l"c,. = .l"D,. "" 0.25, 4 .. c = 4, 11 .. - 2, (If>(" -

0.5, and q - I, and find the bounds on 8. For a case where F .. 100, all the A and 
99.5% of Ibe B are recovered overhead, and all the D and 99.3 y' of Ihe Care 
recovered in the bOlloms. find the bounds on R ... 

In the Isopropanol-IO-acetone process (a Single, Irreversible reaction) shown in Fig. 
1.3-1, Ihere will be a large reactor COSI al hIgh conven;ions, but the recycle flow will be 
small (and therefore the recycle casu will be small). The oppostle 511uallon will hold 
for low conversions, so that Ihere must be: an oplimum conversion Suppose that an 
esumale of the costs leads 10 Ihe Clprcssion 

TAC", - 3082 of 151 In --7]] ( I ) 
x I-x 

(35-12) 

where the term 733/x corresponds 10 the recycle now, 3082 corresponds to the 
effect of the recycle now on the OOSlS of the equipmenl in the recycle loop. and 151 

In [1/(1 - .I"» corresponds 10 the reaclor cost. Plot tbe recycle COSI, the reactor COSt, 
and the to tal Innual COSI versus conversion. Can you propose a design heunstlC for 
Ihe opumum converSion for fin;t-order, Irreversible reactions? For .bat types of 
kinellC models would you CJ.1l«' that your heuristic would not be valid ? 

Nom enclature 

A, Area of water cooler (rtl) 
A. Area of steam exchanger (ft J) 
C,. Annualized COSt of heat exchanger [S/(rt J

• yr» 
CES Coefficient of ease of separation 
CII Annua lized cost per p late [S/(plate · yr» 
C, Heat capacity [Olu/( lOol ,oF) or Btu/(lb ·G F» 

• M F. Malone. De~rtmc:nl olChem>Ca1 En&>nccnn~ U",ver~lly 0( MllSAIchwell'- penon., wmmun
""'"011 

c, 
C, 
C. 
D 
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EP 
F 
G 
L 

q 

Q 
Q, 
R. 
T 
TAC 
7;. 
T, 
T, 
U, 

v, 

w. 
w. 
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8 
p 

". MI, 
OT 
6V 
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Cost o f steam {S/ ((Ib/h.r) · yr]} 
Solute value (S/mo!) 
Cost of coolmg water jSj[(lb/hr) -yrlJ 
Distillate flow 
Optimum pipe diameter 
Economic potenual 
Flow rate (mol,llir in E<I 35. 2) 
Gas rate (molthr) 
Solvent rale (mol/hr) 
Slope of equilibrium line (sec Eq ] .2-4) 
Number of pla tes 

Operating p ressure; must have same unil as P" (atm, psia. mmHg) 
Vapor pressure of solule; must have the same units as Pr (atm, psia, 
mm Hg) 
Feed quali ty 
Heat load (Bt u/hr) 
Volumetric flow rate (ftljs) 
Minim um reflux ratio 
Temperatu re (OF) 
TOial annual cost (S/yr) 
InJel lempera ture (°1-1 
Steam temperature (OF) 

Temperature of intermediate stream (OF) 

Overall heaHransfer coefficient for the water coolant 
[ Btu/(hr . ft l ,O F» 
Overall heaHransfer coeffiCIent for the Steam exchanger 
[Btu/(h r . rt l . oF)] 

Coohng water flow rale (Ib/hr) 
Steam How ra te (IbJbr) 
Mole fraction in liquid phase 
Mole rraction of oomponent i in distillate 
Mo le fraction o f component i in reed 
Mo le fraction in gas phase 

Relative volalility 
Activity coefficient 
Small value 
Root of Underwood's e<luauon 
Density _ Ib/ ft J 

Viscosity (cP) 
Heat of vapon.L3.lIon of steam (Btuflb) 
Boiling-pomt difference: 
Dtfference Ifl vapor rate 
Conversion 
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CHAPTER 

4 
INPUT 

INFORMATION 
AND BATCH 

VERSUS 
CONTINUOUS 

As ~e menlioned earlier, thc original definition of a design problem is underde
fined . Not only must ..... e develop designs based on ne ..... reaction schemes invented 
by our own company, but also we must design all our competitor's new processes, 
10 ensure that OUf company's technology will remain competitive. Th us, we often 
must design a process based on a minimum amount of information. 

4.1 INPUT INFORMATION 

The information that is normally available at the initial stages of a design problem 
(or that must be gathered) is given in Table 4.1- 1. We briefly discuss each. 

Reaction Information 

The reaction information we need to know is listed in Table 4.1-2. Often it is 
possible to gather much of this information from the palent literature. In 
particular, the primary reactions, the temperature and pressure ranges, the catalyst, 
and the maximum yield often are available. It is essential to worl.:: closely with a 
chemlsllo gather the remainder of the information or at leabt to make a best guess 
of the missing data .. 
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TABU' 4. •• 1 
Input information 

I. l'ht rUClionS a nd reaction condmons 

1. The desned po-od ucl lOn ta le 

). The daored pfodUCI P UfIl) . Of _ Infolm~ ',(>n abou l pnce ~er~uJ purlly 

.... l'ht ra w ma l<:rI~ls lind. 0 ' 'lO me InlO,ml llOn .bou. price ' '''''us ru"' y 

5.. Info rm. loon .bou, 1M rill., nf 1M ,.,an,, 'n and 1M r. te nf ",, ' .I ~st oklc ..... ,K>n 

6. A n) J'fOCCMJ na conslla,n., 

7. Other pbn. ~nd sue data 

II. Physocal i»0pe.,~ of aU compoltCnll 

9. Inlorm.lion cottOelmn, 1M ,.Iety • • oua,y. lind cn''lronmenlal ,m""c! of .he 
nUII<:"a1s Inwolved In lhe prOCCS$ 

10. Cosl dlla 10. by·products. cqu'pmcnl. and uuhloes 

S ID E REAC'IIONS. It IS par"cularl~ necessary to wnle down any Side reactIons 
that might take place. E \ell If only a tratt amount of a by~product i.s produced in a 
la boratory experiment. Ihis by-product may build up to vcry large levels in a 
recycle loop. lIence, alt the by-products produced mllst be known in order 10 

synthesize a separation system On:rlooklng s ide reactions has been II; common 
mistake. and it a lmosl always leads to paying large economic penalties 

MAXIM UM YIEUJ. Information concerning how the product distribution 
changes With converSIon and/or reactor tempera lUre. molar ratio of reactants. CIC. 
IS often dlfficuh to oblam A chemist's focus is on scouting different catalysts. 
anemptJng to define a mechanism. and looking for ways to write a broad patent 
claIm. OUTIng these scouting e,;pedltlOns thc chemist normally atlempts to find 
the reaction condilions that malumi];e the yield. Thus. experience indicates thaI 
the exisllng data base will have most of the poillts grouped in a small range of 
conver.sions close to the maxImum yield. (Of tell the largest amount of data will 

TABU: .... 1-2 
Rnlction informalion 

I . l1Ie S1oocluomclry of .U Ieleltons Ih~' la~ ... placc 

1. l1Ie ranlC 0{ lemperatures lind P'e5$IJres for 1M raclions 

3. l1Ie phasql) of ,he IU"tOn system 

• . Som~ InrOrmallOn on tho: product dlSlnbuloon versu~ con~erslon (and fl'OSSlbly rcaCior tempe .. !ure. 
molar riliO of rUClllnl$. aod/Ol ple5Sule) 

S. Some ,nfo,nl.'lOn aboul conve!Jlon ~u"s sJI'Icc veloclly <), resldena: IInI<: 

6. II a cal.lnl IS IUM. sOllie InlormallOn abo", .he: stale or ,he calalpl (oomogeneou ... sluroy. packed 
hal. powder . elc). ' Ollle InlOfmlllon aboul the deactlvalion r~!<: and some ,dea of 'he r~~~. llIllI y 
01 the calaly! t as _II as the method of rrteI>Crat,on (ooke bum. solvent wash. etc. ) 
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corn:~pood to a smgle predefined condition thar IS used to check the reproducibi
lity of the catalyst. but Ihat i ~ far removed from Ihe optimum economic operating 
conditions.) 

Numerous proccsS('s have been designed 10 operate at the conditIOn of 
maximum yield. bill tllis operation onen docs nOI correspond to tnc optimum 
economic conversion As an example. let us consider a simple. hypothetical 
reaction syslem A • lJ • C. where lJ IS the dC~Ired product and C has only fuel 
\alue The concenlrallom o( A. B. and C v~rsus time m a batch reactor or space 
lime In a tubular reactor arc shown In Fig 41 · 1 When Btakes on its ma;umum 
concenlratlon. pomt P m Ilg 4 I- I. a conSiderable amount of undeSired C IS 
formed and a large amount of A IS converted Howe ... ·er. if we consider operating at 
pomt Q on the diagram. o nly a small amount of C IS (armed and much kss A IS 
conl·erted. Thus. If we operate at point Q. we will require larger recycle flows (and 
higher recycle costs ). bUI we lose less of our expensive raw material A Ihat is 
converled 10 Ihe by-product C which has only fud value 

We define .s"I"r/rml) S a.s Ihe fraction of the reaclant converted that ends lip 
a ~ deSired produc! 

s = Moles of 8 Produced 
Moles of A Converted 

(4.1- 1 ) 

and we refer 10 Ihe conversion of A to C as a sele:clivlty loss. A diagrammatic sketch 
of our definition of selectl\' lty for the HOA process (sec Sec. 1.2) is shown in Fig. 
41 -2. (Note that a varlet) of definitIons of selectivity and yield are used in the 
hterature. so Ihat It IS alw3} s necessary to check the dcfillltlon.) 

Normall}. raw-malerlals costs and sclccllvny losses are the dominant factors 
m the d~lgn of a pelrochenncal process. Raw-materials costs are usually in the 
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range from 35 to 85 % of the to tal product cost. · The optimum economic 
conversion is nonnally fixed by an economic trade-off between large: selectivity 
losses and large reactor costs at hIgh comersions balanced against large recycle 
costs at low conversions. Hence, the opt imum economic conversion is less than the 
conversion corresponding to the ma.ximum yield, as shown In Fig. 4.1-3. 

Often the scouting upcoments performed by a chemist will contain more 
information about the effect of convcrsion on the product distnbution than the 

• E. L. Gl umcr, HSclhn& Pnu n RIW Mllenl l COSI,R Clwm £"'-I~ 79 (9). IIlO (ApoI 24. 1967). 

1,800,000 

1,600,000 
1,400,000 
1,200,000 

>. 1,000,000 
iA 800,000 

600,000 
400,000 
200,000 

o 

:/ 

o I 

nGUR[ • . t-3 
Profil 

V 
/ 

0.2 

SI!CTlOt'I. , INl'l."J INfo •• , .. n ON 103 

0.3 04 05 0.6 0.7 0.8 09 

Conversion x 

bull or the data which arc taken in the neighborhood oflhe maximum YIeld. Agam, 
establish ing a close relationship with a chemist and providing him or her with 
feedback about the optimum processing conditions early in the experimental 
program Will lead to more profitable processes. 

Unfonunately, most companies arc not orga nized to opera te in this manner 
IO'ilcad, the chemist's apparatus has been completely dismantled, and the chenllst 
has been aSSIgned to another project before a design engmccr rC(%i\'es the problem 
10 thIS situauon, the designer shou ld attempt to estimate the economic incentive for 
determining the economic optimum conversion, and therefore for dOlllS some 
adduional experiments, rather than just designing a process to operate at mua· 
mum yield 

Cata lYSI Deaclivalion 

Another piece of design data that often is lacking al the early stages of a design is 
the catalyst deactivation rate. The chemist's efforts are focused on finding a more 
active or selective catalyst. so that numerous short-time runs ..... ith a variety of 
catalysts are considered. Some catalysts have an operating life of I or 2 yr before 
regeneration or replacement IS required, so obviously a time-consuming eKpen
men! 15 reqUired to find the deactivation rate 

In mitlal designs ..... e expect that there may be large uncertamtles In some of 
tbe design data . Thus, we examine the sensitivity of the total product cost to these 
uncertainties, and we use these results to help guide the eKperimen tal development 
program in the direction of the highest potential profitability. We use shortcut 
techniques for these imtial design calculations. because we recogmze that it will be 
necessary to repeat the calculations as more IOformation becomes available . 
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rroduction Hate 

If .... e are to design a new plant to meet an expanding market condition. as a first 
guess of the productio n rate .... e consider the largest planlthat has ever been built 
With thIS approach we obtam the greatest economy of scale. (Normally, things are 
cheaper per unit If we buy them m large quantities.) 

The maximum size of a plant is usually fixed by the maximum size of one or 
more pIeces of equipment. Often this maximum size is fixed by restrictions on 
shIpping the equipment \ 0 the plant sLle. That is. oilly a urtain size compressor, or 
.... hate\·er. will fit on a railroad natcar o r truck . 

We also consider the possibility of exceeding the maximum size of an ex istmg 
plan!. ThIS approach almost always requires Ihe development of new techno log) 
and thus has a hIgher risk. Il o ..... ever, by gaining a larger economy of scale. il might 
be possible to reduce the product price enough 10 gain a greater share of the market 
and thereby justify the additional risk. However. if a project gets to be too bIg, new 
types of management problems might lead to a SIgnificant increase m costs. 

Of cou rse ..... ·e must also conSIder how ourshare of the market might change if 
we bUild a new plant It makes a great deal of difference whether OUf company has 
50% of the market and some of Ihe largest existing plants versus whether we have 
5°1. of the market and ou r existing plant has only ooc-tenth of the capacity of the 
largest plan!. 

The productIon rate specified for lhe plant might change (i t usually does) 
during a design Mark~1 conditions afe constantly changing, and we must be 
responsive 10 these changes. By usi ng shortcut methods for our preliminary 
deSigns. we mInimize th~ effort required to change all the: calculations. 

Product Purify 

The producI purity normally 15 also fixed by marketing consideralions. In fact, it 
might be possible to produce a range of product purities at different prices. Again. 
we must expect that Ihe product price versus purity predictions might change as Ihe 
design is being developed. It is also essential that a designer inform the marketing 
department about the very high coslS Ihal may be associated wi th producing some 
high-purity products early in the development of a new process, so that the 
marketing department does not raise customer expectations to unrealistic levels. 

Raw Materials 

A chemist normally uses \'ery pure chemical reagents in laboratory studies, whereas 
naturaJ or purchased raw materials always contain some impurities. Hence., we 
need to gather some informatIon from our marketing group about raw-material 
price versus purity in order 10 decide whether to indude a purificatioll fa cility as 
part of the design project_ Moreover, we must work with the chemist to see whethc.r 
the impUrities in the raw materials are ioert Of will affect tbe reactions. We must 
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also examine their effect on t he separatIon system. In particular. trace amounts of 
impurities can build up to large values m recycle loops unless the Impurities are 
removed from the prottss. 

Constraints 

For Ihe sake: of safety ..... e normally wanl to avoid processing condi tions that ar~ 
within the explosive limits of a mixture. (There is an unwrittcn law of nature that a 
spa rk WIll always find an explosive mixture and cause an ignillon.) There have been 
a disturbingly large number of serious plant explosions throughout the history of 
Ihe cbemical industry, and we waDt to avoid another occurrence. However, 
phthalic anhydride plants. which oKidlzc zylene with air, do operate withlll the 
C'1Oplosive rangC', although there are many special safety features. 

Similarly. we have 10 know the prottssing conditions where some of OUT 

materials might polymerize and foul heal-e1Ochange surfaces, or where they might 
become unstable and rapidly decompose. Numerous materials also form coke and 
deactivate catalYSIS, so ..... e need to know how to minimize this coke formation 
Very toxic or highly corrosive materials also affect the way in which we approach a 
design problem Each of these factors may impose con.st raints on the design 
procedure. 

Otber Plant and Site Data 

U we are going to build our new process on an existing site,then we must design the 
process to be compatible with the facili ties that already exist OD that site. The 
battery-limit conditions and costs that we need to know about are given 111 Table 
4.1-3. 

Pbysical Property Data 

ConcepluaJ designs oft en focus on attempts to make new materials, so that in many 
cases physical property data are not available in the literature. An excellent 

TABLE 4..1 -J 
Plant and site data 

I. U!ilillc:$ 

.. Fuel IUpply 
b uvcb of lleam Pft:SSu.~ 
c. Coobnl-wlte. mk! and outlet tcmpe ... tl>r~ 
4 Rririaention Ie~dl 
<! Elec:tnc powel 

L Waste duposaJ fKlliua 
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collection of techniques for e~tllnallng physical propt:r(ie~ is .tv!lIlabh:. · New 
estimation p rocedures based on group contribution ml!thods are an area of active 
research. 

The mformatlon we nomlaJly need are molecular weights, boiling pomts, 
vapor pressures, heat capacllles, heat s of vaporization, heats of reaction, liqUId 
densities, and fugacity coeffiCients (o r equations of state) 

For conceptual designs, we u~ whate\ e r information is available (which in 
some cases is a guess), and then ..... e eSllmate lhe sensitivity o f the tOlal processing 
costs to these values. This sensltivllY evaluation provides a measure of the 
economic incentive for making the appropriate measurements. In many instances 
the costs are surprisingly insellsitive to the physical property values, but in some 
cases they are extremely sensitive. The use of shortcut design procedu res signifi
can tly simplifies the sensitivity analysis. 

Cost Data 

The capi tal costs of some pieces of equipment are given in Appendix E.2, and some 
opera ting costs a re given in Appendix E.1. 

Summary 

As a general statement about the input information, we can say that 

You never have the Tight information! (4.1-2) 

Some important data will be nmsmg or will be taken in too narrow a range at the 
wrong tempera ture and pressure. A chemist 's recipe for p roducing and isolating the 
product might be available, but no t all the side reactions may be known. The 
Chemist migh t have used a ~fa\orite" solvent for each reaction s tep without ever 
considering separation costs. 

You shou ld never hesita te 10 ask the chemist for mo re infonna t ion ; a close 
worki ng relationship is essential to developing good designs. And try to use 
p reliminary d esign calculations to help guide the experimental parts of the 
development program. In particular, we want \0 determine how sensitive the design 
is to physical property data. coking limits or other proccS$ constraints, cost factors, 
purity specifications, etc. 

E)tllmplt 4.1-1. To Illustrale olle deSIgn procedures, we conSider a proocss for 
producing benzene from toluene. We devc\op the design from scratch and discuss 
numerous proocss alternatives. The input mform'ltion taken Irom Sec. 1.2 is given ill 
Table 4.1-4 

• R C. ReId, J M Prausmu., and T K. Shcrwood. l 'M P'oper!,uofGa.s~J and Liqui<U. 3d ed~ McGraw· 
Hill New York, 1977. 
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TABLE ~. t -4 

Input ilJf!l rmation for Ihe hydrodeal liyla tioll of toluene to produce benzene 

I. RUCllOlllllformHlIon 
.. lleactlon~ 

Tolucllc + II, ~ Ikn;unc + CII. 

21k1l~e ne "" Dlphcnyl + II , (41·3) 

b Reaction ",lei tempc:ralurc > 11 WC (10 gel a rCa50nllbte rUCllon rale), rC'lctor prQ$lIrc = 500 

P''' 

,. 

d. Gal. phase 

~. No calalYSI 

Moles &mene al Reaclor Ollilel 
Sc:tccuvlly - Mob Toluene Convened .. S 

Moles Totu-cne Convcrted In Reactor 
Convcr$lon _ _ x 

Moles Tolllene Fed 10 Reactor 

r S _ OJlOJ6 L I - "( ,o"C.'i,c ..... ". x <: 097 

2. Producuon ralc of bc"zene: 165 ",ol/hr 
1. ProdUCl pumy of benzene . x D ~ 09997 

(4 \ .4) 

4. lIa" rnalCrI'lls. Pun lolllcnc al amblCnl C(lndIiIOIlS. II , '\ream COlllaWlng 9~% H" S% CII. al 5SO 
ps ... IOOF 

S. COIISlt,llnlS' Il .. /nomauc <!: 5 'ltthc reactor ",lei (10 pre"enl coLmg); reactor oull(11(ml"'ralur( <: 

1300 F (10 prC\"enl h~Ju)oCrackmg). rapIdly quench reactor cffiu-cnl 10 115O"F (10 prcvenl collllU. 
X <: 097 (or Ihe product dlslnbulion corrci'll ion 

6. Olh(1 pl i "l and Silc d'lIH 10 be gi.-.,n lalcr 

4.2 LEVEL-l D ECISION : BATC H 
VERSUS CONTINUO US 

Conti nuous processes are designed so that every unit will opera te 24 hr/day, 7 
days/ \/d: for close to a year at almost constant conditions before the plan t is shut 
down for maintenance. Of course, in some cases equipment fail~res, or other 
reasons, cause unexpected $hutdowns. In contrast, batch processes normally 
con tain several units (in some cases all the units) that are designed to be Slarted and 
stopped frequen tly. During a normal batch operating cycle, the various units are 
filled with material, perform their desired function for a specified period, are shut 
down and drained. and are cleaned before the cycle is repealed, 

Many batch processes contain one or more units that operate continuously. 
For example, in numerous cases the products obtained Irom several batch reactors 
are temporarily stored, and then the products from this intermediate storage tank 
are fed to a train of distillation columns that are operated continuously. Similarly, 
there are cases where a varie ty of by-products that are produced in small amounts 
are accumulated conlinuously, and then when a sufficient amount is available, a 
batch still is used to separate the products. 
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The d.stlnction bel .... c:en batch and contilluous processes is somelllneo; 
~omewhnt "fU7.zy M That is. large, continuous plants that exhibit catalyst deactlva· 
tion may be shut down every year or so, to regenerate or replace the catalyst 
Similarly, a large, continuous plant may lOciude a single adsorption unit , which 
usually is a hatch operatIOn If there are o nly one or two batch operations in a plant 
"'"th large production rates that otherwise operates continuously, we normally 
rder to the plant as a continuous process. 

Guidelines for Se lecting Batch Processes 

There are some rough glHdeilnes that help to indicate when a batch process m:ly be 
favored over a continuous process. Thc:sc: are reviewed now. 

PROOllCTION HA·n::.o;. Plants having a capacity of greater than 10 x 106 1b/yr 
are usually cont inUOUS, whereas plants having a capacity of less than 1 x 106 1b/ yr 
are normally "'1lch types Large-capacity plants can justify a mo re thorough 
de\elopment program, I,e_, a more accurate data base, as well as larger engineenng 
deSIgn costs. In contrast. batch plants are usually simpler and more flexible, so that 
a satisfact ory product can be produced with a larger uncertainty in the design 
Also. because of their grenter nexibility, batch plants are most common when a 
large number of products are produced in essentially the same processi ng equip
ment (e.g, paints) 

MARKET FORCES. Many products are seasonal; for example, fertIlizer is sold for 
only about a month III the early spring. If the fert ilizer is produced o \'er the 
complete year, then large inventory costs are incurred in storing It for the smgie 
month when sales are generated However, if the fertilizer could be produced In a 
month or so in a batch plant and the plant could be used to make Olher products 
during the remamder o f the year, then the invenlory costs could be dramatically 
reduced. lIence, batch plants often are preferred for products with a seasonal 
demand. 

It requires about 3 yr to build a continuous process, but some products only 
have an average hfetlme of 2 yr (some organic pigments). The greater flexibilit y of 
batch planls makes them preferable fo r products with a short lifetime 

OPERATIONAL I'ROBU:MS, Some reactions are so slow Ihal batCh reacto rs are 
lhe only reasonable alternative. Also, it IS very difficult to pump slurries at low fl ow 
rates without the solid settl ing o ut of the suspension and plugging the equipment 
Thus, II IS very di fficult to build continuous processes when a low capacity of 
slurries must be handled. Si milarly, some materials foul equipment so rapidly that 
the equipment must be shut down and cleaned at frequent intervals. iJalch 
operation turns o ut 10 be ideal fo r handling materials of this type, because: The 
equipment is penodically s ta rted a nd stopped, and normally il is dcaned after each 
batch has been processed 
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M ultiple Operations in a Single Vessel 

Another uniq~e fea,ture ~rba tch processes is that.t is orten possible to accomplish 
several operations In a Single batch vessel, whereas an individual vessel would be 
~eeded for each of Ihe operat ions in a continuous plant. For exa mple, suppose that 
m a continuous plant we heat a reactanl before sending it to a reactor where a 
ca talyst IS added, and then we send the prod uct mixture to a distillation column 
(see Fig. 4.2-1 oJ In a batch process, we mIght be able to usc: the reboiler of a ba tch 
sti ll for the heatmg and reaction steps as .... ell as for the separation; see Fig. 4.2- 1 b 
Thus, n single PICC(' of equipment can be used to replace three pieces of equipment 

When we carry out mu lople operallOns in a smgle \ essel, normally the vessel 
must be larger than the size required If we had used separa te veuc:ls for each 
operation. For example. If we use one vessel for each operation (heating, reactio n 
and ~p.aration) and it takes I hr fo r each s tep, we can produce P Ib/hr of produc~ 
by shlftmg the batches fro m one unit to another However, if we use only a Single 
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vessel, then Jl tales 3 hr 10 produce any product, and to obtain the same 
productIOn ralc .... ·c need to procc:~§ 3 IIme§ .. s much mdtcnal Of course, whcn ..... e 
use larger vessels, \Ioe of len oblain an economy of scale, so Ihat of!en there is a 
significant economic incentive to merge processing steps inlo a singJe vessel. 

Design of Ua tch lcr~u~ COllI inuolls I)roch!>es 

To develop a conttptuul design for a conllnuous process, we must do the (ollowmg. 

1. Select the proct:ss units needed 

2. Choose the interconnections among these unils 
3. Identify the prooess altemames that need to be considered_ 

4. List the dommant design variables 
S. Estima te Ihe opllmum processing conditions. 
6. Dctermlile the best process alternative 

For a balch process .... e must make cxaclly the same decisions However, we must 
also make the followmg decisions: 

7. Which units III Ihe flowshecl should be balch and which should be conl inuous? 
8. Whal processing steps should be earned oul in a single vessel ,ersus using 

indiVidual ves~ls for each processlIlg step? 
9. When IS it ad\antageous to use parallel batch umts to Improve the scheduling 

of Ihe plant? 
10. Ho ..... much iDtennedlate storage is reqUired, and where should 1\ be located? 

A Systematic Procedure for the DesigD of Batch 
Processes 

Clea rly il is necessary to make morc decisions to design a batch process than to 
design a continuous process. For this reason, Malone and coworkers - suggest that 
the best approach to design a batch process IS 10 design a continuous process firsl 
Wllh thiS approach 1115 Simpler to screen process alternatives and to delermmc the 
best process flowsheet Once the best structure of Ihe f10wsheet bas been deler
mlOed, they suggesl following the systemallc procedure given in Sec. 13.2 to 
develop the best design for a dedicated batch plant. 

·0 Irnbilffcn.nd M F Malone, ~A SyslcmaliC Placedufe (or Baleh Pfoot:lolo S)"QlhUlS,~ papcl 
Ple5cll led al lhc 1985 Annual Al O E Mecl1ng. ChaIO. 1985. C M Myn31hcos ~F1ClJblhly and 
TarlelS for ibteh Pf(lCC§I tksllD.l> ~ M S ThaI •. LJnl~n$ny of MI$$.Ochu~ll$. Amhen.I, t986 

steTlON oj SUMMAlY. U£l.C1SES. AND NO~E~tul.£ III 

4.3 SUMMA RY, EXERCISES, AN D 
NOMENCLAT URE 

S umma ry 

The mput information that ..... e need to undertake a deSign problem includes 

I. The reacilons and reaellon conditIons, includmg a correlatIon for Ihe product 
distributIOn, a relatiollslup for the conversion and space velOCity, and Informa
uon abom catalyst type, deactivation rale, and regeneration 

2. The desired production rate, product purity, and value of the product 
3. The raw materia ls avai lable and their costs 
4. Any processing constraints 

5. Olher plant and site da ta 

6. Physical properties a nd infommlion abou t the chemicals involved 
7. Cost data 

Us~allY Ih~ correct data are not available or are uncertain. However, we do 
the best Job that ~e can. and ..... e evaluate Ihe sensill\llY of shortcut designs to 
changes 10 unctrtam factors. Estimates of Ihis type can be used to determme the 
economic incentives for undertaking additional expenments. The dala on the 
product dlslribulion and side reactions arc usually cntlcal 10 a good design 

Le"e1-1 Decision' Batch versus ContlOuous 
The factors that favor batch operation are 

1. Production rate 
u. Sometimes batch ifless than 10 x 106 lb/yr 
b Usua lly batch if less than I x I06lb/yr 
c. Multiproduct plants 

2. Market forces 
u Seasonal production 
b. Short product liretime 

3. Scale-up problems 
u Very long reaction times 
b Handhng slumes at low flow rates 
c Rapidly fouling ma terials 

E xercises 

4.J...L SctCOCt a process from Ifydrocorbofl PrOUSSl11g. TM EflCyc/opedio of CMmll:ol 
P'~SJUI!J and Dt§lgn by J. J McKelta, or tbe £flCyc./opt4Ia ofCMmu:al T«hno/ogy 
b) Kuk Othmer. and see. how many of tht mput dala that you can find 

4.J...1. The t967 AIC hE Studtnl COnlc:!it Problem gIves data showmg how the sdechv1\y 
(S - moles of benzene at reaClor U1I per mole o ftolueoe convened) dc:ptnds on tht 



TARLE .. .J-I 
Seledivily di ll fot HDA pro«ss 

S 0.99 0.985 0.977 0.91 0.93 

• 0.' 06 07 0.15 0"' 

......... the 1961 ~IOI' Studnlt Conte>! ... obInD 

reactor conversIOn {Sec Table 4.3·1}. Piol the data on arithmetic papo:r, lind make a 
log lo! plot of I - S versus I-x. Develop COlTeiations fOI both sets of data Why is 
It benel to correllte I - S versus 1 -)(1 Also, usc tbe ODlTelaUOn glven by Eq 4 1-4 
to calculate the yield or benzene (Y _ mol benzene al reactor uitlmol of loluene fed 
to relctor _ Sx) as a functiou of conversion. Estimate the conversion correspond,"! 
\0 the muimum yield 

.. ..3-3. Selectivity data for II proccss 10 produce lcetic anhydride from acetone and acctK 
acid arc glven in the 1958 AIChE Student Contest Problem· The data are given In 

Table 4.3·2. The reactions of interest are 

Aceto ne - Ketene + CII. 7OO"C, I aIm 

Ketene -0 CO + iC,II. 700"C, I atm 

Ketenc + Ac:ellc Acid __ Acetic Anhydride SO"C. I a tm 

,..(4. 

and the selcctivity IS defined 1$ S _ mol ketene It reactor exit/mol acetone 
con'·enod De"elo p a COlTelation for the data. Compare your results to the sImple 
correlatIon S _ I -1.1: Use your results to estimate the con'erslon corresponding 
10 The ml.llmum yield 
A simpbfiro version or a process to produce ethylene via ethane crackrng has been 
pre5enled by Bolles.' The reactions of interest are 

TABU .u-l 

C1H. -0 ClH. + H, 

C,H. -0 t CaH. + CH. 

Selectivity daea for aceri<: anhydride process 

S 0.81 ." 0.62 0.49 ." ." ." 
• 0.1 .2 0.3 •• 0' 0.' .7 

F .... u.. 1951: AIChE 5! .... ! Coft!n! ""ohIcm. 

0.13 

0.8 

• See J . J McKell., encydo"..dla ofC~""lcaJ P,oalllr\fl <mtl Dtsi/l ..... vol I, Dekker. New York, 1976, 
p.271 

I W L BoIIeI, £rlryuM P/mtr De$1glt mod &~ Wuhtnl10n UDlYef'Sity DeSign Cue Snxly No 6. 
P 11-32, edited by B 0 Smtih. Wuhrnglon Uni.-ersily, Sl. Louil, Mo~ AUI 1,1986. 

TABLE: 0-3 
Proclucl dislribulion for ethl ne cracking 

Com~nt Ywld pa" .. rn. _, -!.. 

H, 
CH. 
C, II. 
C, H. 

>00 W m 
U8 168 >oJ 

'19 JS8 '" '" 601 '" 

3.5 . 
>6. 

'" ." 

4.07 
m 

'" J.1J 

.... 
19J 

'" 236 

aoc:l some res~lts for Ihe prDdUCI distribution are given in Table 4.3-3. eonH:n the 
dala ~r~m .. ·elght perc:enl to mol percent, and then develop a corn:lauon for the 
selecclvuy (moles o f C, H. at tbe reactor exit per mok: or C, H6 convened) 

~enner and Dybdal · present some product d islnbulion da ta for styrene produc . 
tlon. The reactions they consider are 

Ethylbenzcne; Styrene + II, 

Ethylbenzcne - Benl-,=ne + C,l!. 

Eth)lbenl-c:ne -t " ,_ Toluene + CII. 

and points read from their graphs are given in Tables 43-4 and 43.S. De,clop 
~ correlaTions for these: data. 

.. ':.J Consider '''0 parallel. firs!-order iso!hermal reactlon~ in a batch (or tubular) reactor 
fed wuh pure reaelan! 

.. ..3-7. 

A - ProduCl A _ wasle 

and de~ne selecthity as S - mol product/mol A con~erted Use a kmetlC analYSI~ 10 

delermm~ bO':" the selectivlly depo:nds on the COn'·ersron. What are the results If the 
fir51 reaction IS first·order and the second reaclion is second.order? 

Consider tw~ consecuTIve, 6rst-order. isothennal ~acTions in a balch (or lubular) 
reactor red With pure reactant : 

A _ Product Product -0 Wl$te 

Define the: selecti~ty as S - mol product in reactor effluent/moJ A converted, and 
develop an nprCSSlOn, based on a kinetic analysis.. ror bow the selectivity depends on 

• R. W. WC1IlIer and E. C Oybdal. CIwm.. E"9. P'og .• -U(.) : 27S (1'1<48). 

TABl.[ 0-001 

Moles or benune per molt or SI)Tt'ue versm conversioo 

Mol be~Jmol STyrene 0 O.OOS 0.010 0.020 0.030 0060 0100 0140 

ConyCI"SlOOl JI 0 0.10 Oil 0.20 0.25 0.30 OJ, 040 

r ....... 1t w ..... 
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TABLE 4.3-5 
Moles of toluene per mole of styrene lUSUS con,-ersion 

Mol toluene, molltyrene 0 0.006 0015 0030 00<' 0.070 0110 0.160 

COIIv<:nlon .. 0 000 00' 0"" 025 030 0)' 0.«> 

ron~ersion How do the resulls change if the first reaction IS second·order aDd the 
second reaction is also second-{)rder? 

4.3--&. To bener undustaDd the simllanues and differe_ between tbe de:s.i,gns of a 
continuous and a balch process, let UI COQ5lder a very ovel'$implified design probkm 
wbere Ibe process consists of only a smaJe reaClor. We desire 10 produce: producr B 
by the reaClion A. _ B. The COSt of A is C, (S/mol). we operate 81SO hr/yr for a 
continuous plant, the desired production ra te is P moljhr, the reaction takes place by 
a tirst.o rder isothermal reaction, the separation of the product from unconvened 
reactan ts is free:, and we cannot recover and recycle any unconverted reactants. We 
ha\'e to pay for Ihe raw materials and reactor, so our cost model becomes 

TAC _ C,F ,81SO + C.v (4.3- 1) 

The production rale 15 related to the fresh feed rate F, and the conversion x by the 
upn:sslOn 

P _ F,1<. 

and the reactor volume IS given by 

Thus, ..... e can wri te 

F, I V--'o--
kp .. 1-1<. 

TAC_ 815OC,P + C.p 1,,{- ' - ) 
x kp .. x '\I - x 

(4.3·2) 

(4.3-3) 

(4,3-4) 

Slncc the tOial annual cost becomes unbounded when x approaches either uro or 
umty, there must be an optimum conversIon. 

Suppose we do the same prOOCS5 10 a batch reactor, wbere ..... e produce n 
batches per year for 7500 hr/ yr. Denve an exprcsslon for (he total annual cost in 
terms of the conversIon. Lei the lime II takes 10 empty, clean, and refill the reactor be 
'J and the reaClion time per cycle be f, lIow do the expressions for the batch process 
compare to the result for the conllnuous plant? 

• .3-9. S ... ~,· considered the problem of makmg two products m • prOOCS5 lhat con~i.sls 
only of a reactor, I.e., ident ical to E~erCl5C 4.3-8 C.lCCpt that we have IWO feICIioIl!i 
A, - B, and A, -0 Bl ; thecos\$ of the raw materials arc C" and Cn : the desired 

• s. S..-....... ~ Prdmuury Dc:sJp and Op'"mzanon or Balch Pr_,~ MS Theus.. Uruvcnlly or 
Mauacbwcns.. AmbeR!, 198$ 

4J-1O. 

SECTION 0 1 SU ...... ARY. EXUtl~ES. M<D NOMfl'lC1.A r tllE J 15 

producuon rates of H, and H2 arc PI and P , moljhr, respccU,c1y, both reaCUons arc 
fir~t -ordel, Isothermal, and tn e\eulble with resCUOl1 rate constants t.. and k . the 
d ' 2' en~flles are p , and P2 ; the reaClnr downtImes are '4. and to: the numbers of 
batche;. per yeu arc <I . and "2; and only one IClIctor IS used 10 make bolh prooucb 
Ilow do the results for uSing ''''0 separale reactilTs compare to lhe results ro r usmg ~ 
sUlgle rellclo r fill II CJoSC: .... here 'he reactor CO!iI IS gncn by the folio ... in, C.lpres..lon? 

Reactor Cost - C. I '· b < I 

Suppo:;c that t ... o parallel reactors are used 10 Ihe process descrtbed In tUlcisc 4.3-8 
I 10'A do the reacllon times, numbers ofbalChes per year, raw-materials costs, reactor 
Slle, and reactor CO!it dllfer from the case of using a $Ingle reaclorl 

4J-11. lsooct.rn: (gasohrn:) can be produced by the reactions 

Blllern: + lsobu larn: - ISOOCtane 
Butene + Isooctane _ C'

I 
J 

The reactions take place 10 the hquld phase at 4S"F and 90 psia In a continuous 
l urred lank reactor. Assume that the reaChon kinetics agrees 'A-lIh the stOichIOmetry 
and develop an uprcsslon for the sclecU\'lty (15OOCIane produ.:ed pcl buten: 
con\ened) 

Nomenci.alure 

A 
B 
C, 
C, 
F, 
k 
P 
S 
I, 

I, 

V 
x 

Rcaclant 
Product 

CO~t of reaCtants (S/mol) 
Annualized cost of reac tor volume [S/(ff J , yr)) 
Fresh feed ratc: (molthr) 
Reaclioo rate: conSlanl (I/h r) 
Production rale (mol/hr) 
Sdcctlvity 

D owntime per balch (h r) 
Reaction l ime per balch (hr) 
Rcaclor volume (fIJ) 
Conversion 
Product purity 
Molar density (mol/ ft.J) 



CHAPTER 

5 
INPUT-OUTPUT 
STRUCTURE 
OF THE 
FLOWSHEET 

In Sec. 1.2 we descnbed a hierarchical decision procedure for inventing process 
flowsheet s and base-case designs_ The decision levels are repealed in Table 5.1 -1 
The batch versus continuous decision of level I was d iscussed in Sec. 4.2, and in the 
subsequent chaplers we discuss the other decision levels in detail. 

5.1 DECISIO NS FOR THE 
INPUT-OUTP UT STRUCTURE 

To undersland the decisions required to fix the ill put-output s tructure of a 
fl owsheet, we merely draw a box around the total process. Thus, we focus our 
attentioll on what raw materials are fed to the process and what products and by
products are removed_ Sincc the raw materials costs normally fall in the range fro m 
33 to 85 % of the total processing costs., we want to calculale these costs before 
we add any other detail to the design. 

Flowsheet Alternatives 

Almost e\ery flowsheet has o ne of the two structures shown in Fig. 5.1-la and b_ 
There is a rule of thumb in processdcsign (see Sec.. 3.4) that it IS desirable 10 recover 
more than 99 % of all valuable materials. For initial design calculations wI!' use the 
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TABLE 5.1 - 1 
!-lier.rclty Or decisions 

I. Balch vaau5 oonlmoous 
1. Inpul·oolpul Sllucwrc or Inc nowshcci 

J. Rccycle SI.uClure or Ihe nowsh«1 

... G~n<':,..1 slr "",I",c of the "''''''311on ~y.lcrn 
<I Vapor reoo~cr ... Iyslcrn 
b Liquid 5O'1' .... " on system 

5. ll eal-c1Ch.nge. MI" O' ~ 

order-of-magnitude argument to say that this rule of thu mb is equivalent to 
requiring that we completely recover and then recycle all valuable rcaclants. Thus, 
Fig. 5.1- la indicates that no reactants leave the system. 

Of course, if air and water are reactants in a process, they arc sufficiently 
mexpensive, compared to organic materials. that il might be cheaper 10 lose them 
in an exit stream rather than to recover and recycle them. l lencc, in a few rare cases, 
Fig. 5.1·10 mlghl not be complete. 

The other situation in which commonly reaClanlS have bun lost from a 
process occurs when we have a gaseous reactant and ei ther a gaseous feed impurity 
o r a gaseous by-produCt produced by o ne of the reaclions. We want to recycle the 
gaseous reactanl, bUI the inerl -ga!' componenls mUSI be purged fro m the process so 
Ihat thl!'Y do not conttnue to accumulate tn the gas-recycle loop. In the past. It was 
so eXpf!"nslve to separate gaseous mix I urf!"S that SOffi(" reactant was allo wed to lea\e 
the process in a ~as-recycle and purge stream (see Fig. S.I- Ib). However, thl!' new 
membrane-separation technology. such as Monsanto's prism process, has CuI the 
cost of gaseous sepa rations so Ihal gas recycle and purge might not be necessary 

F<ed ~ Process ~ Pn"'"" 
strcams By-products 

(0) 

Purgl!' 
! I 

r""", ~ Process ~ Pn"'"" 
slreams BY'producls 

(b) 

FIGURE 5.1- 1 

tnpul-<lUlpul strudu.c of 1Io"'shcd IF, ..... J lot Dougw.Alo.F.J. Jt :JJJ (/98J).J 
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TABU: 5.1-1 
Lt:vel-2 decisions 

I . Should we punfy lhe foed ~trums before they ~Ilter the p:occss1 

1. Should we remove Or r«yde a ,eve""ble by.product 

3. Should We I»C a ias recycle and pur/le ~'ream' 

.. Should we DOt bothe. to .«ove, lI'od rCCY<.1e lOme fClIctant§? 
5. tlow wany product stre.JIm~ ... dltherc be' 

" Whal lI.e lhe dcs.,n unable!; for Ihe mput-output lolnoaurc, and whal 000lI0mM: Irad.,..~1f> In: 
UIOC1lItW " 'lIh these varnoblcs' 

We distinguish between Fig. 5.1- la and b because the presence of a gas 
recycle and purge stream adds a design degree of freedom to the design problem; 
i.e., either the reactant composition of the purge stream or tbe excess ga~us 
reactant fed to the process becomes a new design variable. We discuss the dcslgn 
variablcs later. 

Level-2 Decisions 

Th~ decisions we must make !o fix the input-output structure of the flowsheet are 
given in Table 5. 1-2 and arc dISCUssed below 

Purifiouion of Feeds 

A decision to purify the feeds before they enter the process is equivalent to a 
decision to design a preprocess purification system. This is differen t from a decl~lon 
to feed the process through a separation system that is required In any evenl. .Smce 
at this stage o f our synthesis and analysis procedure we do not kno~ what ~md of 
5('paration system WIll be required for the process with no feed Impuntlcs, we 
cannot always make a definite decision. 

Some design guidelines to be considered are as follows : 

If a feed impurity is not inert and is present in sigmficant 
quantities, remove it (otherwise, it wi ll lead to raw-material 
losses. and usually a much more complicated separation 
system is required to recover the additional by-products). 

If a feed Impurity is present in a gas feed, as a first guess 
process the Impurity. 

If a feed Impurity in a liquid feed stream is also a by
product or a product component, usually it is bener to feed 
the process through the separation system. 

If a feed impurity is present in large amounts, remove it 
(there is no quantitative cnterion avat..lable to indicate how 
Mlarge" is large). 

(5.1-1) 

(5. 1-2) 

(5.1-3) 

(5.1-4) 
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Jr a feed impurity IS present as an azeotrope with a reactant, 
of len It is beller to process the impurity. 

Jr a feed impurity IS Inert bu t is easier to separate from the 
product than the feed , It is better 10 process the impurity. 

Jr a feed impun ty is a cal;Jiyst paillon, remove It. 

(51-5) 

(5.1-6) 

(5.1·7) 

PROCESS ALTl.RNAlIVE. Unfo rtunately, no t all these design gUidellncs arc 
quantltallve, so orten we must base our mllial decision on our best j udgmenl 
(which might be merely a guess) 

Jr we arc not certam that OUf decision is correct, we list the 
opposite decision as a proc~ss alternative. (5.1-8) 

With thiS approach, we haVe a systematic way of generating a lisl of process 
alternall\es 

EC01"OOMIC TRADE-OFFS FOR n ';ED PURifiCATION. Our deciSion of pun. 
fying the feed streams before they are processed involves an economic trade-off 
betwecn bUIlding a preprocess scpanllion systcm and Increasing the cost of Ihe 
process because \\,e are handltng the increased flo\\,' rates of lOer! matenals. Of 
course, the amount of mer! mat~rials present and where they WIll efller and lea\e 
the process may ha\ e a great Impact 0 11 the proccssmg costs. Therefore, it IS not 
surpnsmg that there IS no simple deSign criterion that always indicates th~ corn:cl 
decision. 

Recmer or RC<'ycie Re\'ersible By-producls 

The rLactlons to produce benzene from toluene are 

Toluene + 1-1 2 ..... Benzene + CH. 

2IJen.zcne ¢DiphenYI + I-Il 
(4.1-3) 

Since the second reaction is reversible, we could recycle the diphenyl back to the 
reactor and let il build up m the recycle loop untt! it eventually reached an 
equilibrium level. That is, the recycled dlphenyl would decompose to form benzene 
at the same rate as benzene would be producing diphenyJ. 

If we recycle the reversible by-product, we must oversIze all the equIpment in 
that recycle loop, to accommodate the equilIbrium fl ow of the reversible by. 
product. However, If we remove it from the process, we pay an economic penalty 
becau$C of the lDcreased raw-material cost of reactant (toluene) that was converted 
to lbe reversible by-product (dlphenyl), e.g., the raw-matenal cost of to luene minus 
the fuel value of dlphcnyl. Since o ur decision lDvolves an economic trade-off 
belween raw-material losses to less va luable by-products and Increased recycle 
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costs. it should not be surprismg that no simple design guideline is available to 
make this decision The result will also be sensiti\e to the equilibrium constant or 
the by-product reaction. So we generate another process alternative. 

Gas R«ycle and Purgt 

If we have a " light " reactant and either a "light H feed impurity or a "light" by
product produced by a reaction. it used to be common practice to use a gas recyck 
and a purge strum : I.e .. we want to recycle the reactant. but we must purge one or 
more components from the process. We define a light componenf as one which boils 
lower than propylene (-SS"F, -4S"C). We cboose propylene as a breakpoint 
because lower-boiling components normally cannot be condensed at high pressure 
with cooling water; i.e .• both high pressure and refrigeration would be required. 
Since gaseous reactants normally are less expensive than organic liquids, and since 
refrigeration is one of the most expensive processing operations, it usually was 
cheaper to lose some of the gaseous reactants from a gas recycle and purge stream 
than it was to recover and recycle pure reactant. 

However, membrane technology. such as Monsanto's prism process, now 
makes gas sepa rations less expensive. Unfortunately, there is not a sufficient 
amount of published information availabk concerning the costs of membrane 
processes to be able to develop new design guidelines. Thus, we treat the membrane 
separator as another process alternative. Because of the lack of published informa· 
tion, we would base our initial design on a process with gas recycle and purge, 
whenever our design guideline is satisfied : 

Whenever a light reactant and either a light feed impurity 
or a light by-product boil lower than propylene ( - 55°F, 
_ 48°C), use a gas recycle and purge stream. 

A membrane separallon process also should always be considered. 

D o Not Recovtr and Recycle Some Reacta nts 

(5.1-9) 

One of our design guidelinCl statClthat we should recover more than 99% of all 
valuable materials. Since some materials, such as air and water, are much less 
valuable than organic ones, we normally do not bother to recover aDd recycle 
unconverted amounts of these components. Of course, we could try to feed them to 
tbe process so that they would be completely converted, but of len we feed them as 
an excess to try to force some more valuable reactant to complete conversion. 

Forellample, in combustion reactions, we usually use an excess amount of air 
to ensure complete conversion of the fuel. The greater amount of the excess we use. 
the closer to complete conversion of the other reactant we oblain. However, tbe 
capital and operatmgcosts of the blower used 10 move the air, as welJ as preheating 
and cooling costs, increase as we increase the excess amount of air. Thus there is an 
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TABLE 5.1-J 
Destina tion codes and compoDCDI dassifications 

I. Vent 

1. Recycle and purae 

1. Recycle 

<N~ 

5. E1OC51- vcnl 

'- ElC:e",- wule 
7. Primary prodUC1 

L Valuable by·product (I) 
,. Fuel 

10. Wane 

Gucous by. produo;lJ and ret<! tmpunuet 

Ga'ICous rUo;lants plus 1M" .- and/or "~UJ by-plod UC:11 

Ructants 
RUCUO D IDltrmedJ.lles 
AuOlr Dpa Wllh rcaaanis (oomt:lllnes) 
Reversible by·products (somcUlllet) 

ReactanUl - ulXlmplcte OODVCnilDD or uasublc relc:tJDIl IlltermcdlllU 

Gaseous luetant not rCQO'!'Ct'CId and rco;ydod 

Uquid ~ctanl DOl recovcred or recycled 

Primlry Pfoduct 

Separlle dc$tlDllUon for d~r-cnl by·prodlKUl 

By·prodlKUllD fuel 

8y-produeu 10 " 'UIC lIutmcnt 

optimum amount of excess that should be used. Similarly, at some point. the cost of 
excess water used will become significant. Moreover. pollution treatment costs 
must be considered. 

N umber o r Product S1ream5 

To determine the number of product streams that \\i1lleave tbe process, first we list 
all the components tbat are expected to leave the reactor. This component list 
usually includes all the components in the feed streams and all reactants and 
products that appear in every reaction. Then we classify each component in the list 
and assign a destination code to each. The component classifications and destina
tion codes are given in Table 5.1-3. Finally, we order the components by their 
nonnal boiling points. and we group ~ighbouring components with the 'iamc 
destination. TIle number of groups of all hut the recycle streams is then considered 
to be the number of product streams. 

This procedure for detennining the number of product streams is based on 
the common sense design guideline that 

It is never advantageous to separate two streams and then 
mix them togetber. (5.1· 10) 

Also, it is based on the assumptIon tbat the components can be separaled by 
distillalion and that no azetropes are formed. Thus. in some cases (i.e., solids) a 
different sct of rules musl be used to estimate the number of product streams. 

Exampk 5.1-1. Suppose we bave the 10 components listed in orda of tntlr boiling 
POlOts and WIth the destination codes indlClted. How many product ltreams will there 

"" 
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Componenl Desti .. lion Cornpooenl DaIiWll ioD 

A Waste F Primary product 
8 Wasle: G Recycle 

C Recycle II Recycle 
0 Fuel I Valuable by-product I 
E Fod } F~I 

5ohtl;_. The prodUC::1 streams an: 

I. A + B to waste (do not separate them and (ben mil them in the sewer) 

2. 0 + E. 10 fuel (do not separalc them and Iben mil them 10 burn) 

J. F - primary product (to S(Drage for sak) 

4. I - valuable by· produci I (10 slorage ror sale) 

S. J 10 fuel (J must be separated bom 0 and £ to recover components F. G, H, aDd I, 
50 we treat J as a separate product sueam) 

Example 5.1-2 HydrOli lkyladOil I.If tl.llucH 11,1 produce bnIuoc. Find the number e f 
product streams fer the HDA proc:css; i.e., see Example 4. 1- 1. 

Solutio,.. In Example 4.1 -1 the components in tbe reactiens are teluene. hydregen. 
benzene, methane:. and diphenyJ. No addiuonal oomponents are prC$CD1 In eilher of 
Ibe feed 5treatIl$.. If ""e arrange these components In erder of thell ne nnal boiling 
poiots, we eblain Ihe results shown in T.ble 5.1-4. Sino: both hydrolCo (. reaCt'ot) 
and meth.ne (both a feed impurilY and a by-product) boil al a lewer temperalure 
tb.n prepylene. we decide te IUC a las rc:qe\e .nd purge stream. Bc:nune is eur 
primary product, and toluene (a reactant) is recyckd Diphcnyl is a reven;ible by
product, and fer thls uample we decided Ie remove it frem the proc:css anc:Ite use it as 
pan of e ur fucl lupply_ These destinatien codes also are given io Table 5.1-4. 

Thus, there .re tbree product streams : • purge containiog Hz and CH .. , tbe 
primary product 5tream containing benzene, and I fuel by-product $lream containinl 
diphcnyl. The initi.1 fle wsheet is given io Fig. 5.1-2 

TABLE 5.1 .... 
Tol~ne to beouoe 

Com,.....,., 80lImc poill' D.liu'Oo. cock 

H, - 2S3-C Rcc:ydc and PUrlC 
CH. - 161 "C Recydc and purse 

""=~ 8O'C Primlr, product 
ToI~ IWC Recycle 
OIpbcQyJ 2~j}"C F~I 
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I ' I Purge; H2• CH4 

H2• CH4 ~ Process ~&=~ 
Toluene Drphenyl 

FIGURE 5..1-2 
Inp"I -oUlptU $~tUIC of UDA proccu. [F,,,,,, J. M. Dou4ku, AlOEJ., 31 J jJ (198'1] 

Eva luation of the F10wsheet 

AI each stage of the development of a flowsheel, this is essential: 

Be CC'rlain thai all products, by-products, and impurities 
leave the process! (5.1-11) 

For example, in our BOA process. there might be some other impurities in the 
hydrogen feed stream. We would expect them to leave with the purge. We also 
expect that there will be some impurities in the toluene feed stream. We attempt to 
identify these impurities by considering the source of our toluene, and then we look 
for where: tbe)' will exit the 'process. Furthermore, we need to consider the 
possibility of other side reactions (such as the formalioll of terphenyl), and we must 
ensure that these new by-products leave the process or can be rccycled. 

Jr even a Ira~ amount of a component IS fed to a rccycle loop and is not 
removed, the process will be inoperable. This is one of the most common mistakes 
made by inexperienccd designers. 

5.2 DESIGN VARIABLES, OVERALL 
MATERIAL BALANCES, AND 
STREAM COSTS 

To calculate the overall process material balances and the slream costs, we must 
first assess whether the problem definition is complete or whether there are any 
degrees of freedom that must be specified to calculate the malerial balances. In 
genera~ the problem definition is not complete. Therefore, normally, it is impossi
ble to develop a unique sct of material balances for a process. QnJy a process with a 
single reaction and with no loss of reactants from tbe process has no degrees of 
freedom. 

Of course, if the material balances are not unique, then the stream COSIS will 
also not be unique. Thus, we must develop the material balances and the s tream 
costs in terms ohhe unknown design variables, and eventually .... e will look for the 

economic optimum values of these design variables. 



Design Variables 

The variables we select to complete the definition of the design problems arc what 
we call the degru5 of freedom. For complex reactions., it is usually possible to 
correlate the product distribution measured in the chemist's laboratory as a 
function of Ihe conversion of the limiting reactant, the molar ratio o f reactants, Ihe 
reactor temperature, and/or the reactor pressure. U the activation energies of all the 
reactions are equal, then temperature will not appear in this correlation, Similarly, 
if there are the same number of moles of reactants and products for gas-phase 
reactions, or if we are considering liquid-phase reactions. then pressure will no l 
appear in this correlation. In addition, we usually al1empt to correlate the 
conversion against the space velocity in order to estimate the reactor size. 

For preliminary designs., where kinetic data orten are not available, we 
assume Ihal the reacto r configuration used in the process is the same as that used 
by the chemist (a batch reactor is equivalent to a plug flow reactor), because ..... e 
cannot evaluate the effect of the reactor configuration on the producl distribution 
without a kinetic model. However, if the preliminary design calculations indicate 
that additional develo pment effort is justified, part of that development effort 
should be directed to determining the best reactor configuration. 

In addition to the design variables which affect the product distribution, the 
other design variables that enter into t.he overall malerial balances correspond to 
situations where we do not recover and recycle all the reactants. Thus. if we use an 
execss amount of air in a combustion reaction. we must specify the amount of 
excess. Similarly, if wc havc a gas recycle and purge stream present, we must specify 
cit her the cxcess amount of gaseous reactant fed (i.c., in eJlccss of the reaction 
requirements) which is lost in the purgc stream or the reactant composition in the 
purge stream. 

A list of the level-2 design variables that might affect the overall material 
balances is given in Table 5.2-1. 

O,,«all Material Oalances 

Nonnally it is possible to develop expressions for the overall material balances in 
tenns of the design variables without ever considering any recycle Hows. Any time 
the overall equations are undc:rdetined, it is necessary to look: for one or more 
design variables to complcte the problem definition, and these design variables 
always correspond to significant prouu-optimization problems. Hence, the initial 
analysis should always focus on the input-output flows only. 

TABLE 5.1-t 
Possible design nriables for level 2 

Reactor oon1fCrSl(ln. II!OIar nlto of J'CK1ants, 
,ractlOn lcmpo::rlhllr Indfu' p'c&lIu,e 
RnoctJn" not recoverai or lIS .~ and .... 'IC 
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TABLE 5.1-1 
Proc:«iures for deYekJping oyeral1 material balances 

I. Start With the apecificd prodllCtlOfl rale.. 

1. From the l.IoodoKllnt1ry(and, lor compJu rUClIOQ.l.the eondJol>OIl fo, product distribution ) find the 
by·product no.., aDd Ihr ructant rrqulremcnl, (in lemu oIlM drslJR VlInablo:). 

1. Cakulalr the Impurity Inle l and oUlkt HoWl for 1M ~ .. ream. wherc the: raetlnlS arc completely 
,ceo>'cre<! Ind ,ccydcd 

• . C.lculale lhe: oudlc'! Ito .. 01 reactlnls In lemu of I .pecified amounl of uoess (Ibove 1M ll:a<:Ilo n 
requ,uemenIJj for I.Ircams .... here tbe reactln ts Ire nol fCCJI)¥'I:ud Ind reqdcd (rccydo: and PUfF o. 
air or .... ler). 

s.. C llcutlle lbe inlet and outlet now. for the Impunlies eMlrn", with the 'ea<:lln l streams 10 Ilrp 4 

Material Balance Procedure 

To develo p Ihe oyerall material balances for single-producl plant s, we always Sla rl 
with the given produclion rale. ( If a process in an existing complex is replaced by a 
new process, then the feed rate may be known instead of the production rale.) 
From thc production rate, the reaction stoichiometry. and (usually) thc correla
tions for the product distribution, wc calculate all the by-product Hows and the 
raw-material requirements as funct ions of the design variables that appear in the 
product distribution correlations. Then, knowing the impurity compositions of the 
feed streams, we calculate the inlet and then the outkl flows of the inert materials. 
for feed streams where an excess of reactant is fed and not recovered and recycled 
or a feed stream whcrc the reactant exits through a gas recycle and purgc stream, 
we must specify theexccss amount oCreactant that is lost from the process. Then we 
can calculate the inlet and outlet flows of any impurities from the composition o f 
these feed streams. A summary of the procedure is given in Table 5.2·2. 

Limitations 

Note that the preliminary material balances described above are based on the 
assumption of complctc recovery of all valuable materials. instead o f the rule-of
thumb value of greater than 99 % recovery. There are no rules of thumb available 
to fix any of the design variables. Moreover, it is always much more important to 
find tbe neighborhood of the optimum values of the design variables which tix the 
inlet and ou tlet Hows than it is to include the losses early in the analysis. However. 
we will want to revise o ur initial material balances at some point to include the 
)""". 

OUf approach focuses on processes that produce: a singlc product. There arc a 
number of processes that produce multiple products. e.g., chlorination of melhane, 
amioe processes, glycol plants. retinerics, etc. The overall material balance ca.lcula
tions for these processes are usually more difYku lt than the procedure described in 
Table 5.2-1 because the product dist ribution muSI match the market demand. 



~u",plc .5.2-1 T"I .... M If) knune. lk ... dop the: overa ll m"ten,,1 bal.IDCCi (or the 
)I DA p/Ocess 

So/uri"". The reactions of mterest arc 

Toluene + 111 ~ Benze:ne + CII. 

2Benzc:ne::;:= Diphen)'1 + II J 
(41 -3) 

and "'1' are gJ\en that the desired prooucilon rate of benzene IS p. _ 26S molfhr 
(Elllmple 4 1-1) If I'll' use a gas recycle and purge slream for lhe Hl and C I-I •• and if 
"'1' recovcr and remove the dlpbenyl, Ihen there are three product streams; see 
Eu,mple S. 1-2 and Ihe 60wshecl given In Fig. 5.1-2-

We DOle from Fig, S.I-2 Ihat all the toluene we feed to the process gets 
converted (I,e~ no loluenc lea ... es Ihe system). However, thiS does not meaD thai Ibe 
cDnverslon of toluene In the reactor is unity. A low conversion per pass Simply means 
that Ihere will be a large imernal recycle flow of toluene. Ho ... ·ever, we evaluate these 
recycle fl ows at a la,er slagI' of our design procedure. or course, our a.ssumptlon that 
all tbe feed loluene is COnver1c:d neglects any toluene losses In any of tbe product 
SIn:ams, but this corresponds to Our ini,ial design assumption o f complc:\e recovery 
versus greater Ihan 99% recoveries. 

SElECfIVITY AND REACTION STOICIIIOMlIRY. We define the selectivity S 
as the fraction of toluene converted in the reactor that corresponds to the benzene 
flow at the reactor outlet . Also, we recover and remove all thiS benzene. H ence, for 
a production o f P, molthr, the IOluene fed to the process F(T must be 

p. 
FfT =~ 

S 
(5.2-1) 

Also, from the slOlchiometry (Eq . 5.1·3), the amount of methane produced PJIj ,cu. 
mus t be 

p. 
PJIj ,Ot. = S (52-2) 

If a frac tio n S of toluene is converted to benzene, a frac tion J - S must be lost to 
diphenyl. Ho wever, from the stoichiometry of Eq. 5.1-3, the amount o f diphenyl 
produced PD Illust be 

(5.2-3) 

Since Ihe IOluene stream contains no impurities, we find the toluene fre~h feed 
rale and the diphenyl by-produci fl ow rate in lenns ofselcctivi ty from the reaction 
stoichiometry and the given production rate. A relationship between selectivilY and 
conversion is given in Example 4 I- I. 

RECYCI. E AND PURGE. The s toichiometry also indicates the amount o f II I 
required for the reaction If we feed an excess amount of bydrogen. 1-' ,;, into the 
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process, th iS hydrogen will leave with the purge stream. Thus, the IOtal amount of 
hydrogen fed to the: process Will be 

p. 
F£+2S(1 +S) - YfHFG (5.2-4) 

which IS equal 10 the amount of hydrogen In the makeup gas stream YFHFG· 
Similarly, the methane flow rate leavlOg the process will be the amount of methane 
entering the process., (I - YrHWG' plus the amount of methane prod uced by lhe 
reaClJons. P JIj.Ctl. = P .IS, or 

(5.2-5) 

The 10lal purge fl ow rate Po will then be the excess H 2 , F£, plus the to tal methane 

POI. or 

(5,2·6) 

Ralher than uSing the excess hydrogen feed F £ as a design variable, we 
normally use the purge composllion o f the reactant Yr-H' where 

F, 
)'r-H = - (5.2-7) 

P, 

This purge compositIOn IS always bounded between zero and unity (aclually there 
is a smaller upper bound whIch depends on the feed composition and somellmes on 
the conversion), The use of bounded variables makes the preparation of graphs 

simpler. 
We can develop expressIons for the makeup gas rate F G and the purge rate 

PG explicitly ID terms o f the purge composition of reactant } 'r-If either by uSlOg 
Eq. 5.2-7 to eliminate FE from Eqs 5.2-4 and 5.2·7 or by ..... riting balances for the 
hydrogen and methane and then combining them. That is, the amount of hydrogen 
in the feed must supply the net reaction requirements as well as the purge loss 

(5.2-8) 

and the methane in the feed plus the methane produced must all leave with the 
purge 

(1 (5.2-9) 

AddlOg these ex pressions gives 

p. I - S 
P .. - Ft;;+ S 2 (5.2- 10) 



We can then solve for Fr; : 

(5.2-11 ) 

If we are given values of p., S, and either F [or Y'H . we can use the abme 
equations to calculate the fresh feed rate 01toluene, F FT (Eq 5.2- 1), the production 
rate of diphenyl, Po (Eq. 5.2· 3), the makeup gas rate Fr; (F..q. 5.2-4 o r 5.2. 11), and 
the purge flowrate, Pr; (Eq 5.2-6 or 5.2-10). Thus. we have determined all the input 
and output flows in terms of the unknown design variables S and either F £ or )"H' 

MATERIAL BALANCES IN TERMS OF EXTENT OF REACTION. It is becom
ing common practice: to describe malerial balance calculations in terms of the 
utenl ofreaction ~ I (or fractional extent of reaction). Thus. for tbe HDA process, 
we would say that ~I mol (or molesJbr) of toluene react witb ~I mol of HI to 
producc ¢". mol o(benzene plus ¢"I mol ofCH .. . Also, 2~l mol of benzene produces 
¢"I mol of diphenyl plus ~l mol of hydrogen. Then, we combine these statements to 
say that 

Net benzene produced - ¢". - 2{z 

Methane produced - ~I 

Diphenyl produced .. ~l 

Toluene consumed _~. 

Hydrogen consumed - ¢"I - ¢"z 

(5.2-12) 

(5.2-13) 

(5.2-14) 

(5.2-15) 

(5.2-16) 

We can generahze these elpressions and say that the number of moles (or 
moles per hour) of any component is given by 

(5.2-17) 

where the "IJ arc the stoichiometric coefficients. which arc positive for products aod 
negative for reactants. Normally (for the purposes of initial design calculatio ns) no 
products are fed to the process. nJ = 0, and no reactaots are allowed to lea ve, 
"J ,." O. Elperience indicates that it normally is possible to correlate the eltent of 
each reaction ¢", against the per-pass conversion of the limiting reactant. although 
in some cases the molar ratio of reactants, reactor temperature, and/ or reactor 
pressure must be included in the correlation. 

EXTENT VERSUS SF.:LECl·IVITV. For the case of only two reactIons. It o ften is 
simpler 10 describe the product distribution in tenns of selectivit y. Selectivity can 
be described in a number of different ways. such as the production or the desirable 
component divided by the amount of limiting reactant converted o r the production 
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of the desired component divided by the production of the undesired component. 
For the HDA process, in the first case we would ha\ e 

S = ~L - 2~1 
• <, (5.2- 18) 

whereas in the S(:cond case we wo uld ha\e 

S. = ~ L - 2~ 1 
<, (5.2- 19) 

II is essential to ensure that the definition of selectivity that IS reported by a chemis t 
(or in tbe literature) is clearly defined. butll is a simple matter to convert from o ne 
definition to another. 

E"ample 5.l--2 Toluene 10 benune. De\'eJop the upressions relaung the extents or 
reaction 10 production rite and selectivity for the UDA process. 

So/Jt(;OIl. From Eq§. 5.2-15 Ind 5.2-1 we: find thai 

p. 
C · s 

Also from Eq 5.2-12 " 'e find that 

Thus ""e: can ",-rite 

Stream Tables 

(52· 20) 

(5.2·21) 

(5.2·22) 

It is common practice to report material balancc calculatIOns ID tenDS of stream 
tables. That is, the streams are numbered on a flowsheet, and then a table is 
prepared that gives Ihe component flows in each of these streams which correspond 
to a particular sct of values 01 tbe design variables. An example is given in Fig. 
5.2-1. The temperatures. pressures. and enthalpy of each stream also are normally 
listed. Since we do not consider energy balances until the end of the synthesis 
procedure, we add these values to the stream tables laler. 

One major difficulty with tbis conventional practice is that the designer is 
forced to select values of design variables without knowing the optimum values. 
Moreover. once a set of values has been selected, it is often difficult to remember 
tbat they were selected arbitrarily. For this reason, we recommend tbat the 5lream 
tables list the values of the design variables and that the appropriate material 
balance equa lions. such as Eqs. 5.2-1. 5.2-3. 5.2-4 5.2-6, etc .. be programmed on a 
spreadsheet such as LOTUS. With this approach it is very easy to change the 
production ratc and the design variables and then recalculate all the stream nows. 
We can usc this same table as the basis for calculating the stream costs as a func1i(>n 
of the design variables. 



5 Purge 

H2, CH4 j I H2, C H, 

1 3 
Benzene 

2 
Process 

4 
DiphenyJ 

Toluen , 
Production rale = 265 

Design variables: FE and x 

Component 2 3 4 5 

H, FH, 0 0 0 FE 
CH, FM 0 0 0 F" + P"IS 

Be=~ 0 0 PB 0 0 
Toluene 0 P"IS 0 0 0 
DiphenyJ 0 0 0 Ps(l - S )/(2S) 0 
Temperature 100 100 100 100 100 
Pressure 550 15 15 15 465 

where S I 0.0036/(1 x) l.544 FHl - FE 
FM = (1 - YFH)(FE + Pa(1 + S)/S))IYFH 

+ PB(I + S )/ 2S 
Fa = FHj + FM 

FIGURE 5.2-. 
Slrcam Ulbk HDA prOOCSli. 

Stream Costs: Economic Potential 

Since the Kbest" values oflhe design variables depend on the process economics, we 
want to calculate the stream costs, i.e., the cost of all raw materials and product 
streams in tenns of the design variables. Normally, we combine these costs into a 
single term, which we call the economic potemial (EP). We define the economic 
potential at level 2 as 

EPl = Product Value + By-product Values 

- Raw-Material Costs, Sl yr (5.2-23) 

which for an HDA example would be 

EP = Benzene VaJue + Fuel Value of Diphenyl + Fuel 
Value of Purge - Toluene Cost - Makeup Gas Cost (5.2-24) 

We would also subtract tbe annualized capital and operating cost of a feed 
compressor, if one is needed. (fhe calculations required are discussed in Sec. 6.5.) 
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TARLE 5.1-) 
Cost datil for HOA process 

Value of bcrw::n~ 
V.lue or loluen~' 
Value of H J feed 
Fud ~ Sot 0/ 10· Blu 
Fud yaJu~, H , 

CII, 
Benzene 
Tolu~nc 

Dipbalyll 

S(US/gal = S904/mol 
so SO/gal .. S6 4O/mol 
SJ OO/ lOOO fl' .. Sl 1>l/mol 

0 121 " 10" lIlU/mol 
0.183 " 10· Blu/mol 
141 " 10· Blu/mol 
1.68 " 10" Blu/mol 
2.688 " 10" Btu/mol 

• " ........ u ,nl.maI Inn.re,·",",," value v ...... lhe cun~QI 
pnca. of U.l6/pJ. 

t We o.bo ...... me wI u.. fuel val ... of d,pbe"yl .. SS.JI/ moL 

The economic polential is the annual profit we could make if we did nol have 
to pay anything for capital costs or utilities costs. Of course, if Ihe economic 
potential is negative, i.e., the raw materials are wOrlh more than the products and 
by-products, then we wanllO tenninate the design project. look for a less expensive 
source of raw materials, or look for another chemistry route that uses less 
expensive raw matenals. 

" 

Example S.2-3 HDA stream costs. If we use the cost da ta given ill Table 5.2-3. 
",·here tbe values of H l' CH., and dlphenyl in the product streams are based on the 
heats of combUSIIOIl of the compollCnts and a fuel value of S4/ 106 Btu. we can 
calculate the economic potcntial for thc HDA process in terms of the design variables 
("" c use reactor com'cr~ion per pass x, instead of S, and YI'H). The results arc sho ... n III 
Fig. 5 2·2. Th~ graph indicates that at high conversions the process is unpcofitable 

4,000,000 

3,000,000 

2,000,000 

1,000,000 "'" 
YPH 

...... 0.1 

----- ""1 
-+- 0.7 

~ ~ 
~ 0 

___ 0.9 

"'~ "'-
- 1,000,000 

- 2,000,000 

-3,000,000 

- 4,000,000 
0 . 1 0 .2 0.3 0.4 0.5 0.6 0.7 

Conversion x 

FIGURE 5.2·2 
EcoIlOmK pCllcnuaJ- lc",,1 2. 



TABU: 5.3-1 
Allernati,'es for the UOA 
process 

I. Punry the hydroJCD f~ 5trum. 

1. Reqde lbe dlphen)lto utJnruon. 
J. Punft the U.-r.cycle 5trum 

(1./::., " 'e con,'er1 so much to luene to dlphen)1 that tblS selectlVlly loss uceeds the 
Increased value of the benzene that we: produce). Also, at high purge compoSItions 0( 

hydrogen we lose money (we lose so much hydrogen 10 fuel that we cannot make up 
for .h,. loss). 

Aocordmg to the graph, the most desIrable values (i.e., the weatest profit) of 
the design vanables correspond to x _ 0 (i~ no seloctivity loss) and a reactant 
oomposllion of the purge stream y,,. equal to ;!Xro (i.e~ purge pure methane). 

As we prooeed thrOUgh the design, hO"'ever, we find tbat a zero conversion per 
pass (x - 0) corresponds to an infinitely large recycle 801'0' of toluene and that purgmg 
no hydrogen 0,. _ 0) corresponds to an Infinilely large gas-KC)'C1c How lIena:. v.e 
develop tbe. opumum values of :r: and Y'H as "''e proceed through the design. 

5.3 PROCESS ALTERNATIVES 

In nur developmenl ofa design for the HDA process (see Fig. 5.1-2), we made the 
decisions (I) not to purify the hydrogen feed stream, (2) to remove the diphenyl 
from the process. and (3) to use a gas recycle and purge stream. If we change any of 
these decisions. we generate process alternatives. It is always good practice 10 make 
a list of these alternallves. Such a hSI IS given in Table 5.3-1. 

Evaluation of Ahernathes 

We could attempt 10 Simultaneously develop designs that corresponded to each 
process alternative. However, if we remember that less than 1 y. of ideas for new 
designs ever become commercialized. our initial goru should be to eliminate. with 
as lillie effort as possible, projects that will be unprofitable. Thus, we prefer to 
complete the design for one alternative as rapidly as possible before we give any 
consideration to the other alternatives, for we might encounter some factor that 
will make all the alternatives unprofitable. Then. after ..... e have compleled a base
case design. we examine the alternatives. In the terminology o f artificial intelligence 
(AI), we are using a dtpth-fir:st, rather than a breadth-fir:st, :strategy. 

5.4 SUMMARY, EXERCISES, AND 
NOMENCLATURE 

Summary 

The questions we must answer 10 fix Ihe inpul-output structure of Ihe flowshcet 
include the followinl! 
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1. Should we purify the feed stream ? 

2. Should we remove or recycle a reversible by-product? 

3. Should we use a gas recycle and purge stream? 
4. Should we use an excess of some reactant that we discard? 

S. How many product streams will there be? 
6. What are the design variables and the economic trade-ofTs at this le\d of 

analysis? 

In some cases heuristiCS can be used to help make these decisions. When no 
heuristics are avadable. we make a guess and then list the opposite decision as a 
prooess alternative. We complete a tint design based 00 our original guess before 
we consider any other alternatives. (Since less than I y. o f ideas for new designs are 
suca:ssful. we might learn something about the process that will make all the 
alternatives unprofitable.) 

Some of the heuristics and design guidelines that w~re presented include thc 
following : 

If a feed impurity is not inert, remo~ it 

If an impurity is present in a gas feed st ream, as a fint guess process the 
impurity. 

If an impurity in a liquid feed stream is a product or b) ·product. usually feed 
the process through the ~paration system_ 

[f an impurity is present in large amounts, remove it. 

If an impurity is present as an 37.cotrope with a reactant, process the 
Impunty. 

If a feed impurity is an inert, but is easier to separate from the product and 
by-product than from the feed, it is beller to procc.ss the impurity. 

Whenever there is a light reactant and a light feed impurity or by-product 
(wbere ligbt components boil lower Ihan propylene. - 48°C). use a gas recycle and 
purge stream for the first design. Also consider a membrane separator later. 

If O 2 from air or water is a reactant, consider using an elcess. amount of Ihis 
reactant. 

For single-product. vapor-liquid processes. we determine the number of 
product streams by grouping components with neighboring boiling points Ihat 
have the same exit destinations; i.e., we never separate streams and then remix 
them. 

Be certain that all by-products and impurities leave the process! 
The signiflCanl design variabk:5 are those that a lloet the product distribution 

and purge compositions of gas streams 
Raw-material Co~ls are often in the range from 3J to 8S ~~ of the lotal costs 

Exercises 

s. ... 1. Draw the input -output nowsha:t lind plot the economic rotentia! fnr the IIDA 
pr0a:5' rOI the case where the dlpheny' i, recycled 
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5.4-2. Draw the nowshe<:t "nd plol Ihe economic potenllal for the IIDA process ror the 
case where Ihe " l IS separalc:d from C II. bo::fore .. is recycled lind where diphenyl [s 
removed from the proces~ 

5.4-3. Acetic anh.tdridc o can be: produced by the reacu oo sys tem 

Acetone .... Ketene + CI I.} 
Ketene .... CO + Jell!. 

100"C, I atm 

Ketene t Ace!!c Acid .... Acellc Anhydnde 80"C, I aim 

The selecll\>lty (moles of ketene leaving the pyrolySIS reactor per mole of acetone 
converted) is given by S - I - 4xJ3 at low conversio ns. The desired production rate 
of anhydride is 16.58 molfhr at a purity of 99 y .. The cost data are: aceto ne = 

SIS.66/mol, acid = $15JlO/ mol. anhydride = $44.41/mol, and fuel at $01.00/ 10' Btu. 
Draw the 80wshc:c:t, and plot the economic potential. 

5.4-4. A process for producing aOClone from isopropanol IS discussed in Exercise: 1.3-4. The 
desired production rale is SI .] molfhr. The feed azeotrope contains 10 mol % IPA, 
and the costs are aOClo nc - SIS .66/ mol. IPA- H 10 a.u:otrope = S9.S3/mol, H1 as 
fuel ~ S0.49jmol, and HID as waste = - S0007/ mol Draw Ihe input...output flow_ 
sbcct, calculate [he overall malerial halanocs., and plot the economic potential 

5.4-5. A simplified flowshc:c:t for ethanol synthesis is discussed in Exercise: 1.3-6. The 
desired prodUClion rate of Ihe azeotroplc product is 783 mol/hr (8SA mol % 
EtOH), and the COSts are: ethylene feed mixture = S6.l5/ mol, process water = 

$O.00194/ mol, ethanol as azeotrope "" S 10 89jmol, and the fuel al S4.00.' IO~ Bt u 
Draw the input-output Structure of the flo wsheel, and plot the eco nomic potential 

S.U. Styrene can be produced by the reactions 

ElhylbelUcne :;!: Styrene + Hl 

E[hylbenzene -. Benzene + Ethylene 

Elhylbenzcne + Hl -. Toluene + CU. 

The reactions take place at 111 S"F and 2S psia. We wane to produce 250 rnol/hr 
of styrene:. The cosu are: ethylbe:nzc:ne ... $IS.7S/mol, styrene = S21.88/ mol, ben
zene = S9.04/ mol, lolueoc: = S8.96/ mol, and fuel at S4JlO/ I()6 Btu. Wenner and 
Oybdal' give conelations for the prodUCI distnbution 

Mo l Benzene :.;::;:;:c:::::= = 0.333;>: - 0.2 15;>:' + 2.S4J..r1 
Mol Styrene 

Mol Toluen.e 
:.;::;-;;::::::~ - 0.084;>: - 0.264.xl + 2.6]8r 
Mol Styrene 

where;>: - slyrene conversion. The ethylbenzeue feed stream contains 2 mo l % 
be:nzc:ne. Draw the input-output 80wshcci and plot the economic potential. 

• Ths probkm IS a mod.fied VerSIon o[the 1958 A[ChE Sludeni COlltesl Probkm . !OCC J J McKetta, 
E>tt;yciofH'J,a of C'"'''''Cll/ Procnsmfl llM DISlfIn. vol I, De~Lcr , New York. [976, p 27 1 
, R. R WenDer and E. C. Dybdal, Cite",. Eng P'<J{J~ 44(4); 275 (1948) 
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5 . .4-7. Cyclohuane o (an be: produccd by the reaclion 

Benlene + Ji ll "'" Cyclohenne 

The reaction lales pla(e al J92"F dnd 370 psia. Pure bc:nl.C~e [s used as a reed 
stream, but the hydrogen stream coniams 2 y. methane. The dcslred prodUCllon rale 
IS 100 mol/ hr, i$nd the COSIS are; benzene ~ $6.50}nlol, H, = $1.]2jmol, cyclohell
ane = $12 OJ /mol, and fuel at S4 0(}l1O" Bt u. Draw the mput...output flowsheet, and 
pial the ecu numlc pOlelll[d.L 

5.4-8. Ethylene can be: produced by the thermal cracking of ethane ' 

C1 H .. -0 C1U. + Hl 

C1 U6 -. !C.H. + CU. 

The reactio ns tale place al IsoooF and SO psia. We desire to produce 87S molfhr of 
ethylene with 7S% purity. Assume that the selectivity is given by 

mol C1H. Fanned 0.038 1 
S"" - 1 -( )O.HI mol C1 H" Convened 1 - ;>: 

The elhane fa:d conta ins Sy' CU. and costs SI.6S/ moL Elhylene al 9~ % composi
tion is worth S6.1S/mol. Fuel is worth $01 00/ 106 Btu. Draw the Input·output 
flo .... shcct and plot the ewnomic potential. 

~.4-9. Butadlenc sulfonc· can be: produced by thc rc:aclioo 

Butadiene -+ SO, -;:;:: BUladi~nc Sulfone 

The reaClion tales place: III thc liquid phase: at 90Q F and 150psia. The costs are 
SOl = $0064/mol, butadiene = S6.76/ mol, and butadiene sulfone = $8.SO/ mol. We 
.... ant to make 80 molfhr of product. Draw the input-output Howsheel, and plot the 
economic potenllal. 

5.4··10. isooctane (gasoline)' can be produced by the reacltous 

Butene -+ lsobutane ..... 1s0000aoe 

Butene + Isooctane ..... ell 
The reactions take place in the liquid phase: at 4S· F aDd 90 psia ; sa: Exercise: 4.3-11. 
The desired production rate is 918 moljhr, and the costs are: buten~ ... 6$14.S6/mol, 
lsobulane = SI8.59/mol, isooclane'" $J6.S4/mol, and fuel = $4.00/ 10 Bt u. ~ne 

feed stream contains 8 % C 1, 80 % butene, and 12 % ,,·C., while the othercontams 
12 % C 1, 73% i·C. , and IS % n-C • . Draw Ihe input-output nowsha::t, and plot the 
economic potential. 

° 1. R Fair, CydO~)H"'~ MIl""facruu. Wasbinglon UlI1ve~lIy Des[gn D:oe Study No. 4,e<litcd by B D. 
Snmh. WashiOgtoo Universat}', SI. LouiS, Mo~ Aug. I. [9(;7 

, W L BoUC:!'. Elh }'lcM Pwm Delign anJ EcoIIDmiQ. Waslunglon Unl,·crs.ty DC:!'lgII Cue Sludy No. 6. 
cdncd by B D Smnh. Wasblngton Un[verslly, St Lou's. Mo~ 1970 
I 1lus problem 15;0 modJncd venaOn of the 1970 AlChE Student Con[f:l;1 Problem, 'Itt J J McKell&.. 
ENYc/OfH'tl", ojC,",,,,"al P,oecU'''II <1M D~.S1lln, vol. ~, DeHer. Ne,"" Yor~ . 1977. p 192. 
, TIm problem IS ~ modified versIOn of the [977 A1ChE Student Conlesl PfObkm; MellE S/lIde"/ 
M~mbns aul/IWI. AICh E Hcadquarlel"$. 1977. 
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Nomenclature 

EP 
F, 
F" 
F. 
Fu , 

", 
nJ 
p. 
P ClI, 

p. 
p. 
P .II.ct!. 

·S 

Economic potential 
Excess H 2 fed to the process, mol/hr 
Fresh feed rate of toluene, mol/hr 
Makeup gas rate, mol/hr 
H 2 consumed by the reactions, mol/hr 
Final moles of component j 
Imtial moles of componen t j 
Production fate of ben7.1:ne. mol/hr 
Purge flow of methane, mol/hr 
Diphenyl produced. mol/hr 
Purge fl ow rate, mol/h r 
CH .. produced by the reaclion, mol/hr 
Selectivity. mol benzene produced/ mol toluene converted 
Feed composition of H2 
Mole fraction of H1 in the purge stream 

Stoichiometric coefficients 
Extent of reaction i 

CHAPTER 

6 
RECYCLE 

STRUCTURE 
OF THE 

FLOWSHEET 

Now thai we have decided on the input-o utput structure of the fl owsheet, we want 
to add the next level of detail. From earlier discussions we know that the product 
distribution dominates the design, and therefore ..... e add the details of the reactor 
system. Also, since gas compressors are the most expensive processing equipment, 
we add the annualized capital and operating costs o f any compressors required. 
However, at this level of the syn thesis and analysis procedure, we treat the 
separation system asjusl a blackbox, and we consider the details of lhe separation 
system later. 

6.1 DECISIONS THAT DETERMINE 
THE RECYCLE STRUCTURE 

The decisions that fix the recycle structure of the fiowshee t a re listed in Table 6.1.- 1. 
Each of these decisions is discussed in detail. 

IJ7 



138 H ClIO "l ~ I O(CI~IONS TUA! Ot:, UNINl lilE ItU:VCI.IE ~TlllC1 ".l 

TABLE 6.1·1 

Decisions for Ih~ recycle Slruclur~ 

I. Ilow many le.ClO. iY$tenu Itre requlred1 " tlM:rr .ny "'p"lluon brlwotll the leiIClor )ystrQl)"1 
1. I/ow mlny recycle I"ums Ire req.ured1 
). 1)0 Woo WlInt 10 ..... In uc:us or one reactlnt., the '«Clor u,ic, ? 
4. Is a jl;as comprcu.ol leqlllrcd ~ Wh~1 .,e 1m COlli? 

5. Should the rcaCIOI be o~rlIted ~dlaNIIQlly ",uh d",~cI heaung t d I 
Cl.rr~llequ1fcd 7 ' or coo In", O. IS. ' "cnl or hUI 

6. Do we ,"";Int 10 uul, lbe equtLbnllm conveUlon' 11o ... ? 
7. How do tM rU,"Ior co)lS .lfccllhc CCO<lGmIC polenu .. l? 

N umber of Reacfor Sysfems 

If se~s of. reactions take place at different lemperatures or pressures, or if they 
requIre different calalysts, Ihen we use ditferenl reaClOr syslems for Ihese reaclion 
sets. For example, In Ihe HDA process the reaclions 

Toluene + Hz - :nzene + C1-I4} 
28enzene¢Dlphenyl + Hz 

I ISO 1300"f- , 500psia 

bolh I~kc place al the same temperalUre and pressure wllhout a ca lalyst 
Ihere IS only one reactor required. In contraSl, In the reactIon system 

Acetone ...... Ketene + CH .. } 

Ketene - CO -t iC2H~ 

Kelene + Acetic Acid -0 Acetic Anhydride 

700"C, 1 at m 

80"e, I aim 

(6.1-1) 

Therefore 

(6.1-2) 

the fi rst IWO reaCllons take place al a high temperature, whereas the tbird reaction 
lakes placr at a lower lemperaturc. Hence, Iwo reactor systems would be required 
and we could call Ihese R I and R2. ' 

Number of Recycle S treams 

From the discussion above, we see that we can associa le reaction sleps with a 
reaClor number. Then we can associate the feed Slreams wilh Ihe reaClor number 
where that feed component reacts; e.g., III the anhydride process. acetone would be 
(e.d ~o the first reactor, whereas acetic acid would be fed to the second reaClor 
Simi larly, we can associate the components III recycle streams with the reactor 
numbers where each component reacts; e.g., io tbe anhydride process, acetone 
would be recycled to the first reactor, whereas acetic acid would be recycled to the 
second reactor (see Fig. 6.1-1). 
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ACid feed 

Acetone fet."l.I 

FIGURE 6. 1_1 
Ac:euc anhydlllk 

Reactor 
01 

j 
Reactor 

02 

1 AcKi recyct , 

Acetone recycle 

Now we can take OUf list of all the components (eavlIlg the reactor that has 
been ordered by the normal boiling points, e.g., Table 5.1-4, and we list the reactor 
number as the destination code for each recycle stream. Next we group recycle 
components having neighboring boiling points if they have the same reaclor 
destinallon. Then the number of recycle streams IS merely the number of groups. 
This simple procedure is based on thiS common sense heunsllc ; 

Do nOI separate two components and then remix them at a reactor inlct (6.1-3) 

We also dIstingUish between gas- and liquid-recycle streams, because gas
recycle streams require compressors, which are always expensive. We conSider a 
st ream 10 be a gas-recycle stream if it boils at a lower temperature than propylene 
(i.e., propylene can be condensed with cooling water at bigh pressure, whereas 
lower·boillng ma terials reqUIre refrigerated condensers, which require a compres· 
sor). liqUid-recycle streams reqUIre only pumps In our iniual design calculations 
we do 001 include the costs of the pumps because they are usually small compared 
to compressors, furnaces, dlslillalioo col umns, etc. (High-head. high-VOlume 
pumps can be very expensive. $0 in some cases we must check this assumption.) 

Enmplf 0.1-1 Number o( recycle' meams. Consldrr tbe componenlS and the 
dCS1lna1l0DS Slven below In the order or Ihelr normal boihng points : 

A. Wasle by·produci f . Pnmary product 
B. Waste by·product G. Reactanl - rfcyclr to R2 
C Reactant recycle to R t II Reactant - recycle 10 R2 
D Fud by.product I Reaclant - recycle 10 R I 
E Fud b),-product J Valuable by·product 
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There are four produc' stn:amJ (A .. B, D + E, F, lind J) and thr«: recycle 
slreams(C, G + II , and t). where the firslllnd 185' go 10 R I and Ihe5eCOnd goes 10 R2 

Eumpk (i.1-2 III)A prO«S"i. The components and .helr deshnalion for the IIDA 

process are aJ follows : 

Com,.,-..I NBP, ~C D"Sli .... ,iooI 

H, - 25J R«yd~ + purse ,U 
CII. '" Recycle + pur,e 'U 
... =~ .. Pnmar), prodllCl 
Toluene '" Recycle - hquod 
Dlp""pyl m Fuel by.prodllCl 

Thus. there an: thr«: product stn:ams purge. bcn:uTlC, lind diphcnyl and 1"'0 

recycle sln:am.\, Il," CII. and lolucne. where the first is a gas and ,he second IS II 

IKjuid A reqcle nowsheet IS given In FIg. 6.1·2. and n shows tbe reaclor and the 

recycle gas compn:sllor. 

Enm"'" 6.1-3 Anhydriode ,..O(:~ The componenl lisl and the destimllion codes for 
lhe anhydride process lire Jlv~n ' 

Com..-nl NRP . ••. Deli.1ion 

CO - JI1 6 Fuel b~Jlfodud 
eli, -2.5&.6 Fuel b~ ·produd 

C,l!. - ISH Fuel br-p<oo:illCl 
Ketene - 42.1 U~tlbk lUetant - complc.eI), COt'I"",nrxl 

Aoetopc 133.2 ReaCWII - recyck 10 RI - iiqllid 
Aoetic acid 244.1 ReacWIt _ ~ 10 R2 -liquid 
Aoetic anhydride 281.9 Primal")" produet 

Thus, there are IWO product IIreams... C II .. + CO + C1H .. and anhydride., and two 
Iiqllid.rccyde streams ne relurned 10 cbtrerent reactors: acetone is recycled to R I , and 
aoctic acid is recycled to R2. A Ilowshcct is shown in Fig.. 6.1·3. 

Exce5."ii Ruclants 

In some cases the use of an excess reactant can s hift the produci distributioll. For 
example, ir we write a very oversim plified model for the production o r isooclane via 
butane alkylation as 

Butene + lsobula.oe -0 ISOOClane 

Butene + lsoocane -0 ell (6.1-4) 
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ad 

~ Tolue 
f<ed 

F'ICURE 6.1·2 

Gas recycle 
• Compressor 

-

Reacior SeparalOr 

Toluene recycle 

HDA recy<:1r SHUClure. [F,OM J. M Doughu. AIC4£ J . JI JJJ (J98j)-J 

Purge 

&n7~ 

Diphe ""I 

and ir the kinetics match the sloichiometry, then the use or 3n c,;cess or lsobutanc 
leads 10 aD im proved selectiVity to produce isooclane. The larger the excess, the 
greater the lmpro\'ement III the selectivi ty, but the la rgel the cost 10 rcoover lind 
recycle the isobutane, Thus. an optimum amount of excess must be determined 
from an economic analysis 

The use o r an e,;cess component can also be used to rorce another component 
to be close to complete conversion. For e.xample, in Ihe production orpho<;gelle 

CO + CI I -0 CDCI: (6. 1-5) 

ACelic acid reed 
CO, CH4 • C2H4 

I 
Reactor Reactor 

AMY d . 

Acetone RI R2 

'<ed 

I 
Acetic acid recycle 

Acetone recycle 

FtGURE 6.1-3 
Aoetlc anhydrxk ,ec)'de 



which is an mtermedlate In tht: produulon of dl -isocyanate, the product must be 
frec of Cll. Thus, an excess of CO is used to force the Cil conversion to be very 

high 
Similarly, the use of an cxcess can be used 10 dun tlie equilibrium conversion. 

For example, in the productIOn of cyclohexane by the reaction 

BCIlLenc + 3 Hl ~ Cyclohexanc (6.1-6) 

we want [0 obtam equillbrtum conver)io m very close [0 unity so Ihal we can 
ubtain a high conversion of benzene and avoid a benzene-cydohexane distillatioll 
separation (I he boiling points arc very dose together). We can shift the equilibrium 
conversion 10 the right by using an excess of II I at the reactor inlet. 

Thus, the molar rallO of reactants at the reactor inlel is often a design 
variable. Normally the optimum amount of excess to use involves an economic 
I rade-off between some beneficial effect and the cost of recovering and recycling the 
excess. Unfortunately, there arc no rules of thumb available to make a reasonable 
guess of the optimum amount of excess, and trerefore we often need to carry out 
our economic ana lysis in tenns of this additIOnal design variable. 

Heal Effecls and Equilibrium Limitations 

In general, Ihe reactor flows Deed to be available in order to evaluate the reactor 
heat effects. Also, in many cases, equilibrium calcula tions are simplified if we have 
C<l.lculated some of Ihe reactor flows. Thus, we defer our discussion of these topics 
until we have discussed procedures for estimating the process flow rates. 

6.2 RECYCLE MATERIAL BA LANCFS 

Our goal is to obtam a quick estimate of the recycle flows, rather than ngorous 
calculations. We: have not specified any details o f the separa tion system as yet, and 
therefore wc assume that greater than 99 % recoveries of reactants are equivalent to 
100 % recoveries. This approximation normally introduces only small errors in the 
st ream l'Iows. 

Limiling Reaclanl 

First we make a balance on the limiting reactant. For the HDA process (see Fig. 
62-1), we lei the flow of toluene entering Ihe reactor be FT. Then, for a conversion 
x the amount of tolueDe leaving the reactor will be F,.{l - x). For complete 
recoveries in the separation system, the flow leaving the reactor will be equal 10 the 
recycle flow. Now if we make a balllnce at the mixing poiDt before the reactor, the 
sum of the fresh feed toluene F FT plus the recycle loluenc will be equal to the Ho w of 
toluene into the reactor, or 

(6.2-1) 
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F" 

Toluene 
[=l 

FIGURE 6.2-1 
tiDA, liqUJd recycle. 

F T 

Reactor 
FT(I - . ) 

Fr(l - x) 

Thus, the feed to the reactor is 

F ,
_ _ FT ,-

X 

Purge 

Benzene 

Separator 
System 

Dipheny 

(6.2-2) 

This same material balance is always valid for the limiting reactant when there is 
complete recovery and recycle of the limiting reactanl. 

In some cases, some of the limiting reactant might leave the process in a gas 
recycle and purge stream (ammonia synthesis), or it may leave with the produci 
(ethanol synthesis). If we consider a simplified version of the ethanol process, the 
reactions arc 

CHlCH 1 + H20~CHlCH20H 
2CH 3CH lOH ~(CH lCl l lhO + H 20 

(6.2-3) 

We suppose that we want to produce 783 mol/hr of an EtOH - HlO azeotrope that 
contains 85.4 mol % EtOH, from an ethylene feed stream containiDg 4 % C H" and 
pure water. A recycle Howsheet is shown in Fig. 6.2-2 for the case where we recycle 
the diethylether and the water. 

The overall material balances start with the production rate of tile azeotrope 

p.zu = 783 mol/hr (6.2-4) 

This coolains 

P E•OIl = 0.854(783) = 669 mol/ hr EtOH (6.2-5) 

Then the amOunt of waler in the produci stream IS 

(6.2-6) 
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C2H., CII. 

1-12° 

FIGURE 6.1-1 
F.lhanol ,ynl'-n. 

j 
Reactor 

I Ether 

! 
Separator 

E, 

system 
A zeotrope 

I 

Thus. from Eq. 6.2·) and the results above, the required feed rate of water, .... hich is 
the limiting reactant, is 

FllzO - Y .. Cf>p.uo + (I - y ..... )P •• u - 669 + 114 >= 783 mol/hr (6.2·7) 

Suppose that we lellhe water leaving with the product be F .... , _ 114 and the 
fresh feed water required for the reaction be F ....... Now, referring to the schematic 
in Fig. 6.2·3 for water, we let tbe amount entering the reactor be F ... , the amount 
leaving the reactor be f...{1 - x), the amount leaving with the product be F .... " and 
the amount recycled be F...{I - x) - F .... , . Then a balance at Ihe mixing POlOt 
before the reactor gives 

(F .... , + F ...... ) + [F...(J - x) - F .... ,]:< F ... 

so that F .. -= F ..... lx 

(6.2-8) 

(6.2-9) 

This result is identical to Eq. 6.2-2, except that instead of the fresh feed rate we 
substitute only the amount of material that enters into the reaction. A similar result 
is obtained for the case where the limiting reactant leaves with a gas purge stream. 

F,. + FI( F 

FIGURE 6.1 ... ) 
Eth.nol Jynthesl$. 

F{) - x) Fp 
Reactor Separator 

F(! - x) - Fp 
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Ocher Reaclanls 

After we have estimated the flow of Ihe limiting reactant, we usc a specification of 
the molar ratio at the reactor inlet to calculate the recycle flows of the other 
components. For example. In the HOA process (see Fig. 6.2-4). the 10lal amount of 
hydrogen entering Ihe reactor is the sum of the fresh feed hydrogen YfH F G and the 
recycle hydrogen RGV'H ' We showed above that the amount of the hmitlng 
reactant. toluene, entering the reactor is F n Ix. Thus, if we let the molar rallo of 
hydrogen 10 toluene al the reactor inlet be MR. we find that 

(6.2. 10) 

0' p. (MR Y'H) 
RG .., SXYI'H X - YFH Y'H 

(6.2.11) 

Once we specify the design vanables x. :f'H. and M R, we can solve Ihis equation for 
the recycle gas flow RG -

Design Heuristics 

There are no rules of thumb available for selecting x for the case of complex 
reactions. Similarly. there are no rules of thumb for selecting the purge composition 
Y'B or the molar ratio M R. For the case of single r('actions, a reasonable first guess 
of conversion is x = 0.96 or x ,., 0.98'>:.q: 

For single reactions, choose x = 0.96 or X" 0.98x.q as a first guess. (6.2· 12) 

lbis rule of thumb is discussed in Exercise 3.5·8. 

H2 feed 

95% H2, 5% CH. 

j 

I 
Toluene 

[oed 

FIGURE 6,l....t 

IIDA. PJ .ecydc. 

MR 

Reactor 

FT 

Pc 

Bc=~ . p. 

Separator 
system 

Diphe "y) 



Reversible By·producis 

If we recycle a by-product formed by a reversible reaction and lei the component 
build up to Its equilibrium leve~ such as tbe dipbenyl in tbe I·IDA process 

2 Benzene ~ Diphenyl + H 1 

or the dlcthylcther Ul ethanol synthesIS (Eq. 6_2-3), [hell we find the recyele flow 
by uSing the equilibnum relationshi p at Ihe reaelOr exit That is, at the reaclor 
e" II 

K = (DlphenyIXH 1) 

.~ Benzene1 (6.2-13) 

However, the Hl and benzene flows have been determined by using the first 
reaclion and the purge calculations; so we can use tbe equilibrium expression to 
calculate tbe dipbenyl How a[ tbe reactor exit. 

63 REACTOR HEAT EFFECTS 

We need to make a dectsion as to whetber the reactor can be operated adIabati
cally, with direct healing or cooling. or whether a diluent or heat carrier is needed. 
tn particular, if we need to introduce an ell:traneous component as a diluent or heat 
carrie r. then our recycle material balances.. and perhaps even OUf overall material 
balances, wi ll have to be changed Moreover, we need 10 make this decisi"n berore 
we consider the specificallon of tbe separation system because tbe decision to add 
an extraneous component normally will affect the design of tbe separation system. 

To make the decision concemmg the reaClor beat effects,. first we estimate the 
reactor head load and the adiabatic temperature change. These calculations 
provide some guidance as to the difficulty of dealing witb the reactor heal effects. 
Similarly, we conSider any temperature constraints imposed on Ihedeslgn problem. 

Reactor Heal Load 

For single reactions we know that all the fresh feed of the limiting reactant usually 
gelS converted in the process (tbe per-pass conversion might be small so tbat there 
is a large recycle flow, but all the fresh feed is converted except for smalilosSC$ in 
product and by-product slreams or losses in a purge stream). Thus., for single 
reactions we can state that 

Reactor Heat Load = Heat of Reaction x Fresh Feed Rate (6.3-1) 

where the heat of reaction is calculated at Ihe reactor operating conditions. 
For complex reactions, the extent of eacb reaction will depend on the design 

variables (conversion, molar ratio of reactan ts, te:mperature, and/or pressure). 
Once we select the design variables, we can calculate the extent oreach reaction and 
then calcula te: Ihe: heal load corrcspondmg t" the side reactions. He:nce, it is a 
simple matter 10 calculate reactor beat loads as a function o f the: design variables. 
Some guidelines for reacto r heat loads are discussed later in this section 

[lillmpJl' 6.3-1 IlIlA proc~ hom the over~1I malerial balances for the IIDA 
pr~s. .... ·e found that only small dmOUnl5 of dJphenyl were produced in Ihe rangt of 
con~t~ion where we obtamed profitable oper,lIlOn. If .... e wanllo estlmale the reactor 
beat load for a case where): _ 0.75, P, '" 265, and fff = 27] mol/hr, we might 
neglm the second rtdction and wnte 

(6,]-1) 

...-hece All. I~ the h':dt uf r.:,iClIOn at 1200"F and 5(X) Jl!'la and heat IS hb(rated by IIit: 
reaction 

Enmplc! 6.3-2. Acctone can be produced by lbe dehydrogenallon of Isopropanol 

(63-2) 

H we desire t" produce: 51.3 molJhr ofacclone, Ihen 5t .3 molfbr "f tPA 15 reqUired 
The heat of rcaell"n al 57(TF and I aIm IS 25,800 Btu/mol, so the reactor heat load IS 

QJI - 25,800(5 1 3) - I 324 x 10" BtuJhr (6.3-3) 

and heat IS consumed by the endothermiC reaction. 

Adiabatic Temperature C hange 

Once we have delermlOed the reactor heal load and Ibe flow rate through thc 
reactor as a funcllon of Ihe design variables. we can estimate the adiabattc 
temperature change from the expression 

Q. = f C,(TJI •1n - T ..... .l (6.3-4) 

Example 6..3-3 UOA process. The flows and heal capaciues of the rcactm feed 
~tream for a C3$C .... here)C _ 0.75 and "'H - 04 are gIVen belo .... 

Sttum Flo .. , ....... ,.... cr ' lku/( ....... ·• .. l 

Mak:cuplU '96 09S(7) + OOS(IO_I) _ 7_16 
Rccycle ps B7 1 04(7) + 0_6(10.1) - 886 
TolucllC reed 27J 48.7 
Totucnc ro:yclc " 48.7 

Then, rrom Eumplt 6,3-1 and Eq 6.3-4 wuh T •. ,• _ tISOOF, 

Q~ ... - 5878 jC 10& _ «273 + 91)48.7 + 496(7.t6) + 3371(8.86)](T •. ;. - '/~._) 

T._, _ lISO I ttS _ 1265°F (6.3-5) 

This "alue IS below the con51nunt 011 the reactor eAII temperature of IJOOoF (5eC 
Eumpie 4 I-I) Also, the ClIlcullillOn IS nOI Vtry sensit ive 10 the C r values or to the 
flo ..... s 1De rdatlvely small temperature rise IS due \0 the large gas-recyck flow 
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FIGURE 6.3-t 
Re.o.Clor cullcmrcralure.. [From J. M . DougltJ.<. ,fIChE J, 31 J.B (1985).J 

A plOl of the reactor exil temperature as a function of the design "anables is 
given in Fig. 6.3-1, and we sec thai in aertain cases the constraint on the reactor exit 
tempc:rature is violated 

Eumple 63-4 IrA process. If the feed stream to the acetone process described by 
~. 6.3-2 IS a~ I.PA - H 10 117.cotropc (70 mol % IPA) and if ... ·e recycle an azeotropic 
mIxtUre, then It IS easy to show that 22.0 mol/hr of waler enters with the feed. Also, for 
a conversion of."( ~ 0.96, the recycle How will be 2.1 mol/hr of IPA and 0.9 mol/hr of 
water. If the reactor inlet temperature is 57rF. then fr om Eqs. 6.3-1 and 6.3-4 the 
adiabatic temperature chanse is 

Q" = 1.324 x 10" _ «51.3 + 22.0) + (2.1 + 0.9)](22.0)(572 _ Ta . ..) 

or T" ._, = 572 - 788 __ 216°F (6.3-6) 

Clearly, this is an unreasonable result. Thus, instead of usin8 an adiabalic 
reactor, ""e attempt to achieve isothermal operation by supplying the heat of the 
reaction to the process. In p3nicutar, 'lore might aUempl to pack the lubes of a heal 
exchanger with a catalysL 

Heuris lic for H eat Loads 

If adiabatic operation is no t feasible, such as in the isopropanol example, then wc 
altempllo use direct heating o r COOling. Ho ..... ever, in many cases there is a limit to 
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the amount of heat-transfer su rface area that we can fit into a reacto r To get some 
"feeling" for the magnitude o f this area, we consider the case of a high-temperature 
gas-phase reaction, and we let U = 20 Dtu/(hr . fl i . oF) and AT=- SODF. Then_ for a 
heat load of I x io~ BIU/hr, 

10lXHt 1 (63-7) 

The maximum heal transfer area that fits Into the shell of a floatin g-head heal 
exchanger is in tbe range of 6000 to SOC)(I ft l. Thus, to usc a single hea t exchanger as 
a reactor, when we are attempting to remove or supply the heat of reaction by 
direct heating or cooling. the reactor heal loads aTe limited to the range of 6.0 10 

8.0 X 106 Btu/hr. 

Heal Ca rners 

The reactor heat load is often fixed by the fresh feed rate of the limiling reactant (if 
only a small amount of by-products is produced so that the secondary reactions arc 
unimporlant). The adiabatic tempera ture change depends primarily on the flow 
through the reactor. Hence, we can always moderate the temperature change 
through the reactor by increasing the flow rate. 

If we desire to moderate the temperature change, we prefer 10 do this b) 

recycling more of a reactant or by recycling a product or by-product. However. 
..... here this is not possible. we may add an extraneous component. or course. the 
in troductio n of an extraneous component may make the separation system more 
complex. and so we normally Iry to avoid this situation. 

In the HDA process (see Eq. 6.3-5). the methane in the gas- recycle stream 
(60% methane) acts as a heat carrier. Thus. if we purified the hydrogen-recycle 
stream, the recycle flow would decrease and the reactor exit temperature would 
increase. If this exit temperature exceeded the constraint of 1300°F, we eoul<l, no 
longer use an adiabatic reactor. l.nstead, we would have to cool the reactor, 
increase the hydrogen recycle flow, or introduce an extraneous compound as a heat 
carrier. 

A similar behavior is encountered in many oxidation reactions. If pure 
oxygen is used as a reactant, the adiabatic lemperature rise is normally so large that 
problems would be encountered. However, if air is used as the reactant stream, the 
presence of nitrogen modera tes the temperature change. 

6 .• EQUILIBRIUM LIM ITATIONS 

In numerous industrial processes equilibrium limitations are important. We 
discussed a procedure for estimating the Oo ws of reversi ble by-products when they 
arc recycled and allowed 10 build up to their equilibrium levels at the reactor outlet. 
Our rocus here is the primary react ion. 
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Equi librium Conversion 

We ca n use our prcyious procedure fur calcuhlling the process flows as a function 
of the design variables (conYersion, molar ~alio of reactllnts, elc.) Then .... e can 
substuule Ihese flows IOto the eqUilibrium relallonship 10 sec whethcr the conver
sion we selected is above or below the equili brium value. Of course, If it cJlcc..:ds the 
equilibflum conversion, the result has no meaning. 

In most cases, howen:r, It is necessary to determme the exact ... alue of the 
equilibrium con version (as a function of the design yaflables). because this yalue 
appears III the kinetic model used 10 determine the reaClor size. Our same general 
approach can be applied, bUI normaUy a trial-and-error solution IS required We 
illustrate: this type o f problem by considering the cycioheJlane process. 

£umpk 6.4-1 Cycl<*UM productioQ. Cyclohexane can be pr-oduced by lhe reae· 
hon 

(6.4- 1) 

We consider a case where we dQ;m: 10 produce 100 rnolJhr of C.II I J wlth a 99.9 ~;. 
purity. A pure benzene fced stream IS ay.ilablc, and tbe hydrogen makeup stream 
COnta.1D5 97.5 % II J' 2.0% C II" a nd 0 5 % N J . A Dow$hcct fo r tbe rccycle structure IS 

shown in Fig. 64-1 ror a case where we recyclc some of the benzcnc (which is not 
DCCeSSarily lhe bat fiowsbccl). 

SoI,II;o" 
O . erall balIDCb. A5.'lumc 110 1~5. Theo 

Production of C." 11 : p. = 100 

Benzene fresb feed : F,. ., p. _ 100 

Assume ... ·c use a gas recyde and a purge IIrum. UI 

F._ EIlCCH II. Fed to Pr0a:s5 

Toea! Hl Feed - JP. + Fr _ 0.975FIi 

. . F. 
Purgc composJUooofIl J: Y'II= 00' 

Fr + · 2FIi 

I - Y,II 
Makeup gas ra te: Fli - 3P. O.97S _ Y'II 

Purge rile: P Ii - F. + 0.025F Ii 

p. 
Benzene fed 10 reacto r: F" _ -

x 

Ut molar ratio of II. to benzcl"lC be MR Then 

Recycle lOIS flow RG - -- - 0975£" I ( MRP. ) 
Y,." x 

(6.4-2) 

(6.4-3) 

(6.4-4) 

(6.4-5) 

(6.4-6) 

(6.4-7) 

(6.4-8) 

(649) 
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H,. 

H4 , N2 

Reactor Separator 
Cydo heJl3ne 

Ik '''''''' 

Benzene 

nclfR.[ 6..4-1 
Cydobua ... lIo .... tba:1 

The. 

Cyclohuane _ p. 

P"(I - x) 
Benzene '" '-'''::-'~ 

x 

(
>tR ) Hz" tlR" - 3P."" --;- - 3 p. 

I-y", ( MR , Incrts _ 0.025FIi + ( I - )',.II)RG _ --- -- - 3 p.) 
Y,./t x 

{
I (MR ) I ] TOlal Row _ P - + - - 3 -
X X )',.11 

Ie "cYe 
K ___ _ 

• '1-' ,'",,1,,' J" /I ... "." /I 

(6 4· 10) 

(6.4- 11) 

(6.4-12) 

(6.4·13) 

(6.4-1 4) 

(6.4-15) 

From tbe WllJhtng/ol1 Ul1iJ)f!rsity Df'slfjl1 CIlJf' Study No. 4, p. 4- 3, Part 11,-

". - 1 
(6.4-16) 

1, x. 1 + MR -3x. 
I.IlP ... K. - - - (MR 3) 

I - JC , ". y,." 
(6.4-17) 

DiIaIoIio&. Since benzene and eydohellnt arc Yery close boilers, we woukl like 
10 IYoid a benzenc-cycloheunt distillauoD separallon. This can be accomplished by 
operating Ihe reactor at a suffiCiently high conycrsion thai we can kaYe any 

• J It.. F.", -Cydobe:un~ ~hnufactulc.- Wulun,lI)Q Uru>'enity 0a.J8Il C&Sc Study No ., edited 
by B D Smith, Wuhlnllon UOI~cr5n y, SI WUIS, Mo., 1967 
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unconverted ~nune as an impurilY in the product.llo ... ·e"er, 10 obtain high benzcne 
conversions, we must foree the equilibrium conversion to be very close to unity. 
Equation 6.4-11 indicates Ihe dependence of the equilibrium conversion on tbe design 
variablcs. 

Economic Ir.d~rril. From Eq. 6.4-17 we see that we can increase the equilibrium 
conversion by increasing Ihe reactor pressure P_, by increasing the molar ratio of 
hydrogen to henzene atlhe reactor inlel Ai R, or by decreasing the reactor lemperature 
(thO' reoelion is e;o;o thermic). lIo,,"e"er, high reactor p'CSliures co rrespond to a large 
feed comprenor and more upensive equipmcnt because of an JIIcreased wall 
thkkness. Large molar ralios of h)drogen correspond 10 larger gas· recycle nows (see 
Eq 6.4.9) and Iherefore a more expensive rccycle compressor. Lower reactor 
temperatures correspond to larger reactors, because of tlle decreased reaction rate. 
Thus, an optimization analysis is required to determine the values of P x T. 
MR.~~ •. _ . 

APflrollim.'. mod~1. If .... e expect that x. will be close to unity in Eq 
we can write 

""cO'-=[ MR -2 J' .x. "" I - I 13K.P!. (AIR 3)YI'H 

6.4-17, then 

(6.4-18) 

which provides a Simpler model to u~ in preliminary optimiution studies. 

Separator Reactors 

If one of the products can be removed while the reaction is taking place, then an 
apparently equilibrium-limited reaction can be forced to go to complete comer
sion. Two examples of this type are discussed now. 

Examplt 6.4-2 Acetone prodU(tioD. Acetone can be produced by the dehydrogena_ 
tion of isopropanol 

Isopropanol ~ Acetone + H 1 (6.4-19) 

in the liquid phase as well as the gas phase. At 300°F the equilibrium con"ersion ror 
the liquid·phase prOCl!SS is about x ... _ 0.32 However, by suspending tbe catalyst in a 
high·boiling solvent and operating the reactor at a temperature above the boiling 
point of acetone. both H 1 and acetone can be removed as a vapor from the reactor. 
Thus, the equilibrium conveBion is shifted to the righl. A series of tbree continuous 
stirred tank reactors, with a pump-around loop containing a beating system that 
supplies the endothennic beat to reaction, can be used for the process. 

Exampl~ 6.4-3 ProdlKfiOIl of efh)'l .cryl.ft,_ Ethyl acrylate can be produ<:ed by the 
reaction 

Acrylic Acid + ElhanoJ~ Ethyl Acrylate + H20 (6.4·20) 

Both acrylic acid and ethyl acrylate are monomers, which tend,to polymerize in the 
reboilers of distillation columns. We can eliminate a column required to purify and 
recycle acrylic acid from the process if we can force tbe equilibrium-limited reaction to 
completion, say, by removing the water. Hence, we use an eJ;OCSS of ethanol to shift the 
equilibrium to the right, and we carry out the reaction in the reboiler of a rectifying 
column. With this approach, the ethanol, water, and ethyl acrylate are taken 
overhead, and the acrylic acid con"ersion approaches unity. 

Reversible Exothermic Reacfions 

There are several important industrial reactions that are reversible and exothermic. 
For example, 

Sulfuric acid process : SOl + 10l ~ SOJ 

In ammonia synthesis, 

Water·gas shift : CO + HIO~COl + Hl 

Amonia synthesis: N J + J H1 ¢2NH J 

(6.4-21) 

(6.4-22) 

(6.4-23) 

High temperatures correspond to small reactor volumes, but for tbese reactions the 
equilibrium conversion decreases as the reactor temperature increases. Hence, 
these reactions are often carried OUt in a series of adiabatic beds with either 
intermediate heal exchangers to coolthc gases or a bypass of cold feed to decrease 
the temperatures between the beds. W it h these procedures we obtain a com promise 
between high temperatures (small reactor volumes) and high equilibrium conver· 
sions. 

DiJuents 

From the discussion above we have found that temperature. pressure, and molar 
ral io can all be used to shift the equilibrium conversion. HowevC'r, in some cases an 
extraneous component (a diluent) is added which also causes a shift in the 
equilibrium conversion. For example, styrene can be produced by the reactions 

Ethylbenzene ~ Styrene + Hl 

Ethylbenzene ..... Benzene + Ethylene 

Ethylbenzene ..... Toluene + Methane 

(6.4-24) 

(6.4-25) 

(6.4-26) 

wbere the reactions take place at about ll00"F and 20 psia. The addition of steam 
(or methane) at the reactor inlet lowers the partial pressure o f s tyrene and H 2 and 
so decreases the reve rse reactioD rate in Eq. 6.4-24. The steam serves in part as a 
heat carrier to supply endothermic hea t of reaction. 

Steam is often used as a diluent because water-hydrocarbon mixtures are 
usually immiscible after condensation. Hence, the separation of water can be 
accomplished with a decanter (and usually a stripper to recover the hydrocarbons 
dissolved in the water, if the water is not recycled). 

6.5 COMPRESSOR DESIGN AND COSTS 

Whenever a gas-recycle stream is present, we wiU need a gas-recycle compressor. 
The design equation for the theoretical horsepower (hp) for a centrifugal gas 
compressor is 

(
3.03 x 10- ') Q [(P_.)' ] hp = Pin In -- - , 

Y Pi. 
(6.5-1 ) 
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where Pi. - Ibf/ ft J, Qia _ ftJ/ min, and i' = (C, /C. - I)/(C,/C.), The exit tempera
ture from a compression stage is 

:;.' = (::'Y (6_5-2) 

(where the temperatures and pressures must be in absolute umts) Values 0('1 that 
can be used fo r first estimates of designs are given in Table 65·1. 

Efficiency 

For first designs. we assume a compressor efficiency of 90 % to account for fluid 
friction in suction and discharge valves, ports, friction of moving metal surfaces, 
fluid turbulence, etc. Also .... e assume a dnver effiCIency of90 ';~ to account for the 
conversion o f the input energy to shaft wo rk . 

Spares 

Compressors are so expensive tha t spares are seldom provided for centrifugal units 
(al though reciprocating compressors may have spares because of a lower service 
factor). In some instances two compressors may be installed, with cach providing 
60% o f the load, so that partial operation of the plant can be maintained in case 
one compressor fails and additional flexibility is available to respond 10 changes in 
process flows. 

Multistage Compressors 

It IS common practice to use multis tage compressors. The gas is cooled 10 cooling· 
water tempera tures (looeF) between stages. Also knockout drums afe installed 
between stages to remove any condensate. It is essential to ensure that no 
condcnsatio n takes place inside the compressor, since liquid droplets condensing 
o n the vanes which arc rotating at \cry high speeds might cause an Imbalance and 
wild vibrations. 
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For a three-stage comprcssor wllh Intcrcoohng, the worl.. required IS 

The intermediate pr~su res thaI minimll.e the worl.. are delC:rnuncd Crom 

oWork "" il ~~ork = 0 
iJPl (J PJ 

(6.5-4) 

which leads 10 the results 

(6.5-5) 

Thus, we obtain another design heurisllc 

Thc compressio n rdlios for cach lo tage In a gas compressor should be equal 
(6.5-6) 

Annualiz.ed Inslalled Cost 

The brake horsepower bph IS obtained by introducing the compressor effiCiency 
inwEq 6.5-1 : 

Then, Guthrie's 
correlation can 
compressors: 

hp 
bhp"" 0.9 (6.5·7) 

correlation (see Itcm 4 ill Appendix E2) or some equivalent 
be used to calculate the installed cost for various types of 

(
M&S\ 

Installed Cost = ---uo r517.5Xbhp)0-8 J(2. 11 + F.) (6_5-8) 

..... here F. 15 given m Appendix E2 and M & S = Marshall and Swift mflation index 
(which is published each month 10 ChertUcal Engineering), 

To put the IIIstaUcd cost 00 an annualtz.ed baSIs. we 10trodI,)CC a capital 
charge factor o f 1 yr. Notc Guthric's correlations a nd capi tal charge factors are 
diSCussed 10 detail m Chap. 2. 

O peraling Cost 

By divldmg the brake horsepower by the driver efficiency, we can (;8.lcuiale Ihe 
utility requlremcnt. Then from the ulliity cost and usmg 8150 hr/yr, we can 
calculate thc operatmg cost 
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Sensitivity 

AI the preliminary stages o f a design. we do not have a com plete ftowsheet. Thus, 
we cannot obtam a good esllmate for the compression ratIO P _,IP;~ for recycle 
streams. Our approach is sim ply to make a guess and then to evaluate Ihe 
sensitivity of that guess J n most cases. the resulls are fairly Inscllsitlve. An example 
for the HDA process wilh x = 0.75 and Y"H = 0.4 is given in Fig. 6.5-1. 

6.6 REACTOR DESIGN 

Atlhe very early stages In a new design, a kinetic model nonnally 15 not avatlable 
Thus. we base our material balance calculations on a correlation of the product 
distribulion. Also. we assume that we will use the same type of reaclor in the plant 
that the chemisl used in the laboralory, and we often base a first estimate of the 
reactor size on Ihe reaction hall-lire measured by the chern is!. For adiabatic 
reactors we might base the design 00 an isothermal temperature wh ich is the 
average of the io let and o utlel temperatures or an average o f the inlet and oUllet 
rate constants. 

This type o f a kinetic analysis is vcr)' crude, but in most cases the reactor cost 
is not nearly as important as the product distribution costs. Thus. again, we merely 
look at sensitivities until we can justify additional work and a kinetic model 
becomes available. We eSIIl11ate the costs of plug flow reactors in the sa me way a~ 
we do pressure vo::ssds (see Appendix E.2). and we annualize the Installed COlli by 
introducing a capll al charge factor of 1 yr (we discussed capital charge faclors in 
Chap 2). 
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TABLE 6.6-1 

Dtsign guidelines for reactors 

" 
III 

Sm&k mewerslble reactIOns (DOt aucOCIIlalyl.c) 

A bothennal at".ys U5O' a plug no .. rellCIO' 
B Ad,aNuc. 

I Plug flow If the reaCI.oo rate monotonically de<:rclISQ "'1 .. , convuSlon 
2. CSTR oper.llng 11 1M ma'tlmum reachon r~ I" lollo.cd by a plug flow ..-cllOn 

Smgle ,,,vcn.bIe luctlOM adl.balIC 
A_ Ml.1.Imum temperalUle if endOlhe.mK 
B A ... ncs of ad.ablue beds ,,"h a dccleasmg lemperalure p<ofile If eJ;.OIMmtJC 

".raUd ruettoO$ composition dfcc:1S 
A. FOf A. _ It (Ik:!.'~) and A. __ S ( .. lUle). .... M.e the nl.o 0( lhe reactIOn nIcs IS t~tJ -

(k.I/k,}C';.' " 
I If ., > ." keep C~ hIgh 

Q. Usc boolCh Of pluS no .... 
h H,gh prCS!lure. ehounJIl" ' IlC'rlS.. 

c_ AWOld recycle of products 
• Can U5C I pn.U rcaelor 

2.U. , <.,. keep C .. 10'" 
• Usc I CSTR ",,,b I blgh oonvcrsoon 
h Lalge recycle of producls 
C low prcssu.~, add ",erlS 
d f'oIeed a large reaclor 

B FOf A. + B __ R (dC:Slfcd) and A. + B __ S ( .. .aste), where the rallO or the niCS IS 'o ·' s ~ 

(~.Ik ,>C:.' "~' ., 
I 1f.,> .. ,lndb,>b,.bolhC .. andC.h'lh 
2. If I, <'" Ind b, > h" then C. low. C. hl"'_ 
) If II >"1 and h, < b"then C. hlp, C. 10 .. · 
4 If I, <., and b, < b,. both C •• nd C.lo" 
5. Sa: FIg. 6.6- 1 101 'Ino'" rCiCIOI eonfiRurauons 

IV c.,lI.KCUtiwe ~,ons composItion dfcc" 
A. A. _ It (dcslred). It __ S ("'UIC)-m,mm,~e the n"~lng of streams .... Jlh dlfferenl composmon5 

V PantJJel,eaclions lempc"IIure effects .~/r, - (.,ik,)f(C .. . C.l 
A. If E, > E,. U5C. hllh temperature 
B. If E, < E •• "'" an incrusing temperalure p<ofilc 

VI ComearlJve ruCbOnl - I""'pcI1l lurc dIects A. ~ .II. ~ S 
A. If E, > E J , ""'. decreasin& lo;mpenturc profile-no! very lCII"h>-e 

B. If E, < E •• UK a '0'" tempenturc. 

Reactor Configuration 

Since tbe product distribution can depend on the reactor configuration, we need to 
determine tbe best configuration. A set of design guidelines has been pubhshed by 
Le,·enspiel· For the sake of completeness some of these guidelines are reviewed in 
Table 6.6-1. As this table indicates in some ca~ we obtain complex reactor 
configurations: see Fig. 6.6-1. 
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P.ralld relIctJOIU (F • .,... O. ~p~l, C~1rUCiJI R~QClwn £ng_""9,1J~~ Wd~J', N~w York, 1971, 
cltDps 7 /VIJ 8.) 

6.7 RECYCLE ECONOMIC EVALUATION 

Our economic analysis fo r the inpul-outpul slruclure considered only Ihe slfeam 
cosls. i.e., products plus by-producis minus raw-malerial costs. The results for the 
HDA process indicated that the mosl profiLable operation was obtained when Ihe 
conversion was uro (we made no diphenyl by-product) and when the purge 
composition of hydrogen was zero (we both purged and recycled pure methane). 

However, when we consider the recycle, Eq, 6.2-2 shows that we need an 
infinite recycle Dow of toluene when the conversion is cqualto zero, and Eq. 6.2-11 
shows that an infinite recycle flow of gas is required when the hydrogen purge 
composition is equal 10 zero. Thus, if we subtract the annualized reactor cost and 
the annualized compressor costs, both capilal and power. from lbe economic 
polential, Ihen we expect 10 find both an optimum conversion and an optimum 
purge composition, Figure 6.7 I shows this result for the HDA process. (We 
would also subtract the anDualized capilal and operating cost ofa feed compressor, 
if ODe was required and we did nol include il in the Ievcl-2 calculation.) 

The values ror the optimum shown in Fig. 6.7-1 a re Dot the true optimum 
values because we have not included any separations or heating and cooling COSIS. 
Hence, we e"pectlhat tlte true optimum economic polential will be sma ller and will 
be shifted to lower recycle Hows. However, we can see that our simple analysis is 
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rapidly restrictmg the range of the desIgn variables where we obtain a posItive 
profit. Thus, our calculations for the separation system and the heat-cxchanger 
network arc simplified 

6.8 SUMMARY, EXERCISES, AND 
NOMENCLATURE 

Summary 

The decisioDs that need to be made 10 fi" the recycle struclure or the flowsheet are 
as follows : . 

I. Ho ..... many reaclors are reqUITed ? Should some components be separated 
belwcc:n the reaclors? 

2. How many recycle slreams are required ? 
3. Do we: want to use an excess of one reactanl at the reactor inlet? 

4. Is a gas-recycle compresso r required? How does it affect the costs? 
5. Should the reactor be operated ad1abatically, with direct heating or cooling, o r 

is a diluenl or heal carrier needed ? 
6. Do ..... e: want to shlll the equilibrium cOJlversion? lI ow? 

7. How do the reacior costs affect the econo mic potential ? 
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The design guidelmes we use to make some of these decisions for jirst designs 
are as follows : 

I, If reactions take place at different temperatures and pressures and lor they 
require different catalysts, then a separate reactor system is required for eDch 
operating condition 

2. Componenls recycled 10 the same reactor that have neighboring boiling points 
should be recycled in Ihe same slream 

3. A gas-recycle compressor is required if the recycled components boil at a 
temperature lower than that of propylene. 

4. If an elOCSS reactant IS desirable, there is an optimum amount of the excess. 

5. If the reactor temperature, pressure, and/or molar ra tio are changed to shift the 
equilibrium conversion, Ihere must be an optimum value of these variables_ 

6. For endothennic proc::esscs with a heat load of less than 6 10 8 x 10' Blu/hr, we 
use an iSOlhennal reaclor with direct heating. For larger heat loads we may 
add a diluent or heat carrier 

7. For exothennic reactions we usc: an adiabatic reactor if the adiabatic tempera
ture rise is less than 10 to 15% of the inlet teroperature. U the adiabatiC 
temperature rise exceeds this value, we usc: direct cooling if the reaClor heat 
load is less than 6 to 8 x 10' Btu/hr. Otherwise, we introduce a diluent or a 
heal carrier. 

S. For single reactions we choose a conversio n of 0.96 or 0.98 of thO' equilibrium 
con"erslon. 

9. The most expensive reactant (or the heaviest reactant) is usually the limiting 
reactant, 

10. If the equilibrium constant of a revt'csible by-product is small. recycle the 
reversible by-product. 

11 . Several design guidelines for reactors are given in Table 6.6-1 . 

12. The recycle flow of the limiting reactant is given by F = F .'1 (1 - x)/x, where F. 
is the amount of the limiting reactant needed for tbe reaction and JC is the 
conversion. 

13. The recycle flow of other components can be determined by specifying the 
molar ratio(s) at the reactor inlet. 

Exercises 

6..8--1. Develop tbe recycle structure for the HDA process with diphenyl recy<:lod (see 
Eq. 6.2·13). Plot tbe oconomic potential versus tbe design variables, assuming that 
K ... _ 0.2)96. (Also see Appendix B.) 

6.8-2. Develop the recycle strUC1ure for an aoctic anhydride process (5CC Eq. 6.1-2 and 
Exe:rcise 5_4_3). If tbe acetone pyrolysis reactor costs arc calculated as a furnace cost, 
and if the anhydride reactor cost is ne:gligible. plot the economic potential versltl the 
design variables. (Assume All. , . . .. ... 34.700 Btu/mol, All" .•• , _ - 27,000 Btu/mol. 
and AH • •••• d - 20,700 Btu/mo!.) 
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6.8-3. ne"elop the recycle structure ror the gas·phase procxss that prodtl~ acetone from 
Isopropanol (Elercise 5.4-4). Assume that AIIIl _ 25,SOO Btu/mol and that the 
reaClOr cost can be enlmated as I heat CJ.changer ..,jth U - 10 Btu{hr ftl '0 F). The 
heat required for the reaction is supplied from a OO ...... therm furnaoc .... "Ith Do .... tberm 
at 600"F. Plot the oconomic potential versus the signLficant design ,-anables 

6..1-4. J)c,clop the recycle structure for the ethlnol synthesis J'lOblem (set' E~ercise 5.4 5) 
Assume that All. (tOH _ - 19,440 Btu/mol and AHDEE .., - 510S Blu mol. Ihal the 
for ..... ard reaction ute constant IS gi"en by 

.1" _ t 4 )( 10· up {- 53.100/lRTCR)J} hr -' 

and IS firsl -orde:r In waler ; lind Ihat 

K •• _ (1.679 )( 10 ' ) up [10. 119/ T(" R)] 

Plot t~ economic potent,al veTSltI the significant design variables_ 
6..8--5. Dc:,dop the recycle structure fOI the styrene process (5tt E~e:rcise 54-6) Assume: 

Ihal AH .. ,. _ SO,5)() Btu/mol. All . ...... _ 45.]70 Btu/mol. and All" ... -
- 2.3 • .3S0 Btu/mol, that the reactIon late constanl for Ihe primary reaCllon is 
S',en by the CJ.pre:sslOn k, _ (38.3) exp ( - 20.440J(RT("R)] 1 hr ' , and ,ha' K ... -
7.1]4 e)(p I 27,170/ T(OR» Piol the econOlll1C polenltal ,ersus the signlflClnt 
dl:5ign ,·ariabll:5 

6J1....6. Dt:'·e:lop the recycle struclure for Ihe cyclohuane process (sec Exercise: 5 4-7). Assume 
Ihal AH" _ 93,200 Btu/mol, thai K •• _ (2.67 x 10- l')Up [4.71)( 10"/ T(R)], 
and thai the forward reaC1ion rale: conSlant IS given by (i .88)( 
IO l ) exp { -14.400)i (RT("R)]}. where the forwald re:lCllon is lirsl-Qrde:r in benzene 
Plot the economic polential versus the: significant design variables 

6..8-7. Dc:~-clop the: recycle struClure ror the: ethylene process (see Exercise 54.8). Assume 
IhalI1H, _ 58.650 Blu/mol. that 6 11 l - 15.320 Blu/mol. aDd Ihltthe reactor cost 
can be estimated lIS a pyrolysis rumaoc. Plot the economic potential Ve:rsU5 the design 
variables. 

6..3-8. J)c,'clop the: recycle structure for the butadIene: sulfone process (see oeTose 5.4-9). As· 
sume thll 6H.- - 48.000 Btu/mol, K ... _ (6.846 )( 10- 11 ) exp ( - 36.940/(T(' R)]. 
k, _ (8.172)01 10") eJp ( - 52.200/ T(OR)]. and k, _ k _ IK~(mol/(fIJ . br)]: 

lhal the reaC1ion rale corresponds to the stoichiometry; and that we use a CSTR for 
the: reaC1or. Cons,der variable de:nSlly effeelS and ISSUme: thll the annualized, installed 
reactor cost l$ given by 31 SO '1 H' [5/(ft J . yr)l Piol the oconomic potenlial ,ersus 
the signirlCant design , ... riables. 

6..8--9. J)c,·dop the recycle 5lrUC1ure for the butane alkylallon PI()OC$S (set' Exe:rcise 5.4-.10) 
Assume thalAH, _ - 27,440 Btu/mol, AliI _ - 25.180 Btu/mol. k, = (9.56)( 1011) 
up {- 2S.000/[RT(OR)]} hr I, and kl ... (2.4]9 )( 10") up { -35.000/[RTC R)]) 
br - ' . Use a CSTR WIth the cost condatlon &i,-en in E~ercise 6.S-S. 

Nom end.ture 

A, B, R,S. 
ai • hI 
A 
bhp 
C, 

Reactive and product components 
Order of reaction for component i 
Ileal-cxchangcr area (ft I) 
Brake horsepower 
Conccntralion of component i 
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C, 
£, 
fCC .. , c.) 
1. 
F 
F, 
F, 
f ' f"l 
F, 
F, 
FT 
hp 
k, 
K •• 
At 
AIR 
M &5 
P, 
PIo.,Pn . 

PJ 
p,. 
Q. 
Q. 

" • 
R, 
7i., T ..... 
T ... / 
U 
X 

y,. 
y, 
y,. 
MI .. 

, 

Ileal capacilY [8tuj(mol · QJ.")) 
Activation energy for compoocm i 
FunCllOn of composItion 
Fugacity of component i 
ReaClor feed rale (molthr) 
Correction factor for a gas compressor 
Feed rate ill excess of reaCIlOIl requJremenls (moljhr) 
Fresh feed fille of lolucnc (mol/hr) 
Makeup gas rate of 112 (moljhr) 
Flo ..... rale of componelll i (molfhr) 
Reactor feed rate of toluene (molthr) 
Horsepower 
Reaction rale conSlanl 
Equilibrium constant 
Molecular weighl 
Molar ralio 
Marshall and Swift mdex for inflation 
ProductIOn rate of component; (moljbr) 
Inlet and outlet pressures for a gas compressor 
Pressure a[ stages of a gas compressor 
T o[al pressure of reactor 
VolumetriC flow rate (n1/ min) 
ReaClor he.it load (Blu/hr) 
Reaction rale 
Gas conSlanl 
Recycle gas flow (molthr) 
Inlet and outiet temperatures from a gas compreSSor (OR) 
Reactor temperature (OF) 
Overall ~eat-transfer coeffiCient [ Btujehr. ft 1 • OF)] 
ConverSIon 
Feed mole fraction of 112 
Mole fraction of component i 
Purge composilion of Hz 

Heal of reacllon at reaction temperature and pressure (Btu/ mol) 

Fugacity coefficient of component I 

Cp/C. ~ I 

Cp/ C. 

CHAPTER 

7 
SEPARATION 

SYSTEM 

Here we conSider only the synthesis of a separatIon system to rC:CO\'er gaseous and 
liquid compenenls Our diSCUSSIOn is broken down mto three separate pans . 
general structure, vapor reco\'ery system, and liqUId separation system. Also keep 
io mmd that .... e need 10 detemline the best separation syst~m as a function of the 
design variables, I.e., the range of the design vanables in Fig. 67-1 .... here we obtain 
profitable operation. Thus, our previous economic studies help to simplify the 
computational elTort. 

7.1 GENE RAL STRUcrURE OF Tli E SEPARATION SYSTEM 

To determine the general structure of the separation system, ..... e first determme the 
phase of the reactor effluent SHearn (see Fig. 7.1-1). For vapor-liquid processes, 
Ibere are only three possibilities : 

L IIth~ reactor effluent is a liquid, we assume that we only need a liquid separation 
system (sec Fig. 7.1-2). This system rnightmclude distillation columns, extrac
tiou units, azeotropic distillalion, etc., but nonnally there will not be any gas 
absorber, gas adsorption umls_ etc. 

2. If the reaClor emuent IS a two-phase mixture, we call use the reactor as a phase 
spliller (or put a flash drum afler the reactor). We send the liquids to a liqUid 
separation system If Ihe reactor is operating above cooling-water temperature, 
we usually cool the reactor vapor stream to 100°F and phase-spill this stream 

163 
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(see Fig. 7. 1-3). If the low· temperature nash liquid we obtain contains mostly 
reactants (and no product COmponents thaI are formed as intermediates in a 
consecutive reaction scheme), then we recycle them to the reactor (we hal'e the 
equivalent of a reflu~ condenser). However. if the low-temperature flash liquid 
contains moslly products. we send this stream 10 the liquid recovery system . The 
low-temperature nash vapor is usually scnt 10 a vapor reCO\'e ry system. But. if 
the reactor emuent stream contains only a sma ll amount of vapor. we often send 
the reactor effluent directly to a liquid separatlOll system (i.e. distillation Irain). 

3. If the reactor emuellt IS al! vapor. we cool the stream to lOO"F (cooling-water 
temperature) and we attempt 10 achieve a phase split (see Fig. 7. 1-4) or to 

completely condense this stream. The condensed liquid is sent to a liquid 
recovery system. and the vapor is sent 10 a vapor recovery system. 

If a phase split IS nOI obtained, we see whether we can pressurize the 
reactor system so that a phase split will be obtained. (We see whether a high 
pressure can be obtained by using on ly pumps on liquid feed streams, and we 
check to see that the pressure does not affectlhe product distribution.) If a phase 
split is still not obtained. then we consider the possibility of using both high 
pressure and a refrigerated partial condenser. In case no phase split can be 
obtained without refrigeration, we also consider the possibility of sendi ng the 
reactor emuent stream directly to a vapor recovery system. 

We need to ensure that the same st ructure is obtained for the complete range 
of design variables under considera tion. These rules are based on the heuristic that 
phase splits are the cheapest method of separation and the assumption that some 
type of distilla tion sepa rat ion is possible. 

I 
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Reactor Vapor 35°C Ph"" -, system ;- split 
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liquid 
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Approximale Fltlsh Ctllculillions 

To. detennin~ Ih~ phase of the reactor effluent, in some cases, we caD USC a sharp. 
split approxrmatu:~n procedure 10 avoid the lrial·a nd·error solutions associated 
with flash calculallon$. The flash equll tions can bt: wrillen as 

Overall balance: F=Vi-L 

Componen l balance : 

Equilibnum : 

When we combine these expressions, we oblain 

0' 

" J', ~ V/F + (I V/FXI / K,) 

--;;_--:i'~I=,-~ 
Xi = (Xj I)V/ F + I 

If K/ » 1 in Eq. 7.1-4, we sec that 

I')li;:; Fz/ 

and if K; <i I in Eq. 7.1·5, ..... e find that 

Lx/ ::::: FZ j 

(7.1- 1) 

(7. 1-2) 

(7.1-3) 

(7.1-4) 

(7.1-5) 

(7.1-6) 

(7.1-7) 

Thus, as a first eSllmate of the vapor and liqUId flow rates, we can write 

for aU components wbere KI > 10 

for aJl components where XI < 0.1 

(7.1 -8) 

(7.1-9) 

These express!ons are equivalent to a perfcct split, providing there are no 
components with a KI value bt:twoen 0.1 and 10. 

The pc~cct spill expressions ignore the vapor-liquid equilibrium_ However 
we can supcnm~sc: these eq~~lib~um relationships on our expressions for Ih~ 
fl ows. Thus, .'he liqUid compoSJl lon In eq uilibrium wilh a vapor component having 
a mole fraction 

;, 
" " Yi""V -~ 

Y. " x_z~= .. _ 
, K I X I r,,, 

The liquid flow of Ihis component is then 

(7.1·10) 

(7. 1- 11 ) 

(7.1- 12) 
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TABU 7. 1-1 
UDA flub 

AJfI'Odmal~ ..~ 

Com~1 J. K, " " " " 
H, IS .. 99.01 IS" 2 IS .. , 
CIi, 2J2l 2OJlO 2312 /I 2J/J /0 

A.,...ollimal~ £Un 

Com'-' I, " " " " " 
.. =~ 26S 0.01040 29.' nH " .2 236.1 
Toh"'De " 0.00363 1.' 11.4 1.' 11.4 
Oip",,",yl • 0.00000 0 • 0 ' .0 

Now, we can go back and adjust Ihe vapor flow for [his loss: 

The correspondlDg 
liquid phase are 

'Dd 

(7. 1-13) 

expressions for componenls thai are predomUlanlly In the 

(7. 1. 14) 

(7. 1-15) 

Table 7.1·1 compares Ihe approximate and exact solutions for Ihe HDA 
process. We sec thai the approximale solution is satisfactory for prehminary 
designs. However, the results are valid only if there are no components having K 
values in tbe range from 0.1 1010. 

AN ALTERNATE APPROXIMATE PROCEDURE FOR .' LASII CALCULAT10NS. 
Anotber shortcut procedure for flash calculations was published by King.- If we 
again consKl.er Eqs. 7.1-1 through 7.1-3, we: can wnte 

L 
fi .. Vj + K.vUj , 

(7.1- 16) 

where fi c Fz; 
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By rearranging Eq 7.1·16 we o btain 

(7.I.18) 

Now, if we divide Eq 7. 1+18 by a similar expressIOn for componentj, we obtain 

!.IIJI - I K J ljivi - I - K / - (X/I (7. 1- 19) 

If we specify the fract.lonal reco very lJ"h for one component, we can use Eq 7.1- 14 
to caJculate the fractio nal recovery for every other component . 

. Even Ih~ugh this analysis is rigorous for constant-a systems, the results for a 
SpeCIfied fractio nal recovery of one component normally will not correspond to a 
flash. temperature of 100°F and the flash pressure. Thus. some iteration migh' '" 
requued. 

Nonideal Mix tures 

;:ere are no sh~rtcut calculation procedures for nonidea1 mixtures. However all 
AD packages, I,e., FlOWTRAN. P ROCESS, DESIGN 2()(X) ASPEN ' ' 11 

handle these problems. ' , etc., WI 

7.2 VAPOR RECOVERY SYSTEM 

When we attempt to synthesize a 
decisions : 

I. What is the best location? 

vapor recovery system, we need to make two 

2. What type of vapor recovery system is cheapest? 

Location or Vapor Recot'ery System 

There are four choices for the location of the vapor recovery system; 

I. The purge 5lream 

2. The gas-recycle stream 
J. The flash vapor stream 

4. None 

The rules ",'e usc: to make this decision are (see Fig. 7.2. 1) as foll ows: 

I . Place the vapo~ recovery system on the purge stream if significant amounts of 
valuable malenals are being lost in the purge. The reason for this heuristic is 
that the purge stream normally has the smallest I]ow rate. 

G~ 
recycle r------ ; ___ u._. 
~~~, ~-.--~ ..... ______ • t _______ .. 

/ 
Prevent recycle 

of certain __ r--- ---1 ___ 
components ' I 

V.po' from J ---; 
phase split 

n GURE 7.2--1 
Vapor ~~ery sypem Iocatton 

Purge 

Prevent loss of 
valuable or 
undesirable 

matenal 

2. Place the hpor recovery syslem on the gas-rccycle stream if materials that 3re 
deleterious to the reactor opera tion (catalyst poison ing, elc.) arc present in this 
stream or if recycling of some components degrades the product distributio n. 
The gas- recycle stream normally has the second smallc::st flov. rale. 

J. Place the vapor recovery system on the flash vapor st ream if both items I and 2 
are valid. i.e ... the fl ow rate is higber, but we accomplish two objectives. 

4. Do Dot use a vapor recovery system if neither item I nor item 2 are important. 

Adjustlhe Malerial Balances? 

Note that unless item 3 is chosen, our simple material balance equations will nol be 
valid ; i.e., some materials that we assumed wc::re recovered as liquids will be lost in 
tbe purge stream or recycled with the gas siream (which will change tbecompressor 
size). However, in many cases the errors introduced a re small, so Jhat o ur previous 
approximations still p rovide good estimates. We expect to develop rigorous 
materia] balances if we proceed with a fina l design, and therefore we use our 
engineering judgment to see whether corrections need to be made at this poinL 

Examt* 1.2-1 ADA proceA Do we need I Vllpor recovery system for the IIDA 
process? 

Sobniofl . For I con\'ersioD JC _ 0.75 and a puriic composition y,. _ 0.4, the vlpor 
80"'1 from the phase splitter a~ given in Table 7.1- 1 The purge Ind recycle flows for 
this case were 496 Ind 3371 mol/hr, respco;:livel)' Hena:, we can estimate that the 
benzene and toluene Hows losl in the purge are 3.79 Ind 0.46 moljhr, respectively On 
an Innual basis Ind by neglecting the fuel values of (besot components. this lem 
represents SO 304 x 106j yr. This value IS small compared to our economic potential, 



and so we dcade not to Include a vapor recovery system II this POlDt In the dcslgn 
development. We mlghl well reconstder this d.ccwon lfier we have determmed 
wbether Ihe IIOA process is profitable, i.e., if we deade 10 abandon Ibe proJCCf, we 
want 10 rnlnlrnlU tbe engineenng efron that we invesl. 

Smce Ihe reaction we arc considering is homogeneous, no componelllS In the 
gas· recycle Siream can cause catalyst deactivation. Howe\'er, there is a significant 
amouut of benzene in the Hash vapor stream (12:¥- of the beruene How); sec Table 
7.1· ] And mosl of Ihls benzene (29 6 mol/hr - 4 J mol/hr losl in Ibe purge) will be 
recycled 10 the reactor The benzene IS fonned as tbe IDtermeduue m a consecutive 
reaction scheme 

Toluene + H, ... Benzen.c + CH
4 

2Benzcne ~ Diphenyl + H, 
(7.2·1) 

Therefore, we would expecl thai some (or most) of &IIy benzeoc thai is recycled to the: 
reactor will be convened to dipheDyl Unfonunatcly, tbe: soelectivity data we arc uSing 
(sec Example 4 I-I) do not include the effect of any benzene feed to Ihe reactor, so we 
cannot CSllmate the amount of benzene lost 10 dJphcnyl. This difficulty could be 
o\·ercome if .... e bad a kinetic model availible. 

Wllh the available da ta, bowever, we would need 10 put a vapor recovery 
system ellber on tbe g.u·rccycJe stream (10 prevent lbc loss of some of Ibe benzene by 
reaction to diphenyl) or on the fluh vapor stream ( 10 prevent loss of benzene both In 

Ihe purge siream and by reaction), Anolher alternative could be 10 recycle Ibe 
dipbcnyl 10 uunction. ralher than (ccoverina and (Cmovina lhe dipheoyl. Witb this 
alternatl\'e, we would avoid the selectivity loss of tolu.cnc 10 dlphcnyl ailogether, and 
we can lolerale the prescnoc of benzene in the gas-recycle Slream 

Some of the benune in the aas·recycle stream can be recovered in lhe: 
compressor knod.:oul drums before tbe gu·recycle stream enters the reactor The 
~ash vapor stream IS a SlIlUralcd vapor, so Ihal as we ralsc Ihe pressure o f Ihis stream 
III each of Ihe thrcc slagcs of Ibe gas-rccycle compccssor, SOffic of the bcnune Wt" 
condense Nonna"y, we cool the ell! from each CODIpre5$Or stage to IOO"F wllh 
cooling Waler, Ind then ... ·e include a ~nod:out drum (ic.. a flasb drum) to collect the 
con.denSlble mltenals. We can send Ihls condensed benzcoc to the liquid separauon 
system. 

Rather than attempt to evaluate III these: vlll'ious alternatives al this time, we 
merely make some deciSion and continue 10 develop a base case. We list all the olher 
alternativC$ as ilems that need 10 be considered after we bave estimated Ibe 
profitability of the process and have I beller undel"$tanding of the allocation of the 
costs. or course, we m.ini.m.lu our effort by guessing that most of the bc:w.cnc In the 
gu·rccycle strC<lm will be recovered in the knockout drums 8SSOCIatc:d with the 
compccuor or Will not be converted to diphenyl if il IS rccydcd to the reactor 
However, it is essenlialto check thIS anumption laler 

PROCESS FLOWS, If we do not recover the benzene and toluene from the Hash 
vapor streams, our 8ssumpt..ions concerning the overall and recycle material 
balances are no longer valid. In particular, the amount of benzene leaving in the 
flash liquid stream IS not adequate to meel Ihe plant production rate, although the 
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benane reco~ered in tbe: compressor l.nOCkOul drums Will decrease the magllltude 

of the error 
We could go back and revise all our matenal balance calculatIOnS. lI owever, 

It will be ne0e5!oary to revise them again after we have specified a liqUid separatIOn 
system. Since the changes we totroduced to the proces~ 110ws arc not too large, we 
decide 10 eOnltoue With the analysis. Of course, we are ~tartlOg to accumulJte 
errors, and 'Ae know Ihat If we deeid~ not to abandon the project, we must revise 
our calculations We describe a procedure for correcltog the malerial balancc~ to 

Sec. 7.5. 

Type of Vapor Reconry System 

The most common choKes (wilh current technology) are 

I. Condensation high pressure or low temperalUre, or both 

2. Absorption 

3. Adsorption 

4. Membrane separation process 

5, Reac lion systems 

Shoncut design proccdur~s for gas absorbers ..... ere discussed ill Chap 3. The 
economic trade-offs for the desIgn of a condensation process ar~ considered in 
Exercise 35·2. A design procedure for adsorpl!on processes has been presented by 
Fair.- Neither a design procedure I nor a COSI correlation for membrane recovery 
processes Rem to be available in the open literalure, although vendors of 
membranes Will provide thiS service. Reactions are sometimes used 10 remove CO2 

from gas stream!>, and H 2S IS recovered with ammes 

Strategy 

We design the vapor recovery system before we consider Ihe liquip separatIOn 
system because each of the vapor recovery processes usually generates a hq\lld 
stream that must be funher purified. For the case ofa gas absorber, where we need 
to supply a solvent to the ab~rber, ..... e also introduce a ne ..... recycle loop betwccn 
the separa tion systems (see Fig 7.2-2). Nonnally we need to estimate the size and 
costs of each unll 10 delermine which is the cheapest 

• J R hllr, ~Mlaed SolveOl R~oYcIY itnd f'''rlficlUOD,~ p t. w",tLlnIIOU UruyerOity ~Iin CaK 
SILldy No 7. cdllcd by 8 D Smllh, WllShmlllon University, SI 1..0UIS, Mo., t969 
I A Slmplc mode! lb., can be usW 10 Cl;llInale lbe are;l, of a mcmbr."" pmccs> bilS been publlsbed by 
J £ Hopcu Ind W II Mazur , Jl yotIr~..,b Prot: August 199), p 51 
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FIG URE 7.2-2 
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If we use a partial condenser and a flash drum to phase-split the reactor effluent. 
some of the lightest liquid components will lea ve with the flash vapor (i.c... a flash 
drum never yields perfecl spilts) and therefore will nOI be recovered in the liquid 
recovery system. However. if there is only a small amount of vapor in the stream 
leaving the partial condenser and if the first split in the liquid separation system is 
chosen to be distillation, we could eliminate the pbase splitter and feed the reactor 
~muent slream directly inlo the distillation column. 

The diameter of a distillation column wilh the two-phase feed will need to be 
larger (10 handle the increase·J vapor lraffic) than a column chat follows a flash 
drum. However, this increased cost may be less than the costs associated with using 
a vapor recovery system to remove the liquid components from the flash vapor 
stream. There does not soern to be a heuristic available for making this decision, 
and so we need to add anolher process allernative to our list. 

7.3 LIQUID SEPARATION SYSTEM 

The decisions that we need to make to synthesize the liquid separation system 
include the following : 

I. How should light ends be removed if they might contaminate the produd? 
2. What should be the desllnation of the light ends? 
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3. Do we rccycle compone~ts that form azeotropcs with the reactants, or do we 
split the azeotropcs1 

4. What separallons can be made by distillation ? 
S. What sequence of columns do we usc? 
6. How should we accomplish separations if distillation is not feasible? 

Each of these decisions is discussed below. Remember Ihat we want 10 make the~ 
decisions as a function of the design variables O\'er the range of potentially 
profitable o peration 

Light Ends 

Some Light ends will be dissolved in Ihe liquid leaving the phase splitters shown In 

Figs. 7.1-3 and 7.1-4. and normally some will be dissolved in the liquid streams 
leaving the vapor recovery systems. If these light ends ml!ht contaminate the 
product. they must be removed. 

ALTERNATIVES FOR LlGHT-ENI)S REMOVAL. The choices we have for re
moving light ellds are these : 

1. Drop the pressure or increase the temperature of a stream. and remove the light 
eods in a phase splin.er. 

1. Usc a partial condenser on the product column. 
3. Use a pasteurization section 011 the product column. 
4. Use a slabiliu:r column before the product column. 

The last three alternatives are shown in Fig.7.3-1. 
~ options are lis ted in the order of increasing cost., and therefore we prefer 

to use the earlier entries. However. to make a decision for light-cnds removal, il is 
necessary to know the flow rates of Ihe light ends and to make. some shortcut 
calculations or some CAD runs to estimate t"e amount rcco'·ercd : 

I. Flash calculatioos. These arc discussed in Sec. 7.1. 

2. Partial condensers. CAD programs handle these problems. or in some cases the 
approximate flash calculations gjvcn in Sec. 7.1 can be used. 

3. Pasturization columns. A shortcut design procedure has been published by 
Glines and Malone· (sec Appendix A.S). 

4. Stabilizer columns. This is a normal distillation column that removes light ends 

• K.. G\inos and M F Malone, lotJ. Eng Chftn. h oc Del. 0ftL. 2.4 10117 (1985) 
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FIGURE 7.3-1 
Ahcmahvcs t OT remo~mllighl ends 

DESTINATION OF LIG HT [~us. For the destination of the light ends. we can 
'len I them (possibly to a l1are system), send the light ends to fuel. o r recycle the hght 
ends to the vapor recovery 5~5tem or the fla sh drum. If Ihe light ends have \ery 
little value, we wanlto remove them from tbe process through a vent. Iflhls veoting 
causes air pollution problems, we try to veol them through a flare system 10 bum 
the o ffending component. If most of the light ends are flammable, we Iry to recover 
the fuel value. However, if the light ends are valuable, we wanllo re tain them in the 
process. If we recycle them 10 the vapor recovery system, we introduce another 
recycle stream into the process.. 

SUMMA RY FO R L.lGIIT [f'Iro'D£ If light ends will not contaminale the product, 
we merely recycle them to the reactor with a reactant-recycle stream or remo ve 
them from the process with a by-product stream that is sent to the fuel supply. If 
light ends will COfllaminate the product, they must be removed from the process 
The method of removal and the destination of the light ends depend on the amount 
of light ends. Hence, we must delennine the amount of light cnds as a funCtion of 
the design variables before we can make a decision. 

Auotropcs with Reactants 

If a component fonns an azcolrope with a reactant, we have the choice ofrecycl Ul& 
the azeotrope or splilling the azeolrope and just recycling the reactant. Splitting 
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the azeotrope nonnally requIres two columns and therefore is cxpensi\e. However, 
if we recycle the azeotrope, we must oversize all the equipment in the recycle loop 
to handle the incremental fl ow of the extra components. A general design heuristic 
d~s not seem to be available for malmg this deciSion, and so we usually need 10 

evaluate bolh alternatives. Azeot ropic s)stems are discussed in more detail in the 
next section. 

Applicability of Distilla tion 

In gcneral, distillation IS the least expensive means of separating mix tures of 
liqUids. However, if the relalive volatilities o f two components With neighboring 
boiling points is less than 1.1 or so, d istillation becomes very expensive; i.e., a large 
reflux ratio IS required which corresponds to a large vapor rate, a large column 
diameter, large condenscrs and reboilers, and large steam and cooling water costs. 
"Whenever we encounter two neighboring components having a relatIve vo latilll Y 
ofless than 1.1 in a mixture, we group these: components together and \Iie treat this 
group as a single component in Ihe mixture. In o ther words, we develop the best 
distillation sequence for the group and the other components, and then we separate 
the lumped components by using Olher procedures (see Fig. 7.3·2). 

Column Sequenc ing- S imple Columns 

For sharp splits of a three-component mixture (with no azcOlropes) we can either 
recO\·er the lightesl component first or the heaviest component first, and then we 
splil the remaining two components (see Fig. 7.3-3). When the number of 
components increases, the number of alternallves increases very rapidly (sc:c: Table 
7.3·1). The splits that can be made in the 14 alternatives for a fivc-component 
mixture are listed in Table 7.3-2. 

It appears as if it will be a major task 10 decide which distillation column 
sequence to select for a particular process, particularly since tbe best sequence 

• 
Ii 3.2 .... ----.. 

IS 1.7 1 
Lump----l I 

t~ __ ~~ 
D 1.0 

E 0.4 

flGURE 7.3-1 
Ouul.l.auQn K~I'lIon'. 
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D,E 

Separate r B 
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r--- A 

A 
B 
C 

FIGURE: 1.J-J 

Direct 

r---B 

'----- C 

O'$I11III11)n .hem_lIves ror I. temlry mluure 

TABLE 7.J-I 
Number of alterna,h'es 

Number of comPOllellts 2 
N\lmber of scq\IeDCIeJ 

TABLE 7.3-2 

, , • , 

A 
B 
C 

, .. 

Column sequences for th·. product strums 

• ., 

CoIvm. I Colamll 2 C ..... , CoIUDW 4 

I A/BeD E. B/CDE CIDE. 0/£ 
l A/ BCD E; B/CDE; CD/ E CID 
J AIBCDE.. BCiDE.. BIC 0/£ • A/SCDE. BCDI E. B/CD C/O , A/ BeDE BCD/E. BC/D BIC 
6 ABleDE. AlB e /DE. D/£ , AB/CDE. AlB COl E C/D • ABC/DE 0/£ AIBC RIC • ABC/DE. 01' ABIC AlB 

10 AI/COlE. A/BCD 8/CD C/O 
II A8CDtt: A/8CD 8ctD RIC 
Il ABCD/E. loB/CD AlB CID 
IJ ABCD/E. ABC/D AIBe BIC .. ABeDI£. ABCID ABIC AlB 

r-- A 

'--B 

Indirect 
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TABU.: 7.J-J 
Genetal beuristtcs fot t'Olumn sequencing 

I. R"mo~" CO"(J$m~ componenl$ as lOOn &I posI,bk 
1. JI."mo~" .u"n"" components or monomers as 1000 all possible 
1. Remo~" products .. dIstillates 
<II. Remove recycle "reams as distill.II:,. partIcularly ,r they arc rn:yclcd 

to I. padced bed rUCIor 

migh t change as we alter the design va riables To simplify thiS effor!, we might .... anl 
to look for heurist iCS for column sequenCing. There has been a considerable 
research effort in this area over the past decade or so, a nd some of the fesulls arc 
given below. 

GENERAL HEURISTIcs. There are some general heuristics that can be used to 
simplify the: selection procedure for column sequences (sec Table 7.3-3). The first 
heuristic in this list is based on the fact that the matenal of construction of thc 
column is much more expensive than carbon steel if corrosive components are 
present. Thus, the more columns that a corrosive component passes through, the 
more expensive will be the distillation train. 

Reactive components will change the separation problem and thus should be 
removed as soon as possible. Monomers foul reOOilers, so it is necessary to run the 
columns at vacuum conditions in order to decrease the column ovcrhead and 
bcmom temperatures, 50 that the rate of polymerization is decreased. Vacuum 
columns are more costly than pressure columns, and we prefer to avoid the 
increased cleaning costs. 

We prefer to remove products and recycle streams to packed bed reaclon as 
a distillate to avoid contamination of the product or recycle stream with heavy 
materials, rust, etc., which always accumulate in a process. If it is necessary to 
remove a product or recyde stream as a bottom stream, it is often taken as a vapor 
from a reboiler and tben condensed again. At tbe same time a small, liquid purge 
stream may be taken from the reboiler to prevent tbe buildup of contaminants. 

COLUMN SEQUENCING HEURISTICS FOR SIMPLE COLUMNS. A number of 
other heuristics for selecting sequences of simple columns (i.e., columns with one lop 
and one bottom slream) bave been published ; a short list is given in Table 7.3-4. 

TABLE 7.3-4 
HNristia for c:olumn sequeodng 

I. Most plentiful 6rsl 
1. Lightest firsl 
).. HJgh·ru:Qvc'1' "'pllranons luI. 
.(. Dl/IiaJJI ",pIII.llOn, lut 
~ Favor eq\llmolat 'pilla . 
'- Next $CpiIntJon ,hould be dteapest. 
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However, the first and fifth heuristics III this list depend on feed composItiOns, 
whereas the second and fourth depend on relative volatilities Hence. we eKpect 
that these beurisllcs will lead to contradictions; i.e., if the most plentiful component 
is the heaviest, there is a conflict between the first and second heuristics. 

A longer hst of heuristics has been published by Tedder and Rudd,· and some 
investigators have tried to order the importance of the heuristics, to resolve the 
conflicts.' A survey of the literature has been present('d by Nishida, Stephanopou
los, and Westenbc:rg.1 and a detailed diSCUSSion of the limitations of these heuristics 
has been published by Malone et al t Some additional discussion of the heuristics is 
given below. 

We might also note that as we change the conversion in a process. we expect 
that the unconverted reactant will go from being the most plentiful component at 
very low conversions to the least plentiful at very high conversions. Hence, the 
heuristics in Table 7.3-4 imply that the best column sequences will change as we 
alter the design variables. Similarly, note tbat tbe studies used to develop the 
heuristics were limited to sequences of simple columns having a single feed stream 
that were isolated (rom the remainder of the process, so that different results may 
be obtained when we consider the interactions bet'ft'een a distillation train and the 
remainder of the plant . 

INTERACTIONS BETW[EN mE SEPARATION SYSTEM AND THE PROCESS. 
For eKample. suppose we consider the two ftowsheet alternatives shown in Fig 
7.3-4a and b. We might consider these two configurations to be two of the 
allematives in a sequencing problem. However, there is a different number of 
columns in the liquid-recycle loop for the two systems. and therefore the recycle 
costs will be differen!. Hence, the optimum conversion, which usually correspond s 
to a trade-off between selectivity losses and recycle costs, will be different for th(' 
two cases. Of course, we should compare alternatives at the optimum processing 
conditions of each alternative, rather than on an identical feed· stream condition for 
the two alternatives. 

From this simpJe argument we soc tbat tbe problem of selecting the best 
separation sequence cannot always be isolated from tbe design of the remainder o f 
the process : i.e., the least expensive sequence for a fixed feed -stream condition 
might not be the least expensive sequence (becauoe the feed -stream condition 
should be cbanged to correspond to the optimum flnw). In fa ct, there might be 
another heuristic: 

Select the sequence thai minimizes the 
number of columns in a recycle loop. 

·0 W. Toddcr and D F Rood, AlCIIE J .• 14 30) (1918). 

I J D Seadcr &Ad A W Welilcrbcrg, AICIIE J ~ 13 951 ( 1911). 

IN Nmuda, Ci S.cphaoopoolO1.,.nd A W Walc/berL AICII£ J~ 19 126 (1981)_ 
I M F. Malone, K, GiJOOl., F E. Marquez, aDd J M Ooua.tu, AfOoE J .• JI 68) (l91S). 
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MULTIPLE SEPARATION SEQUENCES. Suppose we consider separation sys
tems that correspond to the general fl owshet ts given in Fig. 7. 1-2 or 7. 1-3; I.e., ..... e 
need both a vapor and a liquid recovery system. A flash drum never gives shurp 
splilS, so that some of the most volatile " liquid" components will leave wilh ~he 
flash vapor, and often they need 10 be recovert"d and sent 10 a hquld scparal1?n 
system '-Io .... e\('r. the fla sh liqUid mIght contain a large number of much heaVier 
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components as well ali those that are returned from the vapor recovery system In 
situations such as thIS. It mlghl be betler to split the sequencing problem inlo two 
parts. That is. we would split the nash liquid IOtO one portion con taming the 
romponcnts returneJ from the vapor recovery system and one portion containing 
the heavier components. Then we would design one separation system having a 
single feed stream for the heavy components and one separation system having 
multiple feed strea ms for [he components returned from the vapor recovery system. 

AN AtTERNATE API'ROACH TO SEU':(TING COLUMN SEQUEI'oCES. The 
reason for altemptlOg to develop heuristics is that the number of alternative 
sequences increases very rapidly as the number of components increases (see Table 
7.3-1). However, there are a large number of plants where four or less distillation 
columns are needed to accomplish the separation. Four simple columns (one top 
and one bouom st ream) a re needed to sepa rate a five-component mixture ioto five 
pure streams. but only four columns arc needed to separate six components. ir two 
components with neighboring boiling points leave in the same strea m, Thus. for 
five exit streams and using only simple columns, we need to consider the 14 
sequences shown III Table 7.3-5. 

An examination of this lable indIcates that 20 column designs a re reqUITed to 
evaluate all the possibili ties. Twenty column designs requires a considerable 
amount of effort if each of the: designs is rigorous. However, by using shortcut 
procedures (see Appendix A 4). it is possible to significant ly simplify the calcula
tions. Using shortcut techniques. Glinos· demonstrated that the evaluation of the 
14 sequences was almost instanta neous on a V AX 11 -780; i.e., the results appeared 
as soon as the program was run. Kirk ..... ood t has 5hown that the 14 sequences can 
be evaluated in only a few seconds on an IBM-PC XT. 

The results of Glinos and Kirk wood indicate that for modest-size sequencing 
problems it is better to develop computer codes that eva luate Ihe costs of sequence 
alternatives than it is to use heuristics. Moreover,lhe running times for these codes 
are sufficiently small that the best sequence ca n be determined as a functiOD o f the 
design va riables. 

Complt-x Columns 

Rather than consider only sequences of simple columns (one overhead and one 
bottom stream). we can consider the use of sidestream columns, sidestream 
strippers and reboilers, prefractionatoT$, etc. One set of heuristics for columns of 

• K. Olmos, • A Gtobll[ Ar'prOllch 10 lhe r'relim,na.,. [)eo'gn and Syno.e. .. of o.slillaloon Tla,n.," 
Ph.D 1heRs.. Unl~n'ly of MasucluuelJJ. t984 
' R. L KlThr;ood, "rIP P,oce.. [n.cn.;on PI~ule." Ph.D Thcs;'. Univelsjly of M..,uchll!lell! .. 
...... henl. tn1 

TA Rl.E 1.3-5 
Heuristics for complex columns- Tedder .nd Rudd 

COle"a 
KAKC 0'.

Ea5e-olKpoo,auon IIldu (ESI ) .. -- - -K.K. 0'-, 

If ES t < I. the: Al B sp~1 ., harde' than the BIC sphl If ESt > I. lhe AIIl SphllSe:uH:r than lhe BIC 

'r'ht 

lIeu"stlC$ fo, ESI < 1.6 
I. If 40 10 80% tS moddle product Ind nearly equa[ ImountS or ovcrhud arod bottom. arc presen •• 

thcn '1"01 dcslgn S 
1. If IIlOn than 507. II rruddk productlrod less tha.n S7. IS bollOms. thai CUOf dc:st~ 6. 
1. Irmo~ IhIlJ1 50" is middle product and less thin S7. is overhcads. then f."Of dc:s'gn 1 
4. tl Jess Ibln IS " II middle produd ...ct nca,t,. equal amounlS 0( overheads ...ct bottoms Ire 

rrcsc:nl. tllen "VOI desIgn 1 . 
S. Otbc:.-...iK 'a"01 desoJII t Of 2. whlChc:vc:T removes the most plcnuluJ componc:nt finl. 

Harnstics fo, ESI > 1.6 
I. If more than 5O:t.,,, bonolDS product.. lhen 'awor design 2. 
2. II mort Ih.tn SO % " middle product .nd from S 10 lO Y. is bo110ona. Ihc:n fuor desIgn S 
1. If mo.e Ihan 50% IS middle JI,odu.c1 Ind ~ tJt.n S% is bol1omS. tbc:D f."or dc:s'JII 6. 
• • If more than 50~ IS ",.ddle product ...ct 1t:!II1h." S% .. ovcrhcads. tbc:n f.v .... desl,n ., 

S. Olbc ...... _. fa"o' des,gn 1 

Othtr H eunsUCII • 
I. Thermal[y coupled dcslgns 1 and . Moould be: conSIdered .. al1enuouvcs to dClIJ1lS 1 and 2. 

rc:spea,,,..,ly. " ~ than h.tl' lbe feed is middJc product. , 
1. I)e,;lgnS 1 ••• 6. and 1 should be: C(ln~idcred fOI Kpoo,atln, all m'1tulcs"'hc:rc .10 ... m,ddlc:.p'oduct 

punly IS aa::c:ptablc. 

StrateRY 
t. Rcd uex N-<lOlIIponcnl oc:parations In Kqu~ or pscudolenuo.,. flepuauoru.. and pc:rlorm lhe 

most dd'6cu ll Ic:rmory separauon lUI. 
1. This bc:urislic d.- not guarlnlee structu,al optunality 01 e1rloa tl,. CODSOd .... all oomplc:J. column 

alternauva 

F""", I) w TeoIda.rod I) ,- Rudel. ArOE J . lA: J(l){I.711. 

thiS type has been published by Tedder and. Rudd'" (sec Table 7.3-5 an~ Figs. 7.3-5 
and 7.3-6). Another set has been presented by Glinos and Malone (sec Table 
7.3-6). Some shortcut design procedures that are useful fo r complex columns a re 
given in Appendix A.5. 

COMPLEX COLUMNS IN SEQUENCES. Our goal is to complete a base-case 
design as rapidly as possible in o rder to make a preliminary evaluation of whether 

" I) W lcddcllndD r Rudd. Alo,FJ .. 2A:30J( 1978) 

'K Ghnos and p.,i r Malone. "Compko Column Allcrna"w::I in ~Ibllon Systc:rru: Papc:r 

submlllcd 10 C~~'" Erog R~~ Dn, t98S. 
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TA BLE 7.3-4 
I-Ieurislics for tomplex columns-Glinos nd Mlilooe 

Simple: 5e<JUCI1CCS 

" U"'lhed".,.;tlCq .. cnctofl~"/(I .. -t 1(1) > (Q d Il/("oc I) 

b. U>c the .ntll ra;tI<:Quencc If lAf-'(IA> + let) < I,e ...... + I) 
C, Oik;ul~lc the vapor fllle!. If (aAl - 1)(11.<" I) > lATIU.., + let);> Ij(QAc+ I), 

2. Sldl:>lream ~oJllll1n~ 
Q. AI .... )s consider uSing a stdoucam colUmn ""hen 1 .£ and,'o, [,. < 0.1 
b_ Cow...Jcr uSIng a j;.dQm,am column .... hen .he intermedIate I~ rccytkd Ind 1 hI&h punty ~ not 

rcQUlfal 

C ColWder usmg 1 stdulream column >l-hcll tbe WlI,uJmcs aff: not eVCBly d,stobuled. 
d CoDSKkr a JJdc$lream above the foal " 'bcnthe intermediate 1$ more dd6cult to lC~r~te from Ihe 

heavy Ibln from the hill! OtherwlSC, con$tder • sidcslream below the foal. 

1 SidC5lream SIOPP<'rs Ind .cct,lien 
" Colli'der USln, a JItlCllfeam colUmn when Ic$s than 3O~ 0( Ihe r-i .. lhe inlenncdiatc. 
b As Z~T 'pprt»ches ( .. ~. - 1},I{ .. oOC - I)..be QVl.OP .re "'~Ied 10 lDa'casc. 
e The mu,mum ~VlIlgs Ire j()y" IndependCnt 0( the relalH'C vol.uhuca. 
d COllsadcr Uilnl' udC:Slrum column wheo lhe voIaulmcs AIe not evelily dislnhulcd. 

4 Pellyuk columns 

" The mumlUm v.por Slnngs ror I Pcllyuk column "e )(I" Ilid .. e approached .... hen 
lA - ("d - I),I( .. ..c - I )and h ~ 0 

b The VlIpor 'lie Q~IIl&> Ife higher for. Pedyul column lhan for any othe' lUnd of colUplc~ 
column. 

.. for ~rgc or modera.e 1., ill Petl)ul oollilUo U. b\ored when. 

(I) Th~ VOIIlIlIlIC$ arc bltlanccd Ind bo.h splill are dIfficult, thai IS, II~. "" II ... !> 2. 
(2) The spill A 8 'I dJtllcult, and lbe BIC lpln .. casy; thl' IS, (I •• < (I., . 

d For low la C(ln~tdcr USIII, ill Petl)'ul oolumll .. bellI. 1$ dOloC 10 (Cld - 1)1( ...... - Il, .hhougb I 
~.de·sccllon column rna) be" bc:Ue. m Ihu. cue (II 'HultS In lboul (he UInC ~apor .... VlDgs bu. hili 
rewer Il1Iyo). 

~ Pctlyul columns may be: .dvanlag<'OUS for moderate Or hl&h Z •. CIIpc:cially wbeo the A/8 spill .1 
not much U$W:, th.n lhe 8 fC Sp~l or "'heo I .. > O.~ 

f l-IcufUtw;s ,ccommelKllllllhc U5C of Pctlyul.- columns for Jar"" values 0( Z.lre 1101 always corrc(:I, 
because: lhe performance: dcpeod$ 00 tbe volatiblJe$. If.be voeltlhliCl Ire c¥caly distributed, tbe 
Pe.lyuk column .Dd prdn.ClIOnltor s.hould be: conSidered.. 

S PrcI,actionltors 
fl. Do 00' «,"~ldcr I prcfraCllon.,or If I Pellyul column can be used. 
b. The ml;umum ~v'np depend on the volatilltlcs arid whieb foal il colIl(ollinl-

(I) H the liPpe' J'c:cd COllln!lS, the ma.umum I-IVl.ngs Ire ( .... c _ ..... )1( ...... - 1), .. hieb oa:urs IU 
Z. ~ I. 

(2) If.be lower foal conlrols, lbe maa.mum !.aYIDgs are e ..... _ I),'( .. ..c - I). whod! oa:urs wben 

Ze - 0 

the process is profitable Thus, normally we include o nly sequences of simple 
columns in our first designs, Ilowever, a complex column IS often cheaper than two 
simple columns, and therefore we need to consider these possibilities at some POUlt 
10 our design procedure, Since ~e can replace any two neighboring columns 10 a 
sequence by a complex column, we can generate a large number of process 
alternatIves To aVOid gelling bogged dO','''n in a lar!!c number of alternatIve 
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evaluations, we defer a considerallon of complex columns until we consider other 
process alternatives, which we discuss in Chap. 9. 

Qlber Types of Separations 

If distillation is 100 expensive to use to separate liquid mixtu res, that is, CI( < 1.1, the 
other choices that are normally the next least expensIve are listed in Table 7.3-7. In 
most cases, these separation procedures require mUltiple distillation col umns to 
replace a eonvell tional d istillation, and so they are nonnally more expensive. A 
brier description of each type of separation is given below. 

EXTRACT10N. To sepa rate a mixture of Band C having a feed composition 
correspondlOg 10 poinl I on Fig. 7.]-7. we countercurrently contact Ihe feed with a 
solvent S, corresponding to point 2 on Fig. 1.3·7, in an extraction column. 
Nonnally, we attempt to recover 99% or more of component C, from the original 
feed, which corresponds to point 3 on the figure. We remove tbe solvent from this 
stream by usmg a dIstillation column to obtain the product stream for component 
B, shown as POlOt 5. The other stream leaving Ihe extraction unit corresponds to 
point 4, and when we use distillation to remove the solvent from this mixture, we 
)btain the condit ions at point 6 
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'Y~ note that ~int 6 corresponds to a binary mixture of Band C, which was 
the onglnal separatIOn that we were trying to make, except that it is more 
concentr~t~ th.Rn the original feed, point l. Also. wben we separate Band C by 
no~mal dlSIiUatlon, we can set the bottom specification to give us almost pure C, 
IX.'lOt 7, and. the overhead composition as the original feed milllure., point I. Thus. 
v.:lt~ ex~ractlon. we must carry out the same 8-C distillation as we would with just 
dIstillation. altho ugh the degree of separation required is reduced. Of course, this 

TABLE 7.3-7 
Altttnalil'e5 to dislillalion 

J. E"tractJOn 
1. E.ur.a,ve dL'Ilillauon 
J,. AuotropM: dJstilbllion 
.... ReaCli¥e dllllill.tJon 
!. Ctyll.lliutiOD 

'- Alborption 
7. Rearuon 

~Ol'l f.J UQUID SUAIlATlOf'I Inn'.JooI 185 

reductIon In the degree of sepa ra tion mus t decrease the cost sufficienlly to pay for 
the extraction column and the o ther Iwo disti llation columns.. In some cases this is 
possible. 

EXTRACTIVE DISTILLATION. If we aHempt to separate HNOl and HlO by 
extractive distillation, we add a heavy component, H lSO., near the top of the 
tower. The presence of the heavy component changes the vapor. liquKt equi librium 
(for this example the aClil-ily coefficients will be changed), which in some cases will 
sImplify the separation. We obtam a pun: component, HNO). overhead in the first 
colu mn (see Fig. 7.3-8) Then we recover the other component overhead in a second 
column. and we recycle the extractive eotrainer, HlSO. , back \0 the first column. 
We see thai two distillation columns are required. 

AZEOTROPIC DISTILLATION. In azeotropic distillation we add a relativel} hght 
component that again changes the vapor·liquid equilibrium of the nriginal liquid 
mixture, o ften by formmg a new auotrope with one of the feed components. Thus, 
to split the ethano l-water azeotrope, we can add benzene, ..... hich fOnDS a ternary 
azeotrope. With this modification, we can remove pure ethanol from the bottom of 
the first column and recover the ternary azeotrope overhead (sec Fig. 7.3-9) 

Since the ternary azeotrope: is a heterogeneous mixture when it is condensed, 
..... e use the benzene-rich layer as reflux to the first column, and ..... e use the other 
layer as the feed to a second column. In the second column, ..... e a(!ain take the 
ternary azeotrope overhead, and we recover an ethanol-..... ater mixture as the 

B 

(J) B + S 

5 B+ C 

C (+ 11) 
(j) tID 

B+C 

C1> C <D 
@) 

C+S 
(+ 11) 

crl a> 
B 5 

FlGUIlE 7.3-7 
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bonom Siream Now, in a third column. we recover pure water, our second 
product, as the bottom stream, along with the onginal bmary azeot rope: overhead 
ThIs bi na ry azeotrope is recycled IQ the first colum n, and we oblain pure products 
from the system of Ihree columns. 

R[ACT1\,[ DISTILLATION. In some cases it is possible 10 add an entrainer that 
reaCIS with one component in a mixture thai is difiicult to ~parale For example, 
the relative \'olatlhty bctwa:n me/a· and para-xylene IS ani}' 103. Howe\er, if 
sodIum cumene is added to a mixture of the xylene isomers,lt reacts with the para 
isomer. and then the relative volatility between the meta-xylene and Ihe o rganome
tallIC complex that IS produced becomes 30. The reaction can be reversed lfl a 
second column. and the entratner is recycled (see Fig. 7.3-10). Thus, the origmal 
separalion is greatly simplified, but at the expense of handling sodium cumene. If 
entrainers that are simpler to handle can be found, the reactive distillation will 
become a more important separation alternative. 

CRYSTALI.IZATION. Tbe separation of xylene isomers IS difficult by dis tillation. 
so often it is cheaper to use the difference in freezing points to separate the mixture:. 
Thus, by freeZIng. separation of the liquid-sohd ml.llture, and orten using some 
recycle. the desired separation can be achieved (see Fig. 7.3-11). 

DISCUSSION. Extraction, extractive distillallon, and azeolropic d istillation all 
in\'olve the separation of nom deal liquid mixtures. Until recently there has been no 
Simple desIgn procedure that could be used for the quick screenmg of these: 
alternatives A procedure of this Iype has recently been de\·e!oped by Doherty and 
coworkers, and some of the baSIC Ideas of this procedure are discussed nexl. 
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£,...m~ 7.3-1, II OA pcOl.:e>$. The flows of the fluh liquid stream Ihat are fed 10 the 
dlstdlat~on tram ale given in Table 1.1·1 (100°F aDd 465 psia), Jfwe let the hght ends 
leave WII~ the prodUCI and recover all the product. the composition of the p!""oduC1 
stream will be: 

235.4 
"''' - 2+ II +2]5.4 _ 0.947 (7.3· 1 ) 

.... hleh IS less than the required produC'l purity of 0.997. Hen«, we must remove the 
light ends, 

We could attempt t~ recover the light ends in a parlla! condenser at tDe top of 
the p~oduel column. but SlIIce the reqUired product purity is so hlgh, .... e elp!XIthal 
we .... ,11 need to use a stablhzer column 10 remove Ihe light ends. The d!:Sign of this 
column IS d lscus.sed 111 AppendlJl 8 . Slna: tbe Sl<Ibliizer musl operate at an elevated 
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7.4 

pressure. we remo'·e the hydrogen and methane first We send Ihe h@ht endstothefuel 
supply 

The flows of the components remaiOlng after we rceo'·er the light ends ale 
benzene "" D54, to luene _ 814, and dephenyl = 4 The heunslics of hghtest firs!. 
most plentiful fin!. and favor eql.lImolar sphlS all fa vor the d1rect ~qllence (reco\·er 
bcn7.cne first ). and shortC\lt design calculations veriry this r!:Sult 

When ""e add the pUlge 10S5C$ and the cost or the distillation columns (see fig 
1.]-12) to our economIC; potenllal eaJculatlons for level ] . .... e obtain the revi~d 
economic polenlllli ror level 4 shown in Fig. 1.] · 13. The range or the de!<lgn variables 
where we observe profitable opera lion ha5 been further decreased. which simplifies the 
problem of addmg a heat-e~changer nell.,orx (see Chap 8). 

AZEOTRO PIC SYSTEMS 

In tbe previous section where we discussed the sequencing of trains o f distillation 
columns, we assumed that it was possible to split the feed mix lUre between any tWO 
components (see Table 7.3-2). However, if a7.eotropes are present, it is often 
impossible to achieve certain splils. TIlis, for azeo tropic mixtures it is essential to be 
able 10 identify when distillalion boundaries are presenl Ihal make certain splils 
impossible. Mosl of the d iscussion below concerning the behavior of these systems 
has been taken from the papers of Do herty and coworkers. 

Dislill a l ion Bounda ries 

For ideal, terna ry mixtures we can use e ither the direct 0 1 the indirect sequence (see 
Fig. 7.J-J) to obtain Ihree pure products. lI owever, for az.c:otropic mixtures, the 
feasible separa tions often depend o n the feed composit ion Hence, 11 is necessary to 
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understand the behavior of these procc:sscs III much greater detail than the Ide.J.1 
case 

For example. suppose we consider the ternary l1uxl ucc of acelone, chlo ro· 
form, and benzene. We can plot the compositions on a triangular diagram, and we 
note the fa ct thai there is a maJlimum boiling azeotrope for acelOne--chloroform 
binary mixtures, We also plotlhe boiling temperature; sec Fig 7.4-1. 

Now If we suppose Ihat we put a blllary mixture having a composlilon 
correspondmg to poinl A in a simple 51 111 and continue 10 increase the tcmpcralUn; 
In the still, the COmpoSillon of the matenal remammg III the sllll 1/0'111 move 10 Ihe 
direelion of the arrow shown on FIg. 74·) (toward the bmary azeotrope). A/so 
mIXtures neh III acetone would be recovcred from the tOP of the slill 

In contrast. starting with a binary mixture correspondmg to point B on Fig. 
7,4 .. 1, as the slilllcmperalure is increased. Ihe materia/left in the still wi ll again be 
the binary azeotrope. but the overhead will be rich in chloroform. Binary mixtures 
of acetone and benzene at point C or chloroform a nd benzene al point D will both 
lead to final slIlI mixtures of pure benzene 

Suppose now Ihal we consider ternary mixlures corresponding 10 points A 

and B on Fig 7.4 .. 2. As we increase the temperature III a simple slll1, the sll il 
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Chloroform 

612 

composi tions for each mixture will approach that or the binary azeotrope, until at 
some poin! they willtcnd to collide, Since benzene has a hIgher boiling POlOt Ihan 
Ihe binary a.zc:otrope. as we continue to increase the still temperature, Ihe 
trajectories (residue curves) Will bolh tum towa rd benzene. Thus, th~ fin al 
composition 10 the still pol for both cases will be benzene. Ternary mIxtures 
corresponding to points C and D on Fig. 7,4·2 will also yield benzcn'e as the final 
still composition. 

There are rigorous proofs for this type of behavior; see Levy, van Dongen, 
and Doherty" However, if we merely say Ihal for every source tbere must be a sinl, 
then I/o'e can de~'elop reasonable pictures of the behavior; i.e.., each IraJeclory 
(residue curve) must have a Slopping point Ihat is either a pure component or an 
azeotrope (these POlOtS correspond 10 Ihe singular pomls o f the sct or differential 
equat ions describing a simple st ill). 

• S. G . Levy. 0 8 ''aD [)oDceD, and M F [)ohaly, -Dcslln and SyDtbc:Slli of AzcolrOPOC DuuUauolL 
II MlDlIDum ltcftw. CakulalIODIi,- IIlIX hOlilDtM,Ujl!s, 2-4 463 (1915) 
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When ",e consider more starl ing conditions, ..... e obtain the resu lts shown in 
Fig. 7.4-3. Now we see that there is a distillation boundary going from the binary 
azeotrope to benzene that divides the composition triangle into two distinct 
regions. Feed mixtures 10 the left of this boundary produce acetone-rich mixtures 
overhead and lead to pure benzene in Ihe bottom, whereas feed mixtures to the 
right o f the boundary lead to chloroform-rich mixtures overhead and pure benzene 
in the bottom_ 

SEPARATION DEI'ENDS ON TIlE FEF.O COMPOSITION. Suppose Ihal we 
now consider the separation of a feed mixlure having a composition of.x in Fig. 
7 4 · . Fr 
.4- In two cont Inuous columns usi ng the indirect sequence. It can be shown that 

the distillate, feed, and bottoms compositions for a si ngle column must fallon a 
st raight line (t his is the material balance expression). Hence, if we remove 
essentially pure .benzene from the bottom of the fi rst column and recover essentially 
all. the ~nzene Ifl the ~ottoms,. the ov~rhead composition will correspond 10 poinl 
A ID Fig. 7.4-4. Now, If we spill the blflary mixture corresponding to point A in a 
second column, we will obtain esseDtially pure a~tone ove rhead and the binary 
azeotrope as a bottoms stream. 
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However, if we start with a composition corresponding to Xn in Fig. 7.4-4, 
Ihen we will oblain pure benzene as a bottoms stream from the first col umn and a 
binary mixture corresponding to point B overhead. When we split this binary 
mixture in a second column, we obtain pure chlorofonn overhead and the binary 
azeotrope as a bottoms stream. Hence, the products we oblain depend on the feed 
composition wherever a distillation boundary is present. . 

Anolher way of stating this result is that pure chlorofonn canno t normally be 
oblained in a sequence o f IwO colum ns if the feed composition lies to the left of the 
distillation boundary, whereas pure acelone cannot normally be obtained if the 
feed composition lies to Ihe right of the boundary. The relative volatility of 
components in a mixture close to the boundary changes from a value greater than 
unity to a value of less than unity if we just move across the boundary. Of course, if 
we split the binary azeo lrope in an additional column system. we cou ld recover all 
three components in pure form. 

MORE COMrLEX SVSTEMS. As a more complex system, we can consider tern
ary mixtures of methyl acetate, metha nol, and hexane. Now each binary pair 
exhibits an azeotrope, and all three aTe minimum-boiling azeotropes. If we put 
binary mixtures conespondiDg to any points on the edges of the triangle in a simple 



690 
Hexane 

51.8 

Methyl acetate 
57 .0 

FlGURE 7.4-5 

"'0 

'3.' 

• AzeoUopeS 

Methanol 
64 .7 

Muhyl a<;t.tate mClhal>Ot hn.IK bmary mUlur~ 

still, the composition of the material remaining in the still will move In the same 
direction as an increased still temperature.. Thus, the arrows in Fig. 7.4·5 COrrt~. 
spond to the direcllon of Increasing liquid compositions remaining in the still pots. 

When we consider a set of ternary mixtures that a re close to the sides of the 
triangles and recognize that the still composi tion must move in the direction of 
increasing temperatures, we obtain the results shown in Fig. 7.4-6. Since there must 
be 8 source in the interior of the triangle for the trajectories to behave in this way, 
there must be a ternary azeotrope which has a lower boiling point than any of the 
binary azcotropes. 

A residue curve map showing more trajectories (residue curves) is shown ID 
Fig. 7.4-7. Now we see that there are dis tillation boundaries that divide the triangle 
into three dis tinct regions: ADGE, BDGF, and CEGF. Depending on where our 
feed composition ralls in these regions, we will obtain different products. 

Minimum Reflu x Ra tio 

For ideal systems, we can use Underwood's equation to calculate the mmimum 
reflux ratio. Then, after we select a reflux ra tio of 20% or so, larger than the 
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• Azeotropcli 

Methanol 
<>4 .7 

minimum value, we can caiculate the vapor and hq uid flows throughout the 
column. We use this IOfonnatlon to design the column. 

A procedure for caicuiaung the mmimum reflux ratIO for nonideal mixtures, 
including azeotropic systems.. has been developed by Doherty and coworkers. - We 
d iscuss this procedure now. 

SYSTEM EQUATIONS. The material balance equalloD for the SlripplOg seellon 
can be wnlten as 

Xi ·"'1 -C; I)h_+(s! I)XI.II (7.4~ 1) 

where s is the reboil ratIO. If we subtract X I._ from both sides of the equat ion, we 
obtain 

Xi ... . I - Xi ... = C: I) YI .- - Xi ... + C ~ I) Xi.1 
(7.4~2) 

• S G. l.c:vy, 0 B van Oonaen, and M I' Doherty, W I)e!acn and Syn!be~ls of Az.eotrOpK DI~lIllauon 
II. MlnlRlUm Rcflu. CalculallonJ, W 16fe f ', .. td_"f<JIs, 24 46) ( t981) 
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Now we appr~ximale the left-hand side of the equation by a derivative with respect 
to column height : 

dX,(,) (') dh = s+ I y; - x/+ s+ I Xi .• (7.4·3) 

Similarly, for the recttfying section we obtam 

~:/ = (r ~ ,)y,- x/- U)Yl.D (7.4-4) 

where r is the reRux ratio. 
At infinite reflux. Eq 7 4-4 reduces to 

dx/ 
dh - ) '/ 1::/ (7.4-5) 

which IS just the equallon for a simple stili Also. pinch pomts exist when 
dxd dh - 0, o r x ..... I z: Xl .... . and for this COndition Eq. 7.4-3 becomes idenllcalto 
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E.q 7 4-1 . Thus, the differential equallon will provide a rigorous calculation or the 
plOch compositions 

An overall matenal balance ror the column gives 

1::; •• (74-6) 

W t; can use these resul ts to develop a procedure for calcuhillng the minimum renux 
ratiO. 

IDEAL MIXTURES. To understand Doherty's prOttdure. we first conSider the 
case of a hexane-heptane-nonane ideaJ mixture. I f we are attempting 10 make the 
sharp split A/Be for the fc:ed composition shown in Fig 7.4-8. then the distillate. 
feed, and bottoms compositIOns all must fall o n a straight line (the column malen al 
balance must be satisfied). Every component wilt distribute to some extent. and the 
component specifications are gi\'en o n the figure. 

If we fix the column splits and the reRux ratio. we can use Eq 7.4-6 to 
calculate the reboil ratio. Now. we integra te Eqs. 7.4-) and 7.4-4, starting. from th~ 
ends of the column If the reflux ratio chosen is below the minimum. then the two 
trajectories do not intersect · see Fig. 74 -8 ror the hexane.heptane-nonane exam ple. 
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If the selected reflux ratio exceeds the minimum value, theo the profiles for the 
stripping section and rectifying sections cross, and we can obtain the deSired 
separatIOn (see Fig. 7. 4-9). Iflhe reflux ratio corresponds to the minimum, then the 
pinch zone for the stripping secllon Just ends on the profile for the rectifying s<:clion 
(sec: Fig 7.4-10) 

Now if we ..:hange the mole fraction of Ihe heavteSI component in the dist illate 
from Xfl = 0.00 [ 10 x,. = I x 10 " and repeal the calculatIOns, we obtain the 
result:. shown In "Ig. 7..1- 11 We nOle that the minimum reflux rat iO for this case IS 

R .. _ I.S4 instead of R .. = 2.15. We also nOie that the rectifying and striPPing 
profiles exhibit very sharp corners, which correspond 10 pinch Lones. 

Another feature in Fig. 7.4- 11 IS Ihat the pinch composition in the rectifYing 
section (point P 00 Fig. 7.4-11), the pinch point for the stripping section (point Q), 
and the feed composition F are collinear. ThiS result can be rigorously proved for 
ideal systems, and the result can al50 be shown 10 be equivaJent to Underwood's 
equations. However, the same resul! is approximately valid for nonideal systems. 

COMPLEXITY OF TilE PROBLEM. There are I i3 types of residue curve maps 
that can be drawn for ternary mlXtures.- The maps tbat are useful for selectmg 
en lrainers for binary mixtures with minimum boiling azeotropes, a total of 35 
possibilities, are shown in Fig. 7.4-12.' The number o f possibilities grows very 
rapidly as the number of components present in the mixture increases. Hence, 
azeotropic s},slems present a formidable challenge as a separation problem 
However, Ihe geometric ideas presen ted above can be used 10 develop an 
expression for the mmimum refl ux ratio for azeotropic systems. 

NON IOEAL SY~"'EMS. Now suppose we consider the system of acetone, chloro
form, and benzene: We plcl a reHul rauo below the minimum value, we use the 
terminal composmons shown III Fig. 7.4- 13, and we apply the procedure described 
above. Then the profiles for the rectifying and stripping sections do no t intersect 
(see Fig. 7.4-1 3). However, if we are abm'e the minimum reflux, the curves cross (see 
Fig. 7.4-14); and if we are at minimum reflux, the pinch region for tbe stripping 
section just ends on the profile for the rectifying section (see Fig. 7.4-15). 

When we change the end compoSitions, we obtam the results sbown 10 

Fig.7.4-16, and the minimum reflux ratio decreases. Moreover, we note from Fig. 
7.4-16 that tbe pinch zone for the reclifYlOg section al minimum reHux (point P an 
Fig. 7.4- 16). the pinch point for the stripping section Q. and Ihe feed composition F 
are essclllially colhnea r. (This example shows the largest deviation that has been 
observed for numerous case studlCS.) This collinearity condition provides a 
criterion (or calcuiallng the minimum reflux ratio. 

• H Mal$uyama and II J N'5himur .. J . CM"'- r..~!1 J,.,.., to 111(1977) 
'M F Oohoeny alld G A Caldarob. J&EC FIINI~nv"I..J •. 14 474 (19&5) 

'S. G Levy, O 8. vall DonJCII, IDd M F Dohoerly, ~~gn alld SYlllhaas of Azeollopoc DItI,U.uolI 
" Mmlmum Rdlu~ Cak.uta llolUO,~ I&EC FIINI~",,,,l, U . 463 (t9U). 
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EQUA~<>,NS ~OR MJ1'o1MUM REFLUX. We can write the equations describin 
the rectlfymg plOch g 

rx. - (r + I))', + YD = 0 (7.4-7) 
and the feed pinch 

s)'. - (s + I)x, + XD = 0 (7.4--8) 

where each of these equations contains expressions for the two key components 
The rcflUlI: and reboil ratios are related by . 

s = (r + 1)(;-.1 - .%£.1) 
r.. YD.I 

and we use a vapor-liquid equilibrium model 10 n: lalc 
collinearity result requires that 

X, and y,. Then. the 

(x •. 1 - X,.I) (x •. 1 - Xr,l) - (x •. 1 - X,.,l) {x •. 1 - xr,d _ 0 (7.4-10) 

Th~ value of r thai sa tisfies this ~I of equalions corresponds 10 the minimum reHux 
ratio, Underwood's equations are a special case of this new general rormalism 
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EXTENSIONS OF nlE METIfOO. This approach for nonideal systems has been 
extended to multiple-feed streams,- columns with Donnegligible heat etrcas,l 
heterogeneous azeotroptc systems,l procedures for selec;;ting entrainers, and opti. 
mum design and sequencing. Once Ihe minimum reflu x ratio bas been calcuillted, 
we can let R _ 1.2R. and then design the column, following the same procedure as 
we used for ideal mixtures. A procedure for cakulaling the minimum reflux ratio 
for systems with 4. or more, components has r~t ly become available 

7.5 RIGORO US MATERIAL BALANCES 

After we have selected a liquid separation system. we have completely fixed all the 
units in the flowshec:t where the component flows change. Tbc:se units include 
mixers (ror fresh feed and recycle streams), splitters (for purge streams), reactors, 
fl ash drums (phase splitters), gas absorbers (and/or o ther vapor recovery units), 
and distillation columns (and/or other liq uid separation systems). Thus, we can 
now develop a set o f rigorous material balances. 

Of course, if our rigorous balances differ signifICantly from our earlier. 
approximate results, then we will need to review the decisions that we made. We 
could have revised the material balance calculat.ions at any stage o f our develop
ment of the design, and clearly there is a trade-off between the time required to 
perform all Ihe calculations and the accuracy o f the answer. O ur goal is to complete 
the design as rapidly as possible. providing thai major errors are not introduced, 
and 10 explore Ihe alternatives using approximate calculations. Then after we have 
identified the besl alternalive, we will use rigorous calcula tion procedures. How
ever, remember that it is nOI possible to make rigo rous material balances until we 
have completely defined the parts of a flowsheet where the component flows 
change. 

Unear Material Balancing 

The procedure we usc 10 develop rigorous material balances is called linear 
maferial balancing (the sci of equatioDs generated is always linear and therefore 
casy to solve), and it was first described by Westerberg.1 To apply this proced ure. 
first we draw a flowsheet so that it contains only those uni ts where component 
flows change. Then we write material balances (or each component individually in 
terms of Ihe molar fl ow rates and the fractional recovery (or loss) in each unit. 

• S.G. 1..eYy. utd M F Dobeny. -Des ..... nd S,...lbcm o( lIo~Azcotropic Distill'lions. tV 
Minimum Renu.l Calcul.tions ror Muhiplc Feed Columns, - I&EC F~I/lb.15: 269 (1'.115). 

I J. R. K.nishl and M F. Coberty. -Oc:sil" UId Synthesili 0( lIomow:ncous AleOuopoc: Distill.!>o .... v. 
ColulTUU with Nonrqlipble heat EIJecu. - IdEC Fwomt'",lIh.. 25: 219 (1985) 

, II. N Ph.m.nd M F Doberly. - Oesi", and Synlhesi, of IlclcroscJleOus AUUllopic Dlstlll.l.on I 
IIclero,cneous Ph .. o..&ramJ., - ClII! .... &tg Sci. ( 198 ~). 

'A W Weslelbera. -N()(cs for. COUQl: on Chemical p,O!DeSS Dls>&n,- I'ush' at the InSlJlule etc: 
Dcsanolo TecncHopco pa .. ~ Ind..,ln. Qwmica (INTEC). Santa Fe. A'eenl,"&, AU,1U1 1'J7' 

These equations are always linear, and therdore they arc: SImple 10 soh·e by either 
matrix methods or simple substitutio n. Normally, \\'C start wilh a balance for the 
limiting reactant. and then we consider in turn the primary product. other 
reactants. by· product componenls, and inert materials. 

Not all the fractional recoveries (or losses) of the components in various units 
can be chosen independently For example. the SImple flash calcu lation procedure 
described by King (Eq 7.1. 19) shows that if the fractIonal recovery of one 
component IS fixed , then all the other fraClional recoveries can be calculated. 
Similarly, the fractiona l recoveries for a product column must be fi.\cd so that the 
product purity specification IS satisfied, and in some cases the fractional recoveries 
for pu rge streams must be chosen so that constralDts on mo lar ra tios al the reactor 
inlet can be satisfied. Hence, in some cases some iteration might tx required. 

Eumplc 7.5- 1 HOA pl'"OC ..... The proocdure is best illustrated m terms or an 
example, and ror Ihis purpose we choose the Ii 0A process. The flolI·sheet is shown in 
Fig. 7.5-1 Now. we wrile balances ror lhe component flows or each ~Ircam. starting 
..ilh the hmiling reaClant. 

ToIucM bal.nces. The toluene en tering the reactor TOL"'.lft is the sum or the rresh 
feed toluene TOL,.,., the toluene in Ihe gas·rec;;ycle stream TOLc". and the toluene 
in Ihe Jiquid ·re<:ycle stream TOll.II : 

TOl".;., ""' TOl,.,. + TOlc" + TOL ... (7.5·1) 

The toluene leaving the reactor TOl" ..... , is the toluene that was nOI converted in 
the reactor: 

TOL"._ = Tal • . ", (1 - x) (7.5.2) 

Jrwe IetfTOl..r" tx the fraction of the toluene leaving with the Hash \ apor Tal,.". 
lhen a fraction I - fTol.r" leaves witb the Hash liquid Tal,..: 

TOL,,, - ITol .,." TOL"._, 

TOl,.. - (I - llOtJI') TOl",_, 

(7.5·3) 

(7.'-4) 

Jr "'C lel/l"G be the fraction of toluene lost in the purge TOlrc , tben a fraction 
I - Ire of the toluene will be in the gas·recycle stream Talc", : 

TOlrc = f/'c TOL,,, 

TOlc• "" (I - frG) TOl,.,. 

(7.5·5) 

(7.5-6) 

[( we lei flOl.5T be the fraction of toluene thai leaves with the stabilizer d istillate 
TOLn . .o, then a fraction I - fnJI • .5T will leave with the stabilizer bottoms 
TOLn .• : 

TOt.,.T . .o - flOUT TOL,.. 

T0LsT .• - (I - l,ol..JST) TOL,.. 

(7.5.7) 

(7.5-8) 
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If a fraction fTOL.,. leaves with the benzene product TOLrll.. o, then a fraction 
I - fTOl .rll. will lea\'e the product column in the boltoms TOLrII. .• : 

TOL,..D = fTOl. .rll. TOLST.I 

TOLrll..1 = (I - /TOLrll.) TO LsT.I 

(7.5-9) 

(7.5-10) 

Finally, If a fraction/Tol.lI.c is lost with the diphenyl by.product stream from the 
recycle column TOLD , then a fraction 1 - /TOL.II.C is recycled to the reactor TOLL/I. : 

TOLD"" fTOLII.C TOL,. .• 

TOL, !I. -= (I - fTOL.II.cl TOLr!l..l 

(7.5· 11) 

(7.5-12) 

We try to select the fnlcllona l recoveries in these equations such that}; will be 
a sma ll num ber. However, the purge splil / rG is the same for all componen ts, and 
Ihe split s of the componenls in the Hash drum are rdated to one another 

Now if we combmc Eqs. 7.5·6, 75·3, and 7.5· 2 10 50h'e for the gas· recycle 
flow. we obtain 

(7.5- 13) 

Also, ir we combine Eqs 7.5· 12, 7.5· 10, 7.5·8, 7.5-4. and 7.5· 2 10 calculate the 
liquid· recycle flow, we obt8m 

TOLu = TOLII.,.(1 Jro l .lI.c)( 1 /lOuaXI - f iOl .sT)( 1 - fTOI.. .n XI x ) 

Next we substitute Eqs 7. 5· 13 and 7,5· 14 InIO Eq 7 5· 1, to obtain 

TOlII..I. / 1 - [(I - JrGXJToLT .. ) 

+ (I - frol.lI.c)(1 - fToL.rll.)(1 - fTOL.sTX I - fTOL Y .. )] 

(7. 5·14) 

(I - x)} _ TOL,., (7.5· 15) 

TOLrT/(1 - x) 
TO L /I . , ~ = 7, - 7[ (~I-'f,-,~)f"-O-L-'.-'-+:-;( ';'-'~J,~,"~,~ .• -,'X;;''---~J,;-,"-,-. ,-.''X'''-f',-o-,.-,-, )"l 

(7.5-16) 

We can use this result to solve for a ll the ot her toluene flows. 
Note that if there is no loss o f to luene from the process, ie., 

fTOl .lIC = 0 

then Eq . 7.5-16 reduces to 

TOLu 
TOLII. . - ---.'. X 

fTOl .sr = 0 

which is the Simplified approximat ion thai we used pre\·iously. 

(7.5· 17) 

BENZENE BALANCES. The balances for benzene are essentially the same, except 
for Ihe reactor equatIOn. Thai is, al the reaClor inlet we obtain . 

(7.5- 18) 

where Ihe fresh feed flow of benzene 8Z,-, is equal to zero. Accordmg 10 our 
selectivity correlat ion. a fraction S of the toluene converted appears as benzene, 
although it is important to remember that Ihis correlatio n was based on a pure 
toluene feed strean). Thus, we expect that some of the benzene recycled to Ihe 
reacto r will be cooverted to diphenyl, and if the benzene recycle How is significant, 
we shou ld revise ou r correlation Neglecting this discrepancy until we estimate Ihe 
benzene-recycle now, we can write Ihal the to luene converted in the reactor is 
sim ply 

Toluene Converled ... TOLII.i. x (7.5· 19) 
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where we can substitute Eq. 7_5- 16 for TOL • . I • . Hence the ben7.ene leaving the 
reactor is Ihe benzene produced [xS(fOLII.h.n plus the benzene fed to the reactor: 

BZ •. _ _ BZ • . I • + xS(TOL" ... ) (7_5-20) 

Letting/n.F" be the fraction of benzene going overhead in the flash drum 
(which is related to /rOI...FI by Eq 7_1- I 9) and /,G be the fraction of benzene lost In 

the purge (which is the same for all components), ..... e can show Ihat the gas-recycle 
now of benzene IS 

(7.5·21 ) 

SImilarly. if ..... e let/u.sr be the fraction of benzene lost overhead in the stabilizer 
and/.z.,. be the fraction of benzene lost in the bottoms of the product column. and 
if we assume that all the benzene goes o\'erhead in the recycle column, then the 
liquid-recycle flow of benzene is 

BZu = !lIl.I'.(I - !.z.sr~1 - !.v-.. )[BZ • . h• + xSn·OL".IR)] (7_5-22) 

Substllutlng Eqs. 75·21 and 7.5-22 into Eq 7.5·18 gives 

8Z".I .. (1 - /.u,,(1 - f,cl - fll7..,.(1 - flll .srXI - f.z, .. )] 
= xS(TOL •. 1.)(f.z.n ( I - !,G) + /12.,,,(1 - f.z.sr~1 - f"z.FI)] (7.5-23) 

BZ 
.xS(TOLII.lJ(f.z.F1,(I - /,G) + /.z.,,,(1 - f.z.sT~1 - fn.T .. )] 

- II I ..... 
. I f.u.).1 f,G) [.z.,,,(1 f.l.$TXI /.Z.TV) 

(7.5-24) 

We can now u~ this result to calculate all the other benzene flows. 

The material balances fo r the o ther components are developed in the same way. 
with a few ellceptions. That is, we assume that there is a negligible amount of 
diphenyl in the flash vapor stream (see Table 7.1-1). Also, we assume that all the 
hydrogen and methane in the flash liquid that is nol recovered in the stabilizer 
leaves with the benzene product, i.e., there is no hydrogen or methane in the liquid
recycle stream. 

Lineu Material Balances 

From the discussion above we see that by writing balances for the molar flow of 
each component in tenns ortbe fractional recoveries obtained in each process unil, 
we obtain a set of linear equations in terms of the conversion of the limiting 
reactant and the sclectivity (which is related to the conversion). These equations 
are simple (although somewhat tedious) to solve for the recycle fl ows of each 
component. Once we have calculated the recycle fl ows of each component, we can 
calculate all the ot her flows of that component. 

An inspection of the resulting equations indicates that we must SpeCify the 
fresh feed rate of toluene. the fresh feed rate of hydrogen, the fresh feed rate of 

methane, the reactor con\'erSlon, the spill fracuons of the components to the flash 
drum (which are related to each other by Eq. 7.1-19 and depend on the temperature 
and pressure of the flash drum). the split fraction of the purge stream, anef the 
fractional reco\'enes of the components in the distillation train. 

Optimization Variables 

In our pre\·ious approximate material halanees. we specified the production ra te o f 
benzene. the product punty of benzene, the purge composlllon of hydrogcn (which 
we showed was equivalent to specifying the fresh feed rales of hydrogen and 
methane). the conversion, and the molar ratio of hydrogen to aromatics at thc 
reactor inlet. For our linear material balance problem we can assume that the 
conversion and makeup gas flows are optimization \·ariables (since the fecd 
compositIOn of the makeup gas stream is filled, specifying the makeup gas flow filles 
the fresh feed rates o f both hydrogen and methane) As we diSCUSsed earlier. thl'!Se 
are the dominant optimization variables. 

The fractional loss of benzene overhead lD the stabilizer also corresponds to 
an optimization problem (loss of benzene to fuel versus the number of trays in the 
rectifying section and the column pressure)_ The fractIOnal losses of toluene and 
diphenyi overhead in the stabili7.er are then fillcd by the column design. Specifying 
the fractional loss o f methane in the stabilizer bottoms will fix the design of thc 
stabilizer (small losses correspond to a large number of trays in the stripping 
section). and once the column design is rued, the hydrogen loss in the bottoms is 
fixed . HOlllcver. we cxpect that all the hydrogen and methane leaving in the 
stabilizer bottoms stream Will also leave with the benzene product. Then the 
fracllon of toluene that goes overhead in the product column and leaves with the 
benune product st rcam plus the hydrogen and mcthane leavlDg with this stream is 
rued b} the specified production rate and product purity. 

To obtain small amou nts of toluene overhead in the produ(:! column. we 
must include a large number of trays in the rectifying section of this column. Thus, 
there is a trade-off between using a large number o f trays in the stripping section of 
the stabilizer (to keep the hydrogen and methane flows in the product stream 
small) balanced against using a large number of trays in the rcctifyi·ng section of the 
product column (to keep the toluene (and diphenyl) nows in the product stream 
small). for a case where the sum of the hydrogen. methane, toluene, and diphenyl 
Hows is fued . 

The fractional loss of benzene in the bottoms of the product column is also an 
o ptimization variable (trays in the stripping section balanced against the cost of 
recycling benzene thro ugh the reactor system), as are the fractional loss ortoluenc 
in the bottom or the recycle column (toluene lost to fuel versus trays in the stripping 
section) and the fractional loss of diphenyi overhead in the recycle column (recycle 
costs of diphenyl back through the reactor versus trays in the rectifying section). 

To avoid all the~ ~pa ration system optimi7.ations, we fill the fractiona l 
recoveries of the keys to correspond to the rule·of-thumb value of greater than 99 o.{, 
and we fill the fractional losses of the nonkeys arbitrarily as 0_15 to 0.3 times the 
fractional losses o f the keys. Alternativel). we could use Fenske's equation to 



estimate the fractional loss of the nonkeys Thus, our material balances arc not 
ngorous, but since we expect that these loss tenns to be small. we do no t introduce 
much error. 

Constraints 

Most .of the fl ows can be 'Millen JO terms of the fresh feed rate of toluene TOl
tT 

(see Eq. 7.5· 16). However, we want to solve the design problem in tenns of the 
production rate PROD of benzene. Hence, we need to sum the flows of benzene 
hydrogen, methane, toluene. and diphenylleaving the top of the product colum~ 
aDd then eliminate TOl,.,. from these expressions and replace it with PROD. 11l1S 
procedure will remove the production rate constraint. 

In addition, we must write the expression for the hydrogen.to·aromatics ratio 
at the reactor inlet, SCt this value equal to 5/ 1, and then solve fOf the fractional spilt 
of the purge streamfrG that satisfies this expression. This procedUre removes the 
OIher process constraint. 

Unfortunately. the algebra required 10 removc these constraints is tcdlous 
Thus, it might be casier to solve for the recycle flows of each component. solvc for 
all the othcr component flows. and then adjust the solutions. i.c .• iterate, until the 
constraints are satisfied . Alternatively, one of the computer-aided design programs, 
such as FlOWTRAN. PROCESS, DESIGN 2000, ASPEN, etc., can be used to 
revise the material balance calculations. We diSCUSS the use of the CAD programs 
to revise the material balances later in the text . 

Eumple 75-2 IIOA proc-. The exprcsslon for loluene feed rale 10 the reactor 15 

g"'en b)' Eq. 7.5-16. To e\'aI U~Ie Ihls How, we mUSI speaf)' the tenns In the equallon 

TOLn Our origmal dcslgn problem SpeCIfics the desired production rale of 
benzene. ratber tban tbe fresh feed rate of toluene. Ho ..... ever. from our shoncut 
balances (with no lo.sscs) we found that f-n - p./S (see Eq. 5.2- 1). For a case where 
p. ~ 265, ;r; - 0.75, and S - 0.9694 (see AppendiJ: 8) F FT _ TOl" ... 27).4, We can 
use thit; C5timale In Ihe tint SOIUIIOD and then usc: iteration 10 CO"cct the value. 

/N USing our shoncut calculations, we found that the purge ftow rale was 
496 mol/hr and that the ga.'Hccycle flow was 3371 molfhr (or a case where ): _ 0.75 
and Y"H - 0.4. Hence:, the fraction of tbe Bash vapor that is purged from the process is 
4961(496 + 3371) - 0 128 We usc this as a first gueu, and then we ilerate to match 
the prob~m Specifications. 

/TOLH The results of the shoncut Hash calculations arc given in Table 7.1-1 . 
and we see that/rOL., .. ~ 3.6191 .. 0.0396. AgaIn, we need 10 iterate to match the Hash 
drum operaling conditions.. 

/,oL,ar: The fraction of toluene taken overhead In the recycle column is an 
optimization variable, For our first design ~ e choose fux_.ar: _ 0995. 

/'OL.ra 1bc fractIon of toluelle taken overhead In the product column is also 
an OpltmiUIiOn vanable (the amount ofl oluelle plus melhane taken overhead IS filed 
by Ihe product specificatIons, but either composit ion can be adjusted). For our firsl 

deSign ",e might assumc that the unpurilles m the product are II SO/SO mixture of 
melhane and toluene 

ftOL_H The fraction of loluene leavmg overhead III the stabdllt'r depends on 
the ~ hllrpnQS or lhe spill bclwa::n methlltle lI'W benzene:. Smce we mU~1 talc some 
hc:n:.tene overhead in Ilus column 10 ensure an adequate stlppl)' of reflUI, we do not 
elpect 10 obtain a sharp spltt. For a first dCSlgn ~e fix the effluent cooling-wain 
temperature 11\ the parllal condenser used In thIS column as I JO~ t-, ,",c choose the 
condensmg tcmperatUle as 11 5 or 120 F ; and lII e hx the column pressure so that the ;.. 
value of ben7.ene IS K. _ 0 OS I f these results are reasonable, 1 hen ""'e find the K value 
of toluene: In the rdtul drum, and "" e can CSllmll.le the toluene loss 

For Ihls example. lbe: amount of effort required to solve the rtgorollS matena/ balances 
b)' using hnear malerial balances probably eJ(tecds the effort reqUIred to use a CAl) 
program 

7.6 SUMMARY, EXERCISES, AND 
NOMENCLATURE 

Summary 

Thc der.:;ls10ns "e must makc to synthesizc a separatIOn system fall IntO three 
categories: the general structure, the vapor recovery system, and thc hquld 
separation sysu~m These decisions are listed here. 

I. General struCtUre 
a Do we need both IJqUld and vapor recm-ery umb, or JIISt IIqu1d? 

2. Vapor recovery systcms 
a Should the vapor reco\-ery system be placed on the purge stream, the gas

rec)'cle stream, or the flash vapor stream? Or, is it better not 10 mclude one? 
b Should"e use a condensation process. absorption. adsorption, a membrane 

process, or a reactor system as the vapor recovery system? 
3. L1qUld separation system 

a. How should the light ends be separated If they might contaminate the 
product? 

b What should be the desllnalion of the light end:;? 
c. Do we recycle componcnts that form azcotropes wuh a reactant, or do we 

spltt the azeotrope? 
d What separa tions can be madc by distillatIOn? 
e What sequence of columns s hould we use? 
f Il ow should we accomplish separations If dis tillation is not feasible? 

Some design guidelines that are helpful in making the deciSIOns above are 
listed here . 

I . The general ~ t ructure we choose for the separalJoll system depends on whether 
the phase of the reactor effluent IS a liqUid, a two-phase mixture, or a vapor 



The three: types of Howshc:et arc shown in Figs. 7.1 -2 through 7.1-4 In cases 
where the reactor effluent is a vapor and ~ e do nol oblam a phase spill w hen 
we cool the effluent 10 10000F, ei ther we p ressurize the reactor (if the feed and 
recycle streams are liquid) or we Insta ll a compressor aud/or a refrigeration 
system to accomplish a phase split If a phase split results in o nly small 
amounts of ei ther vapor or liquid, we might dele te the phase splitter and send 
the reactor emuent to ei ther a vapor recovery o r a liquid recmery system 

2. We Install a vapor rccovery system OIl the p urge st ream If we lose valuable 
materials with the pu rge. 

3. We Install a vapor recovery system 011 the gas-recycle s tream If some recycle 
components would be delete rio us to the reactor operation or degrade the 
product dis tribution. 

4. We install a vapor recovery system on Ihe Hash vapor s tream if bolh Items 2 
and 3 above a rc Importa nt. 

5. We do nOI use a vapor recovery system if neither item 2 no r item 3 above is 
imponanl. 

6. Our c ho ices for a vapor recovery system arc condensation (h igh-pressure or 
low-temperature o r both), absorption, udsorption, or a membrane recovcry 
process . (A reactor system cou ld also be considered.) 

7. If the light ends contam inate the produ~· I , they must be removed. Our options 
arc to drop the pressure of the feed stream and Has h 01T the light ends, to 
remove the hght ends by usmg a partial Londenser on the product column, to 
remove the hght e nds in a pasleun7.a llo!l section in the product column. or to 
use a stablh7.cr column to rcmove lhe h~ht ends. 

8. We recycle componen ts that form a/cOHOpes with the reaCla n ts If Ihe 
azeoHopic composllion is not too high, hut there is 11 0 heuristic aval lablc to sel 
Ihe euct level. 

9. We normally do no t use distiUation to spll[ adjacent components when lZ < 1.1. 

10. I ns tead of us ing heuristics to select column sequences., we usually calculate the 
costs of aU the sequences. 

II. If distillat io n is too eJL:pensive, we consider azeotropic distillat ion. eJL: tracti\·e 
distillation, reacti ve distillatio n , e}ltracti(m, or cryslallizatio n. 

Exercises 

7.6-1. For one of the design problems Ihat you hll,·e consklercd, determine the follo .... lI1g· 
(a) The general structure or Ihe sepllfalion systcm. 
(b) Whether a V:lpor recovery system IS required and, ir so, where it should be localed 

If neccs.sa.ry, delennine the dCSlgn of onc or tbe alternatives 
(e) Several alternat ive di~lill:ltlon t rain~ I)("~ign one of these (CautiO" '1 he t I'A al1d 

elh:ll101 processes are 110t Ideal and r~lIlre aeu~lIy coeflicrc:n l moods and the USt 
ofa CAD program.) 

7.6-2. S~ctch your besl guess of:l separation s)"-Iem for one of lbe prcx:rsscs belo", (I e, 
8u~~ the general structure of the '<Cp3flltlon ~yslem); guess whtlher II vafl'Or .eoo>-cry 

system mIght be needed, ... here It sholiid be placed, and ",hat type mlgbt be the best. 
and gues.s the: dlsllllatlon seqllencu'g alternau\es that mIght be the best Describe ill 
as mueh detail as you an the reasons for lour guesses. and indIcate In detail what 
calculations you ,,"ould nttd 10 do to '·erify your gut"SSC$ 
(II) The cycloheune process (~ EJ;ercises 5.4·7 and 6.8·6) 
(b) The butane alkylatIon process (see Exercrses 5.4 10 and 6.8·9) 
(c) The slyrene procrss (see F.ercrscs 5.4 6 and 685) 
(d) The acetic anhydTlde process (see E;lerclses 543 and 6.g·2) 
(t) The bcn1.Olc aCid proccss (sce E.ercise I 3-4) 

7.6-3. If lhe IIDA process "Ith dtphellyl rC(;o~tred "el(: run al .ery hIgh conversions .... e 
mIght obtam a SO/SO mUlUreof loluene and dlphenyl that ",ould be- fed 10 the recycle 
column. If "'e select an o>'erhead composition of toluene as x D '" 0.9 and .... e TecoHr 
99 % of the loluene overhead, how many trays are requi red mthe distillation column 
(ilS5urne II _ 25)1 

7.6-4. Suppose thatthc Ho .... Tale to tbe dis llllatlOn tram In. butane alkylat ion prf.)CCS.5 (sec 
fuercises 5 4· 10 and 6.8·9) .... hen x = 0.9. T _ 4O"F. mol i-C. fmol O·C. al reactor 
inlet _ 9 is gtvcn by C, _ 310mol/hr. i·C. _ 11 892 mol,lhr, o-c. - 143 mQI,lhr. 
".C. ""' 41 9 mol{hr, i.C, _ 918moljhr. and ("'1 _ 184 mol/hf (where. ... -c do no t spli t 
i.C. from O·C.) Use hcUriSllCS 10 suggest alternative sequences or dlsllilallon [0 

oonsid ... r. Should sldeslream columns hi: consider ... d' 
7.~S. Suppose t!ia l in Eurclse 7.6·4 there is no II C. in Ihe feed Calculate the vapor rates 

required in each column III a sequellce ",here " .... remove Ihe IIghtesl companelll firs l 
Compare thiS resuh 10 a case where we recover the C, first, flash the bonoms stream 
from the C

J 
spllner. and send the flash liqUId 10 a distllllltlon train ~·here we recovcr 

the lighlest component firsL A~sume thai the pressure: of the depro panizer is 230 pslll 
al1d that the plessure of tbe dcbulantu:r IS 96 p5la 

7.fKi. ConsIder a process that produces 100 mol/hr of.)kne and 100 mol{hr of hl:n~elle by 
loluene dlsp!'"oporiionatlon 

2Toluen~ ~ iknzene -t Xylene (7.6- 1) 

The reac\lon is acu[ally equthbnum·hmlted Bu[, neglecting tbis equilIbrium IIml[a · 
tion, find the amounl of toluene in the feed to a distillation Irain where Ihe direct and 
the indirect sequences ... ould have the same cost Wo uld you expect that a complex 
column ",ould ever be- less e.pensive? 

7.7. A restdue cUf'le map for mixtures of acetone:. isopropanol,.nd water is given In Fig. 
7_6-1. For the col1dilions given in E.ample 6.]-4, cstim:lte Ihe: composit ion al the: 
bollom of the first tower Ir the dire.ct sequence is used and at the top of the first tower 
if the indirect sequence: is used 

7.6-8. A model for a SImple plant is gt,'en In detail in Sec. 10.] for the case ... ·here a direct 
column sequeocc is used If we neglect lhe optimizatIOn of the reflux ratio and the 
fractional rc:co.·ery in the second lower and if we use Ibe indirect rather tban the dln~ct 
column sc:queTlOC, ",h:lt are Ihe o pumum design condItio ns? Ho w do the costs for the 
two altemauves comrare:' Compare the reactor exit composilions at the optImum 
condllJoll ( of each al ternalive. At these values of Ihe reaClor ClIit compositiol1s. how 
do the st:lnd-aJone dlrecl lind induect seque!lccs compare? 

1.6-9. The reacllon (sec 1 . .IIercI~ 5.4 9 and 6.8-8) 

Dutadoene + SOl ~ RutadiensulfoJlC" 
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• IPA/HzO azco(fopc 
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nGURE 7.6-1 
A~ronc-IPA -H >O resIdue curves 
[From S Uv),. DB""" fXo"gno. 
4IId M F [)oJrer,),. I&.£e F.,tukJ 
Mlw(Jls,14 46J (J98J). ... ilh ,vmu
s..". 1m", llo~ Anon,.,.." C~_c(ll 

Soc ... ,)'.] Water XI Isopropanol 

has a significant rc:~c:rsc rcacllon rare at the boiling porm o(thc: product ; $0 we: do not 
wanl 10 lise dlSliliallOfl 10 recovc:r and recycle tbe reactants. Suggest anothcr 
separation system (not included In o ur gcoeral sel of rules) for Ihis prOCC$$ 1'10' Ihe 
economIC potcnual ill lerms of the signifiCJnl design ... armbles. 
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BZ 
ESI 
F 

I. 
1.,1, 
h 
K, 
L 

I,. 'J , 
, 
TOL 
V 
VI. III 

X 

x, 
x,. 

x" 

Benzene molar Row 
Ease-or-seperalioD index 
Feed rate (moljhr) 
Fractional recovery of component i 
Componenl flows of light and heavy materials (moljhr) 
Column height 
Distribution coeflicient 
Liquid flow rate (mol/hr) 
Componen t Hows of hquid (moi/hr) 
Reflux ratio 
Reboil ratio 
Toluene molar How (molfbr) 
Vapor rate (mol/hr) 
Component flows of vapor (mol/hr) 
Conversion 
LiqUId mole fraction 
Mole fraction of component i In distillate 
Mole fraction of component i in feed 

y, 

o 
y 

, 
F 
FF 
FL 
FV 
GR 
LR 
m 

PG 
PR 
PR,B 
PR,D 
R,m 
R,OUI 

ST,B 
ST,D , 
TOL,PR 
TOL,RL 
TOL,ST 
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Vapor mo le fractIOn 
Feed mole fraction 
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Relative volauhty of component I wilh respect \0 component j. a 'J = 

K d K J 
Root of Underwood's equatIOn 
Activity coefficlent 

Bottoms 
Distillatc 
Feed plOch 
Foed 
Fresh feed 
Flash liqUid 
Flash vapor 
Gas recycle 
Liquid recycle 
Plate number 
Purge 
Product column 
Product column bOl\oms 
Product column distillate 
Reactor IOkt 
Reacto r exit 
Stabilizer bottoms 
Stablhzer diSllllate 
Stripping plOch 
Toluene leaving the product column 
Toluene leaving the rccycle column 
Toluene leaving tbe stabilizer 



CHAPTER 

8 
HEAT-EXCHANGER 
NETWORKS 

Energy conserva lion has always bttn important in process design. Thus, il was 
common practice to inslall feed-emuenl excha ngers around reactors and distilla
tion columns. However, a dramatica lly different approach that takes into consider
ation energy integration of the total process has bttn developed over the pasl IWO 
decades. The basic ideas of thIS new approach are presented oow. 

8.1 MINIMUM HEATING AND COOLING 
REQUIREMENTS 

The starting point for an energy in tegration analysis is the calculation of the 
minimum heating aod cooling requirements for a heat-exchanger network. These 
calculations can be performed without having to specify any beal-exchanger 
netwo rk . Similarly, we can calcula te Ihe minimum number of exchangers required 
to obtain the minimum energy requirements without having to specify a network. 
Then the minimum energy requirements and the minimum number of exchangers 
provide targets for the subsequent design of a heat-exchanger network . 

In any process ftowshttl. 8 number of streams must be heated. and Olher 
streams must be cooled . For uample. in the HDA process i.n Fig. 8.1-1, we must 
heat the toluene fresh feed. the makeup hydrogen. the recycle toluene, and the 
recycle gas stream up 10 tbe reactIon temperature of 115O"F. Also, we must cool the 
reaClor effluent stream to the coohng-water temperatu re to accomplish a phase 
split. and we must cool the product stream from its boiling point 10 cooling-water 

21. 

" ~ N 
~ 

" ~ 
~ 
~ 

• g 
.:! 

" ~ .,. 
~ 

" ~ .,. 
~ 

" 
~ 

Mil 

" '" 

" ~ .,. 
~ 

" ~ 
~ 
~ 

" ~ 
~ 
N 
u 
c 

1 u , 
;l! 

urnn]O:l :MJ~ZU~ 

" ~ 
~ " .,. .. ~ , 

~ ,j![ ;;, 

0 
;$, I " 1- ] 

u u 
~ c.!! ~ ~ ~ u Ii- .e- 0 

-" u " 2 
{? " - -..!. ~ 

~~ 

~ 
, 

. ~ 
~ . 
~~ 
~% 

217 



218 SEn ION I I WINIM UM IIUlIt-iG ... ,, 1) '::001 11'0(; IlEQUlllEWkNTS 

TABU; &.I _I 

First-IIlW nlcullllion 

SlJ"tlm Q ".''''ok. 
No. Coad,ri .... ~(.r ' 8Iul(b. ·"H T. T •• , 10' Ulu l br 

110, '000 "" 120 IlO , H., ""'" 200 '00 "" ) C""' JOOO 90 150 "" • C.~ 6000 110 ' 90 -"" 
- 10 

temperatures because we do DOl ..... ant 10 sto re materials at their boi ling points. We 
also have healing and cooling loads on the distillation-column condensers and 
reboilers. 

First-Law Ana lysis 

Suppose we consider a very simpk problem where we ha ve two streams Ihat need 
to be heated and two Slreams that need to be cooled (see the data in Table 8. 1- 1). If 
we simply calcula te the heat avaIlable in the hOI strea ms and the heat requi red fo r 
the cold streams, the difference bet .... een these two values is the net amount of heat 
that we would have to remove or supply to sat isfy tbe first law. These results arc 
also shown in Ta ble 8.1-1, and the first twO enlries are determined as follows : 

QI _ Fl e,1 ~TI "" [1000 Btu/(hr ·oF)](250 - 120) 

_ 130 x 101 Btu/hr 

Ql - F1C,16T1 = (4000X200 - 100) 

_ 400 x JO} Blulhr 

(8.1- 1) 

(8.1-2) 

Thus, 10 X JOl Bluthr mUSt be suppJted from utilit ies If there are no restrictions on 
temperalure-driving forces. 

This first -law calculation does no t consider the fact that we can transfer heat 
from a hot slream to a cold stream only ir the temperature of the hot stream exceeds 
Ihal of the cold stream. Hence., 10 obtain a physicaUy realizable estimate of Ihe 
required heating and cooling dutks, a positive temperature driving force must eXIst 
~twocn the hOI and cold streams. In ot her words, aDY heat-exchanger networl 
that we develop must satisfy the second law as well as the firsl law. 

Temperature Int enllis 

A very simple way of mcorporating second-law considerations into the energy 
inlegration analysis was presented by Ilohmaon, Umeda el al , a nd Linnhoff and 
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FIG URE: 8.1 ·2 

'00 '" 
Sh,rltd ,,,mpo:,-aturc $ala. 

Flower: and we describe their analyses. If we choose a minimum driving force of 
10°F bet .... ocn the hot and cold streams, we can establish two temperature scales on 
a graph, one for the hOI streams and the other for the cold streams, whIch are 
shIfted by IO- F Then .... e plot the Slream dala on thiS graph (Fig. 8.1.2). Neu we 
establish a senes of temperature tntervals that correspond to the heads and the tails 
of Ihe arrows on this graph, I.e , the inlet and outlet temperatures of the hot and 
cold sireams gIVen In Table 8 I- I (sec Fig. 8.1-3). 

In each temperature inlerval we can transfer hea t from the hOI streams to the 
cold streams because .... e are guaranteed that the temperature dnvlOg force IS 

adequate. Of course, .... e can also transfer heat hom any of the hot Slreams 10 the 
high-temperature intenals to any of the cold streams at lo ..... er-temperature 

• E. C Hohmann. ~OptlmUIll N"I ... ork, for 1Ie.1 Elchange.~ !'h.D T1Iem, Um'cnny 0( Southern 
CalIfornIa, (1911), T Umcda, J IIOh, and K ShlfOko, CJwom Eng P'(Jg , 14 (9): 10( 1918); 8 Llnnhoff 
.nd J R. f1o"'cr, AIChE J , 2--4 . 6)), 642 ( 1978). 

FIGU RE &.1 ·) 
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250- 240 

200- '90 
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100- 90 
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intervals Il owe\'cr. as a starting point we consider the heal transfer In each Interv,,1 
separately The expression we use is 

Q,=[[(FC,) ...... 1 L(FC,,)_.J.17j 

for each Interval Thus. for [he first three Intervals we obtain 

QI "" (HXXJX250 - 200) :: 50 X 10" 

Q2 '" ( 1000 + 4000 60(0)(200 - 160) = - 40 x 10' 

Ql - ( 1000 + 4000 - 3000 60(0)( 160 - 140) 

80 x 10J 

(8,1-3) 

(81-4) 

(8. 1-5) 

(8.1-6) 

The other values arc shown in Fig. 8 1-4 We also note that the summation o f the 
heat available in all the intervals (SO - 40 - 80 + 40 + 20 = _ 10) is - 10 X 

IO
l 

Btufhr. which IS idenlical to the result obtained fo r Ihe first law calculation i e 
the net dlfferencc between the heat available in the hot streams and that in the ~~Id 
streams 

Cascade Diagrams 

One way wc could satisfy the net heating and cooling requirements III each 
temperalure interval is sim ply to transrer any excess hcat to a cold ulili ly and to 
supply any heat required fr om a hot uti lity (sec Fig. 8.1-:5). Fro m Ihis figure. we see 
that we wou ld need 10 su pply 120 )( IO} Btu/hr (40 + 80) and thailloe would haye 
to reject I JO x IOJ Btu/hr (50 + 40 + 20). Again, the differentt is the first -law 
value. 

Fep 1000 4000 3000 
250- 240 6000 1000 Q 
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or course. the a rrangement shown In rig. 81·5 would correspond to ,"cry 
poor engineering prac tltt because we are transfernng heat from the h.ghest 
possible temperat ure interval direc tl y to a cold ut,Il ty. rather than using thi s 
available heat to supply some of the energy requirements a t lower· temperature 
intervals. Thus. insl(~:ad of usi ng the arrangement shown in Fig. 8.1-5, we take all 
Ihe heat ava ilablt at the highe5t temperature inten·a l (200 10 250~F) and we 
transfer it to the nut lower interval (160 to 200' F) (see Fig 8.1 ·6). Si nce we are 
transferring this hcal to lower-temperature intervals. we always sa tisfy Ihe Sc:t:ond· 
law constraint. 

From Fig. g 1-6 we see that there is sufficient heat available 10 Ihe highest 
temperature inlenal to completely satisfy the defiCIency in the second interva l 
(40 x 103 Btufhr) and to also supply 10 x lOJ of the 80 x 10' Ic:quirc:ment for the 
third in ten·a1. lI owever, in this third interval ..... e mus t supply 70)( 10' Btufhr fr o m 
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a hot utill1y because wc ha\c uSI.:d all the heal available at higher-tempera ture 
Intervals. Theil there would ~ no transfer of heal bctwc:en the tlurd and fourth 
temperature Intervals. 

For the fourth temperature Intcnal, we could either rejeCtthc excess heat to 
eold uuli ly, as shown In Fig. 8. 1-5, or !ransrer H to the next lower ternpenllure 
in terval, as sho wn in "Ig H 1·6. 1 hen, for the lowest telilperature interval we reject 
all the remaining heat to a cold Ullin} 

We: 1,;,,11 lig_ 8. 1-6 d roscudt! dtagrtJm because It shows how heat .,;dsudes 
through the temperature Intervals_ 

Minimum U tility Load ... 

From Fig. 81-6 we see that the minimum healing requirement IS 70)C IOJ Btujhr 
and the minimum cooling reqUirement is 60 )C JOl Btulhr. The difference bet .... ecn 
these values still corresponds to the first-law requirement, but now our mimmum 
hea ting and cooling loads have been fixed also 10 sallsfy the second law 

Pinch Temperature 

We also note from Fig. 8.1·6 that there is no energy transfer between the thlfd and 
fourth temperature intervals. We ca ll this the pinch rempi'ftlture (1 40"F for the hot 
streams and 130°F for the cold streams, or sometimes v.e use the average va lue of 
135"F). Thus, the pinch temperature provides a decomposition of the deSign 
problem. That is. above the pinch temperature we only supply heal, whereas below 
the pillCh temperature we only reject heat to a cold ullhty. 

Dependence on the Minimum Approach 
Temperature 

If we change the minimum approach temperatu re of IO"F that we used as our 
second-law criterion, then we shift the temperature scales in Fig 8.1-2. The heat 
loads in each of the intervals shown in Fig. 8.1-4 will also cha nge, and the min imum 
hea ting and cooling loads will alter. It is easy to visualize these changes if we 
construct a tempera lure-en thalpy d iagram. 

Temperature-Enthalpy Diagrams 

To construct a temperature-<nthalpy diagram, first we calculate the mmimum 
heating and cool 109 loads, using the procedure described above. Then we define the 
enthalpy corresponding 10 the coldest temperature of any hot stream as our base 
condition; Ie., at T :::: 100°F (sc:e Fig. 8.1-4), H _ 0 Next we calculate the 
cumula tive heal available in the sum of all the hot streams as we move to higher
temperature intervals. Thus, (rom Fig. 8.1-4 we obtam Ihe followlllg : 

T_tOO 11,_ 0 
T _ I20 11 , _ .000(120 _ 100)_80.000 
T _ 140 II, _ (lOOO ... 4(00)(140 - 120) • 100,000 
T _ 160 1/ . _ (1000 ... 4000X 160 - 120) - 100.000 
T _ 200 II. _ 11000 -t 4OJOX200 - 160) - 200,000 
T .. 2SO 1I._10C0(250 - ZOOI- SO,OOO 

Camulache H 

o 
00.000 

180,000 
280,000 .... "" 
lKl.OOO 

Now we plot the cumulallve H vc:rsus T(see fjg. 8.1-1).. We call thl5 a CompoSite 

curtJot' for the hot streams because it incl udes the effect of all tbe bot streams. 
Of course, since the Fe. values are coostant, we could bave replac.ed the 

calculations for Hz, H }, and H. by a single expression 

Hz.} ... = (1000 + 4OOOX200 - 120) = 40,000 

Tbus, we only nc:ed tn calculate values at the temperature: levels when the number 

of hot streams changes. 
At the lov.est temperature o f any of the cold st reams (90"F o n fig. 8.1-4), we 

choose: the enthalpy as the minimum cooling requirement Q< ... ;.(60 )C 10
1 
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on Fig. 8.1-6). Then we calculate the cumulative enthalpy In each temperature 
interval : 

T .. 90 11 0 " 60.000 
T .. no II , .. )O()(l( 130 90) .. 120,000 
T _ tSO II J .. ()O()() + 60(0)(1 so - !JO) .. UIJ,OOO 
T_ 190 II, .. 6IXXl(190 ISO) _ 240.000 

These results also are plotted on Fig. 8,1-7. 

",000 
180,000 

"',000 
"'000 

From Fig. 8.1-7 we note that Ihe enthalpy of the hot streams tbat must be 
rejected 10 a cold uti lity is Qc "" 60 )( 10) Btu,lhr, and tbe amount of heat that must 
be supplied from a hot utility is QB _ 70 X 10) Btu,lbr. Moreover, when TH _ 1400 

and Tc =- 130", we see that tbe minimum approach temperature exists, i.e., the 
heating and cooling curves are closest together. Thus, this temperature-enthalpy 
diagram gives us exactly the same information as we generated previously. 

Suppose now that we set the base enthalpy of the cold curve eq llalto 110,000. 
instead of 60.000, and we repeat the calculations for the cold curve. This shifts the 
composite cold curve to the right (see Fig. 8.1-8). We note from the figure that the 
beat we must supply from a hot utility increases by SO x IOllO 120 x 10l Btu,lhr. 
Thus, the increase in the heating load is exactly equal to the increase in the cooling 
load. Also at the point of closest approach between the: curves (T ..... = 150°F and 
Tcekl = 130°F) the temperature difference is 20°F. Thus, if the minimum approach 
temperature had been specified as 2OG F, then the minimum heating and cooling 
requirements would have been 120 )( IOJ and 110 )( 10J Btu,lhr. respectively, and 
Ihe pinch temperature would change from T ..... = 140 and T .. kI = 130 to T ..... = 150 
and T..w "'" 130"F. By sliding the curve for the cold streams to the right, we can 
change the minimum approacb temperature, Q8._ and Qc._. 

Grand Composife Cune 

Another useful diagram is caUed the grand compositt CVrw'. To prepare this 
diagram, we start at the pinch condition shown in Fig. 8.1·6. and we say that the 
heat flow is zero at the average or tbe hot and cold pinch temperatures T - 135. 
Now at the next higber temperature interva~ which we again define by the average 
T - IS5. we calculate that the net heat flow is 180-100 - 80. Similarly, at 
T = 195 we find that H _ 80 + 240 - 200 = 120, and at T "", 245 we gel II = 

120 - 50 - 70. These points are just the differences between the composite curves 
shown on Fig. 8.1-7, calculated with the pinch as a slarting point. We call Ihe 
results the grand composite curve: above Ihe pinch temperature (.see Fig. 8.1 -9). 

Again, starling at the pinch and moving to colder temperatures, at T _ 11 5 
we let H "" 40. and at T - 95 we lei /J _ 20 + 40 = 60. These points define the 
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curve below the pinch (see Fig. 8.1-9). This grand composite curve clearly shows 
that minimum heating requirements are QH = 70 )( 103 Btut hr and that the 
minimum cooling load is Qc = 60 X IOJ Btu,lbr. The grand composite cuO'e is 
particularly userul for profile matching during heat and power integration studies. 

RelBtiooship of Minimum H ea ting and Cooling to 
tbe F irst-La. M· Requirement 

The first.law analysis indicates that tbe difference between the heat available: in the 
hot streams and Ihat required by the cold streams is 10 x 10} Btu/hr, which must 
be remo\'ed to a cold utility. The second-law analysis with a IO-F approach 
temperature indicates that we must supply a minimum of 70 )( 10) Btufhr and 
remove 60 )( 10) Btu/hr. Hence, we see that any increment!!1 heat that we put in 
rtom a ho t utility must also be removed by a cold util ity. Moreover, we recognize 
that if we put in more than the minimum amount of energy (see Fig 8.1· 10), then 
we will ba\e to pay more than necxssary for both a hot Uillity and a cold uti lity 
(beca use ..... e will have to remove this excess heal ) 
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From Fig. 8.1-11 we see that if we Iransfer an amount of heal Ql across the 
pinch. we must put this additional heat into the: process from a hot utility 
somewhere in the network. Furthermore, we must also reject thiS amount of heal to 
a cold utility. lience, we obtain a rule of thumb : 

Do Dol transfer heal across Ihe pinch! 

Other rules of thumb that we have devc:loped are these: 

Induslrial Experience 

Add heat only abm'c the pinch 

Cool only below Ihe pinch 

(8.1-7) 

(81-8) 

(8.1-9) 

The calculallon of the minimum healmg and cooling requirements is a very simple 
task. and yet it indicates thaI significanl energy savings are possible compared 10 

past pracllce. In particular, Imperial Chemical Industries In thc United Kingdom 
and Union CarbIde in the Uni ted States have both reported the results of 
numcrous case studies that indicate that ]0 to 50% energy savings, compared to 
conventional practice, are possible even in retrofit situations.· Hence, this energy 
Integra lion design procedUre is a very valuable tool 

Multiple Utilities 

In tbe prevIous analysis. we considered the case or a Single hOI utility and a single 
cold utility. However, the analysis is also valid for multiple ulililies. Jr we shift thc 

• D Boland and "'_ tllndma"h, M Hal E.J.changer NClworllmp.o~cmc:nt$, M C/.,,.. £IIfJ P,~, 1111(1) 47 
(1984). U unnholf and D k V.cdcveki.· Pmch Te<:bnok>&Y COIUQ of A~ M C/.,,... UotI J"OfI, 110(7) 
H (1984) 
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temperature range in our previous example upward by IIO"F, we obain the cascade 
diagram shown in Fig. 8.1 ·12. Now we sec that as a hot utility we need to use steam 
having a temperature in excess of270G F Also, we could use steam at 220"F as one 
cold utility and coohng water as a second cold utility. With this procedure .... e 
would reject 40 x 10-' Btuthr to the steam and 20 x 10] Btu/hr to cooling water. 

Note that there is no heat transfer between the bottom two temperature 
intervals when .... e use mUltiple utilities. Thus. we int roduce another pinch, which 
we call a IItilil), pinch, into the network. An additional utility pinch is added for 
each new utility considered. The effect of multiple utilities on a T-II diagram IS 

shown on Fig. 8.1-11 
Also recogmze that there are some obvious heuristics associated With the usc 

of multiple ulilities: 

Always add heat at the lowest possible temperature level relative 
to Ihe process pinch. (8.1-10) 

Always remove heat at the highest possible temperature level 
relative to the process pinch. 

Phase Changes 

(8.1-11) 

The procedure requires that the FC~ values of the streams be constants. We can 
incorporate phase changes that take place at constant temperature into this 
formahsm simply by assuming a I- F temperature change at the temperature of the 
phase change and then calculating a fictitiOUS Fe, value that gives the same hCllI 
duty as thc phase change: i.e .. if the heat corresponding to the phase change is 
F 61/., we write 

FJC,J(I) = F Ml r 

where FJ and C'J are the fictitiOUS values.. 

(8.1 -12) 
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For the case of mu:tures, where a plot of enthalpy versus temperature is 
curved. we merely linearize the graph and select fictitious Fe, values that have the 
same heat duty (see Fig. 8.1·14). Thus. phase changes simply increase the number of 
temperature intervals considered. 

Limitations of the Procedure 

The calculation of the minimum heating and cooling loads requires the following: 

1l1e FC, values of all streams arc known. 

Inlet and outlet temperatures of all streams arc known. 

(8.1-13) 

(8.1 -14) 

However, the design variables that fix the process flows (i.e .• conversion. purge 
composition. molar ratio of reactants. etc.) must be determined from an optimi7.a
tion analysis. For each variable. the optimi1.3tion involves recycle costs which 
depend on the heat-exchangcr network. Thus, the opti mum process flows depend 
on the hcat-cxchanger network. but we must know the flows to determine the 
network. We resolve thiS dilemma by calculating networks as a function of the 
flows to estimate the opllmum design conditions 
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Similarly, if a heal exchanger IS used to preheat a stream leaving a flash drum 
or a gas absorber and entering a distillation column, then we must include this 
stream in our analYSls_ Moreover, if a process stream IS used to dnve the rebojler of 
a dis tillation column, rather than steam, then the optimum reflux ratio in thai 
column will change Thus, the en~ray integration analysis is coupled with the total 
design problem, and often some iterative case studies arc required 

8.2 MI NIMUM NUM BER OF 
EXCHANGERS 

Our previous analysis allowed us 10 detenmne the mlnlnlum heilling and cooling 
requirements ror a heat-exchanger net ..... ork. We use these results as a starting polDl 
to determine the minimum number of heat exchangers required. The analysis 
follows the procedures described in earlier rderences in this chapter. 

First-Law Analysis 

Suppose we consider the heating and cooling loads for each of the process streams 
as well as the minimum utility requirements thaI correspond 10 the second-law 
analysis (see Fig. 8.2- 1). Now we ignore the minimum approach temperature and 
just consider how many paths (heat e"changers) are reqUired \0 transfer the heat 
from the sources to the sinks. If we transfer 70 x !Ol Btu/hr from the hot utility 
into stream 3, we sull have a deficiency of 110 x 10) Btu/ht in stream 3. If we 
supply this deficiency from stream I, we still have 20 x 10) Btu/hr of heat available 
in stream I. If we transfer thiS excess to stream 4, we arc left with a defiCIency of 
340 x 10) Btu/hr in stream 4 

The other calculations are shown In Fig 8.1-1, and we find that there are five 
paths, or that five heat e"changers are requITed We note that the heat loads just 
balance, whIch must always be the case because our minImum heating and cooling 
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Number Of) (Number Of) (Number Of) _ 

(b) EIlchangers = Streams + Utilities 

nGuJU: 0-1 
rim .... . minimum nllmbcr of uchangcrs. 

loads satisry the first-law requirement. We can generalize the result and state that 

nonnallr 

(
Number Of) _ (Number 0,\ + (NU~ber Of) _ I 
Exchangers - Streams) Utilities 

(8.2-1) 

Independent P ro blems 

Equation 8.2.1 IS not always correct, as we can see by examining Fia· 8 2-2. In this 
nample we have merely increased the utility requirement~ but the first-law 
analysis 'is slill satisfied. If we transfer the heat between the. sources and tbe SlOb. as 
shown in Fig 8.2-2, then we require only four exchangers Instead of fi~e. Howe\er, 
..... e could also redraw the figure so thai there are two, completely mdependent 

prOblem(s.:::::I::)a gen(::~::':~n: '(:::~:O~~~7~~~~~~~tq) 8(:~_:: 
Exchangers s:; Streams) Utllilles) \ Problems 

Loop< 

If w~ return to ou r origi nal uample and consider the arrangement shown in Fig. 
8.2-), ... e see that ..... e can sull satisfy the heat-transfer requirements ~t .... ec:n the 
sources and the sinks for any value ofQE' However, for thiS configuration we need 
siJ( exchangers Also there is a loop in the network (i.e., we can trace a path through 
the net ... orl that slarlS at the hot utility, goes to stream 3, goes to stream I, goes to 



(a) Ueat loads balance exactly ; resulls of firsHaw analysis 

,b) ( Number Of)~(Number Of)+(Nulllber or)_( Number Of) 
Ellchangers Streams Utili ties Problems 

FIGURf 8.2-1 
I n<k~ndenl pl(tblems 

stream 4, and tl.lcn goes back to the hot utiht),}. Any time we can trace a path that 
starts at one pomt an.d returns to that same point. we say that we have a loop in the 
network. Each loop Introduces an extra ClIchanger into tbe network . 

Effect of Pinch: Second-Law Analysis 

As pari of ou r calculation of the ffilllmlUm heating and cooling requircment s \Io e 
found that there was a plOch temperalure that decomposed the problem into 'two 
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distinct parts. That is. above the pinch we onl)' suppl)' heat from a utility. whereas 
below Ihe pioch we only remove heal to a utility. Thus. 10 include the second-law 
analysis in our calculation of the minimum number or exchangers. we must appl) 
E.q 8.2-1 (or 8.2- 2) to the streams above and below the pinch. From Fig 8.2-4 we 
see that there are four streams above the pinch for our exampk, so that Eq. 8.2-1 
(assuming no loops and no independent problem s) gives 

Above pinch : Nr, '"" Ns + N v - I 

_ 4 +1- 1 = 4 

Below the pinch temperature there are only three stream§, and so 

Below pinch : Nr,'" NoS + N v - I 

_ 3+1 _ 1 =3 

(8.2-3) 

(8.2-4) 

Thus. to satisfy the minimum heating and cooling requiremellts requires a 
tolal of seven exchangers. However, to satisfy the first law requires only five. Then, 
we ellpect thai the nelwork for the minimum energy requirements will have two 
loops tbat cross the pinch (we introduce an additional ellchanger for eacb loop). If 
we are willing to saeri6ce some energy by transferring heat across the pinch, we can 
elimmate up 10 two ellcbangers from the network . Hence, there is a capital-operat
ing oost trade-off that must be evaluated. 

83 AREA ESTIMATES 

We have been able to estimate the minimum heating and oooling requirements for 
a process without even specifying a heat-cxhanger network (see Sec. 8.1). We can 
use Ihese results to estimate the utility costs fo r II plant It would be very desirable 
to eslimate the capital costs associated wllh a heat-cllchanger network without 
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having to design a nc[worl,. Fortunately, a technique for making this estimale has 
been prescnted by Townsend and Linnhoff· (which is an extension of a previous 
result by I-I oh mann).' 

EslilDitling Areas 

In Sec_ 81 we developed a temperalUre-emhalpy plol (see Fig. 8.1-7). Suppose now 
Ihat we Include vertical lines whene\er there is a change in the slope (see Fig. 8.3-1), 
and we considcr that each interval represents one or more heat exchangers in 
parallel. F rom (he graph we can read the heat dulY for each exchanger and Ihe 
values of the temperature driving forces al each end_ Then if the healing and 
cooling curves correspond [0 a single stream, we can eslimate Ihe ind ividual heat
transfer coefficienl for each stream as well as the overaU coefficient : 

I I I 
- =~+

U hi ho 
(8.3.1) 

where the individual film coc:fficients include the fouling factors. The area of the 
heal exchanger is given by 

(8.3·2) 

However, if the re are multiple slfeams in any interval, then we must develop 
an appropriate expression for the o\erall heat-transfer coefficient. Suppose we 
consider the interval where two hot streams are matched against two cold streams. 
If we matched streams I with 3 and 2 \I.'i [h 4 (see Fig. 8.1 -3), our results would be as 
shown in Fig. 8.3-2a. However, if we matched streams 1 with 4 and 2 with 3, then 
we would o btain the results shown in Fig. 8.3-2b_ The heat loads and the log-mean 
temperature driving forces for each of the exchangers will be the same. For the case 
given in Fig. S.3-2a, we find that 

I I I 
- =-+ 
U., hi h} 

so that the total area becomes 

I I I 
- = - +
U., hz h .. 

AT. = A., + A., = -' -7:-,Q,--U- + '7: Q U 
u t.M ., ... LM ., 

Q (I I I 1) 
= .1.TWoI' -,;;+ hz --t hJ + h .. 

(8.3·3) 

(8.3-4) 
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For the configuration showll in Fig. 8.3-2b .... e find that 

u" 
Then the total area IS 

which is identical to our previous result. 

1 1 1 
-= - + 
V. , hi h .. 

(8.3·5) 

(8.3-6) 

This result is general, so Ihal we can write an expression for the area in any 
interval as 

(8.3-7) 

-and we can estimale Ihe Io ta I area simply by adding Ihe results for all the intervals. 
Of course, this approximate procedure does not give the same results as those 

obtained by designing a specific network (normally there are too many ex
changers). Nevertheless, Eq 8.3-7 does provide a reasonable estimale o f the area 
required. This shortcut procedure is particularly useful when we are attempting to 
find the effect of the process flows on the capital cost of the heat~xchanger 
network. Once we have estimated the optimum flows, ho wever, we need to 
undertake a detailed design of a heat-exchanger oetwork. 

8.4 DESIGN OF MINIMUM-ENERGY 
HEAT-EXCHANGER NETWORKS 

Now that we have obtained estimates of the minimum heating and cooling 
requirements and an estimate for the minimum number of heat exchangers, we can 
design the heat-exchanger network. We consider the design in two parts: First we 
design a network for above the pinCh and then another for below the pinch. We 
expect that the combined network will have two loops that cross the pinch. This 
analysis is taken from Linnhoff and Hindmarsh.· 

Design above tbe Pinch 

As the first step in the design procedure, we calculate the heat loads between either 
the inlet or the outlet temperature and the pinch temperature for each stream. 

I ' 
I 

! 
J 
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Stream 

Fe, 1 ()()() 

2 

4()()() 

, .. 
3 

3()()() 

4 

6000 

Q = 110 Q,OI = 11 0 + 240 - 60 - 360 
= 70 

200 190 

Q = 240 
Q = 360 

ISO I .. 

� .. -----f----~~----+-----+_----~-----L---I~ 

Q ~ 160 Q = 120 

'''' 90 

QIOI = 20 + 160 - 120 
~60 

FlGUR.E &.4-1 
Heal load fOI fHeaJru. 

Thus, for the first stream (see Fig. 8.4-1) we obtain 

Above pinch : Q = Fe, d T = 1000(250 - 140) = 110 x IO
j 

Below pinch : Q = 1000(140 - 120) = 20 x 10] 

The results for the other streams are shown in Fig. 8.4-1. 

Feasible Matches 

(84-1) 

(8.4-2) 

If we attempt 10 match stream 1 above the pinch (Q" = 110) with stream J 
(Qc = 60), it is apparent that the maximum amount of heat transfer that is possible 
is the smaller of the two values (Q = 60). The approach temperature is just 10"F at 
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the plOch, so we want to transfer the heat from tlie coldest eod of the hot str~m , 
Then If .... e calculate the temperalUre of the hot stream tlial would be the mlet 
temperature to the exchanger, we obt,un 

(8.4-]) 

Since: thc outkt temperature of the cold ~lream IS ISouF, the tcmpera ture driving 
force IS SO~F and Yoe have a feaslblc heat exchanger (see FIg 84-2). 

Il owe\ er, we might attempt to match st rc,}m 2 with st ream 1 Again fr om Fig. 
8.4-2 we sec that the limiting he3tload is Qc = 60. However, when we calculate the 
inlet temperature of the hot siream, .... e obtalO 

Q = 60 X IOl = FC, I1T = 4000(TH - 140) Til - ISS (8.4-4) 

Since: Ihe exit temperature of the cold stream IS ISO"F, we have violated our cnteria 
for the ml/llmum approach temperature. 

A vio lation of this type will always oa::ur above tbe pinch If (FC,)c > (FC,)H · 
That is, the approach temperature IS Just the mmimum value at the pinch, and the 
6 Tbetween the two curves will always decrease if F cC,c > F HC,H. Thus, there IS a 
design heunstic for feasib le matches at the plOch condition : 

Str~m 

Fe, 1000 

Q "" 110 

Above the pioch: FIl C,II :S: FcC pC 

Below the pinch : FH C,H ;?: FcC,c 

3 2 

3000 4000 

250 240 250 240 

200 19. 
Q - 240 200 t90 

Q: 60 

3 

3000 

(8.4-5) 

(8.4-6) 

,so , ,. , _-'-__ .:t:."SO"-:IC'~""--__ L 4O-__ -'-____ --'''-'''--L!=-'-__ --'- 130 t40- t30 

Q - 60,(0) = IOOO(TH - 140) 

TH - 200 
Outlet Tc = 150 
Match is feasible 

FIGURE 1.4-2 
M alehes .00"( the: PInch 

Q = 60,(0) = 4(0)(1j1 - 140) 

1j, = 155 
Dullet Tc = 150 
Match is nol feasible 
Violates mmimum AT 
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Stream 2 3 4 

Fep 1000 40()() 3000 6000 

"" , .. 
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Q : 240 
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(a) Put In the matches at the pinch 
(b) Ma); lmlZe the. heal loads 10 ehmmale streams. 
(c) Sec what IS left. 

FlGURE 1.4-3 
Plocb matcho:li 

Pincb Matches 

From our feasibility criterion and Fig. 8.4· 1, we see that above the pinch we can 
match slream I with either stream 3 or 4, and we can only malch stream 2 with 
stream 4. Hence, we match stream I with stream 3 and stream 2 wilh stream 4 
Also, we transfer the maximum amount of heal possible for each match in an 
attempt to ehminate streams from the problem These pinch matches are shown in 
Fig. 8.4- 3. 

Next we conSider the heat loads remammg. The cnteria given by Eqs. 8.4-5 
and 8.4-6 are not applicable away from the pinch, and we know that above the 
pinch we are allowed to add only heat. Hence, we must transfer all thc heat 
remaining in st ream I to stream 4, which is the only cold stream 51ill available. The 
heat remainmg in stream I is (110 - 60) )( 10J _ 50 x 101, and the remaining 
healing requirement o f st ream 4 is (360 - 240) )( 101 _ 120 X !Ol,50 that we can 
IDstaU thiS heat exchanger (sec Fig. 8.4-4) The remaining healing requirement of 
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FIGURE 8.4-4 
M.tches ..... , hom tbe p"",h. 

70)( 103 • which is just the minimum hea ting requirement. is supplied from a hot 
utili ty. 

The complete design above the pinch is shown in Fig. 8.4.5. There are four 
elIchangers, which is tbe minimum required value, and we have satisfied the 
minimum heating requirement. Thus, we have satisfied the design ta rgets. The 
stream temperatu res are also shown on Fig. 8.4·5, and the temperature driving 
force at the ends of every heat exchanger is 10"F or greater 

Alternalh'e5 

For the example under consideratio n. the plOch matches are unique. Howe\'er, for 
the other matches away from the pinch the utility heater ca.n be placed either before 
or after the heat exchanger connecting streams 1 and 4. Figure 8.4 .. 6a shows the 
location of the heater after the other heat exchanger has ~n inserted, but Fig 8. 4-
6b shows the result with the last two neat e.xchangers interchanged. Calculations 
show that both alternativC$ are feas]ble. However, the driving forces for the heat 
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3000 6000 
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'"\ 

Q = 60 

H = 70 
= 178 T 

I-T = 170 

,J 

'30 

exchanger are largest (a lower exchanger area) when the utility heater is at the 
highest temperalUre, although heat must be supplied at a higher temperature level. 
Thus, in some cases one alternative may have a lower cost than another. 

D esign below the Pinch 

We use exactly the same design procedure below the pinch. For a feasible match we 
require that F RC,R ~ FcC;: (Eq. 8,4·6). Therefore, for our example. we caD o Dly 
match stream 2 with stream 3 (see Fig. 8.4--7). We put in Ihis exchanger and 
maximize the load to eliminate a st ream from the problem, Q '"" 120 x I 0 3 (see Fig. 
8,4·8). When we examine what is left, we have onJy hot streams that need to be 
cooled We a re onJy allov-cd to reject heat to a cold utility below the pinch. so we 
install two coolers (see Fig. 8.4.9). 

The complete design for below the pinch i ~ shown in Fig 8.4 .. 10. Wc Sel: that 
the total amo unt of heat rejected to cold utility is Qc = (20 + 40) x 103 = 
60 )( 103

, which is identical to the minrmum cooling requirement The number of 
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exchangers used is 3, which is the minimum number. Also, the temperature driving 
force at each end of every exchanger is IOQ F or greater, so the design is feasible. 
Thu~, we have established one design alternative below the pinch. 

Minimum F:nergy: Complete Design 

A complete design that satisfies the minimum energy requirements and Ihe 
minirnum number of uchangers above and below the pinch is shown in Fig. 8.4-11 
The tolal heating load is 70 )< 103 Blu/hr, while the total cooling load is 60 x 10) 
Blu/l1T There are seven exchangers. 

Stream 2 

FC, 1000 4000 

().. Q = 50 

2"iO 240 

"" ,." 
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FlGURE l.4-t l 
Comp~IC r .. "nlmum energy desIgn 
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As we mentioned earlier, if we apply Eq. 8.2-1 10 our example, we predicllhat 
we need only five exchangers (although Ihe minimum energy requirement cannol 
be sallsfied with less than seven exchangers) Therefore .... e anticipated thaI Ihere 
would be Iwo loops Ihat crossed the pinch. (A loop is a palh Ihal we can trace 
through the network which starts from some exchanger and eventually returns to 
Ihal same exchanger.) A loop may pass through a utility (see Fig. 8.2-3). After 
examining Fig. 8.4-11. .... ·e find that there are three loops (see Fig. 8.4-12)_ Two of 
these loops pass through the cold utility. and we show later Ihal if we break ODe of 
these loops, the other will also be broken. Hence. there are two independent loops. 
and it should be possible to remove two exchangers from the network sho .... n ill 
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Fig. 8.4·11 by supplying more energy to the process (and rcmoving more). We 
dIscuss thIS procedurc in the nClt two sections. 

Optimum Value of the M inimum Approach 
Temperature 

As we noted earher, the mInimum heating and cooling loads change as we change 
the mi nimum approach temperature. However, since the heat--exchanger area in 
the neighborhood of Ihe pinch WIll change in the opposile directIOn, there wLIl be an 
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optimum value of thc minimum approach temperature; i.e., as we decrease liT .. u" 

we increase the area. Moreo ver, this optimum value will change with the process 
flows We discuss this optimization problem in more detail later in this chapter 

Additional Complexities in the Design Procedure 

The design probkm IS not always as simple as the example considered. Thus, III 

some cases it is necessary 10 split s lreams. These additional complexities are 
discussed in Sec. 8.7. 
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8.5 LOOPS AND PATHS 

Loops and paths provide .... 3)5 of shifting heat loads through a network . 

Loop' 

A loop is a sci of connections thaI can be traced through a network that slans from 
one exchanger and returns 10 the same exchanger (see Fig. 8.5- 1). A loop may also 
pass through a utihty (see Fig. 8.5-2). The existence ora loop implies thallhcre is an 
exIra exchanp:cr in the network ThaI is, if ..... e break the loop. we can remove an 
uchanger 

Brea king Loops 

Consider the example in Fig. 8.5-3. The energy requirements are satisfied for any 
value of Q,.. However, if ..... e 5Ct Q£ = 20, one of the heat exchangers (connecting 
paths) in the network disappears. 

or course, the loop shown in Fig. 8.5-3 is the same as one of the loops in our 
deSIgn problem, Fig. 8.4- 12. We always satisfy the heat loads of each stream by 
subtracting an amoun! Q£ from one exchanger, hut adding it to another exchanger 
on the same stream. An example where we break OM of the other loops in Fig. 8.4-
12 is shown in Fig. 8.5-3. 

IleuriSlics 

Three design heuristics have been proposed by Linnhotrand I-l indmarsh : 

First. break the loop that includes the exchanger with the smallest 
possible heat load. (8.5·1) 

Always remove the sma llest heat load from a loop. (8.5.2) 

If we break a loop that crosses the pinch, nonnally we violate the 
minimum approach temperatu re in the revised network. (8.5-3) 

Of course, if we violate the mi nimum approach temperature, we must fi nd some 
way of restoring it. We use the concept of paths for this purpose. 

Paths 

A palh is a connection between a healer and a cooler in a nelwork. Figure 8.5-4 
shows Iwo possible paths for our example. We can shift heat loads along a palh, as 
shown in Fig 8.5-5 We merely add an excess amount of heat 10 the hot utility and 
subtract il from another exchanger on the same stream (50 thai the tOlal heat load 
for the stream is unchanged). or course, we also reduce the heat load 011 the other 
stream thai passes through this exchanger Thus, we must add heat to this stream 
in either another exchanger or a cooler. 
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~ C , 
Note that 

FtGURE J3...4 
Path$. 

When we add heat to a heater and shift il along a path, Voe must 
remove the same amount of heal In a cooler. (8.5-4) 

We .,It.,;n shift heat along a path to restore a minimum approach temperature ; IhlS 
pr"' ..... lure always increases the energy consumption of the procxss. 

H 

Q O----.!'---O Q - Q£ 

1. C,m shift heat along a path . 
2 . ""nsfer heat across the pinch-more heal in, more heat out 
3 . 11)(" 10 restore minimum I1T. 

FlGl 11.( LS-S 
ShII"I 1--",1 alon, a path. 
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8.6 RED UCING Til E NUMBER OF 
EXCHA NGE RS 

We can summ8n:ce some gC!oenl ruks concerning the design procedure : 

The number of ellchangers reqUIred for the overall process is 
always less than or equal to that for the minimum C!otrgy 
network. (8.6.1) 

Jr the design procedure for the mmimum energy network is used, 
there will nonnally be loops across the pinch (8.6·2) 
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We can break these loops by transferring heat across the pinch, 
but we Will Introduce at least one violation of the specified 
ATml~ = IO"F (8.6-3) 

We can restore AT"lft by shiRing heat along a path, which 
Increases the energy consumption of the process. (8.6-4) 

Hence, we have a procedure fo r reducing the number of heat exchangers (which we 
expect Will reduce the capital cost ) at the expense of consuming more energy (which 
Will Increase the o perating costs). Obviously, we want to find the heat-exchanger 
network (as a fun ction of the process flo ws) which has the smallest total annual 
cost. 
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Breaking the Loop with lbe S maUest Heal Load 

F rom Fig. 8.4- 12 we see that the smaJlest heat load in any of the loops is that In the 
cooler, where Qc - 20 X 10'. We arbi trari ly decide to break the loop shown in the 
last diagram of Fig. 8.4- 12. Thus, we sla rt at the cooler and subtract and add 
Q~ = 20 as we proceed around the loop (see F ig. 8.6- 1). Now we calculate the new 
heat loads and the new values of the intermediate temperatures: sec F ig 8.6-2. 
From Fig. 8.6-2 we sec that the exit temperatu re of s!ream 1 is actually 10"F lo wer 
than the inlet stream for the exchanger with Q = 60; i e .. the approach temperature 
is - IO"F, which IS Impossible:. 
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Resto l"ing AT .... 

We restore the mimmum approach temperature at this point In the network by 
shifting heal along a path; see Fig. 8.6-3. Since the ou tlet temperature of stream 1 is 
120- F, we want the Dew inlet temperature 10 be IIO"F. Then we calculate the 
amount of heat that we must shift along the path to obtain this intermediate 
temperature. From Fig. 8.6-3, 

( 120 - Q£) )( 101 = 3000(1 10 - 90) 
Q£ = 60)( 10) 

(8.6-') 

The revised network is shown to Fig 8.6-4. 
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Bruking tbe Second Loop 

Breaking one loop through a cooler (see Fig. 8.4-12) has b.r~ken. both loops 
through the cooler. However, there is still a second loop remalOlDg ID Fig. 8.6-4 
The smallest beat load in this loop is 10)( 10) Btu/hr, and so we ~ubtra(;t and add 
Q[ = 10 as we proceed around the loop. The resuil is shown in .Flg. 8.6-5, and the 
new stream temperatures are included on th.s figure. For thiS case we d~ not 
encounter anolher violation of d T .... (although we oCten do). In fact, !hc mlmmum 
approach temperature for this design exceeds IOOF (120 - 107 = I] F). 
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A final design is shown in Fig. 8.6-6. Now there are five uchangers, rather than 
seven, but the healing and cooling requirements have: been increased by 60 )( 
10) Btu/hr, i.e., they have almosl doubled. T hus, it is essential to consider the 
capital and operating costs of the: ahernative networks. We could decrease the 
uti lities requirements somewhat by shifting heat along a path, in order to reduce 
the minimum approach temperature to IO~F from 1 ]OF after we break the second 
loop. Oearly, we need 10 optimize the design. 
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8.7 A MO RE COMPLETE DESIGN 
ALGO RITI-I M- STREAM SPUrriNG 

There arc some situations where our design procedure docs not seem to work 
However, these additional complications can always be accommodated by splitting 
a stream Sc .. eral examples of this t)-pc are presented belo ... and then a more 
general dcslgn algorithm IS discussed 

Num ber or 1101 and Cold Streams 

Consider the ell-ample shown in Fig. 8.7-1. The values of f HC,H for both hoI 
streams are less lhan the: Fcepe value for lhecold stream. I-Io\o\e\er, if we install any 
beat ell-changer, such as oDe between streams 2 and 3, Ihen the increase in 
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temperature of stream 3 will prevent any match for stream I because the mimmulll 
approach temperature wi ll not be sa tisfied. 

We can resolve tillS dlfficully very Simply Just by splming stream 3 (see Fig. 
8.7.-2). illt hou8.h we mU ~1 be careful that F" C pu :S f'cCpt; remai ns sa tisfi ed arter the 
splt t From thiS example we recognize that there a re new design heuristics: 

Abo\'e the pinch, we must hne N" S Nc . (In-I) 

Bdo\lo' the pinch, we must have N ..... N 
II Co c· 

F" C"H H~-rsUS f'c C pC 

(8. 7-2 ) 

As .another example conSider the problem in Fig. 8.7-3. The criterion N" < Nc is 
sallsfi~. but now FIIC,,, > FcC,c. which prevents a feasible match. However If 
we spill the hoi stream (see Fig. 8.7-4) and adjust the nows such that F C '.:s; 
FcC,.:. we obtalll a satIsfactory solution. " ,." 

Splitting HOi ,'ersus Cold Screa ms 

We usua lly s,rh t a hot Slream as ~n Fig. 8.7-4, bUI not always. Consider the problem 
shown III FIg. 8.7-5. If we spht the ho t Slream, then N" > Nc , which is not 

I 
Fi~PH ~ FcCpc 

for every 
pinch malch 

Yo. INo 

Place pinch 
matches 

FlGURF &7-1 
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L NH S 

y" 
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Nc? I 
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(usually cold) 

r--
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allowahle. lI owe\er. if we split a cold stream, ..... e can make a match bet ..... een 
strea ms I a nd 4 away fro m the pinch and thereby avoid the F"e,,, <; FcC,c 
constraint (see fig 8.7-6) 

General Design Procedure 

A genera l design algorit hm for conditio ns abovc and belo" the pinch IS shown 111 

Figs. 8.7-7 and 8.7-8 Arter we put in the pinch matches correctly. 11 usually IS a 
simple lasl to complete t~ design. 

8.8 H EAT AND POWER INTEG RATION 

According to the first law, heat and power are related. Thus, it should nOI be 
surprising Ihal the energy integratio n procedure can be extended to give results for 
heat and power integration. A d etailed analysis of heat and power integra lion can 
be found In Towsend and Linnhoff.· Here, we o nly o utline the basic ideas. 

H ea l Engines 

Every lext on themlOdynam lcs discusses the performance and efliciency of hea t 
engines as Individual entities However, if we take a tOlal systems viewpoint. we 
obtain a tota lly different perspective. T his systems approach was previously 
discussed for gas absorber/distillation processes in Chap. 1 

Suppose we consider a cascade diagram fo r the process sho\lon in Fig. 8.8- 1 
We put heat into t~ network, no heat is allowed 10 cross the pinch. and we remove 
heat below the pinch. Now sup pose that we install a heat engine above the heal 
input to the cascade diagram (Fig. 8.8-1 shows this arrangement at the highest 
possible temperature, although fro m Fig. 8.1·5 we see Ihat it could be a lower 
temperature). If we add an incremental amount of heat Wto this engine, recover an 
amount of work W, and reject the remainillg heat Q. to the network (which is Ihe 
amount of heat that we were required to add in any case), then the efficiency of the 
heat engine based on Ihe incremental amount of energy inpUI is 100%. 

Thermodynamics texts imply Ihat the effICiency of a heat engine is always less 
than 100" because some o f the heat output must be wasted. I-I O\lo"ever, wi th the 
arrangement shown in F ig. 8.8-1. this waste heal is just what is required for another 
task.. Thus., again, a systems viewpoint leads to different conclusions from the 
consideralio n o f a particular unit in isolation. 

From Fig. 8.8-2 we sec Ihat if we install a heat en:,:ne below the pinch, we call 
also obtaill an illC~mental efficiency o f 100%. We convert some of the heat that 
wou ld be discarded to a cold util ily in any evenl into useful power, and then we 

·0 W T".·n~lId and 8 lmnh(>rr. - lleat and PO,",'CI Networh ,n P'ooes.!I DesIP; Par" I lind II .~ 

Aln.,. J* 19 7"2.. 7"8 (19113) 
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discard a smaller amount o f heat to the utility. However, if a heat engine takes in 
energy above the pinch and discards it below the pinch (sec Fig. 8.8.2), then we gain 
nothing from heat and power integration; i.e.., the efficiency of the heat engine is 
exactly the same as it would be if the heat engine were isolated from the remainder 
of the process. Hence, we obtain this heuristk: : 

Place heat engines either above or below the pinch, but not across 
the pinch. (8.8.1) 

Design Procedures for Heat lind Power Integration 

A design procedure for heat and power integration has been presented by 
Townsend and Linnhorr. The procedure is basically an a ttempt to match the 
enthalpy·temperature profile of various types of heat engines with the profile for 
the process (the grand composite curve discussed 10 Sec. 8 1· 1 is used for the 
matChing). The details of the procedure can be found in Townsend and Linnholf's 
paper. 

Q j" 
Energy 
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PlOch 

Energy 
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I Q~, 
Heat W 

engine 
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Efficiency == 100% 

(a) Below the pinch 
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J 
Q, II' 

I Q +Q E - II' 

Efficiency - Stand Alone 

(b) Across the plOch 

The heal and power integration procedure is a lso very-useful for the design of 
ulilities systems. Thus, if we energy inlegrate a whole petrochemical complex. 
including the utility system, we can often obtain large energy savings. 

Heat Pumps 

Heat pumps are the oppoSlle of heat engines.. We pul work into a heat pump to 
raise the temperature level of the available heal. From Fig. 8.8-3b we sec that if we 
place a heat pump across the pinch. we reduce the heating aold cooling require· 
ments of the process. However, as shown in Fig. 8.8·3c, placing a heat pump above 
the pinch docs not provide any benefit. Moreover, as shown in Fig. 8.8·3d, placing 
a heal pump below the pinch increases the energy requirement of the process and 
the amount or energy rCJccted 10 the cold utility_ Thus, we obtain another heuristic: 

Place heat pumps across the pinch. (8.8·2) 
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8.9 BEAT AND DISTILLATION 
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Energy 
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Distillalion columns are one of the major energy consumers in a chemical plant. 
Referring to Fig. 8.9· 1, we put heal into the reboiler and remove heat in the 
condenser. In all the pre\'ious work on energy integralion we plotted temperature 
scales with the high temperature al the top of the graphs. and so we will turn ou r 
distillation column upside do .... nand co[]sifler a heal input heat output d iagram, as 
shown in Fig. 8.9-1 b. 
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Heal in 

1 

Column 

I 
Heatou! 
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Distillation Columns abon or below tbe Pinch 

FIGURE 1.9-1 
Dls1ill.non columlL 

Suppose .... e consider the cascade diagram shown in Fig. 8.9-2. We borrow a ccTlam 
amount of energy Q[ from the cascade. use It in our distillallOn column. and then 
relurn ilia the cascade above the pinch· With this approach we fun our column 
on borro ..... ed energy, Wllh no external ulili lteS. Hence, the operating costs for the 
column are reduced significantly. Exactly the same behavior is obained if we can 
borrow the energy to run the column from below the pinch and Ihen return it 
below the pinch (see Fig. 8.9-2). However, if the column appears to be energy
integrated but it crosses the pinch, then the resul! is no better lban if ..... e had 
installed the column as a stand-alone uoit ; i.e., we must supply tbe exi ra energy 
from a hot utililY and remove il to a cold utility (see Fig. 8.9-3). 

Of course, if a base-casc design indicates that a column falls across the pinch, 
1liiie might be able to shift it above the pincb by raising the column pressure o r to 
shift it below the pinch by dropping its pressure. Industrial case studies al Imperia l 
Chemical Industries and Union Carbide indicate tbat substantial energy savings 
can be obtained by this pressure-shifting idea. 

The results above give us a new design heuristic : 

Place distillat ioD columns ei ther above or below lhe pmch. (8.9· 1) 

• B l..mnholl. II DuDfnld .• OO R Sml1b, - IlCiI Inl(lnolinn of Dlsilliltion Cnlumns 1"10 O,(,all 
Proc:asa.,- C~ ... £nt 5.-. , 311 \\7S{I\l73) 
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A design procedure for the energy integration of a train of distillation columns wllh 
a process has been present cd by Hindmarsh and Townse nd.- If we consider the 
HOA process' (see Fig. 8.9-4) and develop the composlle enthalpy-tcmperature 
diagram for a particular set of flows, we obtain the results shown 10 Fig. 8.9-5. ThiS 
diagram shows that the column condensers and reboilers fall across the pinch, 
which ~'e said was not a desirable situation. 

To sec how to pressure-shIft the columns and 10 best inlegrate Ihe columns 
wllh the remalOder of the process, i l is sim pler first 10 remove the columns from the 
process (sec: Fig. 89-6) and to consider just the energy integration of the process 
with no columns (sec: Fig. 8.9-7). The corresponding T-J/ curves for the columns 
are shown In Fig 8.9-8, and we can move these curves around by pressure-shifting 

• E. lIu.dman.h and 0 W lo"m,cod. ~ 1I c.a1 tnlel,all08 01 o.SlItJaIlOn Sy.I" .... IOIQ lOlaI F"'~hccu 
A Compicte Appro4.h,~ rape' p,nrnted al Ihe AnnUilJ AJC:hE Mccllng, Sail FllntlM), Calif., 19&4 

'11lls cumpk "'1I~ dc.eloped by the IC:I P'oeb> SYnlhcsl> T""m. D W lowm.c:od. I. Illndmar ~h , II 
Dunr". d, A Palel. 0 (" Woodcod. and A r ROSIinc. 
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the columns (sce Fig. 8.9-9). Next we try to use as much heat as possible from Ihe 
process 10 satisfy the energy requirements of the columns (see Fig. 8.9- 10), and .... e 
pressure-shift one or mo re columns to minimize the external energy requirements 
(see Fig. 8.9-11). This pressure-shirting prooedure is discussed in detail for the 
energy integration of stand-alone columns, or for the columns that cannot be easily 
integrated with a process (see Fig. 8.9-11 ), by Andrecovich and Westerberg- (see 
Appendix A.6). The general approach is to split columns and pressure-shift the 
sections to use the full range of utilities that are 3llailable 

• M J. Andr«O">Ch and A W Wcslerbc." MA SIn.,., Synlhcs15 Method on Utihly Bondl l"lJ ror Ikal· 
Imcvaled O1ml1al,on Sequ..nc::a,M AICIIE J , 31 l6J ( I98S) 
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8.10 HDA PROCESS 

H,MW 

A study of Ihe sensitivity of Ihe tolal processing costs to heat-exchanger network 
altemath'es was undertaken by Terrill and Doualas." They developed a heat
exchanger nel\lo·ork fo r a base-case design (x _ 0.7S, YpH "" 0.4) for the HDA 
process. The T-li diagram is shown in Fig. 8.10-1. They also developed six 
alternative heat-exchanger networks, all of which had close to the maximum 
energy recovery (see Figs. 8. 10-2 Ihro ugh 8.10-7). (Note that the quench stream 
after the reactor is nol shown on these graphs.) Most of the alternatives include a 
pressure shifting of the recycle column, and the o ther distinguishing feature is the 
number o f columll rl:boilers Ihal are driven by the ho t reactor products . 

• D t. lcmll and I M Dou~n. 1&r=.:C RI'~"rrll. l(j 685 ( 1981) 
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Effect of Energy Integration \"ersus O ptimization 

The benefit obtained from energy in tegration with the base-case flow rates fo r the 
six alternatives is given in Table S. IO-I. The energy savings from the energy 
integration fall between 29 and 43 %. which is in the ranse obcained by ICI and 
Union CarbKie, but the cost savings are in the range from -I to 5%. The cost 
savings are not as dramatic because the raw-material costs dominate the process 
economics. 

Ir we optimize each of the process alternatives, we obtain Ihe results shown in 
Table 8. 10-2. We oblain savings in the range from 21 to 26%, which is quite 
dramatic. The InJpro\·ed energy integration has allowed us to increase the recycle 
flows., which decreases the raw· material costs. The increased recycle nows actually 
increase the ulilitles consumption, but the raw-material savings more than 
compensate for the increased energy costs. Similar results were obtained by Duran 

TABLE 1.10-1 

EMrgy int~gration ror the II DA process 

I. TAC (1:1 0· /)',) base.ca~ 110 ..... 
1. Ulillllel \lS1~ (MW). ba~-a~ 

flows 

3. Ene'''' uvmgs, % 
... eMI u",ngs. % 

,.1, 
,v 

... 
' .06 

'" fil 

SF.CTlON I " HIlA '.0CbS 28 1 

Ahmulrin 

, 3 , , • 
'" '"~ ' " ... 6.0l 

1." ' " '.::0 1.JO 1)" ., 
" " " " -, ° 

, , , 
From D L TcniJI and J M Doualu. I • . £C II,.,,,,,, ... 16 635 (1911). wnh pem>IS.tOli f ...... 1M A_nca" o.m.oaI _., 
TA BLE &'10-1 

Energy integration alld optimi7..l lion of HOA process 

I. T AC (SIO·/)'r) bue-eue IIows 
1. TAC (SIQ-/ yr) opumlUd 
J. Cost U""gs, y. 
• . Uuilues (M W) opumned 
So Utillues (MW). baK-casc 

." 

,v 

, .. 
' 03 

21 

'" '" 

, 
6_. j 

' .06 
21 
1l.2 

". 

Ah~""lIIin 

3 , , , 
6.38 6.11 .... 603 

'" '" '" .,. 
" " " " IU 10.1 JO' 10.3 

1.39 1.10 1 JO 7.30 

F,om D L Tunll and J M DoooaLot. I.£C 1I,_e'" 16 6aj (1917). .. -..10 1"'''''_ ""'" 1M ....... ncan 

a.-JOOJ Soc""1 

and Grossman. · Thus, we sec that we can trade savings from improved energy 
integration fo r savings in raw materials. 

The relative imporlanoc of raw materials and energy is simple to assess by 
looking at a COSI diagram (see Fig. 8.10-8), where the raw-materials costs are 
expressed in terms of exoceding the stoichiometric requIrements From this 
diagram it is apparent that raw-materials savi ngs are mudi more important than 
energy savings ror the HDA process. 

Sensitivity of tbe Optimum Savings 

Some orlhe vaJues for the optimum design variables ror tbe six alternatives, as well 
as the approximation procedure discussed in Sec. 8.3, are shown in Table 8.10-]. 
The results, for this case study. indicate that the optimum flows are qUlle insensitive 

• M A. Dutln In<! I E. Gtoumln, A/e kE J., 32 592 (1986). 
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TABLE 8.1~3 

Optimization rftults for HOA pfO(es..~ wilh diphenyl by·product 

Ah"",_lln .. ~ A",adm_le .. ~ l ) • • • ...... , 
TAC (SIO'/yr) 6.38 ~m 5.(16 4.91 476 4.7) 4.14 4.83 
Annulli7.ed e-pilll 
cott (SIO"/)'T) 110 1.50 1.54 1.~2 I. .. 1.47 14' I." 
Annulhud opel'llt;n, 
cotl (SIO'/yr) 5,28 Bl 3.52 ).39 ).28 3.26 3.25 1.23 
Converaion rl.) no 613 '" M.' 67,4 67.~ 67,2 67 ,7 
HJ compoliltOn In 
JU recyele ("/J ." )19 31.7 )l.' )l.0 )l.) )l.' )l.. 

reHE cncrl)' fUO"'11' 
ClJ. (old .Iream .... ". 94.0 93.6 93.6 91.9 87.5 15.8 85,7 
DT_(K) 10 Jl J8 " \4 • \J " N\lmber of \lnl\l • 10 10 10 10 10 \I \J 

Slab/Ii,rr eolou"" 
Fractionll lou of 
1)en1,ene (y.) 0' 0.) OJ O' OJ O' 04 0.' 

PrOf/uel (o/u,"" 
Fl1Ielion.1 reeovery rio) 99.0 98.7 98.7 98.6 98,9 98.9 98.9 98.9 
Refl\lJ rll;o 1.20 I.4S I." I.S8 1.91 1.8~ '" 1.7<1 
Foe(! cooler (MW) 0 Il 1.19 0 0 0 0 0 

R«yc/' eolo,,"" 
Frlct ionll rcconr)', 
overhead (Yo) '"' ." ". "., .. , ". " .• '" Fraction.1 ruovery. 
boltoml (y.) 80.7 " " " .. " " " Preuure (k P.) 101 101 107 107 107 107 107 101 

!.l From D L Temil iM J M DoIIllu.I~E.c 11.,11"'11. U US Cl9171. .. ,LII peon",,,,,, hom lhe Amenan ChemIC'll Soclfly 



to changes in the heat-exchanger network, provided that close to the maximum 
energy recovery is obtained. Moreover, as expected, the significant design variables 
correspond to the conversion and the purge composition. 

8.11 SUMMARY, EXERCISES, AND 
NOMENCLATURE 

Summary 

A very simple procedure exists that makes it possible to calculate the minimum 
heating and minimum cooling requirements for a process. Also. simple procedures 
exist for calculating the minimum number of exchangers required and for estimat
ing the beal-exchanger area required. These calculations are possible without even 
specifying a heat-exchanger network and therefore are ideal for screening purposes. 

The results indicate that normally a process has a pinch temperature, and 
above this temperature heat should only be added to the process, whereas below 
this temperature heat shou ld only be removed. Siooc this problem decomposition 
was not widely known a decade ago, it is often possible to significantly reduce the 
energy requirements of existing processes (that is, 30 10 50% energy savings have 
been obtained in industry). 

A design procedure for heat-exchanger networks is discussed as well as the 
extension of the basic ideas 10 heat and power integration and heat and distillation 
integration. Several new heuristics were also presented: 

I. Only add heal 10 a process above the pinch temperature. 
2. Only remove heat from a process below the pinch temperature. 

3. A feasible exchanger just above the pinch requires that FIIC,H !>: F cepe. while 
the opposite is true below the pinch. 

4. To eliminate a heat exchanger from a network, we prefer to break a loop that 
includes the smallest heat load. 

S. When we break loops tbat cross the pinch in order to eliminate heat excbangers 
from a network, we often violate the 6 T..,;. condition. 

6. If we add extra heat to a process, we must remove this same amount of heat to a 
cold utility. 

7. If possible, always install heat engines either above or below the pinch. 

8. IT possible, always install heat pumps across the pinch. 

9. If possible, always install distillation columns either above or below the pinch. 

Exercises 

1.11-1. For one of the design problems that you have considered, assume a value for h T.1• 

and include the heal effects in the separation system. 
(a) Calculate the minimum bealing and oooling requirements for the process. and 

find the pinch temperature. 
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(b) 00 any of the: distillation columns fall across the: plOch? If so, pre$urc:-shifllhesc 
columns, and recalculate the minimum heating and cooling loads. 

(c) Design a heal-c:xcbanger network for above and below the pinch, and calculate 
the costs. 

(d) 110111' many loops cross the p,"ch~ How can you break these loops? 

8. 11-2. Consider the flowshec:t for the hydrosulfuriulion of oil, shown In Fig. 8. 11 -1.· From 
an mspection of Ih" flo wshcct, can you suggest II way of savIng energy? Can you 
oblam a Jjr~1 CSllmalC of Ihe amount of energy Ihal you can save? What might 
pre\cnl you fr om T"aJllIng this energy sa"rngs? If the hydrogen IS recycled, diSCUSS 

the effect of Improved energy integration on the optimum purge composnion in this 
gas-rec.:yde loop 

8.1 t -3- ConSIder the slmphfied lIowshcct for producing ethylene from ethane' 5hown in Fig. 
8. 1 1~2 The reac;uon wndi tions and some features of the design problem arc 
discus5e<l in Exercises 5.4-8 a nd 6.8-7. The reactor effluent stream must be quenched 
to 7SOc F to prevent wk lng. From an inspection of the flowshect, can you suggest 
some modifications that could be made to save energy? (In particular, consider the 
reactor feed and product s treams.) Would energy savings be expo;;tcd to affect the 
opllmum prDCe§.S flows ? 

8.1 1-4. Calculate the opumum value of 1'1 T .... for the problem presented in Sec. 11.1 . Assume 
thaI the overall heat-uansfer coeffiCIent for all stream matches is equal to U = 50 
Btu/(hr · ft 1 ." F) 

8.11 -5. For the example dISCUSsed in Sea. 8 I th rough 8.6, how m uch can we decrease the 
cnerg) consumption If we reduce t he lJ. T from I J to IO"F after ..... e break the second 
loop (sec Fig 86-6)1 IF I'ie consider the same problem but .... e break tbe other loop 
that crosses the pinch first, do we obtain the same resul1s? Estimate the costs of the 
utili lies and the heat euhangers for the minimum energy design, the design where " 'e 
breal o ne loop, and the design where we break both loop$. 

8. 1I ~. Consider these data : 

Fe" ~wrc T ... ~c T_" °c 

3 ,SO 60 
,>0 30 

2 '" '" , so , .. 
H 4 T.,. _ 1000e, find the minimum heat ing load, the minimum cooling load, and the 
pioch temperature. Design a heat-(ltchanger ne twork for the maximum energy 
recovery both above and below the pinch. How many loops cross the pioch? Break 
all the loops tha t cross the pinch, and restore 4 T .. , • . 

• B. E. Brow ... A OI.IIlIl",r Drsu!f .. ,,:er, WutunglOn UDlverslty [ks,lo ~ S.udy No. IO, edned by B. 
D. SmIth, W .... bJn&.on U"'~r5uy, 51. l.ouis. Mo~ 1910. 

, W L Boll=-, EIIo)"I~M P/ll1Il Or31{1" lind &O'Io.,ua, Wuh,ngton Universlly Design Cue S.udy No. 6. 
edited by B D Smnh, W;uhm8.on Unlversi.y. S. LoUIS, Mo., 1968. 



188 UcnON III SUMMAltY. UUOSES. AND NOME1'ICl.ATlIJtE 

Nomenclature 

A 

C" 
F, 
H 
h, 
N, 
N, 
N. 
Q, 
To 
u, 
W 
OH. 
OT 
.:l TI..., 

Heat-eJtchanger area 
Heat capacity [Btu/(mol · OF)) 
Flow rate (mol/hr) 
Enthalpy (Btu/ mol) 
Film coefficient (Btu/(hr· ftJ · "F)] 
Number of exchangers 
Number of streams 
Number of utilities 
Heal load (Btu/hr) 
Temperature (CF) 
Overall heat transfer coefficient (Btu/(hr · ft2 . "F)] 
Work 
Heat of vaporization (Btu/ mol) 
Temperature difference CF) 
Log-mean temperature driving force ( OF) 

CHAPTER 

9 
COST 

DIAGRAMS 
AND THE 

QUICK 
SCREENING 

OF PROCESS 
ALTERNATIVES 

Our previous synthesis and analysis enabled us to estimate the optimum design 
COllditions (using a set of case studies) for a single process alternative. or course, 
our goal is to find the best possible alternative. However, before we proceed further, 
we wanl to be certain thai we ullderstand the costs associated with the alternative 
we have selected. As a first step in this evaluation ..... 1: need to consider some way of 
summarizing the cost informa tion. 

9.1 COST DIAGRAMS 

Conventional Approach 

The conventional approach for summarizing cost information is to prepare a table 
of equipment costs that is coded to a flowsheet. Similar types of equipment. i.e., 
compressors. heat uchangers, di stillation columns, etc., are all grouped together. A 
similar table is prepared (or operating costs, and all the individual values for a 
particular type of utilit )" i.e., electric power. steam. eIC .. are summed and reported 
as a single enlry. 
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SH_"-~ tI cos-r OIA(l ..... ~ 291 

TA.8 u' 9.1- 1 

Inu S llllenl sumffilf)'. S 

Pumps (1949) loweu (1%9) 

p., >.900 T·' 15.000 

p., 1,320 Tl 37,600 

p.) 1.950 T·) H,SOO 

p~ .. "" 
" '.100 TOIa! 91t,IOO 

P6 ,ro Tny5 (1%9) 

TOI") 14,380 
T·' >.800 

T·' 31,200 

Pump" (1949), Inc:iu(hnl s!)arQ 21.160 B <1,OOl 

Pumps (1%9) >O,OOl To.a' 79.00l 

E.cbanJCn (1968) Compreuorl ( 1969) 
E· ' 140.000 C·, 
E·' 11:5,000 C·l 311,000 
E·) ',800 
E~ 22.000 Drum .. (1969) 23,bSO 

E·> 26,000 Installed t~t summal) 
E~ 16,000 

E·' ',<00 
p~ .. lSHlOO 

E. ';00 
E1than,Cfs 1,140,000 

E·' 16,000 
Ru.:I OI 121,000 

£-10 17,000 
Towers tn tf~)'~) 490,000 

£·11 '.)00 TIlI)'s 395,000 

£·12 '.100 
Compreuon 151.000 

Drums IJOJ);)) 
--- Furll&U 523,000 

Tou.! 390,100 ---
bchanlcn (1969) .... 000 3,142,000 

fumac.c:s (1969) 109,000 

ReaClor(1969) 29,800 

f._ .. J Hc~b«~ ..... J T .... DCb<.o, wuluall_ U ..... RI.y 0..,,11 t:.u< S,u<I~"o , • ..:1"..:1 bt B D wna. 
W ......... _ U ........... ) . SI U>ull, Mo., 1969 

An example: of a cost summa ry for a published case study for the d lspropor
tionation of IOluene"' is given in Fig. 9.1- 1 and Tables 9.1-1 and 9.1-2. Figure 9.1-1 
shows the ftows heet, and each piece of equipment is given a special label. Table 9.1-1 
then gives the capital cost or each pieoe of equipment shown on Fig. 9.1-1, where 
all simila r types or equipment are grouped together. The table also summarizes the 
total capital cost for each type of equipment. In Table 9.1-2 we find the 10lal annual 
cost for each typt:ofutililY used as well as the annual costs for a number of factors 

• R J Ife.nplcbd.: and J T Bincbcro, DUJNOpllDtJDl1OfI 0/ ToI_, WtilunglOR UR1V'Cl"$lly Deslga 
Cue Slooy No 8. ed,ted by 8 I) Salllb. Wtiln"8lon Un,.-erslly. SL lo.m, Mo, June 26. 1969 
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TABU: "' -2 
Operating COSt summary 

Uullues 
Powe' l22 
Steam 12Q 

F~' lJ) 

Wate, JO 

Tow I.lm 

"bo< " Supenr't.KIn " Tues. '"suranc:e '" Repms "" M,scdbnrous 8l 
Pa)'Ioll cha.1CS J2 

Total "'" SARE '''' Catalyst 60 

Tma] 2<J6O 

F,om R. J IIcnl<'cb<rl .nd J T 
lIo""hen>. W .. b,nl'OII Unl'tn"y 
0..'1" Cue S'IMI, No. I. «Il1ed by 
B D Sm,th. W •• h,""on Un,,·.',,') 
S~ Lou ... M o. 1969 

that we have nol conSidered as yet, such as labor, taxes, etc. Table 91 · J presents a 
somewhat different summary of this infonnation, and it includes the costs for raw 
mate:rials. One disadvantage of tables of this type is that it is difficuh to visualIZe 
any type of capital versus operating cost trade-off. Another disadvantage is that we 
lose track of the cost of particular operations. 

P rocess Alternatives 

Our goal at this point of our process development is to make a judgment (guess) as 
to whether there might be: a process alternative tbat is more profitable than our 
base-case design. rather than to undertake a detailed cost analysis. We expect that 
most of the possible alternativcs will have approximately the same: costs associated 
with labor, lucs, maintenance, repairs, etc., and therefore we neglect these factors. 
Similarly, we note that the costs of all the pumps and the drums are small. 
compared to the ot her items (the reactor cost is also small for this particular study). 
which is normally the case for most plants. Thus. we neglect the costs of all these 
items when we arc screening alternatives. In addition, we lump the CO!;t of the 
distillation colum n~ and the trays. and then we combine these with the costs of the 
condensers and reboilers to develop expressions for the total costs associated WIth 
a disllllation separation 

TABLE 'U-J 
In,·eslment and operalin!,! summllry 

Convcrs,on; pUS. % 
PUll'" P" 

In~est""'"ts. SlO" 
ISBL 
OSBL 

Catalyst InvcnlDry 

Uuhua 
Labor and sUJYrYlslOn' 
T ..... a and lI15urana 
Rq>air> and m,,.,.,Ua,,,,,mu 
Catalyst 
SA RE 

Ma.enal •. bbl 'caienda, day (6O'"F) 

T olucne feed 

"'od~ 

"'=M 
X}'lenes 

II, kn1. 10' SCFO 
FII..! IPS- 10' Bill/day 

JO 
No 

'" '17 

'86 
'00 

,.. 
006 

19' 
,,. 
0" 
017 
0)) 
006 
O. I~ 

17" 
" .. 
>000 

'"~ 
1700 

....... pUI,.Io<. 1_....: . .... uor}' "'....., aood prodllClJ. 
wilb.be producu ~alllCd., rost. 1'1",. 1M. tho ' ...... 101)' 
tkpaodsoo tho ""'alb "'Ibe ............... aad .ny_J 
........ , .... los. dim"..,. '" II ... h,,,",,,",1. ne-
t IIIdodinI po, ...... charta 
F .... ___ J Heoopteb<ct.nod J T 8.ondto:oo. w .. honl''''' 

U"'''''''''J 0...., Cue S .. ,d, No I. od,.«1 "" B. D 
Sauu.. Wubmp ... Uori ...... y. s .. 1-. Mo. 1969 

Cost Di_grams 

SUTION 'I COS'1 0111 ........ "'5 193 

As an alternative way of summarizing the most important processing costs, we can 
put all the costs on a fl owsheet. The annualized. Installed equipment costs are 
placed inside the boxe<> on the fl owshect. and the operating costs are attached to the 
stream arrows, see Douglas and Woodcock· With this representation. we ha~c: a 

OJ M D.luglasand D C Woodcock. 16ECl'roc. /)t$ 0",. 27 970(1!J85) 
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visual picture of how the costs are distnbutcd throughout the process. Moreover, a 
diagram of this type can oft en be used to spot errors as well as to visuahze potenual 
improvements thai might be obtai ned by modifying the flowshect . We discuss both 
problems In more detail below 

If we du"jde each of the costs on a COSI diagram by the specified productIOn 
rale, we can prepare a cost diagram Ihallndlcates the dollars per pound of product 
which each Individual pu:ce of equipment or operatmg cost contributes 10 the lotal 
product pritt This type: of Information is sometimes used for the deSign of batch 
processes In mdustry 

A COSI diagram for o nc allernali\'c for the deh ydrogenation of isopropanol to 
produce acetone IS shown ID Fig. 9.1-2. The zaction 15 

Isopropano l ..... AcelOne + H) (9. 1-1) 

No te that no pumps are mcluded in the diagram, and we do not calculate the SIZe 

or COSIS of ell her fl ash drums or reflux drums when we are screening alternatives. 
Also, Since tbere arc no side reactions, we do not include any raw-material or 
product COSt For thiS example, we are assuming that an existing compressor is 
available that we can use 10 recover the acetone leavmg the flash drum with lhe 

hydrogen by·prod uct. but we are not allowed to take any credit for the by-product 
stream 

Using Design H euristics to Check tbe Cost 
Distribut ion 

Suppose we consider the cost distribullon for the two d istillation opera lion) in Fig 
9.1-2. We migbt assume that the commOIl rule of thumb that the reflux rat io shou ld 
be sel to 20"~ larger than the minimum value was used 10 design each column. 
However, according 10 Happel and Jordan,- tbe distribution of costs should be 
30% for the column, 35% for the condenser and rebOller, and 35% for the steam 
and cooling water at the optimum design conditions. Peters and Timmerhaus' 
present some"hat d ifferent results based on a 6.7-yr versus a 2-yr time factor, tbat 
is, IS % for the col umn. 10 % fo r the condenser and reboiler, and 75% for the steam 
and cooling .... a ler. . 

Despite the fact that the two sets of results are quite different, it seems as if 
both distillation column designs in Fig. 9.1 -2 are far from the optimum; I.e., the 
column cost appears 10 be much too large. If we increase the reflux ralio, we expect 
that the column cost wdl decrease (few.cr trays, although part ially balanced by an 
increase in the diameter) aDd thaI the costs or the condenser, reboiler, steam, and 
cooling water all wlllmcreasc: (higher vapor rates). Thus, from just an inspect ion of 

• J Happel aDd 0 G l o rdan. C~oI Prt>t:eu &O#Jom1cs, 2d ro~ o..~hr, Ne ... YOI~ , t97~, p.)IS 
I M S PeICn. aDd K 0 T,mmerhau., PI"'I/ IHSIfIII """ &onamoa fIN CIonnN'oI " ... lIIHrs. 3d cd~ 
Mrura ... · .hll, New Yor~. 1980, p 317 
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the cost diagram ...... e expect that some addil10nal column destgn studlcs can be 
Justified 

Using the Cost Diagra m to Infe r Structural 
Modifications 

We can also use the cost diagram to aid in generatmg process alternatives. In Fig. 
9.1-2 if ..... e consider the cost of the steam and the prehcater (6.0 + 27.5). Ihe fuel and 
tile furnace (29.3 + 18.3). and the partial condenser and the cooling water 
(3.9 ... 7.6). then we see that we are spending a la rge amount for heating and 
coolmg as compared to the amount we are spending for energy integration (5.8 for 
the feed-einuent heat exchanger). Thus., it seems reasonable to try to make the feed
emuent heat exchanger much larger. However, as we try to increase the sizt of this 
feed-effiuent e)lchanger. the inlet temperatu re to the partial condenser will ap
proach that of the steam preheater outlet. so thaI the area and the capital cost will 
rapidly increase. Of course, we could avoid this difficulty entirely simply by 
e1iminal1ng the steam preheater lIence. our inspection of th~ cost diagram 
indicat~s that an energy Intcgration analysis shou1d be undertaken. 

Use of COSI Diagrams 10 Ide ntify the S ignificant 
Design Variables 

Numerous optimizatIOn variables exist fo r the flowsheet shown in Fig. 9.1-2, 
including the conversion.. the reflux ralios in both distillation columns, the 
fractional reCO\'ery of acetone overhead in the product column. the fractional 
reco\'~ry of az~olrope o\'erhead and water in the bottoms of the recycle column, the 
fractional recovery of acttone in the compressor, the approach temperature 
between the Dowtherm fluid leaving the furnace and the gases leaving the reactor, 
and the approach temperature bet ..... een the steam preheater outlet and the reactor 
products leaving the fttd-cffiuent heat exchanger. 

Almost a ll of these optimizalion problems involve o nly local trade-offs. That 
is. the re fl u)I ratio in either of the columns affects only the cosl of that column, and 
the approach temperature for the feed-cffiuent exchanger affects only the cost of the 
feed-cmuent exchangers, Ihe steam preheater, and the parlial condenser. However, 
changes in the conversion cause the recycle flow ra te to change. and therefore 
changing th~ conversion affects thl! cost of every piece of equipment shown on the 
flowsheel . Thus, if the design conversion is not dose to its optimum va lue, we cao 
pay significant economic penalties., whereas errors in tbe reflux ratios are much less 
important; i.e., the total separation cost of either column is a relatively small 
fraction of the total cost of the plant. 

A Systems Vie" 'poinl 

The use of cost diagrams enables us to look at tbe total system ...... hcrea~ in Table 
9.1-2 we are constrained 10 look at mdividual pieces of equipment Similarly. the 

~[CTION '1 COST OI,,"OU o.I' ro~ COo.lrLF.J( rROCESSES 297 

cost diagram helps us understand the interactions among vanous PICCes of 
equipment. Thus. it is \-ery helpful in screening alternatives. although the final 
design of the MbesC alternative should be reported by using the conventional 

procedure_ 
With a cost diagram we can also break costs into gas-recycle effects. fresh fttd 

effects. and liquid-recycle effects. We consider this approach as we look at a more 
complex plant in the next section 

9.2 CO ST DI AG RA l\l S FOR COMPLEX 
PROCESSES 

Th~ new energy integration procedure descnbed in Chap. 8 introduces a signirlCant 
amount of additional coupling and complexity inlo a flowsheel. This addillonal 
complexity makes it more diffICult 10 visualil.e the interactions in a flowsheet 
Hence. we need to find a way of simplif}ing the cost diagram 

ALloca.tion Procedures 

Suppose we consider our process for the hydrodealkylation of t olu~ne (sec Fig 
9.2-1). When we use the procedure described in Chap. 8 to energy·lntegrate the 
flowsheet, one of the alternative solutions we obtain IS shown in Fig. 9.2-2. ThiS 
flowshee t bas so many interconnections that it is v~ry difficult to gain an o\erall 
perspective of the process_ However. this additional compll!xity is primarily caused 
by the addition of the heat exchangers. Hence. our first task is to remO\1! thts 
coupling Simply by allocating the heat-cxchanger costs to the indi\idual process 
streams passing through each exchanger. 

Allocating Heat-Exchanger Costs 

Following Townsend and Linnhoff,· we allocate the annua lized capital cost of the 
exchanger to each stream proportional to the individual film coefficient of that 
5tream (see Eq. 8.3-7). These allocations are listed in Table 9.2-1 for the H OA 
process. Now the Howsheet again appears to be the sam~ as Fig. 9.2-1 except that 
we have established a cost for each of the exchangers. 

Lumping 

We can simplify the cost diagram fur ther by lumping costs that go together. In 
other words. for the purpose of evaluating process alternatives. there is no 
advantage to treating th~ annualized capital cost and the annual power cost of the 

• D w To .. -m-tnd and 8 l,nnhoff. MSurfa..,. Arra TargelJ fOl lIellt E.changrr NdwOIh: "nnll~1 
meellng of tIM: tnsU!lIuon ofCbctruCJll Fnpnccrs. 8.lth, Unoleel K,",donl. "1'1'11 1~84 
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TABU: 9.1-1 

Allocation of he. C~xch.ngtT costs 

Onlln.ai COlt, JIO'/}" 6J " " " " SU'earn RuctQ' ToI .... ne Stabili2n Ik=~ ReaClor .., n:boiler n:boiler reboilcr .., 
.. [kwj(m' K)) 0.69 ", I.H ", ", 
I, ,,, .llocated (:(aI 11 , • • • I' 
Stream keaclQ' RudOf R~~ R_~ Read.,.. 

dII .... nt rmuen l "Hlucnl diluent effl .... nt 
II, [kwl{m' K») 069 069 0.69 ... 0.69 
II"', allocated 0051 1 1 , 10 JO 10 " 
r ..... J 104 Oouduuod D C Woodcock,'.ll;C I"roc Do_ th.~ 14 91O{I9In_hpn-.,uI 
",,"""""""n Chanoral Soony 

compressor separately. Hence, we combine these values ioto a total annual 
compression cost. Similarly, we lump Ihe capital aDd operat ing costs for both the 
furnace and partia l condenser. and we combine the column, reboi1er. condenst:r. 
steam. and cooling-water costs for each distillation column into a single st:parator 
cost value. With this approach we obtain the values sho wn in Fig. 9.2-3. 

Allocation to Process Streams 

We can gam even more insight into the: nalure of the: interactions in the process if 
we: nov. allocate the costs to the: processing or the: fresh fced, the gas-recycle st ream. 
and the liquid-recycle stream We base: the allocation o n the 60w rales a nd the 
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TA BLE 9..2-2 

Rellic ior cOSI .Uocalion 
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fractio nal he:at loads of the: various st re:ams. T he reactor allocations are: give:n in 
Table: 9.2-2. and the heaTing and cooling alloca tions are: givcn in Table: 9.2-3. The 
results nf this alloca tion procedure: are shown ill Fig. 9.2-4. The: raw-matcrial cost 
liste:d is the value in excess of the stoichi omet ric requirements for the reaction. i.e:., 
the cost we: might be: able \0 reduce: by looking for a new process alternative. 

Now we can clearly see Ihat the most expensive costs a re the e:xcess hydro gen 
and toluene that we feed to the process. Thus, any alternative that Will reduce: the 
selectivity IOSst:5 o r the purge losses should be: considered The next most c:xpc:nsi\'e 
costs are associated with the gas-recycle flov., which are considerably larger than 
the liquid-recycle or fresh fc:cd costs 

Thus.. the: cost diagram provides a userul tool for rank-orde:ring an evaluallOI1 
of process aite:rnati\"C$ It is also useful for the gross scrc:cning of alte:rnatives, as we 
show in the next section. 
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9.3 QUICK SCREENING 0 .. PROCESS 
ALTERNATI VES 

lll<; systematic procedure for developing a process design that we discussed earlier 
can also be used to generate a list of process a lternatives. AlIlhal we need 10 do is 
10 I.cep a list of each decision thai we make as we proceed through the base-case 
design. Then as we change these decisions, we generate process alternatives We 
\Ioant 10 mal.c some estimate of the economic Imporlance of each alternative, 
rather than repeat the deSign for each case, in order 10 minimize our design effort. 
We use the cost diagram as a 1001 in making these estimates. 

Design Decisions 

The decisions we made 10 generate the base-case design fo r the H DA process are 
listed in Table 9.3-1. We can proceed through this list decision by decision and try 
to evaluate the savings associated with cbanging any of the decisions. An alternate 
pr~ure wou ld be: 10 use the cost diagram to ident ify the largest costS and then to 
identify the decisions that have the greatest impact on these costs. 

TABLE 9.3-1 

Process ahcroalh es for tbe HOA process 

Ln-d·2 0cas!0n5: Inpul-OUlpul ilruclu rc 
I Do 001 punly the bydrogcn feed Itram. 
2. Recover, rather thao recyQc, d,ph~lIyl &0 that there lire tho:c pf"Oduct ilTUIllI (purtle, benzene: 

product, dJphenyl by·product) 
3 Uw: a pi recycle and pur", i!fum 

Level.) dl:Cl$lODS· Ra::yclc strvc:ture 
I U.w: a $lop.: reactor. 
2. UIIC; II p$ (H . and CII . ) and. bquid (toluene) ra::,-;k Itream. 

). UIIC; • ~/ I H •• lo-aromilUl:s 11100 10 preveol colu.n,- aaunuotl this 10 be il dc:sip COIISI .... nl 
(alt bOl.lp "could be fnrmulated as In optimization problctn). 

" A tlu·reo;yclc: oompn:ssor is oeedcd 
S. Opera le the r~aetor adiabal>C&lJy 
6. Do 1101 oolllider cquilibnum ellcc~. 

l.c-vcl-"" doo;uoons. Vapor recover)' ')"t"m 
1 If. vapor recov"ry ')"Iem ~ UJed, plaa: II on the I\IIih .... por e,r rocyQc bcnr.cnc IS 101'1 In by· 

produa) .or lhe purge Itrum (rlthere II no toss caused by bmzcnc ra::ydc:) 
2. Do flOC I&OC I vapor rcc:overy 1)'Ilem 

Lcvd-4b dec:tsioCll l...tquJd IIC;p;ll1ItIOa 1)'Ilem 
1 Mal e all scpanl>Ons by dQtill.unn. 
2. Dircd loCquc~ of Jmlplc ooIumn$ IS wed-probably UK or oompIcI columns Ihould be 

OOIlsidned. 

3. Remove the bghl eods in 1 illlbtbl.Cr 
". Sc:nd the bgbt cnds 10 fud on vapor recovery ,)'Stcm. 

Lcvd·5 deculOQS . Elkr.,. ml"l!ral.QA. There arc oumerous alternatives. 

F.- J M Doll"," aDd D C Woodc:oo.l, '40£C I'r", Va: o....~ 14 910 II9I}). WIlli per .......... oItb< ..... nc:aa 
a........:..1 SoaetJ 



For our I-IDA process (Fig. 9.2-4), the largest cost items correspond to the 
uS(: of the excess raw materials The decisions that affect theS(: costs are made in 
level 2, the Input-output structure of the flowsheet, so we want to start at the 
beginning of our decision list in any event. The next most important costs are those 
associated with the gas-recycle stream. and these correspond to the level 3 
decisions. So again we find that we want to proceed sequentially through the 
decision list 

Purificalion of thl' H ydrogen FI.'-ed Stream 

The hydrogen feed stream contains methane as an impurity, so that we mIght be 
able 10 cut some costs by remOYlng the methane from the feed; i.e., we decrease the 
amount ofinerts that pass through the process. Howe\·er. methane is also produced 
as a by-product in the reactor. Hence, there seems to be little incentive for purifying 
the methane feed stream. On the other hand. if we should decide to purify the 
hydrogen-recycle stream. then we could feed the process through this recycle 
separation system. We defer consideration of this alternative until later in this 
section. 

Recycling of Oiphl'nyl 

Since diphenyl is produced by a reversible reaction, we can recycle aU the diphen}1 
and let the diphenyl bUIld up in the process until it reaches its eqUilibrium level If 
we adopt this approach, we ehmmate our selectivity losses, i.e_. the 8 molfhr of 
toluene that gets converted 10 diphtnyl (the purge losses of toluent and benzene are 
nOI affected). Of course. we lose the fuel credit of the dipheoy!. 

We can use the cost diagram 10 estimate the raw-material savings : 

Raw Mati. Savings = 1691(h) - 200 

= 840 (x SIO'/ yr) (9.3-1) 

which is a s.ignificant value compared to the other costs. In addition. we S3\-e the 
cost oflhe toluene column which was used to separate the recycle toluene from the 
diphenyl. Again from the cost diagram we see that 

Savings for Toluene Column = 76 (x SIO)/yr) (9.3.2) 

which is also fairly large. 
We should recognile that this calculation is only qualitatively correct 

because the toluene column reboiler was integrated with the reactor effluent stream 
(see Fig. 9.2-2). Thu~. the flows in the heat-exchange and quench systems will 
change. lI owe~'er, this "gross" screening of alternatives will help u<; decide on the 
priorities for undertaking more rigorous calculations. 

Recycle of diphenyl also incurs cost penalties that are associated with 
oversizing all the equipment 10 the liquid-recycle loop to accommodate the 
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increased How rate. From Hougen and Watson - ~e find thaI the equilibnum 
constant is 

K "" 0.24 at 685C (9.3-3) 

The stream flows for our base-case de~lgn are as follows ' 

Diphenyl D 

H, 1547 
CH. 2320 
Toluene 91 
Benzene 27J 

273 + D 

K "" (DXH 1) _ D(1547) = 0.24 
(Benzene)} 27J} 

(9_3-4) 

D _ 12 molfhr (9.3-5) 

Assuming that the costs 3re proporuonal to the increased flow and using the cost 
diagram to estimate the liquld·recycle costs. we find that 

Increased Liquid-Recycle Cost _ 'H4 + IJ + 7 + 43 + 39) 

_ 14 (x SIO'/yr) (9.3·6) 

The increased liquid-rec:-de flow also requires that we increaSt' the gas
recycle Bow, since the bydrogen.lo-aromatics ratio at the reactor inlet is specified 
as 5/ 1. Thus, the additional aromatics flow of 12 mol/hr requires an additional 
hydrogen flow of 5( 12) = 60 molfhr However. the gas-recycle stream contains only 
40% hydrogen, so that the total recycle floll>' must be increased by 150 mo lthr. 
Again, using the cost diagram to estimate the gas-recycle cosls for a base-case gas
recycle flow of 3371 mol/br gives 

+#r(158+86+J09+172)_24(xSI01/ yr) . (9.3-7) 

Hence, the total cost savings from recycling the diphenyl is approximately 

Tot Savings - 840 + 76 - 14 - 24 = 878 (x SlOl/yr) (9.3-8) 

This alternative leads 10 significant savings and should be evaluated in greater 
detail. Note that if we recycle tbe diphenyl. we expect that the optim um conversion 
will change dramatically (up to about 9g %) because the economic trade·offs will 
change. Hence, it is necessalY to repeat the calculations for this case. 

• O. A. HOllgeo and Ie M Walson. C""ml<'"II'tIKUSI'ta.clpln. III K"'''11a and CmDly.u, W,ley. New 
VOII::. 1947. P 875. 
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Porificalion or .he G.IIIs·Recycie S.ream 

The cost of the exc~ hydrogen fed to the process is also very large. Most of this 
excess hydrogen leaves the process wilh the purge stream (40% H 2 ) , and the 
potential savings from reducing the hydrogen loss from the cost diagram IS about 

li z Savmgs '"'- 2163 - 685 = 1478 (x SIOJ/yr) (9.3.9) 

If we mstall a hydrogen reco\lery Ufllt, such as a membrane separalOr, .... e ch.lIlge 
both the o\lerall and the recycle material balances. Suppose we purify the recycle 
stream to 95 % liz, the same as the feed composition. Estimates of the new process 
flows are shown in Fig. 9,3-1 The reduction m the gas-recycle flow from 3371 10 

1628 leads 10 

Gas- Recycle Saving = (I - HflXI72 + 109 + 158 + 86) 

= 271 (x SIOl/yr) 

Similarly the reduction of the hydrogen feed rate saves 

. (287.4 + 273) 
H 2 Feed Savmgs = 1 - 496 + 273 (160 + 36 + 56) 

= 68 (x SIQ3/yr) 

(9.3·10) 

(9.3· 11 ) 

(Note that we do nOI Include the stabilizer and the benzene colum n fresh feed 
processing COSIS In thiS calculation because they are not affected by the hydrogen 
feed flow rate.) 

The total savi ngs from purifying the hydrogen-recycle stream (neg!ecllng the 
fuel value of melhane and the loss of some hydrogen in the purge) are 

Potential Savings = 1478 + 271 + 68 

= 1817(x SIOJ/yr) (9.3·12) 

However, we must pay for Ihe membrane separator from Ihese savings. Unfortu
nately, there is no cost correlation available for membrane separators, and 
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, 

Toluene: 
273 

"-I GUilE: 9.3-. 

95~ H2 recycle 

1628.4 

Rcaccor 

Thluene recycle 

91 

95~ H2/CH. 
Sepanuor 

t 
SeparalOC 

CH. 
287 .4 

B 
265 

D 
4 

pUrlrY'"1 the r«yde Ilrcanl [F,um J M OO"'lI/UtJnd 0 C Woodc"oo\', idEe !',oc On Dn11. 470 
(J98J) ] 
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therefore we cannot esllmate the incremental cost. Neverlheless, our qUick 
estimates IOdicatt:: Ihat we should explore this poSSibility in more detail 

AI.Ml 1I0te that the large recycle ftow of methane (60% CH. In the recycle ga:.) 
acts as a heal carrier (di luent). This additional ftow limits the exit temperature from 
the adlaballc n:aClor to below 1300~ F If .... e remove most of the methane from the 
recycle stream, as shown III Fig. 9.3-1, we mighl exceed our reactor temperalurc 
constramt If this shoulJ prme to ~ the case, we would change the de~lgn of thc 
hydrogen purificalton untl 10 allow morc methane 10 be recycled or course. this 
would also require that we aJJust our estimates of the savings 

Other Decisions 

We can usc this same procedure to obtain a "gross" estimate of tbe economic 
impact of changing our other decisions. In particular, the heating and cooling costs 
are significant, so wc want to consider other energy integration alternallves 
Similarly, we might want to conSider the use of complex distillalion columns 
(sidestream, sldestream stnppers, etc.) 10 an attempt to reduce the costs. The 
estimates arc not very accurate, but they help to decide what additional design 
calculations can be justified 

Incench e for C hangi ng Process Constraints 

The problem statement imposes a constraint on the hydrogen-Io-aromatics rallo at 
the reaclor Inlet of 5/ 1 m order 10 prevent coke formation. However, there IS 

probabl) somc uncertainly associated with this constraint; i.e., il is unliJ..ely that a 
chemist would undertake numerous experiments to determine an exact coking 
hmit for a .... ide range of conversions, reactor temperatures and pressures, ctc. 
Instead, the chemlSl would probably set the ralio to a sufficiently Ingh \alue thai 
coking was ne\·cr encountered (or occurred very slowly). 

It IS desirable to estimate the economic incentive for redUCing this ralio in 
order to Justify the cost of additional experiments. This justification needs to be 
accomplished sufficiently early in the development of a project that Ihe chemist's 
apparatus or the pilot plant has nOI yel been dismantled. Again, we can usc the cost 
diagram m making these economic estimates.. 

If we reduce Ihe hyJrogen-to-aromatlcs ratio for the base-<ase design to 3/ 1 
(Rase· suggestS a 2/ 1 ratio), the gas-recycle ftow is approximately cut in half Then 
the savings are 

Savings from H1{foluene = 0.5 (158 + 86 + 109 + 172) 

= 262(x SlOl/yr) (9.3-13) 

• U F Rase, Ck .. ucal R,ocro, n,l,g" la, !' .. x:ns P/a"u, Yot 2 c,,~ Sr"d.es and D,s",,, Oillll. W,ky. 
New Yor~ 1977. p }6() 



30S 5FCTION U HO" I'1I:OCESS 

The operabIlity (coking) of the plant must be verified experimentany before any 
detailed design studies are undertaken. However, now we have a justification for 
carrying out additional experimenlal work. (Coking data for plant scale applica
tion are extremely difficult to obtam in a laboratory experiment. and a considerable 
amount of judgment is required 10 mterprct the results.) 

Revising 'he Base-CaSC' Design 

Once we have determined these screening estimates of the process alternatIves. we 
wanllO use our design procedure again to obtam an improved estimate of the total 
processing costs. We contlnue to use shortcut calculations for those revisions until 
we are certain that the project seems to be profitable; i.e.. we must add the costs for 
pumps. reflux drums, storage, control, safety. pollution. labor, main tenance, elc. 
Once all lhese other factors have been included in the analysis, we repeat all the 
design calculations. using more rigorous procedures aDd a computer-aided design 
program such as FLOWTRAN, PROCESS, DESIGN 2000. ASPEN, ctc. How
e\'er, our goal at this poiDt is to find the best process altemati"e, or the best few 
process alternatives. 

or course, to compare two alternatives, we must detennine the optimum 
design conditions for each. We have used a case st udy approach to estimate the 
o ptimum design conditions, but there is also an approximate optimi7.ation 
procedure that we could use. ThiS method is described in Chap. 10. 

9.4 HDA PROCESS 

Our gross screemng procedure indicates that there is a large economic incenthe for 
recycling the dlphenyl and for rcco\'ering some of the bydrogen from the purge 
stream. There does not seem to be a design procedure or a cost correlation 
available in the literature for a membrane separation system, but we can evaluate 
the savings from recycling the diphenyl. using the procedures we described 
previously, or course, wben we compa re process alternatjves, we want to compare 
them at their optimum values. and so we want to improve the estimate we obtained 
by using our gross screening calculations. 

Recycling Dipbenyl - Optimum Design 

The reactions for the H DA process are 

Toluene + Ii) --- Benzene + C H .. 

2Benttne ~ Diphenyl + Hz (9.4-1) 

If we recycle the diphenyl so that It bUi lds up to its equilibrium level, we efTccti\ely 
ha vc only one reaction taking platt. Our beuristic for the optimum conversion for 
a single reaction is approximately x "" 0.98; we trade only reactor costs against 

Toluene fcod 

Toluene 
recycle 

flGU RE 9.4-1 

Gas recycle Purge 

Iknune 

HOA process "',Ih dJpbrn}! tecycled - lllcmauvt: 1 (Fr_ D L TnTiII tmtJ J M Oot.g/w, I&.£C 
R~tJr(;A.. Ui 68J (/98:'). oml! pm,"wl(}tt of llott A_ri(;tJIt Citmli(tJI Sockn' ] 

recycle costs. Ho""e\'er, we want to check this heuristic because conversion 
Donnally is such an important design variable. 

Sensitivity o f the Optimum Design to Energy 
Integration 

Sevcral alternati~'e hcal-cxchanger networks for the HDA process with diphcnyl 
reC)'cle were developed by Terrill and Douglas· and are shown in Figs, 9.4-1 
through 9.4-5. The optimum costs for these alternatives as well as the approllimate 
procedure presented in Sec_ 8.3 are given in Table 9.4- 1. Thc best alternative for the 
~ with recycle has a cost of S3.57 x 106/yr compared to S4.73 x !Oll/yr for the 
case of diphcnyl recovery, which is a significant change. The optimum conversion 
and purge composition for the case with recycle are x _ 0.977 and Y,.II = 0.293 ao; 

• I) L Tcrnlllnd J M DoUIIIIJ, I<fEC R~(A.. 26 685 (1987} 
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/UHtvdt. Ui Mj (lSl.!7). . -lIit ~.mwlOft of,Ior A"""'IC411 C"mu;aJ Socor'y_] 
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compared to .\ = 0.675 and J',H "-- 0 323 for the process wllh a dlphen}1 by
product. 

If we had used the onKlIlat base-case flows (that IS, X "" 0.75, j',.H = 04 ), [he 
cost would hd\<!!: been S492 )( 10', yr, which demonstrates the need for OplllnlZa

lion We also note that the optLmum design condillons are relatively mscnslllu: \0 
the structure of the: heat-cxchanger network, provIding that we obtain clo~e 10 the 
maximum energy reco\cr} 

9.5 SUMMA RY, EXt: RCISE. AND 
NOMENCLATURE 

Summary 

A cost diagram IS prepared by writing the: annualized ca pnal cost of each 
sign ificant pIece of eqUIpment lDsidc: the equipmcm box on the fl owshec[ and by 
atlaching the values of the SIgnificant operating costs to the stream arro .... ~_ The 
cost dIagram IS useful for checking heuristics. for mfterlng th~ dcsirabllH) of 
structural changes In Ih~ flowsh~~t, and for helping to identify the Significant design 
variables, The cost diagram is also useful for obtaming very quid:, but not ~er)' 
accurate, estimates of cOStS associated With various proocss alternatl\'es_ 

Exercise 

9.,5..1. For an) of the processes that you have dOi"lgncd, develop a complctc hst of 
ahemall'e$ for the mpul-Outpul $!ruclure (level 2) and the r«yele struclUrc (Ie,ell) 
Also de\C~lop a COSI diagram for the process and diSCUSS the ecoDomlc trade-offs 
Descobe ho,," the econ('mic trade-offs ror the ahernat lves differ from IhoiOC or Ihe 
base-as<: deSign, and II e the cost diagram 10 estimatc tbe ~avmgs (or lanes) 
asSOCIated .... lIh one of the alternativcs_ 

Nomenclature 

Benzene 
o 
H, 
K 

Benzene flow 
Dlphenyl flow 
H )drogen flo .... 
EqUilibrium conSlanl 
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CHAPTER 

10 
PRELIMINARY 

PROCESS 
OPTIMIZATION 

Numerous texIS discuss rigorous optImIzation analySIS- lI owc\cr, at this stage of 
our designs. the goal iSla compare two o r more: proct's5 alternatives ~heD each is 
-close " to its optimum design conditIons. Thus, we defer an exact optimizallon 
until we have selected the best alternative: and until we arc certain that we wIll 
proceed with a fin al design; Le., we only develop a sufficient amount or accuracy to 
be able to make the next decision in a sequence of decisions. 

In Ihis chapler we describe an approxima te optimization analysis that has 
ban developed by Fisher. Doherty, and Douglas.· The objecth'cs are 10 dclcTmmc 
the domina", economic trade-offs for each design variable, 10 rank -order the 
importance of the design variables, and to estimate the incentive fo r optimizing a 
design (i.e., is our initial guess good enough, o r should we try to improve it?). Thus, 
we want to get d ose to the optimum without necessarily determining the exact 
value of the optimum We again use the shortcut design and COSt modds for our 
analysis . 

• W R FISher , M F Oot.U\y. and J M Dou,hll, ~Eqlua\ml S'ln,ficam ECOfIom~ Tfldc-olk for 
P,,)eUl ~ IDd Steady-Stale Control Opllm,zalloo P".blcrm, - AICII£ J,] I 1 ~18 (1985). 
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10.1 DESIGN VARIABLES AND ECONOMIC 
TRADE-OFFS 

Much or the optimization literature spends a great deal or time discussing the local 
versus global optima. the issue or convexity, constrained optimizations. etc. lienee:, 
we need to understand the basic nature or design optimi7.3tions bdore we 
undertake any analysis_ We begin by considering two simpieexamples, and then we 
attempt to generalize the results. 

[ .. milk 10.1·1 R"(IOr t .. ",ple. Process design OpUmi7.3tlons arc always chuac
leriud by economic lucle·orrs. For example, Levenspiel o dr:scribes the design or an 
ovemmplified prOCleS5 contammB only a reaClor. For a reactIon A .... 8, rree separa· 
tion orreaclanl and product, and a requirement that unconverted reaClanl cannot be 
recycled. tbe lotal cost or the process involves aD economic trade-off between very 
high raw·maleria] COSt and a ]0"" reactor CO!I allow conversions balanced against 10"" 

n,w·m .. cria' COSI and a VCI')' high rc.ctor COSI a, high conversion$. Thou, we wrile a 
total annual cost (T AC) mode] as 

(10.1 · ]) 

The constrainu on the synem relale the production rllte P to the rresh feed r .. e 
F, and the COnvctl'lon x by 

P_F,x ( ]0 1·2) 

and the deSign equation ror the reactor (we assume a first ·order. ISOlhermal reaction 
In a CSTR) is 

(10.1-]) 

All design problems have this same structure, ie~ a cost model and equality 
oorutrllJnL1. We could tf)' to solve the problem IS a constained optimiution, bUI it is 
simpler merely to use Eqs. 10.1·2 aDd 10.1·] to eliminate the variables F r and x from 
tbe problem. After this elimination our cost model becomes 

C,P ~C~,~.~p~ TAC __ +, 
x 1I:p(1 x} 

(10.1-4) 

The raw-material COlt monotonically decreases from an uobounded value: at 
x _ 0 to iu lmalksl possible value ... hen x _ I. Also the reactor CO$I increases 
monotonically rrom ilS smallest possible: value ... ben x - 0 to an unbounded value 
WheD x _ I. Thus. there must be aD optimum value of x which minimizes the COSl 
This optimum must correspond to a global minimum, and the minimum can never be 
al a constraint. Using the: values given by Levenspiel, we obtain the results shown in 
Fig. 10.1-1. 

Design problems normally are characterized hy this same Iype of behavior, i.e .. 
a balange between monotonk:ally increasing and monotonically decreasing cost 

· 0 Lc:vcn'piel C~Ir<lIIl' ..... rl,,~ F."fIIMni"fl. 2d cd .Wiley. New York. 19n. p. no 
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CSTR: First·order reaction 
roo,--------=~~~~--------__, 

0.3 0.5 0.7 0.9 

nGURE to.I·1 
Reactor (!:Slgn 

0:: Raw material 
Conversion 

+ "" Reacto r 0= TAC 

functIOns MOleO"er, they usually seem to be con'~x and to ha"e a global ophmum 
The economic.potentlal graphs used for tbe development or a base-case design and an 
estimate or the opumum processing conditions tbat were presented in Chaps.. 6 
tllrough 8 also de:morutrate this type: of behavior. 

Enmplt 10.1 -2 MinimllfD rtDux nldo in a disCiIJatioo toIum.-Comtul·rolalility 
'l·.ttms. A COSI model ror a distillation column in terms of tbe number or nays and 
tbe vapor rale caD be "'"tlCD IS (see Appendices A.2, A.]. and -'.4) 

(10.1·5) 

wbere CI includes the annualized cost of the column shell and trays, C, includes the 
annualized COSI of tbe condenser and reboiler. and Cl includes the annual cost of the 

cooling waler and steam. 
From I material balanoe we know tbat 

(10.1 -6) 

For a binary mi:o.ture with a uturated· liquid feed. 

R _ 
.. (0: I)Xr 

(10. 1·7) 
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and assumln!! complelc recmery of the light compo"enl, 

D - FXF 

Thus, 

, [RR. ] 
- (a ~ I)>:,. + I FXF 

(101-8) 

(101 -9) 

For muJllcom~nc:nt mixlures. "'e usc: Ihe n:suhs of Ghnos and Malone (5eC Sec, 7J) 
for R .. alo~a ..... lIh lbe appropnale matenal balance. Thus. we can al ..... ays wrile Ihe 
vapor :Ie In !erms of R/ R .. , the feed COmpoSitions, a's, desired SP"S, elc 

hen R IS cJ.ose 10 R .. , Gilliland's correlation, or Ihe apprOXlmallOn N ~ 2N 
gives poor resuhs. However, for binary sy5!ems we can use Smoler', equation ;~ 
cakulale lhe number of t~ys. while for mullicomponent mixtures ""e can use 
Underwood's equation (5eC Appendil A.2). In both cases, lbe number of Ihearclical 
nays becomes un~unded as R/R .. approaches unily, and 1M number or uays 
decreases monotOOlcally 10 Fenske's solution for tbe mimmum number if R/ R 
becomes unbounded. .. 

. The various le~s in lbe COS! model are shown In FIS 10.1-2 for Ihe values given 
In Ta~Je 10 I - I, Asam there 15 a global minimum. Note Ihal the column cos,, ,'<0 
exh'h I ' . , ..... , I I a mmlmu,:" , I e., the heigh I decreases but Ihe dIameter Increases as R/ R .. 
ma:easc" Fro~ Fig 10.1-2 we see Ihat the COSIS increase rapidly If we fall below the 
optimum, but Increase only vcr)' slowly as we exceed the oplJmum. For thiS reason, ""e 
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Smoker's equ t ' ~" 

1.2 1.4 1.6 I.. 2 
R/RmJJJ 

c = Column + = Condensor <> = Rc:b.ailcr 6 = Sleanl .. _ Cool v _ TAC 

flGURE 10,1-1 
0punlum renUl ral.o 

TABLE 1G.1 · 1 

Oplimum reflux ulio 

nCTIOl< 10 I of.sIGN VAal ... BLES ... 1<0 1£01<01011(: T .... DE_OnS 32.3 

Feed raIl' _100 nlol/hr, ~, .. 0 SO. Jr. _ 099,1. _ 099~. 
~ _ 2.0, E. _ 0 S, II, _ IS rl, All. _ Il,JOO 811,1/mol, 
U, " 100 Hu./( hr fl' J- ). 1; .. 171' ''-, P, _ IS ps,a, 
101" _ 112, MaS .. aso 
[)c!;lgn eqUitlOns 

, R ---
.. (II - I)~, 

V - (R+I)D 

Smoker's cqll& .. on 10 ... kuta.e Ihcore'lQIl Ira~ - N r 

N, 
N - 

E. 

II r - UN - I)+H. 

Dr .. OOt64(jV)[HIIM,,(T, -.- 460X14 1)j(520P ,)] '" 

,,&S 
Column Cu\; . .. 210 () 28XI01 II)D: ~II~ 10'/) 

M&.S , MI ) ... 
Condenser"", 280 (l29X IOI3\UA~. VO"IJ 

M&S I MI ) ... 
Reboller - 280 (329)( 1013\ 11,2~ V .. .. p 

( ) XMI,} Steam.. 1000 Ill} 8150)1' 

(006X ' XdH
,} Cool W.'~r .. 1000 a).4 )if IlSO)l' 

of Ie II lei R/R .. _ I 2. 10 ensure that we are above Ibe optimum, bUI that we ue shll 
within the neighborhood of Ihe opumum, 

Recycle aDd Product Distribution "ersus Unit 
Optimiutions 

In the examples above we considered optimum design problems for single-process 
unils, H owever, the same type o f behavior is encountered when we consider recycle 
optimization problems. We define a recycle optimization to be the oplimizalion of 
a design variable that affccts the capilal and operating costs of all the equipment in 
a rccycle loop, In contrast, unit optimizatIons concern design variables that affect 
omya sinsle piece of equIpment or a fe\.\,' adjacent pieces of equipment Obviously, 
we expect that recycle opllmu311ons and those that affect the producl diSlribUllon 
will be more Important than Unit opumizations 

To illustrate recyde ant.! unll oplimi...t:allolls. we relUm 10 Ihe HDA process. 
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E ... mpl~ 10.1-3 E«-.>m;e traolr-o/fs ill the BDA pnxes 

(a) ContwsKm Nonnally iI is possible 10 correlale lhe prodUCI dt5lnbulJon fOT II 
proccss in lerms of Ihe conversion or the limning reaClanl (al though m some cases 
the reactIon temperature and the molar ra tio of reactants are abo Important). For 
,fixed benzene production rale in the IIDA process (see Fig. 8.10-2), the reactol 
cost and the selectivi ty losses (from conversion of ellcess toluene feed to diphenyl 
by-producl) Increase monotomcally as the conversion Increases, However. the 
cost of recovenn(l; and recycling the unconverted toluene: de(:reaSC$ monotonICally 
as lhe conversion Increases. The selection or the converSIon dramatically affects 
the Ro ..... 5 In bolh the liqUid and lhe gas (a 5/ 1 hydrogen-IO·tolueoc: ratio 15 

required at the reactor mlet) recycle loops and hence affcct s the: design of each 
piece of equipment in the flowshccL Therefore. we classify thIS as a recycle 
optimization problem. There are no rules of thumb that can be used to estimate 
the optimum convel$ion for oomple. reactions, because the o plimum depends on 
the selectivi ty losses. which are \'ery different for variow; reactIOn systems. 

(b) P .. r(J~ COftIPOSIfIO" . Wbeocver there is a -light~ reactant and either a -Iight 
impurity in II food stream or a - light- by-product formed (where - light- implies 
havmg a lo ..... er boiling point than propyleoc). it is conventional to use a gas 
recycle and purge stream to remove the nonreactants from the process. As the 
reactant composiuon m the purge Sluam increases. the raw-material cost of the 
reactant wililocrease monotonically. ll owever, as the reactant oomposition in the 
purge decreases. the gas-recycle lIow rate and all the costs associated With 
equipment in the gas·recycle loop will increase mo notonically to an unbounded 
value.. Therefore. the selection of the compositioll of the light rcanant (hydrogen) 
In the purge stream (or tbe excess hydrogen feed to the process)oorresponds to a 
recycle optimIzation. Agam. there are 110 rules of thumb available for estimating 
the opumum purge composition 

(c) Molar rorio of ,eOClor fuds. As the molar rat io o f reactants (II, / T) approaches 
the stoichiometn c requllement for the reactio n. the cost of equIpment in the 
vapor-re(:ycle loop IS minimized. To prevent colting and the production of 
undesired by-producu. howevel. a large excess o f hydrogen is required (~5/1 ). 
Although the selec1ion of this molar ratio corresponds to a recycle 0 Plimizauon. 
this design vanable is often very difficult to incorporate into a process economic 
model because of the unknowD coking kinetk:J. Hence. it is ofien treated u a 
design constraint m order to avoid the optimizatio n analysis. 

(4) Pressure of the flash drum and reaclor p,essure. As the pressure of the flash drum IS 
increased, the amount of aromatics lost in the purge stream decreues mo notOni
cally. However. u the pressure is increased, the wall thickness and the cost of all 
the equipment in the gas-recycle loop iDCTeaSeS. Therefore, we classify the 
5Clection of the lIash pressure as II recycle optimi:z.atioD. 

The pressure of tbe fluh drum obviously is rela ted to the reactor pressure. 
In SOIDC cases, changing the reactor pressure may affect the equilibrium conver_ 
SIon. the product dt5 tribution, or the phase of the reactants. lienee. purge losses 
are only one fa clor that might affect the optimum pressure. And the Irade-offs will 
change If we mstall a v'por recovery SY$tem. 

(f') Approach rf'mpl"OfU'1' In ~or excltot!gl"f$. There are rules of thumb available ror 
estimatmg the opt imum approach temperature In heat eJichangers.. These: rules of 
thumb are no t always valtd. ho ..... eve.r. becaUJe the sclec1lon of the approach 
temperature can m.oh·e very different ea:moml'C trade-offs for vanous unus. 
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The opllmlzallon of the approaeh temperature for the: fced-effluent heat 
eJlchanger. for uample. invoh'eS a trade-off betwccn the size of this uehanger 
and the SIze: of both the furnace and the parhal condenser. (Since only a few unIts 
affect the opllmum approach temperature ...... e call thl$ a umt Optlmuallon.) The 
approach temperature between Ihe feed to the flash drum and the coohng-"'ater 
inleltemperature to the partial condenser. however. invol.es a trade-off between 
the size of the partial condenser a nd the loss of aromatics In the purge stream as 
the nash tempelatule changes. (Again. thiS IS a umt optlUllza\lon) The opllmum 
A rs fOI these: IWO eJichangers differ b) 2 orders of magmtude In Ihe II DA proc:ess 
(I K for the I>"'rllal oondenser and 100 K fm the FHIE) C1early. thls dlSCfepaocy 
cannot be aocounted for by the P\lhhshed heuristics. Of COUISC. if a \apor rcco\"er) 
system I~ Included In the flowshoet. the tr1lde-offs will change 

Whenever an energy integration /lnalysis (see Chap 8) IS performed. which 
is always a n important cons,deul1on. Ihe minimum /!IT at the pinch is an 
opurniution variable that normally mvolvcs a trade-off bet"'ccn eJlchanger area 
(LC-. capItal COSts) and the uullty requIrements (i.e~ opera tmg costs) 

(f) Reflux ratio. There IS an optimum reflu. ratio for each dlstlilallon column that 
balances the Incremental numbel of plates against the comhined costs of the 
column dlameler. the condenser and rebotier CO$ts. and the steam and coohng. 
water costs (sec ElIImple 101·2). ThiS IS a unit optlmil.atIOn. and ..... e note that a 
rule of thumb IS available for esl1matmg optimum renuJI rallos 

(g) F,actlonal re('ol'''Ie' III duril/allo" ('ol .. m"s Since only the product composiuon 
of beru:ene IS speCIfied. the fract ional recoveries of benzene overhead in the 
product column and the four sphts In the stabtl izer and recycle columns 
correspond to o pllm1Z8l1on vanables For uample. the rractional recovery of 
benzene In the product column Involves lhe trade-off of maemental trays in lhe 
urippmg secllon and the cost of lecychl1! benzene bIIck through the reactor We 
comider these trade-offs to be unit OpttmlUllons.. A rule of thumb of greater than 
99 % reco\encs 15 a.-ailab!e. but a quick eslimate of the optimum can also be 
evaluated (see Fisher. Doherty. and Douglas· ). 

Example 10.1-4 A simpli~ 1"('l"$lon of buta. alkylaliotl. We WIsh to illustrate some 
Important design variables that are not encountered in the Ii DA process. For thiS 
purpose ", .. e consider a very simphrled version of a butane alkylation process. where we 
assume that the only reactions are 

C.11 , + i-C.H lo "" i·C.II,. 

C.Ii . + i-C. II II ... C l 1 H 16 

(10. 1-10) 

(10.1· 11 ) 

and ",·e assume that the feed streams are pure C.H. and i·C.ll lo' A simpllrled 
lIowsbcc:t is shown in Fig. 101 -3. 

Now we assume that E I < E: and that the reaction kinetICS I re indicated by the 
stOichiometry. The economic: trade-offs fOr thiS uample a re then as follows· 
(a) ConversilHl The produc1 distribution is degraded as Ihe convel$ion of C~I-l . tn · 

creases. and Ihere is also an economic trade-off betwccn hl(l;h reactor cost at high 
conversion and la.rge recycle costs at low cOI1Yersions TIus is , recycle trade·off 

• W R r.,toc •. 104 F Ooherh. and J M Oou&l". -Short·Cul CalculallOns ofOpiomal Rrxo~l~ 
FraCl101IS 101 o.!tllllllOn Columns. - I.tEe I'r(K /hJ Ott!~ 14 95~ (198~) 
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FI GURE 10.1-3 
Simphfied lIowsh""'l for bu,anc alkylation 

(b) Rtaclo~ ItmpvtJ/ .. ~t. High temperatures correspond 10 large selectivity losses, hut 
small reactors, ..... bereas the opposite is true at low tempera1l.lrcs. The reaClOr 
temperalure is a product disl rihullon optimization problem. 

(c) M olar rtllio af reactal1ts. Large i-C~H 'Q/C~ H. ratios decreas.e the seJecuvlty losses 
but lead 10 large recycle costs of i-C~H ,o , and vice versa. Again ..... e obtain a 
reeycle optimization. 

(d) Rejfw.. ralios. There is an optimum re(lux ratio for each column. This IS a unit 
optimization. 

(e) Fractiantll recoveries. There arc two optimum fractional recoveries in the firsl 
column and one in the product column (the product composition is assumed to be 
fixed). Even though the fractional recover)' of I-C. overhead in the first lower 
involves a trade-off between i.ncremental trays in the rectifying section and recycle 
or i-C, back through the reactor, we often classiry this as a unit optimization 
probkm because: we eJ[pcctthat the optimum value of the recycle How of i-C, will 
be quite small (i.e., we npcct thaI greater than 99 % recoveries of i-C, arc 
warranted). 

Significant Design Variables 

The mosl significant optimization variables involve product distribution or the 
recycle trade-offs. They incl ude all the design variables that affect the process flow 
rates (conversion, purge composition, molar ratios of reactan ts, and possibly the 
reactor temperature and pressure). Unfortunately. there are no rules of thumb to 
select any of these variables. Thus, an optimization analysis of some type is rquired 
to fix the process flow rates. 
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We tlpect that these optimlUltlOns Will usually correspond to a global 
optimum and that no rmally the optimum will not be at a constraint (the exception 
corresponds to coking constraints) The case-study approach for evaluating the 
econnmic potential that was described in Chaps. 5 through 8 can be used to verify 
this behavior, if necessary. The case studIes also indicate the senslltvity, i e., 
"flatness," of the o ptimum, whIch is always Illformation that we desire 

Umita tions of tbe Optimw tio n Analysis 

For the purpose of screening alternatives, we are only attempting to get in the 
neighborhood of the optimum design conditions. Thus, we use ~hortcul design and 
cost models. We also assume that equipment sizes are continuous and that we are 
Dot in a region where the materials of construction change as we change the reactor 
temperature. Our initial goals a re \0 screen out unprofi table processes and/or to 
make a firs t eva lua tion as to whether a few process altematives appear to be 
sufficiently profitable to warrant an addi tiona l design effort. 

10.2 COST MODELS FOR PROCESS UN ITS 

Once the material and energy balances have been estimated for the process, we can 
use shortcut design procedures to calculate the equipment sizes. Then we can use 
Gu thrie's correlations (see Appendix E.2) to calcu late the installed equipment cost. 
We can put these installed costs on an a nnualized basis by using a capna l charge 
factor, say! yr, and we can calculate the ut il ity costs. Thus, we assume that we have 
completed a base-case design. 

To mlOlmlZe the amount of computation required for process opllmization, 
we use variable elimination and the appropriate design equations to write the 
annualized capita l cost of each ~stgnificant" (i.e., expensive) piece of equipment 
and each operating cost in tenns of the process flow rates. Next ..... e use the 
approximate material balances described in Chaps. 5 and 6 to relate all the process 
flo ws to the significant design variables. Several examples of cost models of this 
type are presented here. 

Heat Exchangers 

Guthrie (sec Appendix E.2) indicates that the installed cost of a heat exchanger can 
be written as 

J A)'." 
C.c = C.c .liI,\A.c (10.2-1) 

We include the capital charge factor of! yr in the base cost so that all quantities are 
on an annualized basis. The heat-tJ[changer area can nomlaliy be calculated from 
the equation 

Q = FC~AI = UA AT", (102-2) 



For constant values of C, and U. we can use Eq. 10.2-2 10 eliminate A from Eq 
10.2- 1 10 obtain 

( 10.2-3) 

or, if the st ream tempera lures are fixed. 

{ F)'" 
C .. = C"'~FIOC ( 10.2-4) 

Thus, we have a simple model for heat-exchanger costs In tenns of the flows. 

Heat-Exchanger U tilities 

For cooling water we can write 

(10.2-5) 

T hen from a heat balance we find 

(102·6) 

and thus we obtain 

(10.2-7) 

which relates the cooling-water cost to the flow and temperatures. Again, fo r fixed 
temperatures 

cc~ = Ccw.-{:.J 
The results for steam are similar: 

So 

or. for filCed temperatures, 

C 
W, 

Sf". = C~.IIC-
WS. IC 

Q= FC,.1.t = ~dHs 

c ~c -(Ft.') 
ITM ITM. F dr 

K K 

( 10.2·8) 

(10.2·9) 

(10.2·10) 

(10.2- 11) 

(10.2- 12) 
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Isothermal Plug F low Reactor 

For a first-orde r isolhermal reaction in a tubular reactor, the design equation is 

F I 
V = - ln - 

kp I - x 

The Installed cost of this reactor ean be written as 

C. _ c •. IOCC,::J06l 

(10.2-13) 

( 10.2-14) 

We can relale the cost o f the reaCtor for any conversion to the cost o f the reactor at 
base-case conditions as follows' 

Furnaces 

-{ 
Fln(l -x) K.1OC yo> C -c 

It - II. FlOCln(l - x)JI{"K. 
(10.2- 15) 

Available cost models for direct fired heaters relate the installed COSI to the furnace 
heat d"u ty only. For example. 

{ Q, )'" c,.,. = C"""~Q,..IIC (10.2·16) 

The (sensible) heat duty for the furnace is 

Q,. = FC,.6t ( 10.2- 17) 

so that our cost model becomes 

C" .. .., C,." .. -{ F t., )'" 
Fac dt.c 

0' { F)'" 
C" = C""'\F K 

(10.2-18) 

Compressors 

The instaJled cost for a compressor (comp) can be related to the required brake 
horsepower (B~, = power/efficiency) by 

C_, ." C..-" _ j B Blap )0.93 
\ Ia,.a<: 

Tbe power required fo r isentro pic compression of an ideal-gas stream is 

o wer = - -P 3.03)( 10- ' PIeF,,[(P.)' I] 
"I 60p P_, 

where Y~(C' _ I)C' 
C" C" 

(10.2·19) 

(10.2-20) 

(10.2-21) 
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I( the gas composlllon IS constant and Ihe inlet and outlet pressures are roughly 
COllstant for a fixed flowsheet, then Ihe COlit model becomes 

(102-22) 

For gas-recycle compressors, both the "apor flow rale and composition may vary 
(if the purge composition IS Optlmlled). In this case, the rallo of heat cap.1clilcs "I 
may also be IOcluded 10 Ihe cost model. 

Distillation Columns 

The installed COSt of a distillation column shell (trays or packing) can be wnllen as 

( 
N )""( D;, ) .... C •• - C ••. II>C N- D~ 

K la",c 
(10.2-23) 

The column diameter varies as the square root of the column vapor rate, so we can 
write 

C, - C - -oc( N )""( V)"" • ••. N IIC JI JI(" 
(10.2-24) 

The vapor ratc III the column IS gl\'C~n by 

11= (R + I)D (10.2· 25) 

For reasonably sharp spillS With the bght component taken overhead, the dlsllllrHe 
flow rate is approximately xFF. If the outlet composition and refluJl ralio arc not 
optimized, the number of trays for tbe required separation is essentially constant 
For thl5 case, ou r model becomes 

c c {(I.2R. + l)xFF }O Hl 
•• = .... K [ .2 F] (I R. + 1).1i M; 

(102·26) 

If the outlet compositions arc optimized but the reflux ratio is fixed (at, say, 1.2 
limes the rnlmmum), then Ihe cost model IS 

c = lIn SF )0 IOl(~)0. H3 
•• C···~ln SFIIC "K ( 10.2·27) 

where the separat ion factor SF is 

SF_( x. )(~) 
I - X D x. 

(102-28) 

Jr we also wish to optimize the reflux rallO, we can use the approximatc design 
model of Jafarcy, Duuglas, and McAvoy-

where 

In fJ 
N C In (0:/ [1 t(;""l)/'"("RCC/R;;-.')]"''''') 

I + o:"(,.XRj R .. - X,.) 

(R/ R. - If 

although N should be corrected so that N ::::;. 2N. when Rj R. = 1.2 

(10.2-29) 

(1O.2-JO) 

The installed cost of the column reboiler and condenser can be wnllen as 

(10.2-31) 

Cc = CC. IIC - ' - '" Ce. -( A)' " oc( V)'." 
Ae.1IC" VK 

(102-32) 

Similarly, the operatmg costs for steam and cooling water can be wrilten as 

(10.2-33) 

(10.2-34) 

The vapor rate appearing in these expressions IS given by Eq. 10.2-25 and the 
material balance for a perfect spitt The reflux ratio in Eq . 10.2-25 can be calculat ed 
by using Underv.·ood's equations o r the approxima tions ofGlinos and Malone (sec 
AppendIX A_2). We can relate the feed composi tion m these expressions to the 
exteOi of rcactlons by uSing Simple matenal balances. 

Total Annual Cost 

Once the COSts ha\e been wnllen 10 terms of the stream flows, we can use the 
simplified material balances illustrated 10 Chaps 5 and 6 to relatc the flow5 to the 
design ,'ariables. Hencc, we can oblam Simple cost models in tenns of the deSign 
variables. A model for the total annual COSt of the process is then Simply the 
summ31l0n of the mdlvidual capital and operating costs. We use these models In 

our approximate optimization procedure. 

.", blare). J M DoUllil~ .nd T J McAvoy. ~Shon ·CuI T«hmques for D,sull.llon Column [)eslln 
and CoDIfOI,M 1I.t.( P"K LHs Dn , III 121 , 11/1 111/11/) 
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10.3 A COST MODEL FOR A SIMPLE P ROCESS 

To illustrate the use of cost models in our approximate optimization analysis. we 
consider a particular example described by Fisher. Doherty. and Douglas.· A 
f10wshect for the SImple reaction system 

A ..... P ..... W (10.3-1) 

is shown in Fig. 10.3-1. Component P represents the desired product, and W is a 
waste by-product. The kinetics of both reactions are first -order with activlltion 
energies E. < Ez• The relative volatilitIes are such that a A > a,. > a .... and we 
assume that the direct column sequence is favorable . The product stream flow rate 
and composition are specified. but the composition of the waste stream corre
sponds to a design optimization variable. The otber optimization variables Vlre wish 
to consider are the reador conversion and temperature as weU as the reflux ratio 
for the produd column. Several other design variables a re available for tbis 
process.. which we have fixed using rules of thumb to simplify the analysis-

Process Flo~'s and Stream CoslS 

We assume that a feed stream contai ning pure A is available and that all A fed to 
the process is recycled to extinction. That is, for the material balance calculations 
we assume a perfect split between A and P in the ra:ycle column (although a 

R, 

..L 
< 
E , 

J Miller " F" Reactor u 

F. 1 ~ 
< 
E , 

r-- P 

T " u 

g 
~ 
~ 

T '-- w 
FlGURF. to')"1 
Flow,hoet for the radian SyslCm A _I' __ W. [F,,,,,,, W. It FUMr, M . F. DaM",.. and J. M . Dot.gku. 
A/CAE J .• 3t : IBI (/985).] 

• W R risher, M F. Doherty. and J Dooalu. AICII£ J~ 31 : Ij)8(19SS). 
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differenl assumption is used for the column design calculations). Th~ deSlr~d flow 
of the product stream is P. and t he amount of product contained in this stream to 
obtain a product purity Xv IS 

P,. = xvP ::: O.999P 

If we let IV,. be the amo unt of producl lost in the hollomll of the product column. 
then the fractIOnal recovery of the product I, is 

P, 
I,. =p + II' , , 

We also define th~ seia:tivity S as 

s _ Moles of P in Reactor Outlet 

Moles of A Converted 

( 10.3-3) 

( 10.3-4) 

From an overall material balance. we know that the fresh feed rate of A must be the 
sum of the flows of the exit strea ms 

(10.3-5) 

and we are assuming Ihat no A leaves in either Ihe product or the wasle streams 
Thus 

P,. + IV,. P,. + 11',. S::: :::. 
P+W FT •A 

We can combine these equations to obtain 

F _ P,. + W,. P, PXD 
F. A - S = I,.S ,., I,.S 

.nd IV = FT • A - P= ~~ - I) 

S tra m Costs 

Assume that tbe stream costs are 

P roduct ,"" (S20/mol) (P mol/hr) (8150 hT/yr) 

Fresh Feed =" (Sl S. 50/ mol)[(Pxv/I,.S) mol/hr](8150 hr/yr) 

(10.3-6) 

(10.3.7) 

(10.3-8) 

(10.3·9) 

(10.] -10) 

By-product Value ~ (SI /mol )[P(xv ll,.S I) molfhrJ(8lSO hr/YT) 

(103- 11 ) 
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SeleclivilY and Reaclor Model 

We assume that the rate expressions for first-order reactIOns In an isothermal 
tubular reactor are 

where 

dC, 

dt 

dC, 
= k,C .. 

dt 

(-52,500) kz .. 46I xJ017 exp RT hr - I 

If we solve the rate equations, we find that 

S = - --'- [(I - xt,/l , - ( I - x)] 1 ( k ) 
x "I -k z 

F. 1 
I' . ... --10--

kiP .. I-x 

From a recycle balance .... e obtain 

F, 
F,, = 

x 

and we assume that the reactor cost IS given by 

~ V)'" C,.=CII • ~ 
'.K 

Recycle Column 

(10.3. 12) 

(10.3·13) 

( 10.3-14) 

( 10.3- 15) 

(10.3-16) 

(10.3-17) 

We 8rc 1I0t Inlerested HI optlnu;ring the design of the recycle column (the renux 
nllio and fractIona l recoveries) in this ease study, bu t we want to include its cost in 
the economic model We as~ume that the design reflux ratio is 1.2 tnnes the 
minimum and that the theoretical nllmber of trays is about twice Ihe minimum 

2 In SF 
No-=2N = 

.. Eo lna .. 1' 
(10.3- 18) 
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An approximate expressIOn for the mllllmum rdlux ratio is given by Glinos and 
Malone- as 

where x,- • = 1 - x x,- If' = (I - S)x 

I) (10.3-19) 

(10.3·10) 

From Sec. 10.2, .he appropriate cost model for this ease (we use a fixed number of 
trays) is 

The column vapor rate is calculated by 

1'1 "" (I.2R .. + J)D 

= (I.2R .. + 'f' -;)FI'·"] (10.3-22) 

The recycle column condenser and reboiler capital costs are gIven by 

CCl = Co. - '-~ V)'"' 
VI • 1Ie 

( 10.3-23) 

Coil - C"I . I ~ I ' )'" 
V I . K 

(10.3-14) 

The associated operating costs are. for cooling water and steam, 

(10.3.25) 

( 10.3-26) 

Procluci Columll. The desned econOlluc model for Ihe product column shell is also of 
the foml 

(10,]·27) 

• K Glinos and M ,. M~;) nc, Idt:C P'oc /Hs fH.J~ :U 764 (19114) 
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In this case, we use the design model of Jafarey, Douglas. and McAvoy' toestlmate 
the optimum reflux ratio and the product recovery fraction . Thus. we let 

InpS 
N - In{12f1:1 + (a: l)/(R/R .. )]6.'i) 

(A.2-47) 

where SF _ ( xo X'-= x.) 
1 - ~D x. 

(10.3-28) 

,"d (R/R .. - x"XR/ R ... - I -t (l'(',.) 
P ,. - (R/R .. - ij1 - . (A.2-48) 

The distillate composition for the product column is fixed . and the bouoms 
composition is calculated from 

(I -1,)xo.,S 
)(IJ., - ',S 

)(D. ,. ), 

Similarly. the vapor rale becomes 

1'2 '"" (R + I)D 

_ [ R/ R.. + IJP 
(2,.... 1)5 

(10.3-29) 

(10.3-30) 

The condenser, reboiler, cooling-waler, and steam costs, respectively, are given by 

Summary 

><{ v. )0" 
CCJ =CCl. ~ 

' .K 
(10.3-3 1) 

(10.3-32) 

(10.3-33) 

(10.3-34) 

A base-case design and a set of cost calculations are presented in Table 10.3-1. The 
cost {unctions a re developed from the base-case conditions x = 0.8, T, _ 9(rF, 
I,. R 0.99.5, and R _ 1.2R .. . We use this process OO5t model 10 describe our 
simplified optimi7Ation procedure. 

! A Jafar~y. J M I)ougla<., and T J. McAvoy. JIi£C PrOt:: V,& Chr~ III 121. 197 ( 1979) 
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TA8U: IOJ-I 

Sase--case calculations 

Lei P - 100 mol/hr. ltD .. 0999, x - 08, T • ... 9O· r, f~ _ 0.995 R/R _ I 2. and p _ 0.8 mol TI' 
From Eq 10.)· 13, ,~~ 

-32 !500 
1r, .. S1~"IO'nnp '_ .. ().J90h. 

I 9'17(460 .. 90) 

, '6' " - :52,500 " : .. ,,10 ~~p - . __ . - __ 001789 h. 
I 987{460 + 90) 

From F.q 10J-I". 

'( OJ9() ) 
S .. Oi (l)~ 00)789 {(I 08)°'·"'''' ' "'_(1 

ProdllCl Flow P - 100 

Eq 10.)·1: 

Eq 10.).8 
Eq 10.1-S!: 

_ 100(0999) 
h(:!..h Feed .. r'·A .. r 11 061 

0995(0907) 

W;ut~ FIolI. .. 110.67 _ 100 .. 1061 

Eq 10.)-10, 
Eq 10,,3· 11 

Prod Val..., - 11-5(100)(8150) .. $93725 " 1~/)'f 
Feed C051 .. II S(lI067X81 SO} .. U666 " 100/y. 
By-product V.lu~ _ 1(1067)(8150) .. 10087" IO"'/y. 

110.67 
Flo ... 10 R~a<;1 .. __ .. IJII) 

" 
Eq 101-16' 

Eq 10_3_ ]S , U8] I Reac!. \ ()Ium~ .. - __ I, ___ 7n .. nl 
039(0.8) 1 - 08 

L. ('Dl) (") D. - 6 V·-4L . ... D~ 

V. _ [(2/) .. )(713.4)J'" _ S.l2 ft 

L . .. 6(5.32) .. 319 fI 

Reattor CO$I-Guthne eorr~I.lIon for • pr~urc: ~~sd 

08)] - 0907 

(792\ ,(318) AnD. RncLCosI .. 2BO/1019)(SJ2)' ""01.9)"" \ T .. S19, I68/.,. 

Anume .eoover 099S 01 A o~rrhud and 0991 of P In the bouom* £ - OS. _ '. ' M,,_60 ..... A~ ... , .. - .. 

III f. 09950_997 ScpuauonFactor .. __ ------_ 661)4 
I - f.] -I. 0.005000) . 

2 In 66,134 Eq lOl lS N, __ . _ .. 641 
OS In 2 

Eq A_l-2 To"'~, fle"III" , .. 2 3N, .. 141 J 
Eq lo.} ·2Q ~'A .. 1 X -I 0.11 _0 2 .. ,~ .. . S .-.0 8(0907) - On6 

~ ... "' (l 5).- (1 - 09(17~8-00744 
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TABLE 10.3-1 

BI&~ase caJculiliions (continued) 

( 
2 ~2 + 0726) 00744 

Eq 101·19.R.,_ " 2A 02 -t02(4 ~" 47S 

R, _ 12R. _ 12(475) _ 570 

F,{I - .I) 11067(1 - 08) 
R«ydenowofA _ x - OB _ 2167 .. 0 

Eq 10 )· 22 V,,, (57 -t 1)27 67 ... 18SS mann 

Eq A l · IS' DwncIC. " OOI64(I8SS)' f )79(60fXls~~r' .. lBS 

Appmd .. 02 

~92\ 318 
Cost of Column - \2l1OrlOI 1I)(2.BS)" ""(147.3)' <>.0 ~,~ 

= 1711,700 ')" 

Conden$C. A5SlJmc MIA " I3,JOO BIll/mol, AH,, " 14,400 Dlu/lIlol, a nd T.A ... I SO' F 11Ien 

120 - 90 
AT~ .. .. "'"~["(I~"',,-' 90).-'(150 120)) " 412 

Qc - 13,3001, - ll,lOOiJBS5) .. 2467 .. 10- BIU/h. 

Q. 2.467 .. 10· 
Alea - U AT. - 100(4)2) .. 511 f,' 

("'\ I' "') Apprndl~ ti2 COil .. 28IJ/1011)(~71" "\ T .. SI9.sao; )" 

Eq A 3-1B CooI·Waler COSI .. (1::IX8~~~lbXI3~ 1 8SS)8 I SO 
.. 13200/),( 

Q. " 1 4,4OO(18 ~.s) .. 2.67 1 .. I06 lhujbr 

Eq A J·n 
Q. 2671 >< 106 

A ... 1I .2SU - IIT5O .. 231f1' 

AppendlO E 2 Cost .. ~'IOI1)(H7" '1{1~) .. 110,900/)" 

Eq A')· 2~. (" .. X .. · ... } Steam Cost _ 1()(x)lb 9ll IU~)8ISO - S65,JOO/ ),r 

""r .. Z. 1111 .. '" 1 s,sao Btu!mol, To" ... 200"f- , M~ .. 60, and x"" ... 0999 ThU!i 

(I - 0995)(0999)(0.901) 
Eq IO, l .J I ' X.' ~ -~ _ O.995(0907) - 00469 
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TA 8 U 103·1 
8llst-clSe ca lculalions (contI/wed) 

x., "I' OW9{IOO) 
x· - xor P-.-II' - 0999(IOO) t 1061 - 0 .901 

0 0469 0999 I 
Eq 10 ) ·29 SF ... --

0001 0 0-169 - 20.300 

Eq A 2-48 

Eq A 2·21 

(RjR. - .,,)(R R. - 1 -.- a.,,1 
, .. tR R. 1)1 

(1.2 - 0.9(1){ 1.2 I ... 2(0.90)J 
(1.2 _ 1)' ·_ 1489 

, I In ,8(Sf) 12.61 , , - ;--;:c,,;:;,:;;;;~""= ---- ... 64 67 
05In(2jJ I+(2 1)/ 1 2] 05(039) 

2 In SF In 2O,JOO 
I'. - --~ . ' ---=5Ul 

0.5 In" ln2 

57.23 
COf'T~Uon facIO. for us,n, Eq A 2-47 ~ 6461 - 0.8844 

" . .. 08844(64 (7) .. 57 23 

Eq A 3·2. IItlchl .. 2.}(S7 23) ... !lIb 

Eq J(U·22 

Eq.AJ-I~ 

Appendll D 2 

R _(::)R._ 1.2(1107)_132 

I :' _ (R - I )D _ II32 -t 1)100 _ 212.9 

D,alll<'lCI .. O.016-1JB2.9 319(60) 520 _124 r, [ 200 "00]" 

(19'} I' ") Column Cost .. 280 10111)(324° 10')(1316' ... \ T 

~ liI42,SOO',r 

Comlcn$Cr Assum( AU, .. 14,400 and tJ.//., .. IS,sao Btu/mol. Then 

120 - 90 
tJ. To, ... In [(200 _ 9O}/(200 120» .. 94 2"F 

Qc " 14,400(212.11) .. J.1S4 .. 10" Blu/h. 

3354 " to" 
A, 100(942) _3S6f,' 

("os t (;~}101 3)(1S6)·"C;) _ S73,200 ')"t 

("" X I X"''''''\, Cool· Walt l ( 'O~l '" IOCIO 81-1 lO- ,2329)8150 ", S44OO.lyr 



TABU 10.3-1 
Ba~se cakulalions (C()nflnucd) 

Q, t~,5OO(lJL91-160 x to" Blu!b, 

A. 
36 10 ... I(t • 

11,2"0 n)20 rt 

Slam CO$I - C:X'::}2J2.9XIlIS01 - m,JOO/rr 

TOI_ up. COSI _ Rael ... CeU ... Cond. 1 ... Reb. 1 ... Co\. 2 ... Cond.. 2 + Reb 1 

_ 29.200 + 79,7(1(1 ... 29,400 ... 11,000 ... t.(2.5OO ... 13.200 ... 10.900 - 5.365,900})" 

T OI UIII COSI .. Cool.nl 1 + S'e~m 1 ... CooI.nl 1 + Sleam 1 

., 3200 .. 65,200 + 44(J() + 8S,}00 _ 5161.2(0/),1 
1'lOlil _ Prod r-co:d + By·producl Tot. ClIp. - TOI. V Iii 

• 8,372.~ - 7,666,800 ... 86,'100 - 365.900 - t61.200 

'"' SI.26S.SOO/y' 

r ) 8t ~ .. 8 5(IOO{ 099°5(~9()7) - I ]81 SO - $]39.800/ y. 

TAC .. Ex<:ess Feed 8y prodUCI -+ TOI up ... Tot- VuL 

TAC .. 739.800 86.900 t 3M.900 ... 161.200 .. SI ,t80.000t)T 

10.4 APPROXIMATE OPTIMI ZATION ANALYSIS 

In a convenlional oplimil.alion a nalysis, the gradienl for each design variable is 
equal to zero. For our simple example we would require lhat 

OTAC OTAC OTAC OTAC 0 (10.4- 1) 
ax :: aTJII - of,. -= iJ(R/ R_) = 

However, ror screening c.11culallons we prefer to simpl iry the analysis. I n particular. 
we would like 10 identify the dom mant trade-offs for each design variable, the mosl 
importa nt design variables, and the mcenlive ror optimil.3tioll. We d iSCUSS each 
below. 

[)ominant T rade-offs ror Each [)esign Variable 

Afler we develop a base-case design. we can change Ihe conversion slightly and 
Ihen calculate the incremenlal cost ror each item in Table 10.3-1 d ivided by Ihe 
incremental change Ihat we made in Ihe con1;ersion These resulls arc shown in 
Table 10.4-1. 

In the first column of this lable. we see thaI as we increase thecon1lersion. we 
produce more by-product (the wasle cost decreases because Ih~ fud \'alue 
increases). bUI we arc required to supply more reactanl. The reactor cost increases. 
but the costs of the recycle colu mn decrease because we recycle less reactant. The 
product column costs increase because the refiux rallo must be Increased (since we 
are reeding more by-product to the column) 

Howe\'er, when we compa re the posilj1le costs in column I, we note thai the 
feed cost is much more important than the rc:actorcost and the costs of the product 
column. We use our trick of neglecting all costs that are an order of magnitude 
smaller th an the largest cost, which indica tes that we can neglect the effeCI of 
changes in con\'ersio n on Ihe reactor and Ihe produci column costs. When we 
com pare the negati1le COSIS. we see that the costs of the column shell, the condenser . 
and the stea m in the recycle colum n are importan t lienee. in subseq uen t 
optimization calculations we can neglecl a ll bul these largest-cosl lerms . 

Now if we relurn to the base-case condition. change Ihe temperature slightly. 
and Ihen calculate Ihe incrementa l cost of each item in Table 10.4-1 di\' ided by the 
temperature change that we made. we obtain the results show:l in the second 
column of Table 10.4-1 . The Increase in temperature causes more by-producl to be 
fonned. so we require more feed to make our desired amount of producl, bUI '"'c: 
obtain a fuel credit for the by-product (i.e., the wasle cost decreases). The reaClor 

TABLE 10.4-1 

Gntdients 

.rrAC 0" <TAC mc ,.- <TAC 
-.- >' -- > ,.- -- > --- >,0-

TA C " aT. Of, iJ( R/ R.J 

.. = .... 2.81l9 00149 - 16976 0 
8y-product - O_HI - 00029 +090~ 0 
Ractor O.04t - 0.0009 - 00182 0 
Column I - 0.011 0 - 0.()426 0 
CoPdensc, I - 0.023 0 - 0.0126 0 
Coolanl I ~ 0006 0 - 0.0032 0 
Reboiler I - 0013 0000' - 0.0072 0 
Steam I - 01 19 00002 - 0.06j6 0 
Column 2 0061' 00006 26268 - 0. 1166 
Condense. 2 0.01~ 0.0001 - 00419 0.0341 
CooLanl 2 0.001 0 OOOH Oooll 
Reboiler 2 000' 0 00010 o.tXm 
Slum 2 0.0332 00003 0('909 007S4 
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cost decreases, Ihe cost of the recycle column lficreases (i.e., we need a larger rdlul 
rauo because the reactant IS more dIlute), and the cost of the product column aha 
increases (i.e., the product is more dilute) 

Examining the posili\'e values in column 2, we see that the effects o f 
temperature changes on both of the column costs are negligibk, except for the sh.:l1 
of the recycle column (the f~d composition decreases so that more Hays an~ 
required). Also, the change in feed cOSt is fairly small The fuel credit of the wa~te 
stream and the reactor cost are bf.)th IInportant Thus, only thre.: (or four) co!> t 
terms need to be considered for tcmperallire changes. 

Similar effects are obsened for changes in the fractional recovery of Ihe 
product overhead in the product column and for changes in the reflux ratio III the 
product column (see Ihe last two columns of Table 10.4-1). Using the same order
of-magnitude arguments for the posilive and negative tenos separatdy, we find 
that we do not need to calculate all the processIng COSts. Hence, we can SIgnificantly 
simplify an optimization analYSIS by considering only the dominant COStS in each 
trade-off. In many cases we can eliminate 75 y' of the calculations., although for tht 
sake of illustration we rttain mOSI of tht marginaltemlS in subsequent calculations 

Rank-ordcring the Design Variablcs-The Most 
Important Design Variables 

Thert IS no way of companng the various columns III Table 10.4-1 because Ihe} 
ha \e different units, I.t ., the first column is in (S/ yr)/conversion whereas the second 
IS in (Sfyr}jF. So we would likt 10 find some way of pUlling each of the calculallons 
on the same basis. To do this, .... t introduce scale factors, where the scale factor for 
each design variable is tht ma),llllUm range for that variable For example, .... e 
expect that the optimum valut of RIR .. will be In the range 

R 
1< ~ < 1 .3 

R. 
(\0.4-2) 

so Ihat we use a scale factor of 0.3 Similarly. we expect the optImum fractional 
reco\'ery will be in the range 

0.99 < I,. < 1.0 (\0.4-3) 

50 ..... e use a scale factor of 0.01 The optimum conversion will be greater than zero 
and may be bounded abo\e by the equilibrium conversion, the conversion 
corresponding to tbe maximum yield, or x = I. Depending on how much infonna
tion we have or how much effort we a re willing to exert. we can select an 
appropria te range and a scale factor. We ask the chemist for a best guess of the 
range of temperatures (or pressures, if applicablc) that are reasonable 10 consider, 
and we: use this range for the scale: factor 

Table 10.4-2 shows the results for the dominant cost tenns when ..... e add the 
absolute values of all Ihe terms In each column and then multiply the sums by the 
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TABU: 10 ..... 2 

Scll£d gnldienls 

Sale r.<1or 

10 60 001 OJ 

JrA(' (-rAe tlTH" ~nc ,R) -- .. H. A/, 
" er. 'I, iJ(RIR~) R~ 

f"" HIl9 14982 00769 0 
By-pr-oduct - 0.)310 - 01163 .OOOOJ 0 
RUC"lot 0.0412 - O.0>4S 0 0 
Column L -0.0780 0.0047 - 0_ 0 
Col1tJuKt 1 - 0.OB2 00014 -0.0001 0 
Sleam I - 0 119 ~ 00012 - 0.0006 0 
Column 2 0.0687 00)66 0.0263 - O.Q)j() 
CODdc:l1SCr 2 001S} 0.0366 0 00100t 
Rd.oikr 2 OOOI.S 00177 0 00010 
S~, OOHl 0.0177 - 0.0009 0.0126 , , 3.S4S 1.807 0116 0.069 
P, 0678 0.701S OJ86 "'" 
appropriatt scale faCIOrs Fisher. Doherty and Douglas · called thIS rtsult Iht rank
ordl'l' partlmt'lI!r 

r ... 't"' · t..}' . laTACI 
J '-ay, J (10.4-4) 

This rank-order paramettr Indicates whtlher ..... e are tradi ng largt posllive incre
mental costs for large ntgatlvt incremtntal costs or small POSlll\t incremental 
costs for small negative lDcremenlal costs. The units of each of the rank-order 
parameters arc S/ yr. 

The rank-order parameters in Table 10.4-2 indicate that the opllmlzallon of 
the reactor converSIOn and the temperature are an order of magnllude more 
important Ihan the opumization oflhe fraC lional recovery, which IS about an order 
of magnitudt more lmpOrlant than the optimization of the reflux ratio in the 
product column. The results imply thai we will pay only a small penally if we 
neglect the optimizauon of the reflux ralio. They also imply that we can obtain 
reasonable estimates if we Simply optimize the reactor conversion and temperature 
- and then. if we have ume available, optimize the fractional recovery. Again, Wt 
find that we can simplify the problem 

- W R FISher. M f" Dohen)". and J 00"8115 AfCII~ J ]1 I H8 ( 198S) 
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Proximity Parameter- Jncentive for Optimization 

Initially we said that the cri terion for an optimum is that the gradient of each 
design variable be equal to zero, but we have not used tbis information yet. The 
gradient is sim ply the sum of all the terms in each column of Table 10.4-2. By 
inspection we sec thaI the positive terms might balance the negative terms fo r Ihe 
reAulI ratio, but the positive and negative terms are far oul of balance for 
conversion and reactor temperature. Hence, we ClIpect that o ur base-case value of 
reAux ratio is close to Ihe o ptimum, bul the base..case conversion and temperature 
arc not. 

To develop a quantity which characterizes the incentive for optimization, 
Fisher. Doherty and Douglas defined a proximily parameter as 

I(l: OTACjoy)16y,1 
Pj = L laTAC/oyNAYJ 

(10.4-5) 

This ellprcssion is merely the absolute val ue of the scaled gradient divided by the 
summation of the absolute values of the scaled components of the gradient. The 
proximity parameter is equal to zero al the optimum because the gradient is equal 
to zero. As we move far away fro m Ihe optimum, the proximity parameter usually 
approaches unity because the 10lal cost becomes asymptotic 10 either the tolal 
positive or the total negative cost components of the gradient (see Fig. lOA-I). 

The proximi ty parameters arc shown in Table 10.4-2 for the base-case design. 
Figures 10.4-2 th rough J 0.4-5 show plots of the lotal annual cost and the proximity 
paramelers for each of the design variables. From these graphs ..... e note that we are 
in the region where the o ptimum is fairly Aat whenever the proximity parameter is 
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less than 0.3. Hence, Fisher, Do herty, and Douglas proposed a heuristic for ini tial 
screenings: 

Whenever the proximity parameter is less than 0.3, there is 
little incentive 10 optimize. (10.4-6) 

Of course, unless each of the s ignificant design variables has a proximity parameter 
less than 0.3, ..... e must optimize all the variables. Also, as we proceed toward a fi nal 
design, ..... r might require that the proximity parameters be less Ihan 0.1 or 0. 1. 

From Table 10.4-2 we see that the proximity parameter for reflux ratio is very 
small, but nonr of thr other variables are close to their oplimum values. 
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The rank-order parameters and the proximilY parameters for our example are 
given in Table 10.4-2. We can categorize each design variable as follows: 

I. Conversion -important design variable, far from the optim um 

2. Temperature - important design vanable, far from the optimum 
3. Fractional recovery-less imporlant design variableS, fairly close to Ihe 

optimum 
4. Reflux ratio - unimportant design variable, close to the optimum 
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.----
1.12 1.17 1.22 1.27 1.32 1.37 

RIR ... 

To illuslrate the errors involved in an approximale optimization analYSIS, we 
compared the results of several case studies. In ou r simphfied model, we deleted the 
COSI orthe condenser in column I and Ihe cost of Ihe reboiler in column 2 from Ihe 
previously simplified lisl given in Table 10.4-2. Thus, we considered only the eighl 
most expensive pieces of equipment as representative of the dominanl costs (see 
Table 10.4-3). 

Table 10.44 gives Ihe results for the base-case design, and case I is the result 
for a rigorous optimIZation when all the COSIS arc included in the analysis. We note 
Ihal the optimization leads to a 73.3 % reduction in the costs. In case 2 we minimize 
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only l~ dominant cost terms (see Table 10.4-3) for the fo ur desIgn variables, and 
then we add the costs fo r the other items. Tn cases 3 and 4 we repeat the 
optimization for the dominant costs. bUI fix the values o f the least importan t 
variables at the values given by the common design heuris tics. We see tha t the 
errors introduced by consideri ng only the do minant cost te rlllS o r by fi:a:io g the 
values of the design variables with small rank-order functio ns arc quite small Thus. 
al the conceptual stage of a process design, we usc the ran k-order ru nction as a 
gUldeime ro r determining how many design variabJ.es we need 10 consider 
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TABLE 10.4-J 

Dominanl costs- sca ltd gradients 

mc .rrAC ""c mc \') 

" 
R, _ _ H, 

ill, A/, 0(1(/ "'.,) R. er, 

''''' 281 \9 14988 - 00169 0 
By rtod,,'" 01110 01763 0"'" 0 
RaClol 00412 OOS4S 0 0 
Column I 00180 000<' o ""'" 0 
Slum I _ 0119' 00012 - 00006 0 
Column 2 OIl'" 00366 0.026J -OOlSO 
Colllkn5C,2 OOI B 0.£I0Il2 0 00104 

Sleam 2 00H2 0.0611 - 0.0009 0.0226 

TABLE 10.4-4 

Results of oplimi1..alion studies 
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10.5 SUMMARY, EXERCISES, AND 
NOMENCLATURE 

Summary 

c_. 
0.S9 

" 1.7 
O.99S 

72J 
712 

U9S 

Normally only a few cost terms dominate the economic trade-offs for each 
optimization variable. By identifying these dominant trade-offs. we can greally 
simplify an optimizatio n analysis. 

We ca.n further si mplify the oplimi7.ation analysis by determining the rank
order functio n for each design variable Yt . 

l
ilTACI 

r J "" L iJYJ IlYJ (10.5-1) 

wherc the dYJ are scale factors based In the range: of a design v3nable within which 
we expect to obser\'e the optim um We neglect 10 oplimil.e any design variables 
whose rank--order funcl;on5 are an o rder or magnill.lde smaller than the: largest 



ranL·ordt:r fUIIC[1011 Normally, the l>lgHllicllnt design Ydnablcs are those that affcct 
the product dl~lnbutioll or the pr(X;C!!o~ !lows. 

We can estimate whc!lier an mlll .. L1 guess of a design yariable IS close to I[S 

opt imum ya lue by Cilleulatms a pro.llJUUly parameter 

II: c'TACfc3YJI 
PJ = L li1TAC/OYj! 

(10.5-2) 

Experience indicates that Ir PI < 0 3. "" are in the regioll where Ihe optimum IS 
rdauycJy flat, al though \lot: can requlre.1 lighter to lerance. 

Exercises 

lOS-I. For any process deSign that you have conSidered, calculate the rank-order functions 
and the pro~ lmllY parameters. U!>C the results to Idenufy Ihe dominant economIC 
trade-olrs. D ISCUSS these oplHnizalh.n problems. 

105-2. Consider Ihe uample given III 50.: .. 10.], e.u;:cpt conSider t .... o first-order, parallel 
reacllons, lIIstead of consccu hvc rc.I~1I0ns.. (Also, neglect the opllmlzallon of the 
reRua rallO lind the fracl lOnal tCCt,,· .. t) In bOlh columns ) Calculate Ihe rank -order 
funCllons and the pro.imlly panlll1ClcTS. and find the optimum deSign conditions. 
J>lo t the prolllllll)' parameter~ V el MI. Ihe design varlablcs. 

IO..s.J. Consider Ihe uample gIVen III Sec Ill:;' bUI consider Ihe indirect colunm sequence 
ralher than the direct scque:nce. (Nq,:I..-..'1 the optimizat ion of the fractional recover) 
and the reflux rilles iu both column~ ) Calculale the rank-order fun ctions and the 
prollm;t) parolmeters. Fmd the oplllllu m design conditions !low do the results for 
the dlrcci and the: Indlrecl !io(jeuen ... c~ "ulllpan:~ Whal do the sequenc,", heurtSlICS 
IOdlCllte al the opumum " 0"5 for c, •• h c~~ 

105-4. For the cycloheune p(()(len deloCnt.c..l In ucrClscs 5.4--7 and 6.8·6, how mIIny deSign 
variables arc encountered al level ] .. Calculate the rank-order runcuon to dete:rmme 
the relalt"e Importance or Ih~ '.1nables? Also, esltmate the optimum destgn 
condlltons at level J 

Nom e ncla lurc 

A, A.c 
B"p, B"p.ec 
CA. C,. 
CII , CA,.c 
Cc• CC•K 

C_p , C._P, IK" 

CCH', CCH',IK" 

C, 
Cni , C,N• IIC 

C, 
CII' C II .Be 

CII , CII/IC 

C,'" C."./IC 

lIea t>cxchang~r ar,·.! JDd base-case value (ft 1) 
BraL~ horsepower "f compressor and base-case yalue (hp) 
ConcentratIons of ....... 'mponents A and P (mol/ ft l ) 
AnnualIZed COSI or heat exchanger and base--case yalue (S/yr) 
Cost of condenser ;mJ base-case yalue (S/yr) 
COSt of compressor and base--casc value (S/yr) 
Cost or COOling waler and base-case value (S/ yr) 
Raw· material cost lS mol) 
Cost of furnace and hase-C-dSC value (S/yr) 
J leal capacity [Btu lOlOI F» 
Cost or reaclor (S ~ rl 
COSI or rebolkr anJ N5e-case value (S/yr) 
Cost of dlsltllaltOn .. ,'lumn shell and base·case (S/y r) 

CSTW , Cn w 8C 

C, 
C" 
C" e l , C 1 

D 
E, 
I, 
F 
few , Fcw ,K 

" f, 
F, 
fI , 
k 
k

" 
k j 

M, 
M&5 
N 
N, 
P, 
P 
P,~, Pg~, 
P, 
P, 
Q 

Q" Q'.K 

" R 

R, 
R. 
S 
SF 
TAC 
T, 
U 
U, 
V 
V, 
IV 
IV, 
IYs. Ws.1e 
.x, Xsc 

x. 
x, 
Y, 
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COS! or s team anJ base-case value (i/yr) 
SpeCIfic heat at con~tllllt volume [Btu/(mol · "loll 
Annuallzed reactor co~ t [S/( fl ) yr)J 
Cost coeffiCients 
DistIllate fl ow nne (mollhr) 
Overall pl.tte efh(''Jenc), 
Fra(:t lon recovery of the hght. Ley overhead 

Flo'" rate (moI1hr) 
Coohng-w3 ler flow riltc and base-case yalue (morhr) 
Fresh fc;:ed rat~ (mol /hr) 
Flo w to reaClor (mol/ llr) 
Feed rate to compressor (molth r) 
Height of col umn sump and vapor dlscngaglJlg space (£t) 
Reactio n rale cons tant (lir I) 
Reaction rate constants (IIr - ') 
M olceula r weight or distillat e: 
Marshall and SWlrt tndcx (sec Chenl/col £ngmurlllg) 

Number o f Hays 
Number of theo retlcall rays 
Proxmllty parameter 
Producllo n rate (mol/hr) 
Inlet and o utlet pressures for a gas comprcssor (psla) 
Flow of desired product (mol/hr) 
Col umn pressure (psia) 
Heat d UlY (Btu!hr) 
Furnace heal dUlY and base-case value (Btu/hr) 
Rank -order fun ctio n (S/yr) 
Reflux ralio 
Recycle flo w (mol/hr) 
Minimum reHu.Il ratio 
Seleclivity 
Separation fact o r 
To tal annual cost (S/yr) 
Distillate lemperature (oF) 
Overall heat·transfer coefficient [Btu/(hr · ft l. oF)] 
Condenser overall lIeaHransfcr coefficient [Btu/(hr · rt l. "F)] 
Vapor rate (moljhr) 
Reactor volume (ftl) 
TOlal fl ow of waste stream (mol/hr) 
Amount of product in the wastc stream (mol/hr) 
Flow rate or s team and base-case value Obfhr) 
Co nyerslo n and base-case value 
DIs tillate compostlion 
Feed compoSi tion of light key 
Design yarlable 
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G,,.,.,k Irmboh 

AH. 
A, 
6. TUI 

AH, 
a 
p , 
p 

Heat of vaporization of hght key ( Btu/ mo l) 
Temperature change CF) 
log-mean temperature driving force (oF) 
I-Ieat of vaporization of steam (Blu/1b) 
Relative volatility 
Sec Eq. 9.2-30 
(C, /C" - I)/(C,/C,,) 
Density (mol/ftl) 

CHAPTER 

11 
P ROCESS 

RETROFITS 

In all previo us discussions we assumed that we are designing a new proocss. 
However. exactly the same techniques arc useful for retrofitting a process. By 
ret rofittin& we normally mean making minor changes in the interconnections 
between process equipment, the replacement of one or more pieces of equipment by 
some other equipment, or the change in the sizes of one or more pieces of 
equipment in an existing process. The first type o f change involves structural 
modifications of the fl owsheet, whereas with the last two types of change the 
60wsheet remains the same. 

Some examples of where we might want to retrofit a process are to increase 
the production capacity (debottleneck a process), efficiently process new raw
material feedstod:s when tbey are cheaper. uti lize new process technologies. or 
reduce operating costs, because the optimum operation conditions have changed 
si nce the plant was origlnaUy built (This changing economic environment IS the 
reason that most companies did not usually attempt to optimize proces$(:s in the 
past.) The last goal is valid for a very large number of cxlsting plants, and therefore 
tbere is a great interest In retrofit procedures We describe a systematic procedure 
for process retrofits in this chapter 

353 
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11.1 A SYSTEMATIC PROCEDURE FOR 
P ROCESS RETROFITS 

The systematic procedure for process retrofits discussed here was deveolped .by 
Fisher, Doheny, and Douglas.- The analysis is limited to single-product. contln· 
uous processes, which are the same restrictions of our other design methods. 
Moreover, many of the steps in the proa:dure are identical (0 the steps that we have 

completed previously. . . 
The retrofit procedure also proceeds through a hierarchy of deCISIons: 

I. Estimate an upper bound on the incentive for retrofitting. 
2. Estimate the economic incentive for replacing the existing plant by using the 

same process Howsheet. 
3. Estima te the economic incentive for replacing tbe existing plant with a better 

process alternative. 
4. Estimate the incremental im'estmenl costs and savings in operating costs 

associated wi th changing the existing process. 

S. Refine the retrofit calculations. 

Oearly. the first four steps in this procedure focus on the same ty~ of screening 
calculations that we considered earlier, and for this reason ..... e descnbe the retrofit 
procedure before we consider the use of SImulators to refine design or retrofit 

calcu lations. 
We discuss each of the le ... els in the hierarchy above in more detail below. 

Estimating an U pper Bound of the Incenth'e for 
Retrofitting 

Our goal is to reduce the operating cost of an existing process, a nd so. o ur firs t step 
is to prepare an operating cost diagram. That is, we prepare a cost dlagr~m of the 
type described in Chap 9, except that we do not incl ude any o f tbe capItal co.sts. 
F rom this operating cost diagram, we can see the total costs o f the raw matenals 
lost in the fo nn of by-products or lost in waste streams. Similarly, we can see all the 
energy costs that are supplied to tbe process. An example o r a diagram of tbis type 
fo r tbe H DA process was given in Fig. 8.10·8. 

For a large number of processes, such as the HDA process, tbe ~sts of the 
raw-material losses will exceed the energy costs, wbich means that we will need to 
examine the possibility of changing the process flows. If we cbange the Bows, we 
will also need to change the beat-exchanger network . Thus, nonnally we must 
consider the behavior of the total process. 

• W. R. Fisher. M F Doheny and J M IJOU&tas. KScreenmg of Proa:u Reuo6, Ahemaliv<:s,w 
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Estim ate the Economic Incentive for Replacing the 
Exis ting Plant 

One of our options is to completely replace the eXIsting plant. ThIS optIon WIll 
correspond to the largest capital investment. Also, if we do not change the process. 
this calculation will indicate the profitability p05ition of one of our competitors if 
they built a process just like o urs. 

We call use the hierarchtcal decision procedure descnbed ID Chaps. 5 through 
8 to estimate the processmg costs. With the shortcut material and energy balances, 
equipment design procedures. and cost models, it should be possible to complete a 
design in about 2 days by hand (or J to 3 br if software is available). One major 
advantage of using this hierarchical decision procedure is that it simplifies the task 
of generating a complete list of process altcrnatives to be considered. 

Estimating the Economic Incentive for Re placing 
the Existing Plant by a Beller Process Alternative 

Estimating the profit potential of the "best" pOS5ible process alternative will 
indicate whether one of our competitors could drive us out of business by building 
a process that yields ~shutdown ~ economics better than ours. We can usc the 
gross-screening proced ures described in Chap. 9 to evaluate all the process 
al ternatives, to see whe ther a beller process ex ists. If we find a better process, thell 
we refine the calculations, using the techniques descnbed in Chaps. 5 through 8 to 
estimate tbe optimum design conditions for each alternative. 

This identification of improved alternallves also indicates the changes in the 
flows heet that we should consider whcn we examine the retrofitti ng of our existmg 
process. The savings in both raw-material and energy costs that correspond to 
these structural changes in the flowsheet can be evaluated. Thus, there is a 
systematic way of selecting structural modifications for more detailed evaluallons. 

Estimating the Incremental Investment Costs and 
Savings in Operating C osts Associated with 
Cbanging the Existing Process 

Our initial retrofi t analysis should focus 00 screening calculations to see whether a 
more detailed retrofit study can be justified. Of course, if we eliminate a piece of 
process equipment in our re trofit analysis, we still must continue to pay for that 
equipment (unless it has been totally. depreciated). Thus, the retrofit study should 
focus on incrementa] annualized investment costs and incremental savings in 
operating costs. 

A systematic way of screening retrofit opportunities is to 

1. Elimmate the process heat exchangers. 
2. Idcntify the sigmficant operating variables. 

3. Identify the equipment that constrains changes in the significa nt operat ing 
variables. 



4. Remove the eqU1pment constraints by adding e"ccss capacity until the 10-
cremental annualized investment costs balance the incremental savings m 
operating costs. 

S. Evaluate the optimum energy IOtegration for the new process nows, and check 
the sensitivity of the optimizatIon to energy integration changes. 

6_ Retrofit the heat-e"ehanger network . 

ELIMINA'I~: '1 li t: PROCESS II EAT EXCHANCERS. The process flows and 
product distributio n usually dommate the process economics, and therdore we 
initially focus on estimating the optimum flows. To accomplish this goal and to 
avoid encountering constraints on heat-e"change equipment. we initia lly neglect 
the heat e"changers (although we include the operating costs for fuel , steam. and 
cooling watcr in the analysis). Once we have rcmoved o ther equipment constraints 
and have estimated new values for the optimum nows. we will resolve the energy 
integration problem and retrofit the heat e"changers. 

WENHFY Tm: SIGNIFICANT OI'ERATING VARIABLl-S The number of 
operatmg variables is equal to the number o f deSIgn degrees of freedom IllIllUS the 
number of equipment sizes that have been fi"ed by the design. However, some of 
these operating variables must be fi"ed so that the process constraints (e.g., 
production rate, product purity, molar ratio of reaetanls at the reactor Inlet. 
reactor inlet or outlet temperatures. etc.) can be satisfied. The remammg operating 
variables should be fiJ[ed by an opllmization analysis. 

Wecan determine which of the operating \ ariables a le the most Important 10 

optimize by calculating the rank -ordcr function (see Chap. 10), eJ[cept for thIS 
analYSIS we include only the operating costs 

"I ilTOC I '1 = L _, __ I I:!.JCi ....... 
'_ 1 "XI 

(11.1-1) 

Any operating variable whose rank-order function is an order of magnitude 
smaller than the largest rank-order function is then dropped from further conslder+ 
ation during the milial screening. Thus. ..... e obtain a set of significant operating 

variables. 

IDENTlFV TIlE EQUIPM ENTTI IAT CONSTRA INS THE SIGNIFlCANT OPERAT
ING VA RIABUS If we calculate a proJ[imity parameter (eJ[(xpt that ..... e retain the 

sign of the gradient) 

(111 -2) 

L I ifTOCJiJXj I 
,- , 
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we can gain an Indicat ion of the incenllve for optImizing t he significant operatIng 
variables ; i.e., unless PI < 0.3 for all the operating variables. an optimization is 
justified (sa: Chap 10). Then we change the Significant operatmg variables III a 
direction opposite to the sign of the proJ[imlly parameter ; ie~ if the gradient ie; 
positive, we decrease the operating variable to look for a minimum. As we change 
the operating variables in these directions, normally we encounter an equipment 
constraint. 

Note that the operating costs often he on an eqUipment conslraint even for 
the optimum design of 3 new plant. That is. the minImum of the lotal operating 
costs for a design (for the type of plants we are considering) normally is at lower 
values of the operating variables than the minimum of the total annual cost (which 
includes equipment as well as opera ting cosls); sec Fig. 11.1 - 1. Thus, after the 
equipment sizes have been fixed and the plant has been built, if we try to move 
toward the lowest posSible operating cost. we 1AIII encounter an equipment 
constraint. The addition of eJ[lsting equipment capacity to remove thIS constraint 
during the design of a process by definillon will cost more than the savings in 
operating costs, 1Ahlch IS 1A h) we fiJled the design at the nlllllmum total annual cost 
However, the operating cOStS change over the life of a process. so that incremental 
capital costs may be justified for a process retrofit . 

REMOVING EQUIPMF:f\, CONSTRAINTS. Once we encounter an equipment 
constraint, we add capaclI~ until the incremental annualized capital cost jue;t 
balances the incremental sa\mgs in operating costs Thus, 1Ae detennine the new 
optimum retrofit trade-offs for the significant design variables. Of course, if we 
encounter constraints in mo re than one pic:cc of equipment. we merely add capacity 
to both ulllls until the U1clemental capnal costs balance the Incremental savings in 
operating COSls. (If time pennits and the retrofit economics appear promising, we 
might also consider the optlrnl7.3tion of the other opera ting variables that had 
smaller rank-order funclions. ) 
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ENERGY INTEGRATION. From the analysIs above, we obtain new t:sumatcs of 
the optimum process flows, assuming that no constraints in heat-exchange 
equipment are important. li owever, the new process nows correspond to a new 
energy integration problem. I-Ience, we use the procedures described in Chap. 8 to 
solve the heat--exchanger network design problem for Ihe new flows. Since the 
optimum flows depend on recycle costs, which depend on the heat-exchanger 
network used, it might be necessary (0 Llcratc a few times to find a new o ptimum. 

R ... ..,·ROFIT TIlE HEAT-EXCHA NGER NETWORK . or course, we can decrease 
the retrofit investment by using as much of the existing heat-exchanger equipmenl 
as possible. Thus, we readjust the flows and heat loads in an attempt 10 estimate the 
optimum retrofit conditions. We are still screening the retrofit opportunity, so that 
our goal is 10 get into the region where the optimum is relatively flat, rather than to 
find the exact optimum. 

Refining Ihe Relrofit Ca lculations 

If the economic incentive for retrofitting a process is large, we must refine our 
screening calculations, just as we must refine the screening calcu la tions that we 
used for process design. The use of computer-aided design programs 10 accomplish 
this task is discussed in Chap. 12. Before we consider this refinement, however, we 
present an example of our relrofit procedure. 

11.2 HDA PROCESS 

As an illustra tion of our retrofil procedure, we consider the retrofitting of an H DA 
process. The original optimum deSign variables, as taken from McKella," are listed 
in Table 11.2·1 for the fl owsheet shown in Fig 11.2-1. The steps in the systematic 
procedure arc discussed below. 

I. Prepare au Operating Cost Diagram 

An operating cost diagram is shown in Fig. 11.2-2. From this d iagram we see that 
raw-materials costs are much more imponant than energy costs. Thus, we want to 
modify the process flows in our retrofit analysis. 

2, Design a New Plant Using the Same Process 

An optimized design for the HDA process with diphenyl removed as a by-product 
was discussed in Sec. 8.11. The smallest total annua l cost was S4.7] x 1OoO/ yr, which 
included an annual ized capital cost of SL47 x IOoO/ yr and an operating cost of 
S].26 x 106/ yr. This optimum operating cost is lower than the values on our cost 
diagram, S4.62/ yr, but the investment is large. 

• J J M.:: KeU3. f.1ICylo~d,a ofC~,,"'{J1 PrOCt SJ '''fJ and Dtj'gn. vol 4, IXllel, Ne .... York , 1911, p t82 

TABLE II.2· t 
Oplimum design variables for exisling pilillif 

Raclor COn\CISIO Il 
H , r Uflle Compo>!lIon 
Inlel Icrnpcralure 10 pam .. 1 ~onJcnscr 

OUllcttcmptralure from paMia l condenser 
&nunc rec<ncry In proo uc1 column 
Ren"" ulio III proouct cotumn 
Toluene reco >cry III recycle column 
Dlphellyl reco> cry ill recyclc column 
Recycle r;uio m recycle gjlumn 

0.75 

'" ~ 2 8 K 
31 J K 
099 

" 0 986 
0.801 
10 

FrOID J. J M eK."., £"'-rc/orU'" ofC~m><'" P'''''''UIIIfI ""J 
LHJI9rt. yot ' . Do:llcr. Nc ... Y" ' l . 19n. p 182 
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3_ Find the Best Process Alternath'es 

An optimum design of the HDA prOttss with diphenyl recycled was presented in 
Sec. 9.4. The total cost was $3.37 )( J06 /yr, which includes an annualized capital 
cost o f Sl .27 x 106/yr and an operating cost of $2.30 x to6/yr. We could probably 
find an even better al ternative if we recovered some hydrogen from the purge 
stream. as we discussed in Sec.. 9.3. Also, we sbould evaluate the o ther process 
alterna tives discussed in Sec. 9.3. 

4. Estimating the Incremental Investment and 
SaYings in Operating Costs 

There are at least two altematives to consider. ie., removing and recycling the 
di phenyl. To ill us tra te the procedure. we consider only the case where diphenyl is 
recovered as a by-product (alt hough Ihls mighl not be the best solution). We follow 
the procedure presented In Sec. 11 .1. 

S£CT10N I L.l 

TABLE ILl_2 

Significant ope-raling ,·.riables 

t. iJf.lih iJf.Ja,," iJf./aF,. aJ.JRr<:: 

FumlOl'rud -1134 - 11 56 • • 
Compressor po"''''' - 11~ - 20' • • 
Product column u \Lliu(s • • • '" Bc-nz 10f.S In prod col • • • -." 
PurE" losses 311 7135 -OS 0 
Scl""uv;ty 10506 5$71 0 0 • 
Recycle col utillUe!I - )82 0 0 0 
Cooting waLe, pan ~"d 0 • • 0 

" O.7j 0.46 1>. W .. , 01 O. ,. 0.' 

" 
,,. 'SO ,. JO 

" 048 077 0 0 

From W R FnMl. M F Doh<ny. _...:I' M Doull ... -Sa ..... 1JIA Proass Rouo61 
AJtanluv<:S, ~ 1&'£C R ....... cl\. 111 pres!, 1981, " 'n b ptrnli&sJolI from Lbc Anxoaa 
Cbcmi<:aJ Socie1J 

"D'" nOCESS 30' 

" .. ELIMINATE THE PROCESS HEAT EXCHANGERS. We eliminate the feed
effl uent heat e)[changer shown in Fig. 11.2- 1. altho ugh we will repeat an energy 
integration analysis after we bave revised the process fl ows. 

"b. IDENTIFY THE SIGNIF"ICANT OPERATING VARIABLES. Values of the 
rank-order function and of proximity parameters are given in Table 11.2-2 for the 
largest operating costs. The results, as we might expect, show that the conversion 
and the purge composition arc the most important operating variables (i.e., their 
rank-order functions are an order of magnitude larger than the values for the o ther 
two variables). Also, the large, positive values of the prollimity parameters indicate 
that we would like to decrease the values of the conversion and purge composition. 
Of cou rse, smaller values of conversion and purge composition Correspond to 
larger recycle flows. We might not be able to obtain these larger recycle flo ws 
because of one or more equipmenl constraints. 

ok IDENTIFY THE EQUIPMENT CONSTRAINTS.. The equipment most likely 
to constrain the recycle flows includes the gas-recycle compressor, the recycle 
distillation column, the fu rnace, and lhe parliaJ condenser. However, we do Dot 
oonsider constraints in the heal-exchanger equipment (we defer that consideration 
until we energy-integrate the process again). Also, in the origina] design. · there was 
a considerable amount of excess capacity in the recycle column_ 

• J J Mc Kell •• EttCY'o~1D ",ClltIOu,"a' P'tKUS"'9 ulUl D~Jogn, vol. 4. Dekker. New York. 1977. II 182 
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Thus, for our problem, the gas-recycle compressor constrains both of the 
operating variables, Lower purge compositions correspond to higher gas-recycle 
fl ows, which are constrained by the compressor. Lower conversions correspond to 
higher liquid-recycle flows . However, because of the 5/1 hydrogen-to-aromatic 
ratio requirement 8t the reaclor inlet, an increase in the toluene-recycle flow must 
be accompanied by an even larger increase in the gas-recycle flow. Hence, the gas
recycle com pressor also, indirectly, constrains an increase in the liqu id-recycle Row. 
Because the gas compressor capacity constrains both of the significant operating 
variables, we consider this retrofit problem first. The dominant operating cost 
trade-offs in Table 11.2-1 for both significant operating variables involve raw
materials losses balanced against fuel costs for the furnace, so tbat energy 
integration will also be very important. 

The cooling-water flow ra te to the partial condenser and the reflux ratio in 
the product column arc less important operating variables. Moreover, these 
variables can be adjusted to obtain their optimum values with the existing 
equipment. Ihat is, Pj = 0 fo r each. The cooling-water flow rate primarily trades 
util ity costs for purge losses, and the only retrofit policy possible to reduce: these 
costs would be.to increase the area of the partial condenser before the fl ash drum. 
The reflux ralio in the product column trades product losses in the bottom (which 
get recycled) for increased utility costs to increase the reflux ratio. Possible re trofit 
policies would be to use energy integration to reduce the utilities requirements or to 
increase the number of trays in the stripping section to improve the product 
recovery (which we consider to be impractical). 

4d. REMOVE THE EQUIPMENT CONSTRAII\TS. Now that we have identified 
the equipment constraints, we want to remove those constraints. Since: the gas 
compressor constrains both of the significant design variables, we consider this 
constraint firsL We merely add compressor capacity, and the incremental cost of 
this capacity, until the incremental annualized investment balances tbe incremental 
savings in tbe operating costs; see Fig. J \.2-3. From this grapb we see tbat the 
incremental savings are balanced by the incremenlal investment when we install a 
new compressor with 56% of the capacity of tbe original unit. The incremental 
capital cost is S55,OOO/ yr, but the savings in operating costs are S480,OOO/ yr. Of 
course, the large increase in the process Bows will also exceed the furnace capacity, 
but we consider the energy integration later. 

We could also add another beal exchanger in series with the existing partial 
condenser and tben trade the incremental capital cost for the savi ngs in purge 
losses. The results o f this calculation are shown in Fig. J 1.2-4. At the optimum 
conditions, the new excbanger should bave 1.5 times the area of the original unit. 
The incrementa l capital cost is S75,OOO/yr, and the savi ngs in the purge losses are 
S410,OOO/yr. 

The new values of the optimization variables are shown in Table 11.2-3. 
Obviously, the changes in the most significant design variables cause the process 
flows to change, which will change the energy integration required. 
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ok ENERGY-INTEGRAn: THE RETROFJ1TED PROCESS. The 7:H diagram for 
the original process is shown in Fig. 11.2-5. The wide separation between the two 
curves indicates thai there was a significant ince:ntive for improving the energy 
integration. However, the T-H diagram for the partially retrofitted process is given 
in Fig. 11.2-6. Now, we sec that the changes in tbe process fl ow rates have 
significantly increased the incentive for energy integration. 

The evaluation of various heat -exchanger network altematives was discussed 
in Sec. 8.11. The results indicated that all the network a lternatives had about the 
same costs. Thus, we begin our energy integration retrofit analysis merely by 
adding excbanger capacity in series with the existing fecd -effiuent heat ex
changer. The incremental capi tal cost and savings in operating costs are shown 
in Fig. 11.2-7. At the opt imum conditions, we need a new excbanger with 68% 
of the a rea of the o riginal unit. The capital cost is SI60,OOO/yr, while the savings 
are S250,OOO/yr. 
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.n. RETRO FIT TIl E HEAT·EXCHANGER NETWORK. With this optimum ret
rofit of the feed-effluent heat exchanger. the furnace load is decreased to within 
10% of its design value. One way thaI we can resolve this discrepancy is by adding 
area to thefecd-effluent exchanger. which according to Fig. 11.2-7 will no t lead to a 
large increase in costs. Another alternative would be to go back and to reslrictthe 
process flows 50 thai the existing furnace capacity is adequate. Similarly. we could 
add a sleam heater before the fced-cffiuent heat exchanger, or. beller, we could look 
for more complex networks (pressure-shifting the columns, elc.) that would satisfy 
aUf requirements. 

Discussion of the Relrofit Ana lysis 

Our retrofit analysis indicated that we can savc S I,140,OOO/yr with an annualized 
investment of S290.000/yr. We could decrease the investment required by deciding 
not to retrofit the paruaJ condenser. Now we can compare these savings and 
investment to those corresponding to building a new plant. Of course, we still 
might nOI have determined the best retrofitled process because we have not 



J66 SEcnot<' IU 11 0 0. ,.ocus 

1200 

1000 

u. • 
.; 800 
" E • " 8-
E 600 

" E 
5 
.ll 400 

200 

°0 20 40 60 80 100 120 140 160 

Heal duly, 1<f' Btufhr 

$ECT10t<' IU HOA nOCBs 361 

4.0 

" ~ .. 
~ 3.9 

" -8 
38 ~ 

c 

" " 
~ 3.7 

~ 
3.6 

0.3 

" 
0.2 ~ 

'b 

" 0. 1 
0 
u 

• :a. 
• U 

0 
68 

o 20 40 60 80 100 120 

Exchanger ovcrdesign, I. 

FlGURE 1I..l-7 
&11l11li11011 dlbe optllIlUIII ll:trofil polM:y ror the reed .. dllucIlI hUI u~b.nicr .. (From W, R .. FuM" /It F 
DoItvly, IJIId J J,f Do"i/Uu, ~ Scruning Procns R~lrojil AIItT"""_ .. ~ I&EC R~_,cll,;" prus, 1981, 

""if II potrmisllO<l from .M AlrW'til'1JII CMmicQ/ 5« .... y_) 



368 SECTION l1l 5U!04!04AU AND fJlUCISU 

considered the rccycle of dlphenyl or the reco\lery of any of the hydrogen 10 the 
purge SHearn 

Once we decic!e on a retrofit policy. v.-e must also refine our screening 
calculations. The usc of computer.aided design tools is discussed 111 the ncxt 
chapter. 

11.3 SUM~lARY ANI) EXERCISES 

S ummary 

We ha\le descnbed a systematic procedure for retrofitting processes that uses milny 
of the mel hods desCribed earher. The retrofit ana lysis proceeds through this series 
of steps: 
I. Esumate an upper bound on the incentl\le for retrofitting prepare an operating 

cost diagram 
2. EstImate the mcenllve of replacing the existmg plant with an identical sr.;tem 

use shortcut calculations and generate a list of process alternatives. 
3. Estimate the incentive of replacing the existing plant with the best process 

alternati\le. 
4. Estima te the Incremental in\lestment cost and the savings In opera ting costs 

associated with changing the existing process. 
Q . Eliminate the process heat exchangers. 
b. Identify the significant operating variables. 
c. Identify the equipment that constrains changes in the significant operating 

variables. 
d Remove the equipment constraints by adding excess capacity until the 

incremental, annualized ca pital cost balances the incremental savings in 
operating costs. 

~. Energy-integrate the process. 
f Retrofit the heat-exchanger networK. 

s. Refine the retrofit calculations, if justified . 
6. Find the best retrofit alternatIve. 

Exercises 

11 .3-1. Rctrotitthc II OA proocss by recyclmg the diphenyl to e:umction. 
11.3-2. For any proocss that you have designed. look up the original case study and 

compare the raw.material costs, utihties COSts. and M&s indell with current values 
Uow would you ellpecl the optimum design values to change as the economic fa ctors 
change? Calculate Ihe rank-ordcr func:tions and the pro11mlly parameters, using 
current prices but the ori11nal ca.~ ·study values of the optimum de~ign variables 
Rctrofit the process 

CHAPTER 

12 
COMPUTER-AIDED 

DESIGN 
PROGRAMS 

Our preliminary design (screening) calculations enable us to see whether more 
detailed design studies can be justified. In addition. they help us to select the Ihree 
or fo~~ flowsheet s that are the most prom ising and to estimate the optimum design 
condItions for each of these process alternatives, i.e., the compositions, tempera
tures. and pressures of every stream as well as the equipment sizes. However our 
screening calculations were based on a varicty of approximations; Hence. ~ our 
screening indicates that a more detailed st udy can be justified we need to obtain 
more rigorous solutions to our design equations; i.e., we need to derive a sct o f 
material balances that are rigorous, we need to account fo r losses of reactants and 
products, w~ need t~ use more rigorous equipment design equations, ete. We use a 
computer-aIded desIgn (CAD) prograin for this purpose. 

Numerous CAD programs are available commercially, incl uding FLOW_ 
TRAN, PROCESS, DESIGN 2000, ASPEN. ChemCAD, HYSIM SPEED UP 
etc. In a~d.ition. ~anyoompanies have their own proprietary progra~s. Since mor~ 
academ~c II1Sl1tutlOns usc FlO\'lTRAN than any other program, we use FLOW
TRAN 111 our examples_ lI owe\'er, the other programs are fanly Similar 111 their 
general structure. FlOWTRAN was developed by Monsa nto Co_ III the expense of 
60 worker-years of effort and a cost of more than J2 million. 

309 
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12.1 GENERAL STRUCTURE OF 
COMPUTER·AIDED DESIGN 
P ROGRAMS (FLOWTRAN) 

Computer-aided design programs all ha\l~ essentially the sa me components: 

1. An executIve system 

2. A physical properties data banl 

3. A thermodynamics properues package 

4. A collection of design (and cost) subroutmes for a vancty of process unlls 

The curren! trend is 10 add opumiz.alion roufines. process dynamic capabilities, 
and a friendlier user interface. 

The executive system reads the input data. controls the order in which the 
equipment subroutines afC calculated, pnnts the results of the calculations, elc. The 
physical properties data bank in FLOWTRAN contaIns data for 180 chemical 
compounds, including molecular .... eights, cr1lical constants, heat capacllles, acen
tric faclors, cle. These pure-componcnl properties arc used by the thennodynanllcs 
package to calculate gas and liquid densities and enthalpies, as well as vapor-liquid 
equilibrium relationships, for the process streams in the plant Then Ihe ~uipmenl 
design subroutines use this information on the slream propenies to calculate 
equipment sizes (and costs) for the various process unils, i.e., furnaces, heat 
elch:mgers, compressors. distillatIon columns, etc. 

OUf discussion oreAD programs will not b( adequate to usc: these programs 
efficiently. Instead, our goal is 10 descnbe the deSign mfonnatlon that is reqUired 10 

use one of these programs, to dISCUSS an approach for solvmg design problems by 
using thcse progra ms, and to give examplcs of somc results. In addition, we clarify 
the rela tionship between our preliminary design estimates and C AD calculations. 

To accomplish these goals, we restrict our attention to design problems 
where the basic FlOWTRAN routines are adequate for solving tbe problem. The 
program is much more flexible and powerful than our examples iIIusl rate, and an 
interested reader sllOuJd obt.ain a user's manual. · 

Executive Rouline 

The execu tive rou tine reads the IOput data, initializes the variables used in the 
calculations, arranges the order of caicuialJoos 10 correspond to the connections of 
the process units, caUs for the thennodynamics package as it is needed, converges 
the recycle calculations, prints the output results, and rcpeats the calculation 
procedure for paramctric case studies. The (onnat for the input data is given in 

• J. D. Seader, W 0 Selda, and A C. Pluk, FWH'TIUN S ...... "',_ All IlIfroJ"",iorI. CAChE 
Corp~ Cambrid,.:, Mau~ 19n ,a,·.Il"bk I,om Ulncb's Book SrOf~ Ann 10'00', Moch.), J P~lCr Oa'l. 
ed~ £;U,.cun ill I'rocC3 S"''''''''IOII U"..g FWI4 TR.AN, ibid. II. II. Hul,hc:s. CACIJ£ Uu of 
FWWTR.AN 011 UCS, ibid 
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TAIIU. ILl · ' 
FLOWfRA 

TITLE 
PROf'S 

.. RINT 

FILE 
RHR 
l'AtK 

NEW BLOCK 
IlLOCK 

PARA"! 

MOLES 

TEMP 

I'RESS 
NOFLSII 
END CASIo 
END JOB 

input dala 

Any mloe 10 luennl} rhe elise SIOO! 

Five nume,,~ ~I)O)t.nlS, Ihe lim cooslant mdlC,IIet; Ihe Dumbe, of COmpoo~nl.i, 
.. nd Ihe OUI loul '""(,pooJ 10 Iht choloe. o f the rh(n"odynal",~ OpUOO) III T,bk 
12 1-2. 

The meam Ilo) ... s fo' Ihe IiOlullOn ColO bC' pnnteu Ill" ~.'I(I} of unn~ (Ib mollil" rhe 
<kf4uh unll). Ille ~"e .. m ,ooo«non~ for th( fto ... ~hcel Cln be prlOlcd. the IOptll J .. I. 
fin be Itproduced. aoJ '0' the ph}~",," PIOprll} d<ll:' It<.Vlds an be ,,"DIed 
t 'sed 10 relnc,·( d.,J l«oro1. ftom 1''''4[( hie) 

Ut.t:d 10 Identlf} IhI; ,hen[l,,,1 eompounJ. used In Ih( case stud) (S« Append" 0) 
U~d 10 supply hquld ·phkse lellWy codliclenls ... hen 1(lulal l.(llutlon IheOI)' II nOl 
.pphcable. 
Used 10 enlft new equlpmcm sub,outlne. 

Idc:oufies Ihe rype of del.II" equa"nll~ .nd Ihe .r,alll cono«tlons followI", Ihe 
fonnar.s In Append .. 0 

Spcofics tl>c deslln pa'ameleR fo, each equipment subrO\lI",. foll",o;",& 1M fOrmit~ 
'" Appcndl~ 0 

Spcolies ,I>c flo .. 'Irn of u,h compoocol In the mput iI,rams and 10"1.1 estimalO of 
'C"Cyd( s"earn~. 

SPCCIfic:s the tcmpnal lllc of cilch feed SI,u.m Hod 10111,,1 e!>tllnale!> of 1M tempe,alu,. 
of ,ecycle st,ums 

Sp«Ilies the P'CUU'f of each feed lilTClIm aod 1111".1 eslll"atH of Ih( ,«")cic .I'e.\m~ 
Used [0 $UPP'b~ I flash calculation on a ,ecycle ~t,eam 
"II~mclnc Cli.l: ~tudle:!i 

f ,om J D XNef. II>' 0 
Cambnd,.. Mao.. ,911 

Table 12.1 -1. The statements used in olher programs arc shghtly different , butlhe 
same type of mformation is reqUIred 

Physical Properlies Dala Bank and 
Thermod ynamics Package 

One of ~he most tedious tasks in process design is looking up data for the physical 
properties ~f the com~unds of interest and then using these properties to computc 
the vapor-liquId relatlonslups, Ihe enthalpies o f thc process st reams, etc. Com
putcr-aided design programs ha\c much of this infonnalion slored in data banks 
for numerous compounds, so that these routine calculations are greatly simplified 
For example, FlOWTRAN contains the valucs shown in Table 12.I.J for the 180 
chemical compounds (see Appendix D I). It is po~ibJe to add similar data for other 
compounds and to delcrmine the conSlanlS o f illlerest directly from expcrimcnlal 
data (the user's manual- shou ld be consulted for these procedures) 

I J 0 ~ade" W 0 Seidel, ud A C Pauh. FWIfTRAN S""U/OI'''''' All IN.oJ .... ,""'. ("AOE 
Corp~ C"mbndlC'. Mau . 1917. 
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TA8LE 12 .. 1 .. 1 
FLOWTRAN Ihermodynamics oplions 

Key wOld 

Numb'" 01 ehem;c:a! Sf!eO"'l' (25 mUlmum) 

Vapor pressure o pllon 
1 AnIO''''' oqual;on 
2. Cavell oqualloo 

Vapor rugacity oplion 
1 l<kal .!a5 equalLon 
2. Rcdhch .. Kwon~ eqoalJOn 

Liqoid fugacily opl;on 
1 Vapor pressure; C hao-Seader Ir ,upercnllcaJ 
2. RcdllCh-K wong and poynllng equalloos; 

C hlo-Seader if 5upercriliaol 
J Chao-Seader equation (used with' components) 

4 G ra yson.Strced equation {used wit h ' 

compo""nts. T_. < 9(X)"F) 
~ Option 2 uctpt Pra",nil2 .. Sh,,,. fa •• upe,crihcal 

N J , CO, AR , 0,. NO. CII. 
~uid actiVIty coclflO"nl equal ,on opllon 

I. Idelll solution 
2. Regular solullon 
3_ Wilson 
4 . Van Lur 
5. Reoon 
6 . Renon wllh reBulu ~ohmon fOI unspcaticd pans 

PROPS 

From J. 0 Seodcr, W D SeO<kr.and II C Pa ..... FLOWTRA~ S...,.J.::, __ A .. , .. "oJ.<nrDfI., 

CIIOIE Co<p.. CambndJ". Mas •. 1917 

These: da ta for pure components are adequate to predict the th~rmodynamic 
properties of the mixtures encountered in process str~ms, prOVided that the 
mixtures satisfy tbe assumptions of ideal or regular sol.ut1On theory (no ~ydrogen 
bonding). For more complex mixtures it is necessary e~tber to supply estimates of 
the liquid .. phase activity coefficienls or to supply ex~nmenlal da~a.and to us.e the 
correla tion routines available in the program to estimate the activity coeffiCients. 
(Again the user's manual· should be consulted for these procedures.) . 

The o ptions available in FlOWTRAN for estimating the t~ermod!namIC 
pro perties of streams are given in Table 12. 1 .. 2. For ~he purposes of iIIus~ratlOn, we 
consider only the simplest case where regular solution theory should gIve reason
able predictions. However, the program is not limited in this respect. 

• J. D. Seadcl. W D s..,del . and A C. raub, Ft£JWTRAN S.,.,rJrJl ..... ~A" /""oduc"o". CAChE 

Corp~ C.mbrid .. ~. Mus .• 1911. 
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TA8LE 11.I .. J 
Physical property data record 

Basic 

Molal we,~ht 
Norma! bothng pol lll 
C rrt,call emretalUte 
C nl,eal rrcssur~ 
C nucal compres.<ibihly 
liquid volume CO""UIII ' 
Liquid volume (6O"F and 14 7 psia) 

Elllhloiry 
L>quid enthalpy conslalll-
tdeal .. gas heal capacily consla lllS 
Liquid eotholpy COnstall .... 

F..quihbna 
Solub,hty Jlllramctcr 
E_pan"on bao.· 
Aoentne faciO. 
Anloine ' -Ipnr p.cssu", con .. an .... 
C.vell vapol pressure conSlants 

Common 
s)'mbol 

MW 
T •• 
r. 
p. 

'. 

rJ " ... , rJ, 

W 

", .D" OJ 

" .. ". 
• f'ropnclO') "' oR"'~IO COOSlUl1S COfnI"'.ed by PROPTY 

FLOWTltAN 
slm ..... 

MW 
NBr 
l C 
PC 
ZC 
Vl 
lDEN60 

III 
C P( i) 
LlI{i) 

DELTA 
EXPF 
O MEGA 
VPA(i) 
Vl'C(i) 

" 
" 
"' .. 
pl!(lb· mol) 

Btu/(lb mol ' F) 

(cal/ml)'/J 

psra ~F 
psia. ' F 

,,,,, .. J 0 Seader, W 0 Sndcr. and II C P~u'" FLOH'TRAN .500""'~' _____ A~ 1"""".<"", ... C"C'bF.: Corp. 
Cambnd,.. M .... . 1917 

Equipment Subroutines 

Another time-<:onsumiog feature of process design is the calculation o f the sizes 
(a nd costs) of Ihe process equipment, o nce the Slream (low rates, temperatures, and 
pressures have been specified. This effort is even more tedious if we musl use trial
and-error procedures to determine the stream nows or tempera tures because oflhe 
presence of recycle loops. However, the computer can solve these. trial-and-error 
calculations relat ively rapidly. so that it is the ideal tool to usc to improve our 
estimates of the material balances and to solve complicated sets of eq uipment 
design equations. 

Three kinds of information must be supplied to the program to use the 
equipment subroutines: Ihe type of design equations we desire to solve. how the 
various prooess units are connected in the process flowsheet, and design parameters 
for the particu lar unit under consideration. A lisl of the equipment subroutines 
a\'ailable in FlOWTRAN is given in Table 12.1-4, and some of these subroutines 
are given in AppendiJL: D. 

We IIOle that there are no equipment subroutines available for calculating the 
size of reactors. for the shortcut design of plate absorbers or extraction columns. fo r 
the shortcu t design of distillation columns when the relative volatility is not 
constant, and for Ihe delailed design of cookr condensers (when the vapor and 
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TABU 12.1-4 
FLOWTRAN suiH"ou liOe!i 

Huh 

.. ~. 
IH.511 
AFLSII 
BFLSII 
KFLSIl 
FLStI1 

FRAKB 
DISTL 
DSTWU 
SEPR 
AFRAC 

Absorpllon l)I'lpp,nl 
ASSIHI. 

Olher !iCpilr1lllOn 

IInl uchangc 
EXTRC 

£XCIII 
CLCNI 
DESUP 
Il EATR 
EXCII2 
80lLR 
IITk3 
EXCII3 

MliCCllaneous unll operauon' 

rook 

l:;Olhtrmallll..h 
Ad,abau" ftnh 
Gc:neu.l-purpDK Hash 
l:;Olhermal Ihree·phase Ha5h 
Ad,aballC/ lsolhcnnal th,ee-phl ... nnh 

Rigorom dl$ullaliOn (KB melbod) 
Shoncut dlst,lla uon (Edmin5In) 
Shoneut dUlllla uon (Winn-Underwood) 
Consla.nl 'phi f",cuOII scpanmon 
Rlgorom dlSuliallonjabsorpuon 
(manu. melhod) 

Rigorous abso.be./.mppcr 

Shorteul heat (.lehan,c, 
SOOneul cooler condense. 
ShortCUI <.!6upc.hulc, 
Heal .eqUlfcmcnl, 
Shoncut pam.IltOlal ,aponzer/condenscr 
Shoneut ,cbo,lcr/inlcrcoo1er 
Threc:-phuc: hUler/coole, 
SlIorlcul helll eUhlln&C' 

ADD Strum addllK14 
MIX Suum addll>OD .... lIb no phase dlange 
SPLIT 
PUMP 
MULPY 
GCOMP 
PART 

Stream con~erJCncc 
SCVW 

Colllrol 
CNTItL 
PCV, 
DSPLT 
RCNTL 

C .... FUI 
CFLII3 
CIFLII 
CKFLII 
C .... FRe 
CDSTL 

Siream $pb. 
Cc:ouifupl pump iIZC aDd power 
Strum muJllp/>canoll by • paramo:lcr 
Coruprc»o. and lurbmc 
General-purpose , .. cam splitlu 

Bounded WejplclR lillum CODVC.SCncc 

Feedback COII'foUer 
Mulupk·paramclCf c;onlrol bind. 
o..lIl1alc I'ec:d forward 00.0"01 
1t11l0. sum and dlftCrcna feedback toDuolJcr 

flash drum «»1 

O.sulla' ...... column cost 
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TABU, 11.1 ...... 
FLOWfRAN subroulincs (conlinueJ) 

Report 

RelIcu" n 

Bloc!.; 
urn. 

ORK8 
CABSR 
CClNI 
C[XC! 
CEXQ 
CEXCl 
CrUMP 
CCO MP 
CTABS 
CII ETR 
8PROD 
PRODT 
RAWMT 

PROn 

SU MR Y 
TABLE 
GA\t X 
SPRNT 
A5T .. t 
CLR\'E 

REACT 
AkE"C 
XTNT 

n •• 

Pn~eJ a~bcr "o~I 

Hut·C1;eru.nger COSI 

Pump COSI 
Comp,euol COSI 
T,.y amo,be. emt 
HQ.I~.chan&tr cool 
B)" produ" V01..Iuc 
Ploduci .c,eam ..... 1 ... 
Ra .. ·ma.cnal.allK 
Profilab.lit) ,"al~'s'~ 

Sm:am OUlptU eduor 
ComponcllI phY~ICll.1 propcrtlC~ .able:: 
Uquld·acII'"II~-<:ocfficJclll.l table 
Suum pnlll bloc~ 
Anal~ucal d'~III!;lUOn oIa ,"cam 
Ueallnl and cooho& cu",,"cs 

ChemICal ,caCIOf 
.... dllb~l'" aJd ".ubuaCl ,caCIM 
ChemICal ructo, (e~,em of ,caChon model) 

From J D Suck".... D 5<><1<, •• DOI A C P~"b. FLOWTRAN ~_ A .. 

1 .. ,.oJ..c,_. CACbE Corp.. ul1Ibnd.." MUIo .• 1971 

liquid phases are not in equilibrium). I ( is possible to develop subroutines for these, 
and o ther, problems and to add them to FLOWTRAN, but we do nol consider 
problems of this type. 

12.2 MATERIAL BALANCE CALCULATIONS 

In Chaps. 5, 6, and 7 we discussed shortcut procedures, for eSlimalmg both overall 
and recycle material balances. We used these shortcut calculations to help fil the 
st ructure of Ihe nowshecl. One structure Iha t we discussed III delai! for Ihe HDA 
process is shown in Fig. 12.2.1 , although, as we discussed In Chap. 9, this structure 
probably does nOI correspond to the best design However, smce our goal here is 10 
demonstrate how CAD calculations can be used to refine our approximate 
calcula .ions, we develop a more detaIled solution for the ftowShCC:1 gIven In Fig. 
12-2·1 
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Compressor 
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Mixer ",,",,0' Flash 
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• 

Tower 3 TQ\l.er 2 I- Tower I 

Dlphenyl 

FlGURE 1l_1.-1 
HDA r'~ block fI,o • .-sh«1. 

Genera l Approach to CA D Calculations 

Once the structure of the flowsheet has been fixed, then the conventional approach 
to developing a design IS to calculate the material balaooes, calculate the energy 
balana!S, calculale the equipm«;nl sizes, cakulate the capital and operating costs, 
and evaluate the process profitability. Most of the CAD manuals imply that all 
these problems can be solved simultaneously, but they recommen.d the gr~dual 
development of a Solullon by breaking the complete problem down Into a senes of 
smaller problems, The reason for this evolutionary approach is that it ~s ea:'Y to 
make mistakes entering the input data., the codes have fairly large runmng Omes, 
and It is both expensive and tedious to make numerous runs that fail. 

Our goal here is to use a CAD program to evaluate tbe approximations we 
made in our screening calculalions to verify our selection of the most promising 
process alternatives. We based our matenal balances on the complete reco\'~ry ~f 
all valuable materials. along WIth some other approximations for varor-hquld 
spilts. Since the energy balance calculations and the calculations o f equipme~1 SIZes 
and costs all depend on the material balances. our approach IS to revISe the 
matenal balance calculations first. 
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Sim plified Flo" sh«t for Material 8 a laoct' 
Calcula tions 

Our process flowsheet (without an) heaters or coolers) is shown in Fig. 12.2-1. 
However, to perform a sct of material balance calculations, we need to consider 
only the units where the component fl ows cha nge. i.e .. the reactor, the phase splitter 
(flash drum). the columns. and stream miXIng o r splitt ing In addition. we consider 
the locations where pressure changes take place. because most of the equipment 
subrou tines require that the pressure be s~cified. For our example, we assume Ihat 
the feed streams are at 535 psia, that the pressures of the gas- and liquid-recycle 
streams arc raised 10 Ihis level. that the reactor operates at 500 psia, that the 
pressure in the flash drum is 465 psia, that the stabilizer pressure is 150 psia, and 
that the product and recycle column pressures arc 15 psia (we shou ld use 20 psia 
for final design calculations. but here we wanl to check our shoncut results). 

OUT simplified fl o w5heel for the process, which shows the unilS nceded for the 
material balance and pressure-change calculations. is shown in Fig. 12.2-2. Note 
that we must indud~ unils where stream mixing and splitting take place (which In 
practia: mIght ani) be 3 tee). and we Include valves that arc used to drop the 
pressure if a phase change might occur 

Seq uential M odula r CAD Pmgra ms a nd S tream 
Tea ring 

Man}' of the CAD programs that are commercially available (PROCESS, DE
SIGN 2000, ASPEN, etc,), as "'ell as FlOWTRAN. ha\'e a sequentIal modular 
structure. That is, if we know the inputs to a process uni t, the equipment 
subroutines will calculate the outpUlS. Thus, if we 6x the feed flow rates of 
hydrogen and toluene and if we know the gas- and liquid-recycle flows for the 
(low sheet shown in Fig, 12.2-2, we can calculate the reactor feed conditions. Then 
we can calculate the reactor product stream, the split tbat takes place in the flash 
drum., the outputs from the valves and towers. the purge split, etc. 

S tream T earing 

However. we do not know the gas and recycle flows initially. So if recycle loops are 
present in the ftowshect, we must tear the recycle streams. That is, suppose we tear 
both of the gas- and liquid-recycle streams (sse Fig. 12.2-3) and we guess the 
component 80W5 in each of these streams as well as the temperatures and pressures. 
Then .... e can calculate all the outputs from every umt. and eventually we can 
calculate all Ihe component Rows in the gas- and liquid-recycle streams. H we 
change our guessed valucs until they match our calcu lated values, we will have 
obtained a converged sct of matcrial balances Thus. the sequential modular codes 
Include convergencc blocks that WIll Iterate on these guessed alld calculated values 
until they agree within a tolerance spcctficd by the user. 
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Compressor Purge 
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Olphenyl 

n CURE 11.1-2 
H OA proa:u. lIowsbcel .howin, all uaila. 

Convergence 

Of course, convergence is obtained much more rapidly if tbe initial guesses are 
close to being correct. Some inellpenenccd users start by guessing zero values. Even 
though the CAD programs usually conH'rge wilb uro slarting values for the 
recycle flows. a very large Dumber of iterations Du.mally is required (i.e., it takes a 
very large number of iterations to build up large recycle flows from a zero starting 
value). However, we can use our shortcut material balances to supply "good" 
starting values. 

M inimiring the Num ber of "Tear Streams" 

After some thougbt, we might realize thalli IS very inefficient to tear both the gas
and liquid-recycle streams. If, instead. W~ I~ar Ibe stream entenng or leaving Ihe 
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Compressor Purge 
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Mixer ReactM Flash 
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Oi hen I p y 

FIGURE tU-J 
HDA proor:u., teari", rocyclc StrCatlll. 

reactor, we brea],: both recycle loops (see Fig. 12.2-4). Most CAD packages Include 
an algorithm that ..... iU indicate which streams to tear to mimmize the number of 
convergence blocks Ihat need to be mcluded ID the flowshccl. We can also use our 
shoncul calculations to obtalD good estimates of the feed to the reactor or Ihe nMh 
drum. 

Cbeck Ihe Physica l P roperlies 

We prefer 10 choose Ihe stream entering the fla sh drum as the starting POint for our 
calculations It IS esscnl1al 10 ensure Ihat the physical property data provide 
realistic predictions for the process under considerat ion, and therefore It IS always a 
good Idea to inillate a CAD study by undertaklllg some Hash calculations. In 
additIOn, specifYing the rec:d 10 a Hash drum In a tlowshcci almost always breal..s 
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FlGURE 11.1-4 
HDA prooess. altem.le tearilll scheme.. 

one or morc recycle loops. Moreover, slarling with the foed to a fla sh drum allows 
us to evaluate somc of Ihe decisions we made concerning the liquid separation 
system. 

Olhe.r Types or CA D Programs 

There 3rc CAD packages (SPEEDU J\ QUAS I LIN, ASCEND II) that are based 
on an equation-solYlng approach That IS. Ihey allempt to solve all the equatIOns 
describmg the flowshccl simullaneou~ly . These programs should be much more 
efficient if there are a large number of recycle loops. because Ihe sequenlialmoduiar 
programs sufTer if there are many nested iterations. In addition, sllilultaneous 
modular iteration schemes ha\·e been developed (FLOW PA CK alld a recent 

modirication of FLOWTRAN°). which use equipment subroulllles but converge 
all the rceycle loops simultaneously These newer types of codes also make it 
possible to optImIze the f10wsheet at the same time as the rceyle loops arc being 
comerged. Thus, Improved codes should be available in the future. 

Computer Inrormation lJia~ral1l 

The Initial step 111 developIng a ('A D program is to translate our process f10wsheel 
11110 a compuler mformalion dmgram The computer information diagram is 
essen tially the same as the f1owShccl, except that we must show all mixers and 
splitters and the locatIon of our con\'ergencc block(s). In FLOWfRAN we must 
number each of Ihe streams frOill SOl to 599 (if less that 10 strea ms are prescnt. we 
number the111 from 51 to 59). Moreover. we !ive each unit an arbitrary na111e of up 
to six leiters and numbers (startlllg wilh a letter). and we indicate the type of 
subrou tine (see Table 12.1..4 and AppendIX D) that we will use for the calcula
tion, A compUTer information diagram for HDA material balances is shown in 
Fig 12.2-5. 

Starting Values- Approximate Material Balances 

Using the appro~imallon pr~dures desCrIbed in Chaps. 5 and 6(and in Appendlll. 
8 for the HDA plant), we can estImate the overall and recycle matenal balances 
For a case where the desired production rale of benzene is 265 mol / hr. the 
con\'ersion IS t = 075 (the selectl\'ity is S = 0.9694). the purge composlllon IS 

}~ = 0.4, and the molar ratIO of h),drogen 10 toluene is 5/ 1 ...... e obtain the Slream 
flows shown in Table 12.2- 1. Then in Chap, 6 we descnbed a shoncu t procedur~ for 
nash calculat ions. and the revised nows are shown 111 Table 12.2-2. 

W~ nOI~ from Ihese reVIsed nows Ihat we do not meet the desired production 
rate spa:iricatlon (stt the flash hqUid flow of benzene) because so much benzene 
went overhead with the nash vapor. We also note that the gas-recycle fl ows no 
longer balance aod that a slgniricant amount of benzene is recycled wilh the gas
recycle stream. Of course, the errors are not as bad as Table 12.2·2 seems to 
mdicate, because the benzene in the gas· recycle s tream will be recycled through the 
reactor and be flashed again. AI this point. the amount of benzene in thc fl ash 
liquid will increase. We could try to solve Ihis iterative problem by hand. but 
instead we use our CAD program 

It probably would be undesirable to recycle this much benzene to the reactor 
because a substantial fraction of this benzene would be converted to diphenyl (if we 
had recycled all the diphenyl, the benzene rccyde would not be a problem because 

• v u t ... nA, L T B" Jk'. and t E G H)S., ..... nn. ~S"nulta"eou. Or'tI"m"' .. n and lIelfl Intev.t ion 
WIth r.~ 5Imul"lOn,~ "ape' no 72h, 1986 Annual At("hF MoelrnA- /'.tllmr 8e.ch. Novembe, t98(;, 
5ubmllled to ClJ",f""t'FS ;n (~~mlc,,' f."9'J1«T'''9 
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there would be no selectivity loss). Uowever, o ur correlation for product d is t ri bu
tion ( the selectivity data in Appendix B) is based o n a pure toluene feed 10 the 
reaclor, so that we cannot eslima le the loss of Ihe benzene 10 diphenyl beca use of 
the recycle. 

If we had insta lled a vapor recovery system on the flash vapor st ream, o ur 
estimates of the process fl ows would have been more accurale .. H owever, il should 
be a good lest of o ur approx imate ma terial balances to compare Ihis worsl-case 
condition shown in Table 12.2-210 a rigorous C AD solutio n. Hence, we use the 
values shown in Table 12.2-2 as uutml va lues for o ur CA D ru ns. 

F lash Ca lcula tions 

We Slarl o ur CAD slUd y by Just considering the flash drum, I.e., we want to ensu re 
that the physical properties are reasonable We call the UDit FLAS H, and we use an 
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TABl[ ILl- . 

SCrea m 80"5 (or petree' splils in Hash drum- leu!1 3 

II , T"'M Gn liquid R~.tlor 
Cumpo"., ... I . .. I", TKFk ,«yd. , ... 
", 4679 0 1HOO 0 lSI/)9 
CII, '" 0 20250 0 '0'" 
Iknl~r>e 0 0 0 0 0 
Toluene 0 211 4 0 '" J." 
Dlphcny. 0 0 0 0 0 

n ell, Rae' of t-b. ,h ,,.~ Go> 
CompoacOI rucliOil n,;, ~,.., liquid Pu'er rK)'clt 

H, - 269.2 1S487 15487 0 1987 usoo 
cu, 27]4 23210 BUO 0 2980 WHO 
"=M 2650 lUO 0 2650 0 0 
Toilxnc - 273 4 ., , 0 91' 0 0 
D.ptx,nyJ •. , ., 0 " 0 0 

IFlSH subro uti ne (see Append Ix 0.2). The campUier mformal ion dmgram IS 
sho .... " In Fig. 12.2-6. T hIS dmgram IS Identical 10 (he fl ash unit thaI has been 
isolated from Fig. 12_2-5. 

Program Inpul 

We follow the: input formal gl \"cn In Table 12.1-1, and as a t itle we choose II DA 
fLAS H. T here are the components in the feed stream (hydrogen, met hane, 
benzene, to luene, and diphenyl) and we decide to use the Antome equa llon for 
va por pressure (opuon I In Taole 12 1-2), the Redhch- K wong equallon for the 

TABLE 11.1-2 
Siream flo~·s "'hh a flash- Inel 4 

II , Tol .... ne Gu u., .. id lI a clor 
Com,.-Ol , ... ,..r rK}"ck I"ftycil' ,..r 
H, 461.9 0 11SO.0 0 t8 16.9 
CH. '" 0 2025.0 0 2049.6 .. ~~ 0 0 0 0 0 
T oIlM:DC 0 27H 0 '" ,.., 
Dlphnlyl 0 0 0 0 0 

D eha Ra t lor Flo .. A.~ Gu 
Com~1 rta t liOQ u .i l .apor liquid rU'lt1' rff}"cK 

H, -269 2 tS487 I S47.0 , 198.5 1148 S 
CH. 2134 2l2JO 23t2.0 II 2%' 2OIS4 
"=M 26S.0 26S0 29.' US, J8 'SO 
Tot_ 213.4 91, J6 .,. 

" ]J 

Oi(>IKo)1 " " 0 " 0 0 
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vapor fugacity (option 2 in Table 12.1-2). optiOD 5 for the liquid fugacilY. and 
option 2 for the liquid activity coefficien t. Hence, the TITLE and PROPS 
statements are 

TITLE HOA FLASH 

PRO PS 5 2 5 2 

We decide to print the input program along wjth the results, so that we can 

maintain a record 

PRINT INPUT 

All the components of interest arc listed 10 the physical properties data banI.. (see 
AppendiX D.1 for the component list and the allowable names to be used in the 
program). Note that FLOWTRAN uses biphenyl instead of dlphenyl, a possible 
source of confusion which exists elsewhere in the literature. Therefore we can write 
the retrieve statement as either 

RETR HYDROGEN METHANE BENZENE TOLUENE BI PH ENYL 

0' 

RETR H2 a BZ TOL B-P 

The block statement associates the unit name that we .selected, FLASH, with 
the equipment subroutine in FLOWTRAN, IF LS H, and identifies the input and 
output streams. From AppendiJ: D.2, we see that the block statement for an IF LSH 
subroutine should be 

BLOC K FLASH IFLS II SOl S03 S02 

Similarly, if the Rash drum temperature and pressure arc lOOT and 465 PSII for the 
first easc, and we desire 10 print the K values (the FLOWTRAN K values will he 
different from eslimales using the Hadden and Grayson c01relall(11I5 111 AppendiX 
C. I). we write 

PARAro.1 FLASH 100 46:'i 
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We uSC' our earher estimates of the stream Row rates (see Table 12.2-2), and 
'4e enter the flo" s In the same order as they appear In the RETR statement 

MOLES SOl 1549 2323 265 91 4 

The temperature and pressure statements for the feed stream are 

TEMI~ SOl 100 

PR ESS SO I 465 

and this completes o ne case. 
To consider Ihe behavior of the Rash drum at other pressures, we introduce a 

Dew litle statement, a new PARAM statement and a new PRESS sta tement, and 
another END CASE card. A program for operalioll at IOO"F and both 465 and 480 
psla is ShOWD ill Table 12.2-3. Note that the PARAM statement for this second case 
is 

PARAM FLAS II 2 480 

beeauSC' we 8re changing only the set:ond eo try in tbe PARAM statement (see 

Appendix 0 .2). 

Program Output 

There are several parts to the computer output., including a stream table and an 
equipment summ3T)', which gives the heat added or removed from the drum 

TARLE 1u..J 
Flash calculations 

TITLE HDA FLASH DRUM 
PROPS 5 1 2 5 2 
PRINT INPUT 
RETR HYDROGEN METHANE BENZENE TOLUENE BIPHENYL 
BLOCK FLASH IFLSH 501 503 502 
PARAM FLASH 1 100 465 1 
MOLES 501 1 1549 2323 265 91.1 4.2 
T""P sOl 100 
PRESS 501 465 
END CASE 
TITLE HDA FLASH INCREASED PRESSURE 
PARAH FLASH 2 480 
PRESS SOl 480 
END CASE 
END JOB 
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However. the OUlput of pnmary mterest is shown 10 Table 12.2-4. These are tbe 
same values that were used 10 compare the rigorous and approximate flash 

calculations in Table 7.\-1. 

FLO\VrRAN Program for Ma ferial Balaoce 
Calcul a tion!> 

The computer Informa llon dmgram we U~ for the material balance calculatIOns is 
gl\'en in FIg. 12.2-5 However, since It is easy to make nlistakes in de\'e1opmg any 
CAD code, It is always a good Idca to bUIld the program in small PieceS and to 
debug each of these smaller portions. Thus, we might develop separate programs 
(or the liquid separation system, ic., from the flash drum through the pump shown 
in Fig. 12.2-5, and another program for most of the gas-recycle loop, i.e., from the 
Hash vapor stream back through the reactor. Wc can use our approximate stream 
flows given in Table 12.2-1 or 12.2-2 as starting values for the two streams 

A program for the calculation of the material balances is given in Table 
12.2-5. We usc SEPR blocks ini tIally for the distillation columns, because tbey 
provide the SImplest way of estimating the component flows for specified fractional 
reco\'erics, and we use the conventional rules of thumb to fix these fractiona l 
recovencs. (If necessary, .... e adjust these spht fractions to satisfy our product purity 
requirement) The feed rate to the flas h drum is taken from Table 12.2-2. The 
PARAM statement fo r the SPLIT block on the purge stream requires that we 
specify the spill fracllon. We can use our approximate ma terial balances (see Table 
122-1 to eSlimate this value) 

198.7 + 298.0 
Split FractioD for Purge Stream"" 1548.7 + 2323 =:: 0.1283 (12.1-1) 

The PARAM statement for the recycle compressor requires that we specify 
the exit pressure and the efficiencies, while the PARAM statement for the REACf 
block requires that we specify the conversion of each reaction. These conversions 
arc related to one another by ou r selectivity cOlTeiation. Again, we usc our 
approXImate solution to estimate tbe appropriate values 

364.5 - 91.1 
Cooversion 1 - 364.5 <= 0.75 

273.4 - 265 
Conversion 2 = 273.4 = 0.0307 (12.2-3) 

The ADD block requires that we specify the component How rates of each feed 
stream (in the order in which they appear in the component list In the RETR 
statement) The MOLES statement for the rresh feed toluene IS 

MOLES S13 4 2734 
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TARU; 12.1-5 
IIDA plant ma'torial balanus 

TITLE HDA PLANT - MATERIAL BALANCES - CONTROL SYSTEMS 
PROPS 5 1 2 5 2 
PRINT INPUT 
RETR HYD ROGEN METHANE BENZENE TOLU ENE BIPHENYL 
8LOC ~ FLASH IFLSH SOl 503 502 
BLOC~ VALVI AFLSH 503 6*0 504 0 
aLOC~ TOWRl SEPR 50 4 506 505 
aLaCK VALV2 ArLSH 506 6*0 5 07 0 
BLOCK TOWR2 SEPR 507 509 508 
BLOC~ TOWR3 SEPR 509 511 510 
BLOCK PUMP PUMP 510 512 
BLOCK PURG SPLIT 502 520 521 5*0 
8LOC~ COMP GCOMP 521 515 
BLOCK TOLFD MULPY S30 S13 
BLOCK rMIX ADD 512 513 514 515 3*0 S16 
BLOCK REACT REACT 516 6*0 517 0 
BLOC K CONVG SCVW 517 0 0 rLASH 501 0 0 
BLOCK PCONT CNTRL 508 TOLro 1 
BLOCK MCONT RCNTL 516 516 PURG 2 
PARAM FLASH 1 100 465 1 
PA~ VALVI 1 150 0 1 
PARAM TOWRI 1 1. .995 .003 22*0 1 
PARAM VALV2 1 15 0 1 
PARAM TOWR2 1 1. 1. .995 .001 21*0 0 
PARAM TOWR3 1 1. 1. 1. . 995 . 005 20*0 0 
PARA" PUMP 1 535 
PARAM PURG 1 2 .12 8 .872 5*0 
PARAM COMP 1 535 0 1 0 .8 .8 
PA~ TOL FO 1 . 6625 
PARAM REACT 1 1265 500 0 2 4 .75 -1 1 1 - 1 21*0 
PARAM REACT 32 J .03 1 0 -2 0 1 74·0 
PA~ CONVG 1 3*0 2*1 6*0 
PARAM PCONT 1 6 265 1 .3 0 .001 0 0 
PARAM MCONT 1 4 1 5 1 .5 .05 0 .001 0 0 
MOLES 501 1 1549 2323 265 91.1 4 .2 
MOLES 530 4 400 
MOLES S14 1 467.9 24.6 
TEMP 501 100 
TEMP S30 100 
TEMP 514 100 
PRESS 501 465 
PRESS 530 575 
PRE5S S14 575 
END CASE 
END JOB 

sFnlON 111 MArU1Al MUNCE CAlCUUTIW<I$ J89 

because this st ream contains only toluene . ..... hich is the fourth component in our 
list 

RELATIONSIIIP 8~"TWEEN OUR AI'PROXIMAn: MAn;RIAL BALA NCl:S 
ANI) TIlE FI-OWfRAN INPUT. We used our approll:i mate ma terial balances to 
estima te the fresh feed rales to the process. the split fraction for the purge s tream, 
the reactor conversions for the two reactio ns, and as a starting guess .... hen .... e tore 
the recycle loop at the feed to the nash drum lienee. our approll:imate material 
balances provide a good starling point for the more rigorous analysis. It i~ not a 
Simple malleI to make - reasonable" guesses of the values required for the 
FLO WTRA N input if these approll: lma te solu tions arc not available. 

Need ror Feedback Controllers 

Also note thai the FLOWfRAN input reqUires different information fro m what we 
used for our inillal design That IS, for the FLOWTRAN input we must specify 
both fresh feed rates, the reactor conversion (we can use our selectivity correia lion 
10 calculate the conversion of the by-product reaclion). and the spli t for the purge 
st ream. In con trast, in o ur sho rtcut calcula tions, we hased the design on a 
specification of the production rate, the reactor conversio n. the purge composition 
{which is equiva lent to spttifying the fresh feed hydrogen now}, and a constraint of 
maintaining a 5/1 hydrogen-Io-aromatics rat io at the reactor inlet. 

To have our FLO\VTRAN prograT:l produce the desired production rate, we 
..... iIl need to add a feedback con troller to adjust the toluene fresh feed rate unt il the 
benzene production rate matches thc desired value. Slinilarly, we will nccd to 
adjust the split fra ctio n for the purge stream until the hydrogen-Io-aromatics rat io 
at the reactor inlet matches the desired value of 5/1. Each of these feedback 
controllers introduces a new level o f iteration. Hence. we normally defer adding 
these controllers until after we ha \Ie obtained a converged set of material ba lances. 
The order in which FLOWTRAN undertakes the calculatio ns is the same as the 
o rder specified for the BLOCK statements. 

Including Feedback Controllers- Nested Iterations 

When we attempt to ins tall a feedback contro ller that will manipulate the 
fres h feed rate of toluene so that the now rate o f the benzene product s tream is 
265.0 molJhr. we find that the CNTRL block can only manipulate a parameter in a 
block statement and cannot adjust a no w ratedircctly. To resolve this difficulty, we 
can add a MULPY block to the toluene fresh feed st ream and then adjust the 
stream multiplier : see Fig. 12.2-7. 

We also want to add a feedback cOlltroller to adjust the split fraction of the 
purge stream, 10 keep the hydrogen -to-aromatics ratio equa l to 5/1 at the reactor 
inlet. However, the RCNTL block will a llow us to control the hydrogen-to-toluene 
no .... . but nOlthe ratio of hydrogen to the sum oflhe t-enzene a nd toluene. We cou ld 
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overcome this difficulty by writing the code for a new block that would sum the 
toluene and benzene fl ows al the reactor inlet and then using a ratio controller. 
However, since our goal here is merely to illustrate how a CA D program can be 
used to refine our approximate material balances and siDCc: we probably would not 
want to allow this much benzene to be recycled, we simply add a ratio conlroller for 
the hydrogen-to-toluene How ; see Fig. 12.2-7. 

When we add these feedback controllers lD FLOWTRAN. we nest the 
iterations required to converge the calculations. That is, suppose it takes five 
iterations to converge the material balances. i.e., the SCVW block. After these 
ca lcu lations have converged, a change is made to attempt to converge the product 
flow rate controller. After this change has beeD made, it might lake another five 
iterations to converge the SC VW block again, and then a second change is made m 

o 
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an allempt h) .:;onlcrge the product now controller. This nested Jleration procedure 
is oonlmued unt il both the SCVW block and the CNTRL block arc converged. At 
Ihis point. a change IS made to converge the RCNTL block. Then the whole 
procedure Starb again until both the SCV W block and the CNTRL block arc 
con\erged, and then a second change I~ made \ 0 attempt to con~erge the RCNTL 
block 

Clearl~ . ne~ted Iterations wtll greatly increase the computer time (and cost) 
required to obtam a solullon. Therefore, we suggest that initially the convergence: 
tolerances be sel to 0.001 multi plIed by the desired value of the properly being 
controlled. rather than the default value o f 0.00001. 

l\-1a terial Ba la nces fo r the Base-Case F lo" 'sheet 

The stream flows calculated by the program given in Table 12.2-5 are given in 
Table J 2.2-6. Of cou rse, we could decrease the error in these material balances by 
requiring a tighter tolerance on the controller blocks. However, the results are 
adeq uate for a second-le vel screemng of the process alternalll·es. 

It is interesting 10 compa re the stream flows shown in Table 12.2-6 with the 
apprOXimate results we obtained in Table 12.2-2 (see Table 12.2-7). The approxi
mations gi\en in Table 12.2-2 correspond 10 a worst-case condition, where we 
made no attempt to correct for the fact thai a significant amount of benzene leaves 
the fl ash drum " Ith the vapor strea m. Despite this error, mosl of the approximate 
stream flows are "uhm 3 ~o of theIr more exact values, which is adequate for 
screening calculallons. We base our error a nalysis on the lotat flows because most 
of the heal loads a nd equipment sizes depend on only the lo tal flows. 

Ma terial Da la nces 'o\hen Benze ne Is ReCOl'ered 
from the Flash Va por S trea m 

If we include a vapor recovery system on the flash vapor stream (see Fig. 12.2-8), we 
obtain the results given in Tabk 12.2-8. Now if we compare the stream flows in 
Table 12.2-8 lIith the results of the approximate balances given in T.able 12.2- 1, we 
sec that the errors are quite small, i.e., within a 2 to 6 % error. Errors of this 
magnitude ca n easil)' be tolerated when we are screening alternatives. 

Discussion of the Approxi ma te Ma terial Ba la nces 

Hopefully we ha ve demonstrated the magnitude of the errors thai can be expected 
from using our very simple, approximate materia l balances. We use these approxi
mations initially to see whether the process has any chance or bei ng profitable o r 
whether the project should be terminated. If further design efforl can be justified , 
we use the approxImations to identify promismg alternatives. However, we would 
always u~ a set of more ngorous material bal:lnces obtained by usi ng a CA D 
program for final design calcula tions. Our improved balances a re still not rigorous 



ill TABLE !1.U 
N HDA planl mlreri.1 b.lances 

HDA PLANT - MATERIAL BALANCES - CONTROL SYSTEMS 

STREAM NAME: 501 502 503 SO, 505 
LBMOL/ HR LB"'OL/ HR LBMOL/ HR LBMOL/ HR LBMOL/ HR 1 HYDROGEN 1577.14 1575.66 1. 48202 1 . 48 202 1. 48202 2 METHANE 2399.24 2388.12 11.1190 11.119 0 11 . 0634 3 BENZENE 296 . 602 29.7555 266.847 266.84 7 0. 80054 4 TOLUENE 92.8057 3.4766) 89.3291 89.3291 0.0 5 BIPHENYL 4 . 61 002 0.00040 4.60963 4 . 6 09 63 0.0 TOTAL LaMOL/ AR 437 0 .40 3997.01 373.386 373.386 13 . 346 0 TOTAL LB/ Hft 74096.5 44131.3 29965 . 3 29965 .3 24 2 .996 1000 BTU/ Hft 71543.00 2808.79 - 4621.2 0 -4621.2 0 16.24 DEGREES ,. 1265.00 100.00 100.00 98.89 142.49 PSIA 500 . 000 465.000 465.000 150.000 150. 000 DENSITY, L8/ rT3 0 . 4543 0.8637 52.2572 0.0000 0. 4292 1'I0L£ rRAC VAPOR 1 . 0000 1.0000 0 . 0000 0 . 0202 1.0000 

STREAM NAM!:: S06 507 509 509 510 LBI10L/ HR LBMOL/ HR LBMOL/ HR LBMOL/ HR LBMOL/ HR 2 METHANE 0.05560 0.05560 0.0.5560 0. 0 0.0 3 BENZI!:NE 266.046 266.046 264.116 1. 33023 1. 33023 4 TOLUENE 89.3291 89.3291 0.09933 99.2399 88 . 7936 5 BIPHENYL 4.60963 4.60963 0.0 4.60963 0 .02305 TOTAL LBMOL/ HR 360.040 360.040 264.861 95.1796 90 . 1469 TOTAL LB/ Hft 29722.3 29722.3 20685.5 9036.72 8288 . 36 1000 BTU/ Hft -794.97 -794.97 -2663.12 -814. 03 -752.64 D!Gftl!:!S , 370.21 193.69 168.83 234.37 231.20 PSIA 150.000 15.000 15.000 15.000 15.000 DENSITY. LB/ 'T3 42.6642 0.0000 51.0575 49.2994 48.6827 !'IOL! rRAe VAPOR 0.0000 0.5458 0.0000 0.0000 0.0000 

-.----

STREAM NAM!: 511 512 513 514 515 
LBPlOL/ HR LBMOL/ HR LBMOL/ HR LBMOL/ HR LBMOL/ HR 

1 HYDROG!N 0.0 0.0 0.0 467.900 138].40 
2 MET HAN! 0.0 0.0 0.0 24.6000 2096 . 72 
3 BENZENE 0.0 1.33023 o . 0 0 . 0 26.1247 
4 TOLUENE 0.44620 88.7936 279.375 0 .0 3 . 05241 
5 BIPHENYL '.58658 0.02305 0.0 0 .0 0.00035 

TOTAL LBI10L/ HR 5.03278 90.1469 279.375 492.50 0 3509.30 
TOTAL LB/ HR 748.361 8288.36 25740.0 1337 . 92 ]8746.4 
1000 BTU/ HR -14.09 -752.64 -3821.65 343 . 96 3157. 50 
DEGREES , 405.12 231.20 100.00 100.00 124 . 65 
PSIA 15.000 535.000 575.000 575. 000 5]5.000 
DENSITY. LB/ FT3 54.2040 48.6827 53.1678 0.2543 0.9497 
MOL! rRAe VAPOR 0.0000 0.0000 0.0000 1 . 0000 1.0000 

STREAM NAME: 51. 517 520 S21 530 
LBMOL/ HR LBMOL/ HR LBMOL/ HR LBMOL/ HR LBMOL/ HR 

1 HYDROGEN 1851. 30 1577.47 192.261 1383 . 40 0. 0 
2 I1ETHAN! 2121 . 32 2399.74 291.398 2096 . 72 0 . 0 
3 BENZENE 27.4550 296.695 3.63076 26.124 7 0. 0 
4 TOLUENE 371.221 92.B054 0.42422 3.05241 400.000 
5 BIPHENYL 0 . 02340 4.61146 0.00005 0 . 00035 0.0 

TOTAL LBMOL/ HR 4371.32 4]71.32 487.714 35 09 . ] 0 40 0. 000 
TOTAL LB/ HR 74112.6 74112 . 6 5]84.89 38746.4 ]6853 . 6 
1000 BTU/ Hft -1072 .83 71719.65 342.73 2466 .0 6 - 5471. 70 
DEGREES , 126.11 1265 . 00 100.00 100.00 100.00 
PSIA 535.000 500.000 465.000 465. 000 575. 000 
DENSITY, LB/ FT3 0.0000 0.4543 0.8637 0.8637 5].1678 
MOLE rRAe VAPOR 0.9111 1.0000 1.0000 1. 0000 0 . 0000 

~ 
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because: we arc not cerlain Ihat we can deSIgn dlsuliallOn columns that have exactly 
Ihe split fraclions thai we have assumed. 

An inspecllon or our approximate and exact results indicates that the major 
error in our approXln181e calculations is caused b) Ihe flash drum ; i.e_. our 
shorlcut calculations are based on a perreci vapor-hquld Sphl, so Ihal we did nOI 
properly account for Ihe benzene and toluene leavmg In the flash vapor and the 
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hydrogen and methane dissolved m the flash hqUld_ However, ourshorl~ul flash 
calcu lations did correctly indicate the magnitude of Ihis error, although 11 would 
have been ledious to converge the flash calculations by hand. Despile the error, Ihe 
shortcut calculations are sufficien lly accurale for screening purposes. 

A second source of error in the approximate balances was due to the 
assumption of complete recoveries. The losses depend on the column sequence we 
choose, as well as thedcsign of these columns. which is the reason why we neglected 
the losses in our inillal calculations However, the losses are only a small source of 
error in our screening calculalions. .. 

Now that we have developed an improved set of material balances, II IS 51111 
necessary to check the approxImations we made to calculate the energy balancc:s, 
Ihe equipment sizes, and the: equipment cost.). We briefly discuss these problems 10 

the remamder of thiS chapler 
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12.3 COMPLETE PLANT SIMULATION 

Once we have com pleted a SCI o f material balancc calculations. v.e can work on 
developing a simulation of the complete plant. Again. II is advisable for a begmner 
to put the program togelher ill small chunk s and to debug these sma ll chunks 
mdividually, rather than allcmplmg 10 immed iately solve the com plete problem 
We use the results o f our material balance calculations 10 fi~ the fl ows fo r the~e 
sma ll subproblems 

Some examples of the lypeS of studies Iha l norma lly an! useful to unde rtake 
are discussed below. Then we di SCUSS a program for the complete !fDA pfOC'C'>S 

Distillation Column Calculations 

OUf materia l balancc calculatio ns were based o n splil (SEPR) blocks to deseriix' 
the behavior of the d is tillation columns. With these blocks Voe mere!) specify the 
fractio n of each component tak en overhead, so lhe results will not necessari ly 
correspond to the d istribu tion o f the non keys that we would obtain with more 
ngorous models of disti llation columns. Hence, as the next step In the de\'e!opment 
of a complete simulation. we might de\'elop a simple program for Just the 
distillation section, where Voe replace: the usc o f spli t blocks by Fenske· Underwood · 
Gilliland ro utines (or their equi"alcnt): see Fig. 12.3-1. The Fenske-Under'o\'ood
Gilli land calculatio ns (called DSTWU blocks in FlOWTRAN) will also gi\'e us an 
estimate for the column designs that we can use to check our shortcut calculations_ 

The Fenske-U nderwood-Gilliland d esign procedure is limited to systems 
havlIlg a constant relative , 'olalllllY Thus, the calculations might be seriously In 

erro r fo r no nideal mixtures where there is hydrogen bonding and where the activity 
coefficients are large_ Similarly, the assumption o f a constant relative volatility IS 
valid only when all the components in a mixture have essentially the same heat o f 
vaporization (Le., are close boilers). Thus, there are often cascs where we want to 
check the accuracy of the Fenske-Underwood·Gilliland estimates by using rigor· 
ous column models. 

Most of the rigo rous. tray-bY-lray programs arc simulation programs. That 
is. the number of trays above and below the feed must be specified, as well as the 
renux ratio. and then the subroutine calculates the splits. However, when we are 
designing 8 column, we are trying to determine the number oflrays thaI we need to 
accomplish a desired split. Therefo re, normally we need to usc an iterative 
prooedure when simulation subroutines are used for design. 

Experience indicates that these tray· by-tray subroutines a re often slow to 
cooverge (i.e., they have the lo[]gest running times and require the most iteraiions 
or all the subroutines available). Fo r this reaso~ , ir we include rigorous column 
models in a progra m that is also using iteration 10 close the material balanees 
calculations, the computing costs are o rten excessive. lienee, in sequential modular 
simulators., we usually use the tray-by-tray routines in separate programs; i.e., we 
use the results from rigorous distillation calcu lations 10 adjust the split fractions In 

simple models in a material ba lance program or complete plant si mulation. 
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FIGURE 12.>1 
HDA prooc:u wilh colwnn modds. 

AOOlher approach Ihat we could usc is to develop sImulation programs that 
avoid including rigorous models for dislillalion columns as part of any matenal 
balance recycle loop. That is, any time we have a distillation column in a material 
balance rccycle loop, we can double the flow rate of this stream (using a MULPY 
block in FLOWTRAN), theo spht the Slream in half (using a SPLfT block in 
FLOWTRAN), and Ihen use a SEPR block to connect one of the exil Slreams from 
the spliller to the recycle portion of the flowshcel and a rigorous model on the 
o ther half of the stream. Since we can COntrollhe order in which the simulator calls 
the subroutines, we can use thIS approach to complelely converge Ihe material 
balances before we call the rigorous dislillation routine. A simple example of tlus 
type is shown in Fig. 12.3-2. 
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In the material balance computer information diagram in Fig. 12.2.7, we neglcclcd 
the quench stream thai uses flash liquid to reduce: the temperature of the reactor 
effluent to II50cF. An inspection of the flowsheet with the quench stream included 
indicates that the quench stream merely provides a recycle loop around the flash 
drum. Thus, If we mal.e a material balance from the reactor effluent 10 Ihe flash 
vapor and the pressure reduction valve before the stabilizer i.e.. if we mclude the 
quench-recycle loop completely withm this balance, Ihen the ~r~ss flow rates will 
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nOI change. 1I 0wever, the heat dUI} of the partial condenser will depend on the 
quench flow rate. 

To calculate the qUl'nch flow rale, and the load on the panial condenser, 1Ae 
must adjust the flo" r;1Ic of the quench stream to decrease: the reactor exit 
temperature to 11 50~ F Thus, we need to install another controller that will solve 
the problem iteratively. see Fig. 12.3-3. Again. a beginner is advised to solve this 
problem separately and to make certain that convergence is obtained before 
attempting to add an iteration loop to a large program. We use our shortcut 
calculations as a star1in~ point to converge the calculations. 

CAD programs also make it fa irly easy to generate the temperature-enthalpy 
curves fo r each process sln:am that are needed for the energy in tegration analysis. 
In particular, when there is a phase: change in a stream containing a miAture, the 
temperalure-enthalpy calculations are tedious to undertake by hand. In tbe in itial 
simulation of a complete plant. we would include o nly heaters and coolers on the 
Sireams and then design the heat-exchanger network using the procedure described 
in Chap. 8. However. a procedure for incorporating the heal-eAchanger design 
procedure into a sequential modular simulator has been presented by Lang. 
Biegler, and Grossmann · 

• V D. Ung. L T Blegkr. ar>d I F Gro.sma.nn, ·SlmullloDeO\ls OptImIza tIon and lIul Intcllation 
with Prooes$ Simulllion.- Paret no 72b. 19116 Annu.l AIChF Medin&, MiamI Bca.(:h. No'~mbe, 1\186. 
$ubm'I!N 10 CompwlUS In C~ ... ir"/ F,..,fn«n"fl 
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Complete Plant S imulation 

Afler we have used simple studies to make certai n that our simulator subroutines 
WIll converge and will give the correct predictions. we can put these subroutines 
together to generate a plant sim ulation. Table 12.3·1 gives a program for the HDA 
process that con tains a feed-emuent heat eAchanger (sec Fig. 123-4). Since we ha\e 
already calculated all the process fl ows. we can tear as many recycle streams as ~e 
desire in thiS fl owsheet , and we do not need to include any controllers. With this 
approach, ..... e can calcula te the equipment sizes and the required utility flows with a 
minimum of computational cost. Of course. if we want to change the processing 
conditions (i.e .. the values of the dcslgn variables), we must include the controllers 
in the program. 

Cost Modds, Process Profitability, and 
Optimization 

Many simulators, including FLOWTRA N, include equipment cost correlations. 
To use: these correlatIOns, normally It is necessary to include a factor that accounts 
for inflation. such as the Marshall and Swift indu that we used in our models. By 
supplying the unit costs forccoling ..... ater. steam, etc., it is also possible to calculate 
the costs fo r the utilil y streams. The ca pital and operating costs along with the cost 
of labor, maintenancc and repairs. tues and insurance, etc. (sec Chap. 2), can be 
combined to obtain an estimate of the profitability of the process. 

Each Simulator run corresponds to a single se:t of design variables. O ne way 
that we could estimate the optimum design conditions is to make a se:t of case:
study runs that correspond to the range o f the design variables where our shortcut 
design calculations indicated that the optimum was fairly flat. Many simulators 
also include optimization ro utines that can be used to find the optimum. 

Remember that costs change over the years. and therefo re the optimum 
design conditions will change. Thus, at the end of the 3-yr period, or so, that it is 
required to build a plant. the o ptimum design might be different rrom the final 
design that is approved for construction. For tbis reason. some thought needs to be 
given to tbe fleAibility of the process to meet cha nging conditions in the economic 
environment. . 

What Remains to Be Done 

Once a set of CAD calculations bas been used to verify the selection of the best 
process alternative, the conceptual design effort has been completed. However, it is 
still necessary to develop a con trol system for the process. to consider the safety 
aspects of the process. and to add a significant amount of detail associated with the 
final design. Safety and control problems that are discovered might require the 
basic flowsheet to be changed again. For this reason. our initial CAD studies 
should focus primarily on finding the best process alternative and the cost penalties 
associated wilh o ther alternatives. Some additional discussion o f safety, control. 
etc .• is given in Sec. 13.3 



TABU: Il.l-I 
I-IOA process 

TITLE HDA rLOWSHEET 
PROPS 5 1 2 5 2 
PRINT INPUT 
RETR HYDROGEN METHAN! BENZENE TOLUENE BIPHENYL 
BLOC~ FLASH IFLSH Sal 503 502 
BLOC~ QSPLIT SPLIT 503 504 50S S*O 
BLOC~ VALV1 AFLSH 50S 6*0 506 0 
BLOC~ Towa! OI5TL 506 508 507 
BLOCK VALV2 AFL5H 508 6*0 509 0 
8LOCK TOWR2 DISTL 509 511 510 
BLOC~ PCOOL HEATR 51 0 540 
8LOCK TOKR3 DISTL 511 513 512 
8LOCK PUMP PUMP 512 514 
BLOCK PURGE SPLIT 502 530 531 S*O 
BLOCK GCOMP GCOMP 531 511 
BLOCK F"IX ADD 514 515 516 517 3*0 518 
BLOCK F!B! EXCH3 518 523 519 524 
BLOCK FuaN HEATR 519 520 
BLOCK REACT REACT 520 6*0 521 0 
BLOCK QMIX ADO 504 521 5*0 522 
BLOCK CONOS HEATR 524 525 
PARAH FLASB 1 100 465 0 
PARAH Q5PLIT 1 2 .2805 .7195 
PARAH VALV1 1 150 a a 
PARAft TOWR1 1 .7 6 5 2*150 .0357 .0202 0 1 
PARAH VALV2 1 15 0 0 
PARAft TOWR2 1 1.8 24 12 2*15 .735 .5458 0 0 
PARAft PCCOL 1 100 3*0 1 0 
PARAft TOWR3 1 .1 4 3 2*15 .9472 0 0 0 
PARAIt PUMP 1 535 
PARAIt PURGE 1 2 .122 .818 5*0 
PARAIt GCOMP 1 535 0 1 0 . 8 .8 
PARAIt FEB! 1 1100 20 10 15 2*0 2 
PARAIt FuaN 1 1150 15 a 0 1 a 
PARAH REACT 1 1265 500 0 2 4 .75 -1 1 1 -1 21*0 
PARAM REACT 32 3 .03 1 0 -2 0 1 7.*0 
PARAIt CONDS 1 100 5 0 0 1 0 
MOLES 501 1 1577.53 2402.98 392.33 124.8 6 . 24776 
MOLES 515 4 279.315 
MOLES 516 1 467.9 24.6 
MOLES 523 1 1517.53 2402.98 392.33 124.8 6.24776 
TEMP 501 100 
TEMP 515 100 
T!MP 516 100 
TE"P 523 1150 
PRESS sal 465 
PRESS 515 535 
PRESS 516 535 
PRESS 523 500 
END CASE 
END J08 
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12.4 SUl\'IMAR\ AND EX ".RC ISES 

Summar)' 

lhe large CAD programs, such [1 \ rLOWTRAN. PROCESS. DES IGN 2000. 
ASPEN , etc_. are powerful tools. t>lIt they are somewhat tedious to use. It is easy to 
make mistakes in the mput data. ;lI1d Ihese mistakes can be cosily in tenns of 
compu ter time lIencr. the w t ;I f'p r03ch to developmg a CAD program is to 
consIder only small portlOllS of the plant at one time and to debug the code 
correspondmg to Ihls small part p i the plant Then we add another small portion. 
and gradually we generate a code lor tnc complete process. 

To use these programs effiCIent ly. I.e .. to minimize Ihe number of iteratIons 
requtred. it is usually necessary hi ha ve good estima tes fo r recycle fl ows. Ihe splits 
in purge streams, reactor conver.;il1ns. etc. We use the resul ts from our shortcut 

,calcu lations 10 prm'ide these estinl:l tes. 

": xercises 

12."-1. Develop a matenal balanct rr",:fam (using eIther FLOWTRAN or another CA 0 
program that you mlghl have ," ,"lable) fo r the II DA prooess \\ Ith dlphenyl rccycled 

12.4-2. For one o fthe pl~Sses that ~"" ha,-e designed. develop a ngorous malenal balance 
plogram Also. develop a CAP program for the distilla llon sequence. and then 
develop a program ror the .... mpletc plant How do Ihe ngorou~ calculations 
compare >nth your shortcut arrwumallons"l 

CHAPTER 

13 
SUMMARY 

OF THE 
CONCEPTUAL 

DESIGN 
PROCEDURE 

AND EXTENSIONS 
OF THE 

METHOD 

We have- described a systematic procedu re fo r thc cona:ptual design of a limited 
class o f petrochemica l processes. i.e .• continuous, vapor-liquid processes that 
produce a single product. Of course. many o ther types of processes could be 
considered. Moreover. numerous other types of design studies need 10 be under
taken to complete a final design 

Unfortunately. It IS nol poSSible to cover all this matenallO a one-semester 
course. Petrochemical processes an: selected for considerat ion because they a re Ihe 
most comlllon Sl1Iularly. the cmphasls is placed on conceptua l design bccauq: 
the equipment used In the process and the structure of thc nowsheet are filed al tlll~ 
stage of thc design actlvllv; 1 ('. all the olher design actIvities depend on Ihe rc~ult .. 
of the cooCC'ptua1 de~i~n 

405 
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The syslem&tic procedure y,e used to develop a conceptual desIgn was 
hierarchical. A brier review of this procedure is gi\'en in Sec, 13.1 Drid oUllines of 
hierarchical procedure!. that can be used to develop com:eplual designs for sohd~ 
processes and balch pro<xsses arc given in $cc. 13.2, Finally, some o ther types of 
design problems that need to be solved before a final design can be developed arc 
briefly diSCussed III Sec. 13.3. 

13. 1 REVIEW OF Til E HI ERARCHICAL 
D ECISION PROCEDURE FOR 
PETROCHEMICAL PROCESSES 

To SImplify the conceptual deSign of a process, we decompose the problem 
imo a hIerarchy of decisions. The decision levels that we conSIder are given In 

Table 13 I- I. The decisions thai need 10 be made at each level for pelrochemical 
processes a re given in Table 13.1 -2. 

The InpUt -ouIPU! Information required is pre~ented 10 Sec 4 I , and the 
heuristics Ihal are available to help make the decisions presented 111 Table 13. 1-2 
are discussed in Chaps 5 through 8. If no heuristics arc available 10 make a 
decision. we merely make a guess We go through Ihe complele deSIgn procedure III 
this way, 10 generate a base-case design. We try 10 develop a complete deSIgn as 
rapidly as possible 10 see whether there is some reason why we should term male all 
work on the project . 

As we proceed through Ihe base-case design. we keep Irad .. of Ihe deciSions 
we make , In addllion, we prepare a C05 1 diagram for the base-case deSIgn (see Secs 
9.1 and 9 2) as an atd 10 IdenllfYlllg Ihe most expensIve processmg cOSt~ Then we 
aHempt 10 evaluate hoy, changes 10 one or more of our original deciSIons wLIl affect 
the processmg costs ; see Sec. 93. We conlinue to evaluate process alternativeS in 
thIS way unlil we o btain the bcsl process altematn'e. 

II might be necessary to change tbe flowshcct corresponding 10 Ihe best 
process alternative because of safely, Sian-up, coolrollability coosideralions, etc. 

TABI..t: t3-1-1 

Hierarchy or decisions 

level I Balch vetsW; oonlmuow 
Lc:vel 2. Inpul·outpul $I!UClurc oItbe How>-bccl 
le~d J lI:ecyclc Iilruc:ture of lhe "OWsh~1 
level . Genual Slructurc of lbe IiCparallon sys1em 

.. , Vapor reco~ery 'yllem 
b LIQUId rocovery 'y"em 

le~cl5, EncllY mlcgr.lloJl 

F.Dm J M Dou" ... A/CAr J. JI . Hlj l91Sj 
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TABLE t.1I-2 
Design de(:ision~ for continuous proc~ 

I.enl I 
I.c~d 2 

8~Idl '~n.u~ COnllnuOw. below "i~ w n."ler only COnllnllOUll proocsses 
In puL--()lJlpl.U strucrure 01 /I.o"'$hect 
I -Sh.>uld " 'e purify lbe r~ .. -mllLen~ 1 5Hcams beforc tbey a.c red 10 Ihe .CKlor'/" If lbe 

ImP<'n llcs ~rC Inert. therc .rc no quanutall\c heUrlSIICS, 
! -Sbould ~ rncn.lblc b) p-rodUCI be rcco\ered or recycled 10 CluDCtlOn1- No quanlUllJVC: 

beumue Ii a ... llabtc 
3 -[)o "c need I ,iii rcqck Ind a purge s!rc.m'- A quaDlJlauve Ileum .. c _med 10 be 

a.i.t!able before the recenl mvennon of -"",mbrlJM: acparallon prO<rUl:' 10 $Cpa ••• c 
gaseous nullurC$ 

.. -Is OJ from II. or H.O. re,.;t.n' Ihal '$ nol recovcred and ra::ydcd1- (AD uoess amoo.JOI 
mw;1 he ~pcafied ) 

S - Ho" man,- produf;llIrcams Wilt .here hel- Rawnable heunslD seem 10 he Iva,J.bIc. 
ucopl for lhe (:I>ac of I ,e"efli,ble b)·prodUCI_ 

Lc:vd 1. R«yclc .. ruelun: 
I - Ho," mallY rC~lor ,y$tCnl~ alc .cqulred1- Tbc heumliCii iCCm .0 be Iaso ... blc.. -10 lbere 

an) IoOp.arauon he ..... CCIl lhe .eacIOfli~ - Usually I deowon can be made baJcd on lhe 
chcm'~"i dall 

2 - Uo," many recycle stream, arc the.e?" Ileun .. "", Ire Ivalt.ble. 
-Should "'e USC III U~ of one raCI.ln lT' Normally lhe chem.st'i d.na Will indlCIIlc Ihe 
ans .. cr 

.. -II; I iU"ccydc oomprcuor requlfcd?- A Mumll!: IS Ivall .. blc. 
5. -Should l~ maor be o~rated adiabatically, "'lIh dlfecl healmg (or cooling), or IS .. 

dllutnt lhcal carner) nocdeJ?" Some: calcula"oll~ are ncc-ded 10 uSC Ihe heumtlC 
b ~Do .. e " '<lnt 10 ,hlfl 1M cqulhbnum eOnVi:RlOn1- Calcuta tlons and Judgmenl ale 

requJlcd 
Lc:,el ~ Stp'-r~lJon I)' •• cm 

t -Whal.~.he SInK'lUre of Ihe "ipor and liquid recovery Syslem?- HeumtlQ arc . ,·allable 
Lc:vet4tl Vapo •• "",o'cry ~)'~Iem 

1 - V'1'Ial.5.he 001 IocallOn of lhe: v .. po. 'CIXl,ery sysle,"l - A heurtSlic II .""ilable 
2 - '\1.1\:11" lbe tal Iype oI.apo •• cco\lcry iYSlem 10 w.c?- No heUn5l1Q arc IvaLiable. 

le~d ab bqwd lo<'parauon S)Slem 
I - "''hal scparauoll. can be m~dc by dlSlJilalKml- A hcunsllC lhal w;""lIy .. or~1 IS 

1""llable 
2 ~WI'III scqucIK'C 01 dlsnlhlllon cotumns should he w;cdl- Tbe publIShed bc:un"lQ Ire 

hnulcd 10.harp .pln. cAldut mu.lur~ fo. I ""gle reed, bull" ""'''y casc5 rheydo nOI lead 

10 Ibe besl oequellC'C Thus.. c;oLculllJons arc requIred. 
J - 110" should lhe Itahl end. be removed1- CalcutaliollS .nd Judgmenl arc required. 
4 ~Sbould lhe hghL end. be venled. IOCnllO fuel o. recycled to the vapor recovcry I)'IIcm1-

Cakulalloll$ and JudJIfICnI alc requ.red 
5 -Ho,,' should .... e aa:omplu;h .he other scpal i llons'- No heuristICS are IVlllabie 

level S Hca.<~chanJCr ocI"oll a dc5lgn procedure IS .vaLiable <_ Chip. g) 

FrOQ> W II F..t.c, . M F Do"'/I), and J M Dou~ -Sc, .. ."", cl P.C>CUI Reu"" .. AIo .... " • .,.." /"-tC 

R~cA '"1"<» 



Moreover, the accuracy of the pre1l1lunary desIgn calculallons needs to be refined 
to obtain more accurate estimates of the costs. Similarly, other equipment. such as 
pumps. drums. storage tanks. etc .. need to be added. Thus. the conceptual design IS 
merely a startmg point for other design studIes. 

13.2 DESIG ' OF SOLIDS PROCESSES 
AND BATell PROCESSES 

Changmg economic conditions normally cause changes 10 the types of procc~ses 
that ..... e build. At pr~ntthere is a grov.' ing interest in the design of batch proct'sse5 
for both speciality chemicals and biotechnology. The design or bioprocesses is 
discussed by Bailey and Ollis.- A review of their chapter I I on product recovery 
operations indicates that solids processing units (cryslallization, filtration, and 
drying) are very common. Similarly, solids processing steps are commonlyencoun
tered in polymer processes. 

In this section, we preseDt brief outlines of systematic procedures that can be 
used for the conccptual design of solids processes and batch processes. The 
proc.c:dures are arranged mlO a hierarchical structure., similar to the procedure 
presented in Sec. 13.1. Howc\'er, new types of economic trade-offs arc encountered, 
and often new types of constraints must be considered. 

Solids P rocesses 

Our discussions up to thIS point havc been limited to \'apor-liquid processes. 
Ho ..... ever, some petrochemical processes Include solid processing steps in order to 
isolate the product. For example. the separation of xylene Isomers IS often 
accomplished by using crystallization instead or distillation because of the close 
bolhng points of the component!:. SImilarly. the production of adipic acid includes 
crystalh7.31ion steps. or course. If a crystall iza tion step is present, nonnally 
filtration (we consider the use of a ccntnfuge as an alternative) and drying are also 
required. 

To include solid processmg steps m our synthesis procedure. it is necessary to 
modify the structure of the separation sp:tem, le\eJ 4. to include liquid-solid splits. 
Actually. to make the procedure e\'en more general, gas-solid spIllS and liqUid. 
liquid splits should be included (e.g .. gas·phase olefin production requires a gas
solid split). The process alternatives for crystallization (and/or prccipilation). solid. 
liquid separation (filtration, centrifugation. setllmg. etc.). and drying. as wdl as the 
unit operation modds, and cost correlations must be added.. 

An initial framework for a synthesIS procedure for solids processes has been 
published by Rossiter and Douglas 1 The focus of this initial work was on 

• J E R.arlc:y Ind D FOlios. R,tN'/u:,.,.n H F.fIllUO« ...... FlItIdotttntllillJ. 2d ed_ MeG, .... IlJIl Ne .. York. 
1986 

'A. P Rossiler and J M DoIIgla~. O,em ["'j R,·, Dr • . 6<1 17~ (1986). 6<1 184 ( 1986) 

TABLE Il..l-I 

Input inrormation ror solid processes 

I. Products 
If o.sorrd production rl!~ and purll)' 
b Des,red parI Ide SUA: (Ind dislnbul.on) and bu" propertlCl 
t' Prk:e of ploduct. 01 plitt -=-US pUIII), 
" Valll.1bk b)'·products. if an)' 

l. Raw mal~nal5 
iii Comp()Slhon and p,",ysial Slll~ of In raw m'I~",h 
b Prk:e of tlch r.'" mltellal. OJ 1'1101: '''ISUS pUrltl 

J. Solids ~""'11100 
If A, .. il.bIt- IMtbods fOI ~nentrnJsohd produc:1 of desr,,", cballCUrislJQ 

b Soillbiht)' dll. fOI product Ind poaible impumJeS 
~. Ructloon atolcllrometry (if any) and "",\ec:tiy;ty dall 

'" Proc:cMlol COnsllamts (Ihesc will vlry f,om 1"000:51 10 ploc:c:u.. bullypicaUy include) 
or. Produd trmptralurc COftllrl.inU due 10 wnnaJ IftllIbi.bly 

b CrySIIlliur (pr'CClpllltor) olurry Iknsrl)' hmillUOM duo: 10' decline in product qual.t)' 01 poOl 

flow plOPC1I1CS II IuAh solids COnc:enlfllion 
5. Planl and SIte d ... 

If C(Il;I of 1I1.lltleS- fuel, Sleam levels. cooboJ "'"n. rdri~I1IUOn. elc.. 
b Wll5le d~po5.I.1 flablle! Ind OOSIS 

FrOID A P R ..... ,~'.ndJ M Ooup.,CIrnn.c.", R ... '"'-'" In(I'*s). 

moderate- to hlgh·tonna~, contmuous, Inorganic processes that produce solId 
products frolll liquid and/or solids feed s. The input information required is 
presented in Table ]).2.1, and the decisions required are listed in Table 13.2-2. An 
example of the applicalJon of the procedure to a design problem has been 
published by Rossiter.· and an application to a retrofit study was given by 
Rossiter, Woodcock. and Douglas.' 

Balch Processes 

The design of batch proce.sscs was discussed in Sec. 4.2. The design of batch plants 
requires not only that we select the units to be used in the process and the 
interconnections between these units, but also that we decide whether we want to 
merge adjacent batch operations into a single vessel and/or to replacc some batch 
units by continuous units. Hence, the design of batch processes is more difficult 
than the design of a continuous process. 

To simplify the understandil1g of the design of a batch plant, we start by 
designing a continuous process, using the techniques presented in Chaps. 4 through 

• A P RO<..,t~l. (Itnn £jog r,oe. flc. , 6<1 191 (1916~ 

• A P ROMnel, O C. Woodcock • • nd J M DouAlu.. ~U"'" of a lIocrarduall,)ea,.ion Proocdur~ for 
Retrolil SIuda of 501Mb Proa:ssa. - Pa~1 PI"","lIled al !he 1986 "lInU&! AIChE Meehnll. M>am. 
ReICt.. No~embcr. 1986. 
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TABLE 1),,2..2 

Hierarchical desision procedure ror solid processes 

I. Balch v~nus continuous procas we wMldcr only oonllDUOUS procc:s5cS 
2.. Inpul-OUipUlllrUC1l..n: 

G . Should we pUnty lbe raw-materIAl ",earns bc:Core PloctSQO& Or should w~ p.-()(:£s,s lbe feed 
unpUnlJa~ 

" h a p1.'rl" strum requucd'1 
c. lIow lIIaDY product ~Ireams arc lequllnP 
~ What t$ tbe cc:onom.IC potentIAl II Co. pl'oduct ~alUl: rD.IIIl15 raw·lIl4Ilenal COit ounlU d,spoial ~I 

for purac: .. nd WIlSI~)? 
3. Recycle $IfUe1ur~.Dd aYIl&llw:t colWdcauons (,ooudrng rca<:Uon. of any) 

Q. Wh .. t type of erptallw:r ahould be used? 
/0. Should tbI: produa·fonIWIl reaCIlOll (of IIny) ub place wllhrn tbe crysullucr, or Kpaaldy? 
c. How many Cl"}"taUu.cr dJecl$ Of "lip Ill' reqwrcd? 
III 110 .... many recydc strcams .. n: reqwrcd7 
~ Whal II lhe ccononllc poteoual (1.0:., the econonuc POlaJtu..I II level 2 DlJDUS tbe: lurn of tb~ 

.. nnuahzcd capita.! .. od lbe: opera llol ~t of lbe aystalli=r)7 
.. Separluoo ,Yi lem spocificalJOO- Kvera/50Ild·liqwd scp8rauolU 011&111 be ocoded 

G. 110 .... can Ihe pnmlry product be recovered? 
b What types of solids recovery s)'Stems In: teqwrcd 1 
c. How dlou ld Ihc waste·sohd Kparalion be accompillhcd1 
III Arc IIny liquod·bquKl Kpoo.rauon. requllc<l1 
c Locauon o( "'parallon unlU; (purle Or ' ..cycle ~lrcanu Or botb)? 
r Whal 1l1he: econom><: po'enual (I e" Ibe ecollOm.IC po'enl oa! allcvd J minllli Ihe upanllon sy>lern 

(anouallUd) Cilpital and o peratorl/! COSU mmus liquor I~ cos~ minu~ wtihmll anrluah~ed ClIplill 
and operlUrlll C<Ku)' 

So ProdtICl drylOl 
Q. Whit Iype of dry.cr ihould ~ used? 
b What IDUeIi c:ilri ~ ~apcclcd? 

c What" the «OlIOrnlC po~elllw (i ~ .• the k,·el 4 cc;QrlomlC potential minus the alloualued capola! 
I.nd o pcnotlOg to5ts of tile dryoer)1 

6. Eoc:r&y l)'$lelIll 
G. Wiuot lJ"e ,he mllilmum baUD, lind cooIml! I~ds' 
/0 Ho w many helot u ehlnaen 0( ... hal ow: lJ"e reqwrcd? 
c What u the economic pol~tia.! (i.e~ the kvel S ec:onoauc polaJUlI minus the lo.aualiud eIIplll.J 

lind opcca tin& to5l) of lbe beat-caciuonlC'r nclworrr. ~ 

9. Then we use Ihe systemauc approach developed by Malone and coworkers · that 
is given in Table 13.2-3. This procedure is also hierarchical, so Ihat a series ohmall 
problems can be considered that eventually lead to the best design, 

OTHER STUDIES IN Tl-IE DESIGN 01<' RATOI PROCESSES. The design o f batch 
processes is expected to take on growing importance in the rulUTe, and for Ihis 

· 0 Inbanen Ind M F Malone, -A Sy.temluc Procedure (or Batch Proceas SylllheslS," Paper 
presenled at lbe 1985 Anollal AICbE Meelma. OUatgo, UI ; C M Mynatbus. -Fleslb,!uy lind T1raeu 
for Balch Proocs.s Dcs.ogns.. - M S 1"hc$os, Unrvenlly of Massacbusctt.s. Amherst, 1916. 
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TABLE 1).1..-) 

A hier.rcbical procedure ror Ihe conceplulil design or dNialed balch pmeesses 

I . Design I Wllunuow; prooeu Ii." (If pQUlbk), USlOllhc proccdull' described In Sec. 13 I Uw: II ... 
procedllre 10 !lnd tbe besl prOCC$.l ,llernluve Ind In ,denufy tbe domllll.Dl daip vanlblc.! I( 

conlln_ unUs Ire not 1I\,ulilblc fo. ,;orne: prO(;Q".lD1 s'eps. ill." wub the besllllCSS of I. nowsheo:t 
,ha' shows CI~b pl'oec_,"& step Ind.vKlually 

2.. Rcpl .. oc caeb conunuow. unll by • ba,ch IInli 
Q. Include on!) an IDlumedlilltc SlOtaI<' tan~ for rccydc 
b Calculate lhe optomum cycle UJIle$ for udl IInli by mlwllUZlnl tbe lotal allnual co.l of the 

compicte proc:cu. 
(I) Thts caku~tJOll provides I bound OD 1m COlt for 1m cue ... here the mtcnoedlile lIonae 

reqwrcd 10 lCbcdulc the planl II free. (I( the planlU DO( pr061.1Jble WIth rree it<>ngc., It "111 no' 
be pr06ublc ..-bctt stonolt .. Induded.) 

(2) The resull5 will provKk $OIDC mca5urc of the econOlnJC 'DCCnhVC' for modof)'101 the che:lDJst"s 

=1"-
(3) Nonnally. the.;mt ofcaeh operat.on ,n ,he: opurruzcd bo.lcb procas will uoccd tbe ~I olthe 

col"IUpondlnl unil in tbe conlinllOUli plul 
(4) The !"Quill Ire used latc. as a IIndc: to merJlnl un'lIi. 

c. Calcula te the oplUD um destgn by Kthnl,he: cycle lllUC!i of every UDil equal to ueh mh •• 
(I) ThI5 calcula' ioo p.oVldes I. bound ror ~IK: COil .... heD there IS I mUtmUnl equlpmenl 

ulilozanon. 
(2) Ho .. ..,'c:r. the:re w"l Ix DO nUlblh l), 111 Ihe duogn 
(3) Aga'n. I nle.Ullre ollh-c econOmIC Inccntives (0. ehangong tile Cht:mu;I'~ rCClpe 's ob,alned 

3. Co,..ldn mc.gonx adplccII' Nteh umlS for the: dCSllln III 2b 

". Mcrae UOlU. ... ·tth wmlar eycle limes Ind ilU facton. 
/0 Com~rc Ihe cos,s of lbe mc.gcd unliS wuh Ihe aKlS of the comparable conunuo!.ls unlli 

(I ) If the: COSII of lhe conllllUOUli units arc chc~pe •• Ic:lam the: contmuotlli unllS. 
(2) 01",,",= Io.etp lbe rne:rJed balch 11011$ 

c. COIIUDUI: to IIKr&e UOIIS untd Ihc c:0511 Ulcre.uc.. 
4. CoruKicr lhe uw: of parallel umll (or parallelllKr&ed !.Inm). 

/I lllc- goal 15 10 1000eI.K equIpment vtdwuoo 
/0 lllc- rlllJO 01 the: cycle limes must be II\IIlcbcd to lhe mvcrx rauo 0( the ollm,," of VDlI.o. 

C. Nnnna/I). usc .. mo.l Ibree p"l1Il1d unllS 
S. Add tbe Ultenocdllie SI(>RIC o.aed 10 IdIc:dlllc lbe pIuol Ind optunw: lbe de>;lgIL 
6. Opunuu the best lIo..-shoel ahcmall~ lochKllnJ slOfllae-
7. Cbcd tbI: o perability 01 the proc:a:s.. ..... nll balch JUlIuiluor. 

reason we are includtng a survey of some of Ihe previous work. Mosi of these 
studies consider fixed cycle times for the batch units. which makes lhem different 
from Malone's approach. 

Kelner - developed a procedure for mmimizlng the capital cost (by using 
linear cost correlations) for single-product plants with a fixed flowsheet that 
conlain bolh balch and scmlcontinuous units. The cycle times and size factors of 
the batch units were held constant. and then the trade-off Ihat balances Ihe batch 

• S. Ketner. C~,., EIIfI~ 111 (AUI 22. 1960) 



412 u OJO,. 11-1 O UIER SIQNlrtCA NT ASPEClS o r nlllUf.SIGN r"OIlI.EM 

eqUipment sizes against the continuous eqUIpment SIZes was evaluated Loookar 
and Ro binson- considered the same problem, but used power-law cltpressions 
They also utended the results to multiproduct plants.' 

A heuristic procedure to til[ the sizes of the batch units in a multiproduct 
plant ha Ving tilted cycle tllnes and tilted size factors was de\leloped by Sparrow. 
Forder. and Rippc'n I The number of ullilS in parallel was also used as an 
optLnllzatlon vanable in this study. Introducing parallel units changes the structure 
of the fl owsheet . a nd a very large number of possible solutions can be generated 
Grossmann and Sargent' relaxed the qcle time constraint. but assumed that [he 
c)'Cie lime .... as a fUnctIon of the batch size. 

Takamatsu. lIashlmo to, and I-Iasebc' noted Ihat the size of each batch uml 
had [0 be determined by taking into account the schedule of the complete plant in 
addition to the production capacity. BOlh si ngle-product and multiproduct 
processes with intennediate storage tanks and paraliel units were considered, and 
the scheduling was used as an additional optimization variable. They a lso derived 
an analytical eltprcssion for thc minimum \lolume of a storage in terms of the balch 
S11.e! entenng and leavmg the tank. Karaml and Reklaitis . developed analytical 
estimates and bounds for the limiting storage volume for plants composed of 
:!oCveral collections of batch. semicontinuous, or continuo us operations. 

Simulation programs for batch plants have also been developed by Sparrow, 
Rippin, and Forder :" Overturf, Reklaitis, and Woods;" and Rippin.:1 These are 
particularly useful for ched:mg tinal designs. 

Flatt" presented a shor1cut pr~ure for calculat ing equipment sizes for 
multIproduct plants, for generating proocss alternatives, and for estimating the 
optimum conditions corre<>pondmg to standard equipment sius. ThIS procedure 
most re.~mblcs Malone's approach. 

13.3 OTHER SIGNIFICANT ASPECfS OF 
HIE DESIGN PROBLEM 

The goal of our conceptual design effort was to decide whether an idea for a Dew 
process was sufficiently promising from an economic point of view that a more 
detaIled study could be justified . If the results of this study appear to be promising, 

- Y. Loonka. and 1 0 RobInson. Ind. &tg a.. .... P'O«U DtI. INTJ~ 17: 166 (1910) 

I J. 0 Rob ... son and Y R. Loonhr. P'fJaU Tull. I"""'41kMaJ, II 861 (1912). 

, R. E. S",,"o ... , G. J Forder, and 0 w T. RJ~n. 1M Eng CIJrm.. P'0as3iH,. fkt,~ '4 t\l7 (1975) 

' I E Gromnlnn and R. W II Sa.,cnL Ind. &og C.,.,., hO«H IN,. Dt... 18' )0 0979} 
, T Tahmll5tl, I Ibsh,~o. and S Ib .. <ebc. C.....,...,", amJC~ Ertg~ J . 185 ( 1919) ; ,,,,I E1tg CItnn 
P'(Kt"Vn Dr~.2 t 4) [(1982) a ndlJ ..a ( 198-4). 

I A t Kllrlml a nd G V R~kla l"" AfCh£ .J~ J t 1516 ( 19115) and J I 1528 (1985) 

•• R r: S ...... ow. D \\. T R,pp.n. and G J Fo.d~ •. 1~ ( "'''' Eng .• P 520 ( 1974 ) 

II B W Overtu rf, G V Rr khulls. I nd J M WoOOs.lrtd Eng Cw", P,oau tNl On ~ 17 166 ( 1978) 

11 0 w T Ihpp,n. C.,.,.,.w, .. "fIIlJ(h,,,, F"'II. 7 1\7( 19!l1) IIOO 7 463( 198.1) 

"w flau_CIonrt E1t41 p71 ( r ch 15. 19!Ul)and p m~ (JlIt)'l l. 1 9~1 ) 
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It is commo n practice to unpro \e the accuracy of the calculatIons by using one of 
the CAD programs. such as PROCESS, DES IGN 2000, ASPFN, etc .. that we 
briefly discussed in Chap. 12. Ho .... e'·er, man)" other aspects o f the to tal design 
pro blem still remain to be: considcred . 

I. Environmental con5tram[S 

2. Cont rol of the process 
J. Start-up, shutdo .... n. and coping with eqUlpmcnt failures 

4. Safety 
S. Site location and plant layout 
6. Piping and instrumentation diagrams 

7. Final design of eq uipment 

8. Planning for construction 

Each item on the list normally in troduo=s new costs, and these additio nal 
costs may make the process unprofitable. Hena:, it is important to try to estim;tte 
when large new costs may be incurred. Unfortuna tely, there is not sufficient time m 
a one-semester course to CO\'er all these topics., but a bricf discussion of some, as 
well as some references that may of be interest, are given below. The discussion 
emphasizes the factors to be considered just after the conceptual design has becn 
completed. 

Enl·iro nmental Cons traints 

The problems aSSOClaled ""-Ith the release of chemicals into the environment ha \ e 
received so much allention in recent years that almost everyone is aware of the 
importance of envIronmental constrain ts. lience, it is essen tial to consider the 
processing costs necessary to meet any environmental requirements. At the 
conceptual stage of a process design. we include a rough estimate of these: costs by 
associating a pollutIon treatment cost with all the streams that leave the process as 
waste streams. 

That is, suppo~ we estimate the annualized, installed cost of a pollution 
treatment faci li ty and add the operating costs of th is facility . Neltt we alloca te the 
total annualized cost o f this facility to all the process streams that it is expected to 
handle. where this al loca tion is based on the amount or each stream that is handled 
and the biological oltygen demand of the materials in that stream. If thiS 
information is availab~ then we can relate the pollution trcatment costs to each of 
the waste streams leaving a particular process in a plant complClt. Moreover, as 
uperience is aocumula ted, we should be able to prOVide faIrly close estimates of 
pollu tion treatment costs. These are the costs we look for when we arc developing a 
conceptual design. 

or course. If we underestimate these costs. our conceptual design resu lts may 
be very misleading 1 hus, it is essenllalto consull an environmen tal eltpert in the 
compan y at the ixglOn,"g of a conceptual design study. Similarly. after the 
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TAbU: IJ.J.I 
A hienn:hicil l II pprollch 10 COIu(ol !oysfc:m !oynfhcsb 

I. SludY-"~le con~lderatlons If "" CIIn Idenufy and ehmonale conlrol ploblem, by ''''''I! >lead) ·>ldle 
modcli (whoch ate m""h iWmpl<r tlun lhe dynan' li: m<Xlct..), "'. c:an mm,m.;u o ur dCSlgn ""fOil 
A ldenllfy I/I.e; ""ntJicanl dn,ulb.ncc. 

t nlO~ thaI .if<:<;;1 Ihe pro.:ess C(lni lr .. ,m~ 
2 Th.- th'l.\ alfect Ihe o per."n, ~.» I~ 

1 If dl i lurban<:c:S do nul bue 11 ~,gnl iica nt eif""" un ell hcr I UI 2 dba, C. 'Inole Ihem flum 
funher consider-Ilion thiS SImplifies the: probl<m 

8 Make ..."n,,,n lh~1 Ihc mampul''''''e "inablci anlfable III ,he flo "ihcc[ Irc adeqWL[c (bolh In 
number and iiCniltlvlIy) 10 be able to ~IW} the prC)CC«.S ron ~I~InI. I nd '0 Op!UfILH lhe 
<>peralln! vanablc$ mer tbe complete (rcailOnable) range of tbe d,slurbancn. 
I If the number of manlpulallvc 'alues IS nOI Idequale, tbe proo;as L> 001 conlrolLablc.. 
2. To reslon: controllabll,,). " 'C can 

D. ModLfy lbe: "owshccr 10 lOilodua: morC manipILlall\'" van.b!Q. 
b. ModLfy the equipment dcs.tp.$ W lhat SOme c.onstrainlS never bc<;ome lIeu,c over the 

aomplctc range of the dlilUlbances. 
c.. Ne&Ject lbe: ktit ImpOrtanl opTImizatIOn vanables. 

C Sec whelhel an)' equIpment consua,n ' s arc encounlercd Ibal pre~em tbe chanlles 10 Ihe 
mampullillve ~anables f,om umfyml! tbe procc:ss co n.ltralnb o r opumwnll the opa .. unll 
nn~blcs over Ihe o;ompkle (reuonable) rlILngc of lbe dUlu,banCC$ 
I If tbc prOO%Si COnstralnl5 Clnnot be ulI~fied. ,he conSlrimed equlpmcnt mUSI be overde 

.. ,"cd. [0 ru,ore 11K oper"brhty or lbe pr~. 

2. If,he prOOCSli I. operable: ",·ben tbe,r arc equ.pment c.omlralnu, Ihe uVln .. In <>pe,~un! COIitS 
by introducml equipment ovc,dc>ll!:n on order 10 remOve equ'pmem COnSLramllo mlghl be 
ccononuc:ally JU.\I!licd 

D U.., heuns.ucs 10 $Clc<:lthr (ontrolled ,·arub!es ,uch th"t the Slead ~ ·.Ilale bo!banor ofl"" PI"""'S 
",~II bo! dose to lhe opILmum "ad) _,," 'e peTformaooe (.I.CIC W R FiShel, ~l f Dahen) , and J 
M Douilas, PHKttdmgJ of rhr A""'''~atl CCIflIIO/ COIIftrt"ct, p 193. BO~lon. June 1985) 

E Select pamngs oftllc: maml'ula",c and controlled "lInahles rur ~mtlc·loop conlloikn._ 
I Cmena 

II. High sen~lIvllies. 
h Small dead limes. ie , close 10gclher on lhe tlow~hcel 

conceptual design has been completed, it is essential to consult the em'ironmental 
expert again, i.e., aftcr the best fl owshecl has been determined and beller estlmales 
of Ihe process flows have been obtained. 

Also it may be necessary to deSign a new pollution treatment faCility for the 
process, and time must be allowed so that the construct ion of this facilit y matches 
Ihal of lhe process. Sunilarly, we could undenake a conceptual design for a ncYo 
pollution trealment facility and then de"elop a more detailed deSign laler 10 the 
development of a project. 

Process Conlrol 

The conceptual design and even a fairly ngorous optimum design usmg a CAD 
program are normally based on the assumptions that the connections between the 
process and its environment remam constant. 1I0we ... er. the demand for the 
produci nonnally changes With lime. the compositions of the feed streams will also 
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2 E .. alua'e paonnlS 
<L kdal!vc lain ami)' 

b. Smllular ~alU(: decompoSUlon 
J Ellmlnatc p, •. onnlS .. nh laric Intera<;trons 
4 Sev.ral altemau..., conlrol 5ystctnS may be devdoped 

II Normal dynamic r.:spome-small pcrtur~uon~ and linear proocss dynamlC$ 
A Requirements 10 build a dynamic mock!. 

I All equlpmenl capaClUes m..,.1 be ,pco.liod, I e~ lbe holdup In Ihe lUbes and !be ibeUi of ~ 
heat clchan,cr. Tbe holdup on Ihe trll}'S In a dlSulJalion column. ell':. 

2 The: "l,a of .eHul drums. ~lumn sumps, lIub drums. Intermedlale 5[OriSC vcuels. elC~ mUSt 

be ~pcaF.ed 
8 Assume perfect k,eI ~Dlrol In any UIUI "here tbere "c [wo-phuc mlUUrQ, 
C. Evaluate Ihe ~tabilny of Ibe ullCOntrollcd and tonuollod prOOC$SCs. 
o Use hnear dynanuc modds 10 evaluate lbe steady·stlle pt.nl coDlrnl systemt havlnS !be fewal 

InlenU:II0Tl$ 
UK lbe diifereDCIC' be[w«n Ihe lOla' operltln! COSI of liM: oplllllum ~Ieady-s"te control 
r.:spollK and lbe dyoamoe responK of lbe controlled planl as I peTforma.oCC' aneuurc 10 
compa.e conuol 1i)'Slem lliernalivcs for In l.S5umed ~lIcm of d.>Iturbances- clieck the 
..,lWllvny of lhe results 10 lhe dJlilurbana: pallem 

2 EvalWlle Ihe robu§tn_ or the conl.ol ~y)lem 
3 If tbe dynalDlC resporuc is nOI YlIll'actory. 

D Change tbe: aontrOlsyslem 
b M<xhfy lbe no"'sbcci 

E ~Ign tbe k"c\ conuollers, and n:<=bcck lhe peTformancc 
III Abnormal dynamIC operauon larKC pcrlurbauons and nonhDC.llr dynllrmc: r=oponse. 

A Slart·up and Shuldo"'n 
I Norma"), a IIO'Hh<:~. sbo"'LDlaU onlcrmcdlitC "0'''. IS wed lIS a "arung potnt 
1 The: "o"'·~h<:rl sbould be d>ceked and modIfied to correspond 10 tIK "an-up lUa[cl) 
) The conlrol sy~tems requlrod (01 plant I;lirl-Llp and shutdo ... n arc d,lklent from the COn!rol~ 

used for nonnl11 opcralLon 

B Fatlur~ 
I A failure anal)Si~ 01 1M "o~hcct MCds 10 be Llndc rtl~cn 
2. Sp«.al conno! S)"ems 10 handle fallure:s might be nculcd 

IV Implc:fTKnll1tlOn of llLc control 
A Should dUilnbulcd conllol be used' 110"" 
B What ~md o( compLl[fI conlrol - human mterfaa: IS requ,red? 

Huctuale, the coo!tng. y,·aler temperature returned from the coohng towers chan~es 
from day to night and from summer to winter, the composi lion and the beating 
value of Ihe ruel supply w,lI vary, the pressure and temperatures of the sl.eam s~pply 
will fluctuate. elc Thus, as Ihe conneClions between the process and liS enVlJon
menl change, Ihese changcs Will dis turb the behavior or the process Tbe: purpose .of 
a control system is to ensure that the process will operate ksatisraclonly," despite 

Ihe fact that Ihese dlslurbances occur 
A hierarchical approach to synlheSI1.ing control systems for complete pro

cesses has been proposed by Fisher, Doherty, and Douglas.· The steps 10 the 
hierarchy arc listed 10 Table 13.3-1 If the process can nOI be controlled, If start-up 
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is \-er), difficult, or if the process becomes unsafe bealuse ofa (allure In one or more 
pieces of equipment. then it may be necessary to change the nowsheel or e\ en to 
abandon Ihe project. Srnce nowsheel modifications norma lly arc very elpensive II 

is desirable to identify any potenti al control problems as early as possible in I'he 
development of a design. From Table 13.J · 1 we see thai a steady-state control 
study can be underlaken as soon a<; a conceptual design has been completw (i_e_. 
we need to have a flowsheet available). 

Starl-up Considerations 

The conceptual design produces a small Dumber of process fl owsheels that should 
be considered further. Nonnally. Ihese tlowsheets arc no t com plete because they do 
not mclude all the minor equipment needed to operate the plant, i.e., we would 
nee~ .to a.d~ inlermediate storage, pumps, reflux drums. column sumps, etc. In 
addltlon,.lt IS usually necessary 10 add special equipment to be able to start up the 
plant eaSily. Fo r example, if we consider an adiabatic, Cl:othermic reactor with a 
feed-cffluent heal exchanger (see Fig. 13.3-1) wherC' the reactor eJ;lt temperature IS 

~uffiClently high that there is an adequate temperature driving force at the reactor 
Inlet, Ihen the process can operate satisfactorily at steady-state conditions. lIow
~ver. there .is . ~o way to sta rt up the process, and a starl-up furnace musl be 
lflstalled. to lflJUally supply heat 10 the reacta nts . Similarly, a special piping system 
IS of len lDstaJled that makes il possible to fill refluJ; drums and reboilers With thC' 
appropriate materaals (purchased m,,!C'rials, if necessary). 

. Thus, a com plete flowshe<:1 should be de,·eloped fairly early in the life of a 
proJect. and som~ c~nsidera lion should be given to developmg a start-up strategy. 
By makmg a prehmrnary evalua twn of a start -up st rategy early. it is often pOSSible 
to Identify changes m the flowshcci and the deSign that might be required. With thrs 
approach .we can avoid the vcr)' large cost~ associated with o,ersiglns Ihat can 
occur lale In the de\·e1opment of a d('Sign prOJect. A preliminary slart-up evalua tion 
of thiS type also simplifies the more detailed sta rt-up study lIrat must be undertaken 
during the const ructio n of the plant. 

IUds and recycle 
slreams 1000 

FEHE 
r-

ncuRF. Illi 
'caI~m\lell! heal uch.n~1 

r- 1300 

To separ.1I1t'fl S)'S tC'1Il 

Reactor 
f-
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Safely 

Safety slud ies should be underlaken throughoul the life of a projecl The inilial 
study must be carried out by the chemist, who needs to recognize the nat ure of Ihe 
materials being handled In particular, it is necessary to know which raw-matcrial. 
intermediate, and product components arc nammable, unstable. 10J;ic, corrOSive, 
high ly reactive, especially sensitl\"(: to IlIlpurlties, elc_, to be able to handle these 
materials safely rn the laboratory 

ThC' properties of Ihe matcrLals also l1C'ed to be con~idered dUring the 
conccplual design If at all possible, we prefcr that the design correspond to 
conditions ou tside the eJ;plosive limits for any st ream in the process. lI o\lo-e\er. we 
also need to cuminI'. whether changes in operating pressures, temperatures., 
compositions, elc.. will cause a stream to mon: into the eJ;plosive range. 

Similarly. if Ihe presence o f corroshe componenls means that special 
materials of construction will be needed for the equipment that processes those 
components. we might want to modify the design to minrmize the amount of 
expensive equipment required For highly rt."acth·e materials o r si tuations where 
the reaction rates are very sensit ive to changes in impurities or process parameters, 
we also might want to modify the design. 

When Ihe intermediate sto rage units, or o ther units having capacitances. arc 
added to the nowshcet, we want to minimize the invenlory o f any hazardous 
materials and to consider specia l safety systems that will ensure safe operation A s 
the design proceeds. we must add pressure rC'hef syslC'ms on the process \·essel~. to 
be certain to avoid hazardous operatio ns. In o ther words, .... 1'. want to be able to 
predict what might happen if something goes wrong with the operation of Ihe 
plant. and we want to be absolutely sure that we have a sa fc sit ualio n whcn 
something does go wrong. 

An t'xccllent sct of guidelines for a safety eva luation was developed by Batdle 
Laboratories fo r the AlehE · Table 13.3-2 decribcs Ihe potential hazards. possible 
mitiating e..-ents, the propagation and amelioration actions, and Ihe consequences 
of accidents. Figure 13.3-2 shows a flowsheet that describes the steps in a hazard 
evaluation. Noll'. that this figure indicates Ihal design changes mighl be required, 
and., if possible, we want to identify these design modifications as early in the life of 
a project as we can. $e'·era! checklists that arc useful for safety st u'd ies arc included 
in the manual. 

Site Location 

Site location also has an impact on conceptual design because the ut ilities available 
on a site, e.g., cool ing-water temperatures, will depend on the geographical 
location. Sim ilarly. the costs o r raw malerials will rencel the transporlation COSIS. 

• G,,,,kl,,,n 1M Jlaz.tJ £:""1""""",, 1"0«."'. P'''p''cet\ by 'M Raud\(' Columhus 00" 15'''" fm Ih( 
C .... 'n for Cbmllcal PJ(IttU SakIY. AlOoF. 1'1( .. YOlk. 1985 
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depending on where these materials are produced Moreoller, the site location 1I13Y 
depend on Ihe major uses of the product 

For example. most plants that produce bcrn.cne an: located on the Gulf Coast 
of Texa!>. The benzene product is o ften used to produce ethylhcllzelle, by reacting 
the benzene with eth)'lene Orten the tl hylbenzene is dehydrogenated to m3ke 
styrene. The Gulf Coast IS chosen for all these processes because there IS a large 
supply of toluene (from crude oil) and a la rge supply of ethylene (from ethane 
cracking plants). Doth ethane and ethylene wou ld be qUi te eJl:pensjlle to transport 
elsewhere in the country. Styrene is also produced on the Gu lf Coast. to mimmi7c 
transportation costs, 

I-Ioweller. most of the plants Ihat produce polystyrene are located in the 
northeast. Most of the fabricat o rs who use polystyrene as a raw ma terial a rc 
located in the Dortheast, so that the polystyrene plants are located close to these 
fabricalor!>. Thus, the ollerall costs are mmimized when styrene monomer is 
shipped. hut no t the other materials. 

Ol her Design Problems 

The o ther design problems.. e.g_. final equipment design, plplllg and inslrumen ta· 
tio n diagrams, plant layout, project engineering, etc., are conSidered to be well 
beyond the scope of this text. All these problem areas arc lIery important to the 
success of the commercialization of a proJect, and each area poses milny new 
challenges. An undersiandlllg of the process. howeller. is essential to dClle/opm! 
successful solutions m each area. and thai basic understanding is most closely 
related to the conceptual design 



PART 

IV 
APPENDIXES 

423 



APPENDIX 

A 
SHORTCUT 

PROCED U RES 
FOR EQUIPMENT 

DESIGN 

Nomlally \Ioe usc: shori cul equipment-design procedures when we scr«n process 
alternatives We want to focus on the most expensive pieces of processing 
equipment during this screening activit)'. and therefore we usually focus on gas 
absorbers, disti llation columns, heal exchangers and furnaces, gas compressors 
(and refrigeration systems). and reactors. Some useful shortcut models (or most o f 
these units are presented in this appendix. 

We do nOI include a discussion of reactors because they are sp dependent o n 
the reaction chemistry Thus, onc of the many tCllts on reactor design needs to be 
consulted 10 develop a reactor model. Also, note that our lis \ of shortcut methods is 
not complete, and other models are available in the many lelllS on unit operat ions 
and design. 

A.I NUMOER OF TRA YS FOR A GAS 
ABSORBER 

The design of plate gas absorbers and that of distillation columns have many 
similarities. Therefore, ..... e dccribe the shortcut procedures for finding the number 
of trays reqUIred for each type of unit, and then we present a procedure that can be 
used for the design (i e., length and diameter) of both types of units. 

.25 



Shorlc~1 Procedures for Ihe N umber of Theorefical 
Plates 10 II Gas Absorber 

In general, we expecl Ihat both the gas and Ii uld fI 
change as .he solule is Iransferred from the q o .... ~ rale!> i~ a gas absorber 1'1'1/1 

where Ihe solven t is nonvola.ile and the carrierga:s t ~ I e lIquId s~ream For cases 
mola r ralios 10 describe the compost/ions' j, I~ I s n~nconden~lb le, we often usc 
tenns of moles of SOlute per mole of sOI\,e'n t

e
., d

elqu
/ ~mposl tlons are given In 

rela~ionslups bel .... ecn the 10lal gas and II UI:/; SIO~ ar y for Ihe gas Stream The 
carner flows Gs and Ls are q ows, and L, respectIvely, and the 

Gs-G{I Y} Ls=L<I -x} 

Similarly, Ihe relat ionship bel ween molar ralios and mole fraclions is 

y - Y 
I - y X=~ 

I - x 

(A I_I) 

(A 1-2) 

We denOie the compoSItIOn of both Ih 
number. e gas and Ihe lIqUid leaving a tray by the tra} 

G, You , 
I 

l 
I 

I 
. J 

I 
1-----

n r.. 

1-----

J 

G, Y,n I L 

N 

N - I 

x. 

2 

I 

L, 
FlGURE AI_I 

XOUC Plate ,;as absotber 

A matelial balance around tray n in ftg, A I-I S1"es 

(A 1-3) 

lind we see thol the operating hne will always be Imear on a Y :o X dIagram, 
According 10 Ihe ddillltlOU o r a theore tical plalc, we assume thaI equillbnum 

is established on each pla le For moder.He pressu res P r or, say, less Iha n SO to 
100 psig, where we can consider thaI the gas mixtures are ideal, Ihe equilibrium 
relalionshlp can be \Hillen a!> 

(A 1-4) 

0' 
Y yP' '1r X X 

p-- = x=~ _ m 
I + Y Pi" PT I + X I + X 

(A.I-5) 

In general, Ihe activity coefficient y will change with both composition and 
temperatu re. and Ihe \'apor pressure po will change with temperature throughout 
the column (the temperature Will vary because as the solute condenses in the 
solVent, it gives up its heal of vaporiza tion). Hence, the (:qutl ibrium rela lionship is 
nODIiD(:a r on a Y -versus-X diagram. Because or thiS nonlin(:arity, normally 1'1'(: ne(:d 
10 employ some graphical or numerical procedure 10 solve the design equations. 

KREMSER EQUATION FOR PLATE TOWERS. For dilute mixlures the problem 
becomes much simpler, and we can obtain an ana lYlical solution of the design 
equations The result IS called the Kremser equatjan: and n can be written as 

where 

y,. - m,X,. A ... · ~ I _ I 

L 
A~~ 

mG 

N + I = 'n[1 + (A _ 11y,. -mx;.)]_,_ 
\y_ - mx.. In A 

A graph or this cxpression is shown to Fig. A.I-2. 

(A.I-6) 

(A.I-7) 

(A. I-8) 

Back-of-Ibc--EOItlopc' Approximalion. Order-or-magnitude a rguments can be used to 
simplify the equation (see Sec. 3.3) 

(A.1-9) 

or. if L/(mG):::: 1.4, 

/If I 2 l::: 6 log !',. 
y-. 

(A 1-10) 

• A , K,em""" \',,11 f'n,oI \ .... ,. 1l( ~1) 41(19)0) 
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Applicability or tM Kr~r f:;q.,.tioa. We can use our approximation procedures to 
denve a criterion for evaluating the applicability of Ihe K remser equation: 

d H! ] G'l 2A'1)+ RCT' L sO_ ! " , 
(AI - II) 

where Au and A21 are the Margules constanlS of the solute and soh ent. 
respectively, at inrinite dilutIOn. 

We obtam this expression by first writing a material balance simila r to 
Eq A 1-3 around the top of Ihe tower 

(A 1- 12) 

Also, we arrange Ihe equilibrium relationship given by Eq, A,1-5 10 obtain 

Y _ (''''X I + ~X = mX 
PT I + X J (A 1- 13) 

If m is essentially conslant. then both the operating and equilibrium lines will be 
linear and we can write the Kremscr equa tion in terms of molar ratios and molar 
flow rales. Hence, ..... e expect the Kremser equa lion to be valid whenever m is 
essentially constant. 

To lest Ihe constancy of m, we expand il in a Taylor series around the 
condition of infinite dilution : 

y =O T,. - Inlet LiqUid Temp 

and at these conditions ..... e let 

fOPO 
mo =--

P, 
(A. I-1 4) 

The Taylor series expansion gi\es the result 

(A 1- 15) 

From the definition of m. 

ami [,,,.( , )]1 
a y ~= P

T 
fiX o=mo 

(A 1- 16) 

Similarly, 

;; I. ~ [':: (' : ~),] I. + [~G : ;)]I'(~ :;)1. (A.I . 17) 

If we assume that the aClivilY coefficient is given by the MargulC!i equation 

(A , I- 18) 

and let 

}'o = exp A'l (A 1- 19) 
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then we find Ihat 

cml oX, (A 1·20) 

110lh y and p' depend 0/1 ICtll)X'ralUre, hut for most :.ubstances till: tempera · 
ture dependence of the activity coefficient is much less than that for vapor pressure ; 
Ihal is, d(11l t )J'I is proporllon~1 to the heat of mlxlIlg, whereas d(ln r)/d'l I ~ 

proportional to the heat of vaporization I 'entt, 10 simplify our analysis, we neglect 
the temperatllre dependence of i'. O,er moderate temperalUre ranges, v.e assume 
that the vapor pressure dependence on temperature is given by the ClaUSIUS· 
Clapeyron equatIon 

and v.e find Ihat 

oml _ Ml, 
"'T - m(l RTl U, , 

With these approXlmallons, Eq A 1- 15 becomes 

m ;::" m{I+Y - X 

(A 1-21) 

(A 1-22) 

(A 1-23) 

We would IiI..e to oblam a criterion Ihat would indicate the maximum 
possible diffc:rc:ntt between m and mo. For thiS reason, we write Eq A. I-2l as 

I- .".] "' - 1110_ 1 + Y;.+2(A zl - 2A lz )X_,+ RT~Cr..w,-T,J (A 1-24) 

However, ;fwe expect to design the absorber for 99% recovenes, then 

(A. I-25) 

Similarly, if we assume Ihal the heat released when the solu te condenses appears 
on ly as a sensible heat change of the liquid, then 

Gs Y.n MI, = C,LS<T_. - TJ 
Thus, Eq A. I-24 can be written as 

m {[ 611, ] G,} 
m(l = I + y.. 1+ 2{A ll - 2A Il )+ RC,Ti Ls 

(A. ' -26) 

(A. I-27) 

Of course, If the second term IS very small, saY,less than 0.1, then In ~ m (l and 
the Kremser equation will adequately describe the system lienee, a criterion for 
the applicabIlity of the Kremser equallon is 

(A 1· 11) 
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Mullicoll1ponenl Absorption 

For muillcomponeni absorption with dllule sOIUIIOn5, we can use Ihe Kremser 
equalion to deSCribe each componenL The slope of the equilibrium line for each 
component Will be dIfferent, and Ihl! absorplion ractors will be difli:renL 

(A ' -28) 

We estimate the number of trays required based on the recovery of a ley 
component; I.e .• normally we want to recover 99 % or so of some component : 

N + I = In [1 + (Ax _ II YX.h. - m..:xx.I_)] _ ,_ 
\Yx._, - m .. x x.1oo In Ax 

(A. 1-29) 

where K refers to the key. Then Ihe recoveries of the other components can be 
determUled 

(A .I·30) 

Of cou rse, the design problem becomes much more difficult if heat effects are 
imporl~nt . 

COLBURN'S MEll-jOD. Colburn - has presented shortcut procedures that can be 
used even when Ihe equilibrium and operating lines are curved. He de:,"C!opcd these 
e.xpresslOns by using o rder·of-magnltude arguments to simplify the design equa. 
tlons ror paeled columns. and then he wrote the expressions for plale towers by 
analogy. In addi tion, he lists the results for stripping, distillation. and ext raction as 
well as absorption. His results are given in Table A.I-1. 

ornER PROCEDURfS. Several other shoncut procedures for estimatlllg the 
number of theoretical trays have bec:n presented in the hterature.1 In general. Ihese 
other procedUres are more tedious to apply, but they give more ac(urate predic. 
tions Also a number of computer programs are available for tray· by-tray solutions 
for absorber problems. 

• A. P Colburn, -S'mpblied Calcuhluon of DilJuslOnal Procc::sses. - /"d Eng Cltnn .• JJ 4H (1941 ). 

• G Horton and W B Fran~Jln. - Calc::ulallOn of Absorber Pl:rformance and Dnicn.- /~J £NJ Clltm.. 
31 13&4 (1940). w C. Edmmer. -Dcs'8n fOi lIydrocarbon Abwrphon .nd Slnppcng:' JnJ Eng Clrrm .• 
)5 837 {l94J I. II 0 Smnll. Drs.q" of 1' '1'''',b""", SraqtJ 1" (J("tJW"s. McG, ..... HIII. Ne ... Yo'l. 1%3. 
chap I , T K Shc ..... O<>d . 1I. L 1',gf"" ,J . ",IdC II. W.lle . M tu' Trwuj rr. Mc:G"''' · HII~ N~ ... Yo,l, 1'75. 
chap. 9, . nd U V S'ochr.nd C II. W'"e. - II.'«OfOu~ ~nd Shoft C", Dcsccn C.kul~t,ons for G.s 
Absorption I n ~oh''''8 LarSC tlca. E"CCII. 2. Rapod Shol'l·( ·u l l)oeSl«n P,ooaIure fOf Pad,a! G ... 
AMortle, .. - IttJ bog C_ f " ttJ . 10 9.t (19771 
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(m~)(M ")(PA,, ) 
PA .. 

a = Rdalive volatility of key compoocnls 
1',. "" M olal average viscosity of feed , cP 
IIA .. Molal average viscosity of liqUid , cP 
MA = Average molecular weight of liquid 
PA = Liquid densilY, Ib/n) 
m ;< Mole fraclion of solute in gas in ~qullibTlum 

with liquid/mole fraclion of solUie in liquid 
a\ := At aV(:rage column tempcr<:lture and pressure 

HG URi.. A.I-J 
O'Conndn cOildallQn for ovclall !II)' c~ncies. [Fro,." II £ O'CtJllMlI. TraM AICJr/:.·, 42 
7J/(/946).) 

AClual P)ale5 - PJale Efficiencies 

Unfortunately, O Uf assumption of equilibrium o n each Iray is seldo m mel in 
pract ice, so we must find a relationship between the number of theoretical trays 
required for a separation and thl: number ofaclUal trays. T hiS relationship Ulvolves 
the plate efficiency of the column There arc a variet), of ways to predict plale 
efficiencies. and these range from vcry simple. quid. csumates 10 very detailed, 
computational procedures · 

For preliminary process designs, we normally usc the simplest method 
available (ahhough 11 is nOI vcry accu ra te), which corresponds to O'Connell's 

• R. H_ Perrylnd C II Cbdmn. CIot rnlC"<J1 EJ1/JlttHT'J IllU1dboDit. , ~'hnl , MeG' 3\!. Hlt ~ Ntw Vo rl . (97) , 
p 18 13 
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correlation · (sec FIg. A 1-] ). If we fit a straIght Ime to the graph for gas absorbers 10 

the range from ]0 to 60 % efficiencies, we find thai 

0.377 
Eo "" iji09 

(mMLlldp,J 
(A 1-]1) 

or course, at later stages in a procc~s developmcnt, we would usc more rigorous 
procedures fo r calcula ting the plate efficiency 

Once .... e ha\'e estimated an overall plate efficiency. the nu mber of actualtra)'s 
reqUIred is 

N 
Nn' =-E -, 

(A.I-32) 

To complete the design. we must find the tower height, the to wer diameter, and the 
cost. We d .scuss these ca lculations in Sec. A.] . 

A.2 DISTILLATION COLUMNS, NU~IBER 
OF TRAYS 

A v3nety of d eSign procedures for distillation columns, ranging fr om sho rtcut 
methods 10 rigorous t ray-b~-t ray calculations. arc descnbcd in numerous books 
Spaa' limitatIons preclude a detailed review of these various techniques Instead, 
we present o nly 3 bnefsummary of some of thest procedures and a short discussion 
of some related material. 

Q \'crhca d a nd Bottom Compositions 

In many cases either Ihe o \erhead or the bottoms composition fr om a dIstillation 
column will be fixed by produc! punty speci fi ca tIOns. If this is not the case, then the 
end composi tions represen! opt imi7.3 tion prol:>lems, and they depend on the 
process economics.. Fo r prel.m inary designs, W( use the rule of Ihumb that we 
desire 99 .5~o recoveries of the light key 111 the o \'erhead and 99.5% or the heavy key 
in the bottoms. Also. we assume tha! all the componenls lighter than the light key 
are taken overhead and that all components hea \ier than the heavy key leave with 
the bottoms. 

Column Pressure 

The operating pressure for a disti llatio n column normally IS fixed by the economic 
desirability of using a condenser supplted ..... ith cooling water from the cooling 
towers. We want to ensure that lhe condenser "Ill be sufficiently la rge to condense 

011. E O ·Co nnelL. M PlaIt: EIf.cl<"ncy 011 r<>euon-llng C~ ......... and AMoIbe,,, - Ttaru A/C"F., .. Z lS I 
(1946). 

the vapors e\en on hot summer days, so we assume that coolmg water IS available 
at 90 F. Also, the design of the cooling towers is based on the assumption that alt 
the streams returned to the lower ha\e temperatures of 1 20~ F or less, because the 
scahng and corrosive characteristics of \\.ater become \'ery pronounced abo\'e Ihat 
temperature (i.e., calcium and magne~ ium salls are deposited o n the exchanger 
walls). 

If Ihe huhhle poml of Ihe overhead mIXture frolll the column IS grea ter than 
130' F, .... llIch allows a temperature dfl\lIIg force of IO~ F at the condeno;('r o utlet. 
then we can use a total condenser and operate Ihe column at aunospheric pre~sure 
(Actuall)" .... e would operate the column at an excess of ambn:nt pressure, say 
25 psig, so that any leakage wou ld be toward the outside of the column.) lI o .... ever. 
if the condensing temperature of the overhead mixture is less than IOO-F. "'e prefer 
to Increase thc column pressure until we can condense the o\erhead at 115"F or so, 
(We reduce the exit tempera tu re of the cooling water in order to keep the tower 
pressure as low as possible rather than using a refrigerated condenser.) 

In some cases. e.g., ifhydrogen, met hane. or similar light materials arc present 
in the overhead ..... e usc a partml condenser. The product is taken as a \apor from 
the flash drum. and the colum n pressure is set suffICiently high to obtam an 
adequate supply of reflux Also. for a few slluations, e g .. demethanizers. deethan
jurs, and cryogenic systems, we arc forced to use bolh high pressures and 
refrigerated condensers In cascs where the o \'erhead bubble point eAoeeds 267 F, 
we operate the condenser at a tmosphenc pressure, but we generate steam Instead of 
uSing cooling water. 

If a reasonable opera ting pressure will co ndense the o\'erhead between 100 
and []O- F . .... e nex t check the bubble poi nt oCthe bottoms stream 3tthis pressure, 
to C5l1mate the temperature o f the steam required for the reboiler Depending on 
whether thiS temperature is slighty abo\e (that is, 25 10 70~F) the temperature of a 
stea m supply in the plant, for exa mple, 25 psia = 267°F. 11 5 psia ., 338~ F. 
420 psia = 450"F, 1000 psia _ 545°F (a ltho ugh a pressure this high might no t be 
available), we might decide to reduce the column pressure somewhat to acx:ommo
date a lo wer-pressu re steam supply to the rcboiler. For bubble points above 400 to 
500°F, depending on the steam supply available in the plant, we might operate the 
distillatio n column under vacuum conditions o r use a furnace as a reboi ler. 

For most distillatio n col umn design problems, the selection of the operating 
pressure for stand-alone columns (i.e .• not energy-integrated with the rest of the 
process) IS a relatively simplc and straightfo rward task : the primary consideration 
is the condensa tion tempera ture o f the overhead s tream. HowC\'cr, in some cases 
the costs o f high-pressure s team must be balanced against lower temperatures of 
the overhead, or refrigerated condensers 3re required. For these si tuat ions the uSC" 
of heat integrat ion techniq ues · orten prove to be particularly advantageous 

• C S. RobInHln In<! F R G,lIil.nd, £lnnitnlJ "I F'IXIlonal OUIIJI'JII(HI, ... h cd . McGra ... -t t ,lI, N~ 
York . 19SO, p 167 
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Estimating Hubble Points lind lJe", Poillls 

For prelimlllary designs, we \l.ould IIl.e to huve a !>horlcut procedure for cSllma tlng 
Ihe bubble pOlllt lind the dnv pOlnl of mixtures For most hydrocarbon ml).tures 
(those that do not elC lubu hydrogen bonding) we write the eqUilibrium elC pression 

Since 

we can also \l.rItel:.q A-2-l as 

\, = K,x, 

L r. ~ I ~ L K.,. 

K,x, 
Y •• " K L ,x, 

(A 2- 1) 

(A 2-21 

(A.2-3) 

Now if we dllide both the numerator and thc denommalor by Ihe K value of the 
heal,)' key K II" and define the relall\'e \'oialility as 

then Eq. A.2-3 becomes 

K 
, = - ' 

• KUI( 
(A 2-4) 

BUBBLE I·Olro."TS. To estimate the bubble pOin t fl>T a specified liquid composItion 
)., ( .... hich \I.e estimate froOi the column material balances). we simply calculate 

(A.2-5) 

and then usc: one of the K value correlatlons, such as that given in AppendiX C. I, to 
find the temperature at the specified column pressure_ Normally, we calculate the K 
value for the hght key to estimate the temperature. 

DEW POINT, A simple elCprcssion that can be used to estimate the dew point can 
be derived in a Similar fashion : 

(A.2-6) 

Once we estimate K I for the light key, .... e usc a correlation to find the temperature, 

Relath'e Vola lility 

Once we have estllnated the bubbk P01l1lS of the olerhcad and bottoms streams 
(we estimate the dcw point of thc over head if v.-e usc a pan131 condenser) at the 
operat ing pressure of the column, \lot: can calculate the relative volatility of the 
componen ts wllh respect to the hea\'} I.ey at bath the top and the bottom For 
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ca:.cS "'here the rdative volallllty IS reasonably (:on)la nt, we ca n usc II va nety of 
methods to t.:.llmate the number of theoretical trays required for the separallon 
The constant value of CI used 111 these calculation!> IS normally Il1len to be the 
geomelrlc mean of Ihe lap and bol tom \ alues ' 

(A 2-7) 

E.t.pcnme column:. (",hldl dore [hO)e "'e want to dl!:olgn most dccuratel)') 
normally correspond to dose bolhn!! malerlals, a nd for close boiler!> CI ... IS usual1) 
dose 10 12",-,_, and both are In Ihe range from I \02. Whcnclcr Ihc boiling poUltS 

of the ol'erhead and boltom~ arc Widely sepa nlled, 1I,~p IS often much gTe,lIer 
than 'boL,_ The assumptlon of constant a is 110t valid fo r these systems, and 
the assumption of constan t molar Olerflow is not usually valid. However, slO~ the 
spilts are easy for these cases, nonnally there are not many trays and errors III the 
prehminary designs do not have a greal impact on the to tal processing costs. Thus, 
III many cases we can obtain a reasonable fi rs t estimate by using the smallest lalue 
of o:r III the shortcut design equallons 

A cnterion tha t can be used to estimate the effect of lariations in l IS 
presenlcd later in this appcndllC 

Estimating the Numbu of Theoretical Trays for 
Sharp S plits in Simple Columns 

InilLally \Ioe consider the case of sharp splits between t~ light key and the hea\y 
kc)' (I c., no componenl) bet'" cell the le) 5) and SImple columns (i.e., one o\erhead 
and one bou oms stream). Bo th empirical and analyucal procedures arc discussed 
Then a shortcu t procedure for sloppy splits is presented. Shortcut procedures for 
evaluating column sequencing are presented in Sec. AA, complex columns are 
considered 10 Sec. A.5, and the energ~ IntegratIon ofstand-alonecolumn sequences 
is discussed In Sec.. A.6. 

Fenske-Underwood-Gilliland Proced ure for 
Estima ting tbe N umber of Theoretical Trays 

One of the most commo nly used procedures for obtaining quick esti mates of the 
numbe r of theoretical trays reqUi red for a dIstillation separatIon IS called the 
Fenske-Underwood-Gil illand procedure 

GILLILAND'S CORRE(.ATJOi"O. Gilliland - developed an cmpincal correlation for 
the number of theoretical trays 10 tenns of the mlOimum number of trays at total 
rcAux N .. , the minimum rcAux rallo R"" and Ihe actual reftux ratio R, see 

• C S Rob,nJ.(ln and F R G,lhtand, -FknKnl' of F ,actlon .. 1 O'~ltbnon,- 41h N, Mru, ... -lIdl, l'o;~ ... 
yoc-~ . 1950, p \41 
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Fig. A.2-t A simple equation for Gilliland's graphical correlation was developed 
by Eduljee· 

~N,..c-N~. ~ 0.75[1 _ (_R -_R.)' """] 
N+I R+I 

(A.H) 

Hence, we can calculate N after we have estimated N .. , R ... and R. 

FENSKE'S EQUATION FOR T I-IE MI NIMUM TRAYS AT TOTAL REFLUX 
N ... For constant-a: systems, Fenske derived an expression for the minImum 
number of trays at total reflux. The result for binary separations IS 

In SF In {[xo/(l - %D))[(1 - .x .. )/x",]} 
N",= In, 10 , 

(A.2-9) 

where the composition ratio in the numerator is ortcn called the separatiQIl facror 
SF. The analysis is valid for multicomponent mixtures, and Ihe separation factor in 
Eq. A.2-9 for these systems can be written as 

SF ~ (X,.,,)(xw
.
n,) ~ (d")(H:"') ~ (~)('~) (A 2-10) 

XD.IIK X .... LK dm;",u I rue: I rill,.. 

where X, = mole frac tion. d, = distillate Aow, W j = bottoms now, ri = [ractional 
recovery, LK = light key. and H K = heavy key . 

UNDERWOO D'S EQUATI ON FO R T il E MI N IM UM REFLUX RATIO R~. For 
a binary system with constant a. the minimum reAux ratio corresponds to the 
common intersection of the operating line in the rectifying section of the tower 

the equilibrium curve 

R", ::CD 
y= --- x+---

R", + I R", + I 

= y~ ~=~ 
I +(a - J)x 

and the q lille representing the feed quality 

q " y~--x- --

q -I q - I 

(A.l-ll) 

(A.l-Il) 

(A.2-1 J) 

..... here q is the heat required to vaporize I mol of feed divided by the heat of 
vaporization. Using these expressions to eliminate y and x. we find that 

R",z, + qXD a[xO<:q - I) + z,{R", + I)) 
R .. (I - z,) -t q(1~ = (R,. + IXI z,) -+ (q IXI 

(A.2- 14) 

• H E. Edulp. - EqUl.lion5 Repl~"" Gllhl~nds' Plol.- fh'd"X:Q,bmt P'M. 504(9) 120(Seplember t97S). 
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For the case of a Slllurall!d-liquid /e~d where q = I, this expression becomes 

R. ~ ( _, )[X. _ '(' - x.)] 
til - I xr I XF 

(A .2-15) 

Moreover, for high-punlY separallons where Xv - 1.0 with reasonably well. 
balanced columns (where 0.2 < xr < O.S) and moderate values of til, we see that 

, 
R .. :::::- (;:x---','''').<=-, (A .2- 16) 

Similarly, for a sa turated-vapor feed where q _ 0, Eq. A.2- 14 reduces to 

R. ~ ( - ' \fox. - (~)J -, 
tII - IA.Yr l - YF 

(A.2-17) 

and wilh the same simplifying assumptions. we note that , 
R :=:: - I 

., (':I I)Yr 
(A.2-IS) 

Underwood's binary equation for the mimmum reflux ratio given above also 
provides a con5enoa tive (although often a vcry conservative) estimate for the 
minimum reflux ratio for multicomponent mIxtures: 

R. ~ ( _ ' )(x.," _ ox._.,,) 
til - I XF.U. XF.HIt: 

(A.2-19) 

However, an exact SOlu tion for multicomponenl systems witb conslanl a can be 
obtained by using another of Underwood's equa tions. For the case of sharp 
separa tions, firs l we solve the equat ion below for the value of 0 beween the til values 
for the light and heavy keys : 

~ tII/x,./ 
L ~~= I -q 

J. ltIIJ - B 

Next, we substitute: this value of 0 mlo the equation 

• ox 
R .. + I = L :L!!;l 

/_ l tII/ - O 

(A.2-20) 

(A.2-21) 

An exact solution of this pair of equations requires a trial-and--(:rror procedure. 
Some approximate solut ions of these equations are presented later in this 
appendix. 

OPERATING REt<' LUX RATIO R. As the reflux ratio is increased above the 
minimum, the number of trays required for a given separation decreases, so that Ihe 
capital cost of the column decreases. However, increasing tbe reflux ratio will 
increase the vapor rate in the tower, aDd, as we show later, higher vapor rates 
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correspond to more expenSIVe condensers and rebollers, along with higher cooling
water and steam costs. Therefore, there is an optimum reflux ratio for any specified 
separation 

I-Iowever, experience has sho wn that the value of Ihe opllmum reflul ralio 
normally falls in the range 1.03 < R/ R", < I 3. Furlhermore. the slope of Ihe cost 
curve is \ery steep below Ihe optllllUm, bUI relatively flat above the opumum 
lIence, " is common practice to select an operating reflux ratio somewha t above 
the optJmum, and for first estimates we often use the rule-of-thumb value -

Rui(' o/thumb: 

The openuing reflux ratio is chosen so that R/ R., '- 1.2 (A2-22) 

SIMPU FIED APPROXIMATION 0"- GILL.Il.AND'S CORRELATION. From a 
number of case studies, Gilliland - noted that when R/ R .. .... 1.2, 

In SF 
N-2N =2 --

• In til 
(A.2-23) 

This resuh provides a "ery simple: procedure for estimating the number of 
theoretical trays required for a specified sepa ratIon 

MODIFlCAnONS OF TIlE ..-ENSKE-UNDERWOOD..(; ILLILA NI) PRO
CEDURE. Instead of Fensl.c's equauon for the minimum number of trays al tOlal 
reflux, some in\estigato rs use Winn's equation.' This approach leads to good 
predictions o\'er wider ranges of the relative VOlatility than Fenske's equa tion. 
Similarly, many IOvestigator.; prefer to use Erbar and Maddox's correia lion' for 
the number of theoretical plates instead of Gilliland's. All these techniques gwe 
quite good predictions, providing Ihat the value of II is relatively constant. 

Approximale Expressions for the Minimum Reflux 
Ralios 

Glinos and Malonet have developed approxi mate expressions for the minimum 
reflux ralio that can be used instead of Underwood's equations, Eqs. A.2-20 and 
A.2-21. Tbeir results for ternary mixtures are given in Table A.2- 1, and tbe 
expressions for four-component mixtures are given in Table A.2-2. They have also 
proposed a set of lumping rules for the case of more than four components. 

• c. S ROOD$OD and E. II: G,IIIIand , £~"fJ of F.acfloltal OUflIIO/l(JII, 41h ed. McGraw·H,11, New 
York, t9!iO, p )SO 

• F W Wlnn, MN~",' RdallYC Vo la lliny Mc.hod ror DWlllallo n CalculallOn l.M PtlToi RtflfW., 37( 5) 
216 (I9~). 

IJ H ErbIr and R N Maddol . Pmol Rtf"wr. 40(5). 18) (l96t) 
1 K. Ghnm and M F Malonc. f61:. C PrO(" /Hs. Om, 2J 164 ( t98<1) 



TA BU: A.1-1 
Jl,.1inimum rC'ftux ralios (or lernary miXlurH 

AIBC' 

("., ~ .... )1( .... - I ) + 1f~./( .. K - I ) 

R~ - (,,~ ... ".,k i .... ~,~('. J 

An.IYlical Procedures for .he Number of 
Throrelic.1 Trays- Ideal Mixtures 

In addition to the shortcut procedures for calculating Ihe number of trays.. there are 
somt analYlieal procedures for the ease of Ideal mixtures_ 

SMOKER'S EQUATION FOR BINA R\, SEPARATIONS_ Smoker - developed an 
exact analytical solulion for the ease of binary mixtures. The equilibrium relalion
ship is written as 

= 
..I' = °l-+~(=' =-_ I )x (A_2-24) 

Then for Ihe rectifying scclion we clI.tcul:lIe Ihe number of Irays, using Ihe 
algonlhm below: 

R 
m~ --

R+I 
(A.2-2S) 

b =...!E.... 
R+I 

(A.2-26) 

(A..2-27) 

Ie = - [m + b(el - l) - el] ± J [m + b(el - l) ~ el]) - 4bm(el - I} 
2m(~ - 1 ) 

whcrcO <k< I 

Cz: 1 +(11 - 1)1< 

.K'i, =xD - k 

.x;,=:c~ - Ie 

N, -(In {X' [' - m«, - 1).;,1(, - m<')]})(,n ~)- . 
x~ I - mc(0! l)xD/(:J - mel) meJ 

• E. II Smoke •• nlllU. A ICA£. }4 16~ (1938). 

(A.2-28) 

(A.2-29) 

(A.2-30) 

(A.2-JI) 

(A.2-32) 
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TABLE A.l.-l 
Minimum reenux nlios for four-compoMnt mi)(lurH 

AIBCD 

AS/CD 

ABC/D R~ .. (~~ .. 1f." "d( I" 1f1J...~ + •• Jl 

ARC/BCD 

F',_K.Gh ...... ndM F' "hloM..l&F.C "''''' IHo lHr. ll 76ot( 191-1) 

Similarly, for the s lnpping section we modify the expressions above and Jet 

Rx,. + qXD - R + qx. 
m ~ 

(R + I)x,. + (q - l)xD - (R ... q)xlI 

b _ (X,. - xD):x, 
(R + l)x,. + (q l )xD (R + q)x. 

Here Ie IS Ihe same quadratic equalion as for the rectifYing secllon 

XD - X. - Ie 

(A .2-JJ) 

(A .2-J4) 

(A .2-J5) 

(A.2-J6) 

and Ns is the same expression as for Nil ' For the case of saturated-liquid feed, 
x. = :c,; otherwise. x. represents the intersection of Ihe q line and the rectifyi ng line. 

Approximate Solution of Smoker's Equation 

An approximale solution of Smoker's equation has bec:n developed by Jafarey, 
Douglas, and McAvoy. - The result for the rectifying section is 

{( ' -X,)[R(' - ')XD - ']}[ .r R )] • 
NII= ln ) - xD R(O! I)x,. - I In,R+1 

{( XD )(' -.,)[, - I/R(, - ')XD]}( oR ) - . 
= In 1 _ x

D 
~ I _ I/ R(O! _ I )xr In R + I 

(A.2-J7) 

• A Jlfln:,.. 1 M DouJln. Ind T J McA~o,.. IdEC P, ..... On [)n~ 18 197 ( 197'9) 
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This ex pression resembles Fenske's equauon al IOtal reflux, except that there are 
reflux correction teons in the numerator and denominator. As R becomes very 
large, Eq. A.2-37 reduces to Fenske's equation. 

If we use the simple approximation for the min imum reflux rate given by 

we can wnte Eq A 2-37 as 

, R _ 
.. (~ - Ilxf 

(A.2-39) 

Now we see thaI the number of trays becomes unbounded as R approaches R .. . 
lienee, Eq. A.2-39 has the correcl limiting values. \ 

The equations for the stripping column are developed in the same way, and 
the results are 

where 

'" 
R~a - 1)(1 - xw) - a 

Ns = ---,,,--,,-,,~R,;~,,',---',,"X;.;'=~x.,,)_a,-,,
In [::r(Rs - 1)/ Rs] 

(A_2-40) 

(A2-41) 

For the case of a saturated-hquid feed and a sharp separation, thiS Ix:comes 

(A.2-42) 

This expression also reduees to Fensl..e's equation as R becomes very la rge and 
predicts that Ns becomes unbounded as R approaches R .... 

SIMPLIFIED APPROXIMATE SOLLrrION. We expect that the approXima te: 
solution presented above will be quite cooscrvath·e, because the assumption used 
to obtain Eq. A_2-37 is equivalent to drawmg the upper end of the rectifying line 
through the poinl YI> = xI> = 1.0 (that is, we sct XI> = 1.0 in Eq. A.2-28 to simplify 
this expression). Thus, the operating line: is moved closer to the equilibrium line, 
and mo rc trays will be required. 

For expensive columns wllh numerou~ trays, we expect that most of the trays 
will be located near the ends of a McCabe-Thiele dJagram. In these regions both 
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the operatmg IlIles and the equihbnum IlIles will be ~ssen~jall)' straight, and the 
Kremser equation shou ld provide a reasonable apprOlnmatlOn for the system. The 
denominalOr terms III Eqs. A.2-37 and A.2-42 correspond to the absorption and 
stripping factors for the two ends of the column, that .is, A. = L/(mV) = aR/(R + I) 
for the rectifying section For nonnal column operatIOn, I.e., when. R/ R., - 1.2, we 
expect these terms to be more significant than Ihe refl.u.x correcuon terms In the 
numerator Thaefore, we slmphfy our solutions by wfllms 

( aR )" ( x, )(' - X') 
R + I = I - XI> -;;-

(A.2-43) 

(A.2-44) 

Multiplying these two solutions and assuming Ihal Nil - Ns = Nfl, we obtain 

0' 

.Y f _ __ , _ _ _ _ =SF 
( 

Rx ),.. (X )( ' - xw) 
a RXf + I - 1 - xI> X ... 

In SF 
N - -C-C7~~c=" 

- In (a i J I + I/Rx f ) 

(A.2-45) 

(A.2-46) 

This simple c;I;pression nonnally gh'es predictiOns that are wlIhm a few trays of the 

exact solution. 

Behavior Near Minimum Reflux 

If we retam the reflux correction terms In Eqs. A.2-42 and A.1-45 bul assume: thai 
Nit = Ns = N12, then we can derive the equation 

In {[xnf(1 - XI>}1((1 - x,..)/xwlP} 
N = In [al(1 + lIRx f )1I1] 

(A 2-47) 

where 
(R/R .. - .x'XRIR ... - I + axf ) 

fJ = ( R/ R.., 1)1 
(A_2-48) 

We can usc this .-esult to estimate the sensitivity of the change in the number of 
plates as we decrease the reflux ratio below RIR. = 1.2. This result is expected to 
be conservative. We can "tunc"the approximation by using Eq. A.2-47to calculate 
N when R/R", = 1.2, and then we compare the result to Eq. A.2-23. If we introduce 
a correction factor into Eq 2-47 to makc the resulls agree when R/R. = \.2, we Will 

probably obtam a more accurate estimate. 
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UNDERWOOD'S EQUATION FOR MULTICOMPONENTSYSfEM5. Underwood 
ha.!i also proposed an expreuion for calculatmg the number of trays for multicom
ponent mixtures. At the operat ing vapor rate of the column. we solv" for the values 
of 0 and 8' satisfying the expressiom· 

RCCtlfY'lig sectIOn· 

Stnppmg _ ~,. = L :I,Bl(" 
a, - O· 

(A.2-49) 

(A 2-50) 

Then \I.e U.!iC these values to calculate Nit and N j from the upreSSIOIiS for the 
rectIfying section 

(A_2-SI) 

and the stripping section 

(A.2-S2) 

A Criterion for Constant Relat"·e Volatility 

Most of the shofl.-cut prOCC'dures for estimallng the number of theoretical trays 
reqUIre thallhe relative volallhty beconstant. To de\elo p a criterion for constant a, 
first we e\'aluate the relative \olatihties of the hght key with respect 10 the heavy 
key at the top and the hallom of the column 

(
K ) 
, 

all "" . 
K l ""om 

(A .2-S3) 

Then il is common pracllce 10 estimate an average volatility as the geometric mean 

(A.2-54) 

RELATIONSHIP BETWEEN TIlE GEOMETRIC MEA~ AND TilE ARITI-JMETIC 
MEAN. To simplify the analysis, we ..... rite the average volalility in terms of the 
arithmetic mean rather Ihan the geometric mean. The relationship between these 
quanlities can be est.ablished by letting 

(A.2-SS) 

and then usmg a Taylor ~enes expansion of the geometric mean 10 obtain 

(A .2-S6) 
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Since the arithmetIC mean is 

a, ... a, I 
an"" :2 - (1",(1 -I () 

we see that Eq. A.2-56 will be within ]0 % of the arithmetic mean if 

ilJ S O.I(ld 

0' { S; 04 

(A.2-S7) 

(A.2-S8) 

(A 2-:';9) 

Hence, a criterion for the t\l.O kinds of means to be approximately the same is 

11.. - ar s; 0.4 ., (A.2-60) 

EFFECT OF VARIATIONS TN 0: ON TilE COLUMN DESIGN. Gilliland's cor
relatIon predicts that the number of trays required to achj(:ve a particular 
separation is approximately equal to twice the number of trays at total refiux : 

If we let 

then 

In {(xp/(I - xp)]((1 - x .. )/ xw]) _ 21n SF 
N - 2 In IX - Ino: 

(A.2·61) 

0: = IX.,(I + q,) A.2-62) 

2 In SF 2 In SF 2N. 
N - -

.., In (1.,(1 + q,) -In (I • • + In (I + q,) - 1 + In (I + q,)f1n (I •• 

(A .2-63) 

il owever, for small changes ill a ..... e can use Taylor series expansions to write 

so that Eq. A_2-68 becomes 

'"(1+';) - '; 

~.;.,;-- - 1 - - .;-
1 + t/lfln CI.. to a •• 

(A.2-64) 

(A.2-65) 

N _ 2N ... (1 -~) (A.2·66) 
In m •• 

Thus, variation.!i in a will introduce less than a 10% error in the column 
design if we require thal 

After subslllutlllg 
becomes 

¢ S O.I 
In 0: • • 

(A.2-67) 

Fq A.2-62 with Q" "" 1X1 and the definition of IX ••• Eq A.2-67 

(A.2-68) 



450 StCTION ... 1 DI~T1L ...... nuN COLUMNS NUMUJII ()~ u .... n 

which provides a simple cntenon for evaluiJtmg the effl!Ct of vanallons In a on the 
column design. 

McCabe-Thiele Diagrarns - idealllnd Nonidc:.Io l 
Biliary Sc!parations 

The McCabe-Thiele procedure: often is used 10 calculate the number of thcoreticdl 
trays for bmary mixtures, particularly when the relatIve volatility is not constant 
In addition. by introducing fiUlIlOUS molecular weights. the McCabe-Thiele 
method can be used to describe heat effects caused by large dlffe!rC:nces In the heals 
of vaporization of the leys. To account for heat of mu;ing effects, 1\ IS necessary to 
use the Ponchon-Savant tcchlHquc, II method decribed b) Kmght and Doherty,· 
or a computer program thai SO"'(:5 the tray-by-tray matenal and energy balan<xs. 
The details of the Ponchon-Savant procedure o r compu ter rouHoes arc available 
m lexts on distillation. 

Sloppy Splils 

Most of the research on column deSign and shortcut procedUres has been limned to 
sharp splits in simple: columns. lI o\\.ever. the optlmum fraellonal recovery for any 
stream Icaving a column, except for a product stream, represents an econom ic 
trade-off between adding more tra}s 10 Ihe end of the column (I.e. , the top or the 
boll om) where the stream of IOtereSt lea\es the column balanced against either a 
decrease m the loss of materials III \\.3Sle or fuel streams or a decreased cost to 
recycle the material through the reaclDr s~' stem Shortcut prOC('dures for estimating 
the optimum recovenes ha\e been propo:><!,j by Fisher. Do heTl) . and Douglas' In 
addit ion, a case study that 11Iu)trates the dcslrabillty of makmg a sloppy spin (i.e., 
nOI a high fraclional rCCQvcry) ha5 been presented b} Ingleby. Rossiter. and 
Douglas.' 

A procedu re for estima tmg the mlmmum reflux ratIo for sloppy splits of 
ternary mixtures has been published by Glioos and Malone' and is presented 
below. They noted that Underwood's equa tion (Eq. A.2-21) for the minimum reflux 
rat io can be written as a hnear function of the overhead composition of the light 
key X~l" providing that only A and B lea ... e o\'erhead. If we merely flash lhdeed, we 
oblain a lower bouod on the distilla te eomposilion X~D ' which corresponds to 
R. - O. 

Then when we add a rectifYlllg secllon and contlllue to increase the reflux 
ra tio, we will increase the purity of the merhead as a linear function of the reflux 

OJ H Kn1lhl.ndM F Doheny, ldtC I....J . 25 2~ ( 1986) 

I W R hinet . M F DoherlY, and J U Oll1141. IdEC P,or lH~ /"In 24 95S (t98S) 

'S tnsJcby. A P ROSSIlcr, and J Douglas, ( ·M", EItj/ Rn o..s . t>4 241 (1986) 

• K Olmos and M F M~lonc, I&.£r PrO( l)~J n... B 164 (t98<1) 
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ratio untd we reach a pomt where we obtaIn a sharp AB/ BC split. The value of the 
minimum reflux rauo for thi!. AB/ BC split is 

1 
R -• LlljX,., -

(A 2-69) 

At this cont1l1ion the frilctlOlI of component n In the ked that IS reco\'cred o\erhead 

IX~C - I 
FractIon of B Recovered Overhead ,", f. = --1 

"v-
(A 2-70) 

So we can calculate the composition of A overhead \~D ' Then if we merely draw a 
straIght hne connecting these points. we can estimate the value of R .. for any value 
of x"" that falls between the values calculated above; see Fig. A 2-2. 

If we continue 10 increase the rellux ratiO, we continue to increase the punty 
of the overhead as a linear function of the reflux rallo unti l we obtain a sharp A/Be 
split. We can eslunate the minimum rellux ratio for this case where X~D = I. USlOg 

the approximate results given in Table A.2-1. Then we merely draw a straIght hne 
connecting the values for the AB/ BC and A/ BC splits (see Fig. A.2- 1), and o,\,e can 
estimate the values of R. correspondmg to any ot her value of l~ll. The figure also 
g .... es a plot of the rat io of the fractional recovenes of 8 , f., to the fraellonal 
recovery of A.fA' overhead. bUI th~ results are nonlinea r. 

Ghnos and Malone also considered the cost of sloppy sphts in the bollom of 
a column. Again, the results for a Sim ple Ilash, the AB/ BC split, Eqs. A.2-69 and 
A.1-70, and a n AB/C spilt.. Table A_2-1, prOVide three points that define twO 
straight lioo. The graph IS Simpler to construct If the reboil ratio S I) used IDSlead 
of the rellux rallo (sec: Fig. A 2-2), bUI the Ideas are exactly the same. 

Aclual Tnays- Plate Efficiency 

A simple, but not very accurate, technique for estimallng overall plate effiCIenCies IS 
10 use O'Connell's correlation for fractionalors ; see Fig. A.I-3. If we wnte an 
equation for the curve in the range from 30 to 90% efficiencies, we. obtain 

0.4983 0.5 
ED = (0:1',)0 2H - (1lI1,)I /. 

(A.2-71) 

Also, If we conSIder columns having sa turated-liquid feeds, and If we use the result 
that the viscosi ty of most liquids al thei r nonnal bolting points is OJ cp,· lhen 

(A 2-72) 

OR 11 Peny nd C 11 Chdeon. Clvrnuw &glnit'u"s U""dt.-A. ~.h cd , MeG ....... 11111. Nc .. "'D'~ , 
19n. p }·246 
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Sloppy .spllts Dishnal~ Of bottoms oompot.lhon lUes rdlu1 01 reboot ratio and ~Iio 01 rractiooat 
r«OVCIleS. Dnk cIJele:s IndIcate lbe ml,o;:al ooild,tIoIi rof a sbaq!,plil (F",,.., K. GliNu QIId AI F 
Alolo,,~. I.tEe 1'.« lH3. DnI .. n . 764(1981'). '1'1/11 prrminiatr of IIw A ..... ,invI CNmicQ/ S«~ly) 

Costly separations correspond to low values of a, but for a range of IX from 1.3 
to J, the effi~ieocy predicted by F...Q_ A 2-70 only changes fro m 63 to 51 % Hence. the 
overall effictency IS rdatively insensitive to IX. and we can obtai n a conservative 
design estimate for almospheric columns by assuming thai 

(A.' -7) 
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The number of actual trays in the column is then 

N 
N.." = Eo 

This value is needed to calculate the to ..... er heIght. as ..... e discuss now. 

A.J DESIGN OF GAS AIJSORDERS AND 
DISTILLATION COLUl\tNS 

(A.2-74) 

Guthne's correlatIons (see Appendix E I) gl\'e expressIOns for the cost of plate 
columns ill terms of the column height and the column dmmeter. llenee, ..... e need to 
develop a procedure for calculating the height and diameter. Both the gas 
absorbers and distillation columns arc described by the same models with Ihe 
exceptions noted below. 

T01'l'er Height 

In Sees. A. I and A.2 we developed expressions for the number of plates In a gas 
absorber and in d istillation columns_ The most common tray spacing used for plate 
towers is 2 ft . Hence. for our initial deSIgns, we as~ume a 2-ft spacing between tra ys 
Then the height correspondin~ to Ihe trays is 2(N/ Eo - I). 

It is common practice to include some addilional space. say 5 to 10 fl. at the 
top of the lo ..... er as a vapor-liquKi dist:ngaging space (we may even install demisters 
at Ihe lOp of Ihe tov.er to prevent the carryover of liquid droplels). Similarly. il is 
common practice to mclude space at Ihe bottom of the to ..... er for a liquid sump. The 
liquid stream leaving an absorber or a distillation column often is fed through a 
heal exchanger and then to a distillation column If we want to ensure that the feed 
to another distillation lower is not interrupted, we maintain a 5·min or so supply of 
liquid in the boUom of the tower. The height of the sump required to hold this 5-
min supply of liquid obviously will depend on the hquid flow rate and the column 
diameter; but to simplify our preliminary calculallons we assume that an addition
al 5 to 10 rt al each end should be adequate. 

With this simplification, we can write that the lo ..... er height IS' 

2N 
H _ ~ +Ilo 

E, 
(A.3-1) 

where 110 includes the space at the ends or the column for vapor disengagement 
and the liquid sump This expression is commonly used for tower designs. 

As an approximation. we could express the additional space at Ihe ends of Ihe 
tower as a percentage oflhe height that contains trays. For our studies we include a 
J5 % allowance for this excess space. and we write Eq A 3-1 as 

2(115)N 2JN 
11 = "" 

Eo Eo 
(A.3-2) 
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This should be a reasonable esllmate ror larg~ lowers wl\h many Irays, bUI II 

probably will be too low for smaller lowers We use Eqs. A.3- 1 and A.3-2 ror bOlh 
gas absorbers and dlstillallon columns, 

F lood ing Velocity and Tower Dia meter 

The lo",'er di:lrneter usually is sdected so that the \·apor vdocily is between 60 and 
80 % or the Oooding velocity. The early study of Souders and Brown- assumed thilt 
Hooding was caused by the entralDment of droplets carried along with the gas; see 
Fig. A.J-I When a small dropkt in the lower IS sta tionary, its weight will be 
balilncc:d by the drag rorce ell.trled by the fluid 

tn R J(pL - Pa)g = CDHpG,·l)n Rl (A 3-3) 

For turbulent Oow, U!., la rge particle Re}nolds numbers, lhe drag coeffiCient IS 

conSlant, I CD = 0.44, so that the velocity is 

(8iR JPL Pr; 
tI = .J3(OA4j Pa (A.3-4) 

We can usc this npression to estimate the vapor ~·elocllY such that all droplets 
larger than a given size will fall back onto the tray. 

Except for systems operating near their critical point, Pa <C PL. Hence, we can 
write Eq. A.3-4 as 

tI = KoJPLl pr; 

Also, the densities of most liq uids arc about the same, so v.e can write 

vJP;; ~ F = Constant 

(A.3-5J 

(A.3-6J 

This constant F factor provides a quick means for estimallng flooding velocllies 

• M Souder!., Ji , ~nd G G 8 ro"'n, M Des'ln of Fracllonallnl! Col .. mn~,M InJ CItjI e M ... , 26 98 (19).4) 

, It II PCI I")' Mnd C II C hlll !)n, ('umwJ/ bg"'«'J I/1JnJboDlc, ""run ,. H ,II, New VOIl!. , 1973, P S·62 
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GAS ABSOR BERS- FLOOI>1NG \' EI.oerrv. A more rigorous flooding correia· 
tion developed by Fair- is shown in Fig A.J -2. Note that the denSity groups 
appearing Ln thll> correlation are the same as those obtained abov~. If we write the 
group appeanng on Ihe abscil>sa III terms of molar flow rates and \Oscrt ou r rule of 
thumb for a gas absorber that Lsl(mG s) = lA, we see that 

~ (pO)111 "" Ls AIL (Po)IO = I 4m AIL (!!E.)I/J = 1.4 (,PO) M, (PO)'" 
S P Gs M a PL P T MG PL MG PL 

L (A 3-7) 

Normally absorbers arc designed to operate at temperatures well belOW, the 
Dormal ~iling points o f the solute, so P"IPT 5 0.5 or so. The: liquid phase activity 
coefficient ohen is in the range from I 10 10; and if we consider qlSCS where the 
solule is being recovered from an air stream mto water at standard conditions, we 

find that 

_ Pi!. -1.4(10)(0.5 _ -- - 0.03 - -0.15 L ( )'" {IS)f[f!-319 ('PO) 
G PL 29 62.4 PT 

(A.3-SJ 

However, we sec from fig. A.J·2 thaI the ordinate does not change very much 
for (L/G)(Pa lpJlo in the range from 001 to 0.2. Thus, we should be able to 

• J R. Fair; ~ II. H Perry and C 11 ("hil ton, Clttm oraJ EIIUllltds HUlidbooJc, 5tll cd., Mruraw· U,lI, 
Ncw Yorl!. , 1973, p 111--41 
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TA8LE A.J-t 

Vapor ,"elocities in columns 

Tny .pacinL n JO 2.0 " 0.0 
Ord,".l~ 0425 0_3} 0.26 '19 
flooding. ~~.jp" _ F, J2< 2.~1 ", '" 60% 01 Hoodln,. F '" 15t '" 0.17 

J It r.". """ It II I"ny.nd (' II n"lIon. ~£'h<""".l F".,~,-. 
lIondlmnl.· ~'h «I MeG .... · ltill N~ .. V<>rt. I'" r l_~ 

obta in a rra~2n~ble est.'mate of the flo~)(hng . velocity by selecting the values at 
(L/GXpdpJ) - O_/. lhesc values are listed In Table A.3·1. The ordinate on the 
graph can be wrilten as (if we assume that PI. ...... 58 Ibjft l and 0 ... 20) 

u{~rl(pLhpJI12 -VF~""" v%"- Js 
Then If we consider that ~c desire to operate at 60'~ of the flooding velocity we 
obtain the other values IIsled in Table A.3-1. Most of our preliminary designs' arc 
for towers With 2·ft tray spacings, and we assume that 

F = 1.5 "" v"";;;' = V./M GP,. (A.3-IO) 

The same resull is Obtained for dist illation columns. and so we use Ihls elpression 
for both gas absorbers and dlstillallon columns. 

Tower C ross-Sectional Area and Diameter 

To find the to .... er diameter. first we convert the molar flow tate of vapor to a 
volumetnc fl ow Q = (Vrnol/hr)/(p .. mol/ft l ) , and then we divide by the velOCIty: 

AT _ VIp.. v..fi:i:iP:. 
1.5(3600)/JMaP,. - U(3600) (A.3- 1I ) 

Actually. the cross· sectional area must be larger than this value because about 12 % 
of the area is taken up by the downcomers.' Hence. we write 0 

AT Z O.88(1.~)3600 V J Mdp", = 2.1 x 10-" V(::G )"2 (A.3-12) 

, Once we have estimated the colum n area, it is a simple mailer 10 caJculale the 
diameter 

(4',),,, 
O,~ 

• CA.J. J J) 
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., 
(A.J· 14) 

The diameter IS relatively in<;cnsith'e to changC5 in the operating temperature and 
pressure. 

Si nce the vapor rate in a distillation column is different above and below the 
feed tray. we need to e\'aluate the tower diameter for slills atlhese two locations If 
the two valuC5 are no t too different. ~'e design the tower to correspond to the larger 
diameter. Assu ming idea l.gas behavior and saturated·liquid feeds. ~e ca n ..... nte 
that 

[ ( T. X" 7)J'" DT = 0.0164.jV 379M G 5~ T (A.3·15) 

so that the largest value of D J - will correspond to the key component for which 
MG T. is largest . When the two estimates of the tower diameter are significantly 
different, we bui ld a tower, called a sy"edge column, in two sections baving the 
appropriate diameters. We prefer to avoid these swedge columns. howe\-er, as the)' 
are more elpcnsive to bui ld. 

Umitations on the Design Conditions 

It is undesirable 10 build very tall and sk inny towers because the towers will bend. 
and might buck le. in slrOng wmds. A design guideline o f len used is thai the column 
height should be less than about 175 ft , but a beller design guideline is that the 
heighHo-diameter ratio should be less than 20 to 30 

Plate towe rs arc seldom used if the tower diameter is less than 1.5 ft . 
area ... 1.77 nJ , because it is not possible to get inside the tower (througb manholes 
placed every five trays or so) to clean the tower. Instead, packed towers are used if 
the diameter is small. Either plate or packed towers are used if the column diameter 
is less than 4.5 ft. a rea "'" 15.9 ft z, although the tray spacing normally is less than 2 rt 
ill this range. Similarly, if the required heigh t is above 190ft or so, ..... e might 
redesign the tower with a smaller tray spacing. 

Shortc ut Cost Procedure for Column Trays and the 
Sb<1i 

Once we have calculated the tower height and diameter. we can use Guthrie's 
corrrlations to estimate !he to~ el cos!; i.e .. we cost the shell as a pressure vessel, 
and !hen we add the cost of the lIays. As a quick a pproximation. we mill-hI assume 
that the cost of the trays IS about 20% the cost of the column shell (assummg that 
everything 15 ca rbon steel) 
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Dislillation Column AII).i li llrie~ 

For dlsllllallon columns, we also must design the condenser and reboiler. In 
addition, we musl find the coollllg-w3ter and steam reqUIrements 

COLUMN COND[NSER AND COOLING WATER. We consider the case of a 
total condenser, which is Ihe mosl common situation Th!:n Ihe conden~r heat 
duty is the heat required 10 completely conden~ the vapor passing o\'erhead With 
cooling waler available at 90c F and !>clOg returned al 120°F, heat balances give 

120 - 90 
Oc= flH y V = UcAcln[(~ 9O).'( ~ 120)] = wcC,(120 - 90) (A.3-16) 

We nonnally assume that an overall beat-transfer coefficient ror the condenser 
Uc = 100 Btu/(hr · ftl . oF) gives reasonable results. I-Ience, the required heat
transfer area for the condenser is 

[ 61/" 1j, - 90J 
Ae = 30(100) In ~ 120 V (A.3-17) 

and the required flow of cooling waler is 

We = {A;~")JI (A.3-18) 

If cooling waler cOStS Sell./lOl gal, the annual COSt of coolmg water ..... ill be 

Ann. Cost ... (SO.OICIO')(~)(lJ.1/1 V Ib)(8150 hr) 
1000131 8341b 30 hr yr 

-=3.26 x 1O- ~C ... 6HvV (A.3-19) 

Similarly, we can find the capital cost of the condenser by using Guthrie's 
correlation (sec Sec. E.I). To develop a shoncut model, ..... e consider an excballger 
with 1000 ft 1 of a rea. so thai the purchased cost is S8900. The cost exponent is 0.65, 
and we consider a floaling-head exchanger, carbon-steel conslruCtlOn, an operating 
pressure of less than I SO psig, aod an installation factor of 3.29. Thus, the installed 
cost is 

0' (A.3.20) 

After substltu ling Eq. A.3-17 iOlo this expression, we find that the Installed cost can 
be written as 

c ~ (M&S\328/flHI 10 1j, - 90)0'" l,oc;, 
c 280 f '\ 3000 T" 120 

(A.3-21) 

REBOII. t:R ANI) STt..AM SUVI~l.'t' . If we u~stcam to supply Ihe, Ileal 10 produ.:c 
V mol/hr of V3por at the bottom of the tower, a heat balance gJ~es 

o. _ 611., P - V.A. flT . ... Ws- 611 ), 

. h b 'l SI be constrained 10 be less than 
The temperature drlvmg force 111 I e re 01 er mu . h I f 
about 3010 45' F 10 prevent film bOllmg. We expect 10 obtalO a \'ery hlg va uCfO 

, . . . h bo I r because we have heat trans cr 
the overall heat-transfer coeffiCient In t e re Ie h " • • 

d bo ,. , 'd Thus wecxfV'('lthat t ereWI ..... !xtween a condenSing vapor an a I mg IqUi . , 1'-

a hmlling heal fiux \0 the reboiler, and we assume Ihal 

(A.3-23) 

With this approxima tion the reqUired heat-transfer area IS 

_ A1/p P 
A. - 11 ,250 

(A.3·24) 

and the reqUired steam supply is 

(A 3-25) 

For the case of 25-psl steam, where 15 = 26r r, Mis = 933 BIUI1b, and Ihe 

CO$I is SCs/ IO} lb. the annual sleam cost is 

_ ~ (fl1li' j7 IbXSI50~) 
Ann. Cost - 1000 Ib 933 hr yr 

= 8.74 x 10 1 Cs6Hv P 

The Installed capllal cost of the reboiler can be estimated f, om Eq 

find that 

(
M& S\132SJ flH" )06~ po .. s 

C. '"' 280 r ,\11 ,250 

(A.3-26) 

A_3-20, and we 

(A.3-27) 

The vapor rate in the bouom of tbe tower depends on the qualtty of the feed II 

V = V+F(q - l) (A 3-28) 

(A 3·29) 
whcre 

which I~ the hcat reqUired 10 convert 1 mol of feed to a saturated vapor dl\'ided by 

the molallalenl heal of vaponl3tlOn 
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Summary or the Cost Model 

Hwc combme the expressio ns above, we can write a model for the lOla I annual cost 
(TA C) of a dlstillallon sepa ration (i.e., a capital charge factor of! yr is used to 
annuahze the IIIstallcd equipment cost) In terms of the design variables: 

TAC "" Column Shell and Trays + Condenser + Reboiler 
+ Cooling Water + Sleam 

I ( M&S\ (I ' 
3 280 rl200r ll )(2.18 -+ f d 

I ( M&S\, + 3 280 t10UX229 .. Fc)(A~'" + A~n) + Steam + Coohng Water 

x(~: + 1I0Y' 
-+ M&S 1013X229 Fj611"11l T,, - 90 )06 'VOU 

3(280) ( . - -+ c,\3OO) 7~ 120 

M&S {./1 )'" + 1(2 O' (101.3)(229 + Fe --'- V0 6~ 
_ 8) 11.250 

+3.16 x IO - "CN MIl' V+874 x IO - JCs6Hvi7 (A 3-30) 

COL8URVS cosr MODEL An alternale cost model was dc\eloped by 
Colburn · The fo rm of the cost model IS 

(A_) · ) I ) 

where C IN IS the cost of the column shell, C z mcludes the cost of the condenser and 
reboiler. and Cl IOcludes the COSI of the steam and cooling water. An uample that 
illustrates the applicat ion of the procedure IS given in Happel and Jorda n.' USlOg 

Taylor series expansions. lAC could reduce Eq A.3·30 to Eq. A.3-31. 

Packed Versus Plate Toft'crs 

For prclmllnary process design we are concerned primarily wilh the most 
expensive pieces of equipment We expect that the expensive towers will have large 
vapor rates and diameters greater than 4 5 f1 Hena:, normally the expensive towers 

• A r ColbUTn ~ C-ollec.ft! "npe .. on Ih~ T ~achll'~ <>I Chen"",".1 r n~n<>t,;ntt-· AS n Sum" .. , Sch .><>' 
for the Teachmg uf CherlllCJII I-nttJll«ltnllo Ptrm'yl~an':I S,a te Unl~tBlly, t9J6 
t J Ha ppel at,.] I) (, J""\:,n. ("1,,,.,. .. ,,/ r'M .. JJ r r_wJ. 2d ed~ DeHe._ N~", y()f~. 1975, ,, l~ ' 
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will be plate columns. Tray towers are preferred when the sQlvent flows are small, 
i.e., packing would not be wetted ulliformly. and where internal coolillg is desired 

But packed towers are used when the materials are highly corrosive or foam 
badly, when low· pressure drops are required, and If the tower diameter is less than 
2 fL The height o f a packed lower is estImated by calculatmg the number of transfer 
unil5 and the height of a transfer unit. orten, shortcut procedures such as those 
given in Table A. I· I Will gn'e reasonable predictions for the number of transfer 
unils. The heIght ofa transfer UOit ean be predicted by a ,ariety o f correlat ions that 
ha"e been re"iewed by Fair· However. to obtain a quick estimale of the tower 
height. J ordan' recommends lelllOg 

111)6 - 2.0 fI (A.3-32) 

This est imate should be reasonable fo r packing ~ i7.es fro m 0.75 to I. S in. and for 
gas flow rates in the range of 200 to 1400lb/(hr · ftJ) 

A.4 DISTILLATION COLUMN SEQUENCING 

In Sec.. 7.3 we discussed the use o f heuristics and computer codes for selecting the 
best sequence of distillation colum ns. Ilowever, as an alternative approach. we can 
use our orde.--of. magllitude arguments 10 simplify the problem. By simplifying 
problems of this type. we often Impro\'c ou r understand ing of the most important 
features that dominate the design The procedure we present here is due to Malone 
elal.' 

Cost Model 

for the sa ke of simplicity, we consider ternary mixtures. and we want to determine 
whether il is beller to use the direct sequence (i e .. splil A from Band C and then 
split 8 alld C) o r the indirect sequence (i e, srlil C fro m A and B and then split A 
and 8 );.see Fig. 7.3-3. We base o ur decision on the total separation costs of the two 
sequences., and so we need a cost model for a distillation separation. We use 
Guthrie's correlations (see Sec_ E.I) to estimate the capital costs of the column, 
condenser, and reboiler, and then we add the cost o f the steam and c'ooling water 
Thus. we write the cost of a single column as 

(A .4-I ) 

where Co is the annualized cost coeffICient for the column shell, NT = number of 
theoretical trays, V "" vapor ratc., C1 is the annualized cost coefficient for both the 

• R H Perry and C It Cl"I'on. CAf'm;'w/ ":;"g",,,'" I/nnlillooJl. Sih ft!, McG •• w_II ,II. Ne .... York , 
1973, sec. III . 

• 0 G.lordan. Ciwmff'Q/ I'tnaJJ fJn:f'Wpmntt. vol ,. Inlersaen.tt. Ne .... York. t96M. p 4Sl. 

' M J- Malone. K Glrn05. r f Ma.qlH:L. and J M I)(m,tu. AIC~E J , JI 68J ( 19I1S). 
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condenser and rcboiler, and C 2 is the annual cost coefficlcnt of the steam and t.he 
cooling water. If a base-case design is available, we can use a Taylor series 

expansion 10 write Eq. A.4- l as 
(A.4-2) 

This is the cost model that we use to evahlate column sequenceS. Now if we 
considcr the difference in cost between the direct and indirect sequences, using 

Eq. A.4-2, we obtain 

,HAC "" K ,(N~~ N~tI + N~c - Nk) 

(A.4-J) 

NUMBER OF PLATES. According to Gilliland's correlation (see Eq. A.2-23), 

when R - 1.2R",in , 

NT - 2Nm'~ (A.2-23) 

where Ihe mimmu.m number of plates is gIven by Fenske's equallon. If we :-vrile 

N . in tenns of fractional reco\'ery of the light key overhead '1 and the fractional 
_. I' 

recovery of the heavy key in the bottoms 'j, Ihen for the Al B sp It, 

N _ 2 1n {[r .. /O - , .. )][,./(1 - '.»} (A.4-4) 
A' - In QA8 

Ho we\'er, the fraClional recoveries for the Aj B split will be Ihe same for both the 

direct and indirect sequences (Fig 7.3-3) 
(A.4-5) 

The same result will be obtained ror the BIC splil. Thus, nonnally Eq. A.4-3 reduces 

10 

6TAC = K!(V~8 - V~8 + V:c - V~) 

This result corresponds to the well-kno wn heurist ic 

(A.4-6) 

Select the column sequence based on the smallest total vapor load. (A.4-7) 

LIMITATIONS OF TilE VAPOR LOAD HEURISTI C. Of cou rse, we see from 
Eq. A_4-3 that this heurist ic will be valid only if the cost coefficient K ] is tbe. same 
for each column. However, if C were a corrosive component, both columns In the 
direct sequence (Fig. 7.3-3) would ha\'e 10 be made from expens~ve materi~ls., 
whereas only one column in the indirect sequence would req~lr~ corr~slOn 
protection. Thus, the cost coefficients would not be the sam~. ~]mllarly, tf the 
columns operate at different pressure le\<els In Ihe direct and I~dl.re~t sequences, 
theIT cost coefficients will be different Thus, the vapor-load heUristic IS not always 
valid. Also note that Fenske 's eq uallon IS limIted to mIXtures ha\-ing constant 

relative vola tilities. 
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Vapor Rale 

The vapor rate in each column can be related to the reflux and distillate rates by a 
material balance 

II; = (R; + I }D1 (A.4-8) 

If \\ c usc the rule o f thumb 

R] = I.2R • . 1 (A.4-9) 

along with the approximate material balances that correspond to perfect splits 
(ra ther than greater than 99% recoveries) 

(A.4-1O) 

then it is a simple matter to estimate the vapor fl ows given a knowledge of tbe 
minimum reflux ratios. 

The common procedure for calculating reflux ratios for constant-volatil ity, 
muhicomponent mixtures is to solve Underwood's equations 

(A.4-II ) 

.nd (A.4- 12) 

For the direct sequence, we solve Eq . A.4-11 for the value of lJ in Ihe range 
!lAC < lJ < IX.ca nd substi tute this result into Eq. A.4-12to find R .. ; for the indirect 
scquence we determine the 0 in the range IX/lC < 0 < I and again use Eq. A.4-12 to 
find R .. . The minimum reflux ratios for the remaining binary columns can be found 
by using the shortcut approximation o f Underwood's equation for binary mixtures 

1 
R ~ ~-'c-_ 

.. (IX - I)xf" 
(A.2-16) 

where we use the appropriate Il and feed composition for the last column in either 
the direct or indirect sequence (sec Fig. 7.3-3), i.e., 

1 - XCf" 
(A .4-13) 

Instead of using Underwood's equations for the ternary mixtures 
(Eqs. A.4- 11 and A.4-12), however, we prefer to use the approximate expressions 
developed by Glinos and Malo ne so thai we can obtain an explicit expression for 
the vapor ratc ; see Table A.2- 1. Their results indicate that for 

A/ BC: (A.4~14) 

where J = I + rI;ox.,. (A.4-15) 
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and for 

ABC-
('(" + Xn}/(IIK - I) + XAF/ (II AC - I) 

R = 
.. ('(AI" + x".XI + XAFXCF) 

Now, if we combine Eqs A 4-6 and AA-8 through AA-16, we obtain 

Whenever this result is negauve, we prerer the indirect sequencc. 

Discussion 

(AA-16) 

(AA-17) 

The result. Eq. A 4-11, pro\"ldes us with an approximate, explicit expression that ~e 
can usc to determllle the best column sequence as a function of tbe feed 
comp-o~lIlOn to Ihe distlllatton train. Thus, we can use this result in place: of the 
heunstics; see Sec. 1.3. Malone et al.· present a comparison of this expression 10 the 
pubh~hed heuristics as well as discuss the sensitivity of the solution . That is, they 
describe the cond itio ns under which the wrong choice of the column sequence 
corresponds to large cost penalties. This type of sensitivity information is often 
more useful for preliminary deSIgns than obt aining a rigo rous solution for a 
particular case 

Using Bounding Ar~ume-nls 

In another study, Glinos and Malo ne' plotted the line where the tolal vapor rat e 
for the direct sequence was equal to the total vapor rate for the indirect sequence on 
the plane of the feed compositions; see Fig. A.4-1. The relative volatilities are 
shown 111 parentheses, and Underwood·s equations for sbarp splits were used for 
tile calculations. From an inspection of these: diagrams, they proposed these simple 

cntcna 

Use direct sequence when 

Usc the indirect sequence if 

Calculate the vapor rate if 

~<). = 
X A +XC IIAC+ 

IJ > X A > 1. 
x A + :cc 

Thu~ , they lise bounds to devclop "ery simple expressions for some ca~es 

• M I- Malo/K. K GhnO'l. I r ~b,ql.lCC>_ and J t~ul!lu. AICIrF J~ .~1 68\ (19R~) 

(A.4-18) 

(A.4-19) 

(A.'-'O) 

'K (;1In05 and M F Malon ... ~()rllm,QllI)' R .. g.OIl!I for (orn/'k'.t CoI-", AltnllOrn~J ' " D,m/I ... ,,," 
_h~, ...... 1'"1"" submrn .... 10 (h,m ,...q R" /HJ 19117 
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nCURE A. ... t 
Bounds fOl Ihe direct and Ind"ect sequences (F,O<ft K GII1tDJ,."tl M . F Moll)¥, ~OI'/lntQl")" IUgH}IUfor 
C_l'kx Col""", Alr""Q/II.~J III vm,l/o/IOtl S)·lI~_.~ INhtrIlIIrd 10 CMm FAg Rn D~~ 1987.) 

It IS interesting that Eq. A.4-18 agrees with the heuristic to select the direct 
sequence when thearnounl orlbe lowest boiler is small. Also, Eq. A.4-J9 is a similar 
result ror the indirect sequence when the heaviest component is a large rraclion or 
the feed. However, for a case where the volatilities are (9, 3, I) and the feed 
compositions are X A "'" XII "" 0.15 and xc "" 0.1, Fig. A.4-1 shows that the direct 
sequence is still favored Similarly, we see from Fig. AA-I thaI the region where the 
mdirect sequence is best shrinks as the A/ II spilt becomes 11l0re difficult than the 
BIC split. which contradicts the common heunsltc "do the easiest splits first and 
Iea~e the difficult splits unltl last." This result again shows the danger of using 
heuris \Jcs 
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A_S COMPLEX DISTILLATION COLUMNS 

Normally we do 1I0t consider Ihe use of complex dl)lIllatloll coiulllllS ill ou r initial 
design, excepl for the u~ of pasteurization columns to remove hglll ends from a 
product stream (sec Sec, 7.3) Inslead, \Ioe first look for the besl sequences ohl/nple 
columns, and we evaluate the profitablillY of Ihe process If additional design effort 
can be justified, we examllle the possibility of replacing two adjacent columns In the 
simpie sequence by complex columns, 10 see whclher we can reduce Ihe separation 
COSIS Remember Ihal if we can reduce Ihe recycle COSIS of a reactant for a reaclion 
syStem where there are sIgmficant by-product losses, then we mIght be able \0 

Iransiale these sepa ration system savmgs to raw-materials savings If we reoptlmlle 
the process flows. 

Mosltexl$ aboul unit operations do not include very complele discussions of 
complex distillation columns. Thus, a bnef introduClion IS presented here for 
sideslream colum ns, sidestream strippers and rectifiers, and prefractionators and 
Pellyuk column~ These resuits are laken from various papers by Malone and 
coworkers 

S ideslrea m Columns 

We can someumes uSC: a Single sidesue.am column 10 replace two columns In either 
Ihe direct or Ihe: mdirect sequence; see FI, A.S-1. Ulhe mdirect sequence IS fa\lored, 
we say thaI Ihe "primary" separatIOn corresponds to Ihe AB/e split, and we 
replace the Iwo-column sequence b) a si ngle Sidestream above the feed, see 
Fig. A_S-2. Howel'er. if the direct sequ~nce is fa\l ored, we say Ihal (he "primary" 
separation corresponds to the A/BC spill. and we replace the Iwo-column sequence 
by a slIIgle column with a sideslream below the feed . 

For a sidestream above the feed (or below iI), we nOle from Fig. A.5·2 thai 
there a~ only Ihree column sections compared to lhe four sec:tions available In the 
indirect (or direct) sequence:. We also nOle that Ihe A/ B (or B/C)sphllakes place in 
only Ihe upper (or lower), single-column sec:tion. Hence. Ihis "secondary" separa
tion is limited by Ihe vapor rate required for the primary separation. 

Moreover, since we have only three column scclions, we can no longer 
achieve any purity that we desire. The recoveries of Band C or the composillon of 
Ihe bolloms can be specified arbitrarily, and Ihe composition of A III the distillate 
can be fixed at any value. However, there is a maximum conocntration of B (and a 
minimum concentration of A) that will be obtained in a sidestrcam above the: feed 
even if an infinite number of trays is used in Ihe upper 5CClioD. G linos and Malone
showed Ihal Ihls minimum conocnlration of A and Ihe maximum conccnlralioo of 

, K GIUlOS and M F Malune, idEe P,oe On Dru_. 14 1081 (198S) a.nd 23 164 (1984) 

(a) Direct 
A 

A.B,C 

(b) Irldirecl 

A.B,C 

c 
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B 

c 

A 

B 
FIGU RE AS-t 
Column SCC(uencos 

B can be estimated by using the expressions below for the case af.a high·punty 
olerhead 

(A 5·2) 

where R2 is Ihe rcnux ratio Ihal corresponds to the pnmary spl it (AB/q at the feed 
pia Ie 

(A.5·J) 
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'""'rd In CI."," Eng Rn Dr,', 1981.) 

The value of R J . ... can be estimated by uSIOg Undenr.·ood·s equations or the 
apprOXimate el[pressions of Glinos and Malone- (see Table A.2-1) for the ABIC 
split 

x.., /(!lA(," - I ) + (x" ... XU)/(lXlIC - I ) 
Rl . = ---.m... (x Ar ... xnXI ... XArXC ,.) 

(A.5-4) 

The approl[lmalc el[pression i~ usually wlthlO 4 Yo. of Ihe exact result, which is 
adequate for screemng purposes 

DESIGN OF COLUMNS WITtI SIIJESTRf..AMS ABOVE TIlE n : EI), If we have 
a ca~e where a high punty of the sides/ ream IS not required (e g .• suppose that we 
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plan 10 recycle Ihls Siream back to a reactor and that the Impuntlcs do not arrect 
the product distributIOn). we can select .T ... " = 0 ; XC. II so 0; either the overhead 
punty of A. 1:,uh or the fracllOnal re<:overy of A overhead (but not both); the purity 
and the fraelional reco ... ery of C in the bolloms; and the composition of the 
lightest componelll of A in the sidestream. 1: .. s . NCl[\ we calculate R J ... i ., using 
Eq. A.5-4. and then we leI R! 0= 1.2R J . .. i .. . Now. we can evaluate x"S.min by using 
Eq A.5-1. and ~e see .... hetherour spcc1fica tion of x AS elceeds thiS ... alue. If it does 
not, we must change our ~pccirtCation for X"S -

Assuming that the desirw puruy can be obtained. Ghnm and Malone Wt'fe 
ahle to prove that a column wllh a sKle~tream abo"e the feed .... 'ould always bI: 
cheaper than the corrcspondmg two columns for the indmxt sequence. About 10 % 
fewer trays were required, and vapor savings up to 30% can be: obtained. The 
largest savings correspond to balanced volatilities, although the sKlestrcam punty 
decreases, For low values of XAr , high-puri ty sidestreams can be: obtained. but the 
... apor savings de<:reasc 

I'ASTEURIZATION COI.UMNS, For the spe6al case of sid est ream columns where 
the deSired product IS the Intermediate boilcr and there is a waste or fuel by
product that is either much lighter than the product (so we re<:O~'e r the product as a 
sldestream above the feed) or else is much heavier than the product (~O we recover 
the product as a sidestream below the feed), Glinos and Malo ne ' find that they can 
obtam very simple solutions. For the ca'\.C where (lAC ~ (11K: and the sideslream is 
above the feed. the minimum amount of impuTlty m the product sidcstream will be 

x",(lXac - I) 
1: A

$ ...... = (O:lKx.r'" XcrXaAII 1) 
(A 5·5) 

and the minimum vapor rate is given by 

(A .5-6) 

From Eq. A.5-5 ..... e see that if a ... ~ 1 and/or if ~AF is small. then we can obtain a 
product with high purity as a sidestream 

The correspondmg results for sidestreams below the feed arc 

xes . ... ln "'" 
IXAtl.X .. f '" x.,.) 

llA'X"" + X"f 

(A.5.7) 

R "" XA,- + X.,-
.. ~ .. ,(a8C - I) 

(A.5-8) 

s x",- +- XCI' x c ,/1:c ... 

F 1:cslxc. ' 
(A .5·9) 

• Ii: Ghnos and M r Milm~. /liEf" r'(K ()cJ ",...~ hi 1087 (1t)8j)and 2J 764 (t9S4) 
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Thus, we have f81fly simple expr~siom a\'81Iable for Ihe preliminary dl!signs of 
pasleuriz81ion columns 

Sidesfream Strippers and SidClltrcam RC:C: lilicr~ 

If Ihe punty requirements of a siJestream column are not sallsfactory, we can add 
a col umn secllon, as ell her a sideslrea m stripper or a $Ideslream rectifier (!iCe 
Figs. A 5-] and A.5-4) Now we agatn have four column sectIOns, so thai any 
spe<:ified recovenes and purities can be obtained. 

SII)ESTREAM STRIPPERS. For the configuralion shown In FIg. A.5-J, we use the 
speci fications aDd overall malcnal balances 10 fix Ihe cAternal flows. Then, to 

v, 
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t"lGURE A.5-J 
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estimate the internal flows VI and 1']. Glinos and Malone· developed the 
expreSS10ns 

(A.5-IO) 

(A.5-11) 

• Ii: Gllnos and M F Malonr. I&Ee P'M ,"I n.... . !4 t087 (t985) and 13 164 (19114) 
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where 01 IS the root of Underwood's equation 

:OCCF ..- I - q 
1- 0 

(A.5-12) 

in the range !lJIC> OJ > I. For the case of saturated-liquid feeds. Ihey also 
developed approllimate solutions for Under ... :o()(fs equation so that no .teration is 
reqUired Also, a procedure for est.mating the number of trays was de\'eloped by 
Glrnos • 

SIDESTREAM RECfIFl[RS, For the configuration shown III Fig A.S-4, Gllnos 
de\'doped an ClIpression for estimating the mmimum \'apor rate 

(A.5-13) 

where O. IS the root of Underwood's equatIon III the range ClA C > O. > ClIK" ' 

Glmos and Malone found that for the case where q = I , the lotal vapor 
generated for the IWO reboilers in a sidestream stripper is euetl)' the same as the 
vapor requirement for the single reboiler in a sidestream rectifier. The operating 
costs rna)' differ, however, since: the reboiler of the sidestream stripping SC1:tion 
operates at a different temperature and therefore may use a less expensi\'e utility. 

POTENTIAL SAVINGS, Ghnos and Malone ' proved thaI these sidestream 
columns require less lotal vapor than either the direct or indirect sequence. In 
addition, they showed that the vapor savings are always large when x.,. is small, 
whIch agrees with the results of Tedder and Rudd (sec: Sec. 7.3). The maximum 
savmgs possible is 50%, independent of the \'olati lities, and the mallimum savings 
is obtamed when XAf " (CIAI - 1)/ (ClAc - I) and x.,. approaches zero. 

Thermally Coupled Columns- Pellyuk Columns 

For a ternary mixture A, B, C, the easiest spltt possible is between A and C, letting 
B distribule between the top and bollom of the column. T hen either we can split 
the Al B overhead and the BIC bottoms stream in two additional columns, or we 
can combme these columns into a single column (sec: Fig. A.5· S). With this 
arrangement, ..... e need only one condenser and one reboiler for both columns: i.e., 
the columns are thennally coupled since the reboiler from tbe downstream column 
supplies the \'apor fo r both columns and the condenser on the downstream column 

'K Ghnos,' A 010bal App.N1ch 10 Ihe f'.chm.na'J [)eo..,.. and SynThcsl< 01 Om.llHlw,, ·' , •• ,,': I'h f) 
Thesis, U"""'''''y of "b»ach,,_lIl. Amhent. 1984 

• K (ihnos and M F MaJone, wOpl1MlJJ"1 R~gIOPI$j4. Comr/u Col""", AI,..,,..,,,, ..... ,, DUll/lulI .... 
SyslrlPl$," ,...~. submJIIM tn Cltnrt F.ttg Rr3 lH.~ 1986 
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provides the reflux for both columns. This configuration is often called a Pel/Yllk 

colum", 
If we make: a sharp Ale split in the fin! column and fix the product flows to 

match our specificallon<;, then two Internal 110ws must be fixed to be able to 
calculate all the o ther fl ows If we deClca~c "J. we will c\'cntually reach a lim;tlT1@ 
condllion at cllhcr the upper feed or the lower feed o f the downstream column. 
dependmg on wl!leh fectl condition IS controlling For the case ..... ere we make a 
sharp ABIBC ~pht or a ~Ioppy A/Be ~phl In the prcfractlOnalor. and I~ uppcr 
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feed polO[ is cOnirolllllg. Glmos and Mollonc· lohul'I<ed [hal (assummg Ihat lhe 
prefrdcllonator IS also at liS limiting condlli<Jn) 

" (:1'C ("")f~ .. ~ ~~ 
'.c - 8. 

(A 5-14) 

where /I, IS the foot of Undcf\Oooo,h equallon. Iq A.S-12, m the range 
a"c > 8 > aBC ' Bill for culler a sharp -18 Be spli[ or <I sloppy A8 C split in the 
prefraClionator (which IS operatmg a[ Imllllng conditIOns). and [he lower feed point 
controls, the result IS 

v. (Xu) ,.-- ,.,. 8
l 

_ 1 F (A.5-IS) 

where 01 IS the roOI of Unde rwood's equatIon in IIie range aJtC > 8
2 

> 1. 
If q = I, Ihen mass balances can be- used 10 sl1o\Oo thai V) = V. and 

x" ]} 8! _ I F (A.5-16) 

Glinos and Malone also nOled that ~q . A.5-14 corresponds to the minimum 
vapor cate for a sharp A/ BC spin. so thai "-'e can also \Oo'nle 

where. appro,\lma tel)" 

R:',~ = a"~x,,, -+ \B,.l + _ .l_,_, ~_ 
x",.(et"c - :'I.e> x",{a,,(. - I) 

(A.S-17) 

(A.S-18) 

Similarly. Eq. A.5·16 gl"es the minimum \apor rale for a sharp AB/Cspht, and so 

(A.S- 19) 

and v, .• ;" = {max(xtAR:',:' + I). (x",. + ~.,.)(R::.r_c + I)]}F (A.5-20) 

Thus. sImple approximale expressions Ihat are useful for conceptual designs are 
available 

FLEXIBILlTV IN TilE DESIGN. Even Ihough Ihe vapor rale II: . eSlablishe:s 
Ihe mllllmUm reboiler duty of the separatIOn SYSlem, It is 51111 possibi~·lo choose a 
value for 1', independently (providlllg thai the cho.ce for "I does no\ change which 
feed to the downslream column IS controlhng). To understand Ihls flexibilit y 
associalcd wllh the deSIgn, we conSider a case where the lower Feed IS controlling, 

• K. Glinc)l and M F Malone. IdEC hoc IN, Oft U 10117 (I98S) and :u 764/1984) 

I '!;... > I :. ... dnd a shorp AH Be :.phtl!> accomph:.hed In !>tctlons 1 and 2. For Ihi:. 
case the fracllon of B rcco~cred overhead in the prefractionator is· 

CJ:.c - I II =- ~
CJ:"c - I 

(A 5-21) 

and the amounl of B fcd 10 Ihe downstream column al Ihc upper f~d IOC3110n is 
f.xl,.f' Column sectIOns 3 and 4 operate at a oondlllon abo\e the InllilITlUm. so 
Ihat [hc), can handle larger amounts of 8. Thus, we could havc d~5igned for a 
sloppy AH 'C spli l and talen more B overhead. lIowel'er, Ihere is an upper bound 
on Ihe fractional recovery of B overhead In the prefraCllOmuor, say 1 •. _ .. which 
corresponds to [he Slluallon where the minimum vapor rate 10 column 5eClions 3 
and 4 becomes equal to V ..... , •. We wnte Ihes(: bounds as 

(A.S-22) 

...... here (A 5-23) 

"-here OJ IS again the rool of Underwood's equation in the range aBC > O2 > I. 
Similarl}. if the upper column oon lTols. then column sections 5 and 6 can 

handle more B than corresponds to a sharp split 111 Ihe prefraclionator That is, \Ooe 
can perfonn a s loppy A/Be split III the prefracllonator, bUI now we encountcr a 
l",,-er bound on Ihe fracllon of B talen overhead I. _ . llence, ... e can wrlle 

(A .S-24) 

\00 here VI. .... IS now el'aluatcd by using Eq. A.5-23, ucept that O2 is replaced b} 8,. 
Fidkowsli and Krohlows],;j' developed an eApression for this bound on the 
fractional recovery of B: 

(A.5-2S) 

The results abm'e indicate that a Petlyuk column can handle a range of feed 
compositions without changing the reboiler dUlY. but merd), by changmg the flows 
in column seclions 1,2, 4, and S. This flexibihty both for the hmlling conditions and 
for operating condllions has also been reported by olhers.: 

• K GIlnos.nd M F MaloM. /dEC P'(K IN~ 1Nu . 14 10117 (I98S) 

'z F.Jlo"",l, and L K.ohlo"",,l., AICI>C J . 12 B7 (1986) 

'W J SWpin ~nd F J l.ocLh~n. -Thermally Coupled DlliI,lIal,on Columns A ea ... Sludy,- 641h 
Annual Alehl: MecnnL San haoclSCO, 1971 , .IId T L W.yb",n and J D Sc3Idcr, ,n I'rr>e !J /11" 
FOCAPfJ C-f~ A W WCl;Ic:,bo:r& and " eh",n. cds., CACI E Corp c:jo I',of If CamllMn, 
Dtpar1mc:nI or ehcrrucol Ionl" ..... "nL Un'~"y of MlCh,pn. Ana Arbor, Mo.;h . 48109. P 76S. J .... 
t911l 
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BEST O .. :SIGN CONDITIONS. The smallest of all the possible mmmlUm vapor 
rates 10 the prefractionator is vt~ ... ~ In column sections 4 and 5, the vapor 
rates are gIven by '. = ... ~ = 1', 1', For q - I. V) ... V6 , and so V} IS fixed by 
Eq. A 5-16 Thus, the column d ,ameter msection 4 will decrease: as I , I1lcreases, but 
will ne,er reach I J (whICh fixes the d Iameter of section J). We prefer 10 bUIld 
columns that have [he same dUHTlCter III each sectIon for reasons of eos t ~. so we 
prefer to make V. as large as possIble (although it will be less than lI)l 11l1s largest 
value of I. corresponds to the vapor rate vt".;.~ 111 the prefractlOnator Ghnos and 
Malone ' ~howed that this va lue is gl\'cn by the expression 

(A5·26) 

PERFORMANCE OF PETLYUK COLUMNS. Glinos and Malone' ..... ere able to 
show that the maxImum vapor S3\ings were agaIn 50% independent of the relal1\e 
... olallhtles, and thaI Ihey occur ..... hen (A '" (a A " - I)/(a .. c - I) and .-:,,_ U, which 
are the same resulls as for a sides[ream stripper lIowever. they also found that 
large sa'lI1gs could be oblalned In many cases when x" was la rge. especia lly when 
the Al B spilt "as not much easier than the BIC spill 

Prefractionatoro;: 

If .... e add a conden<:er and a reb011er to the first column in a Petl}uk configuratio n. 
i.e., wc rcmove Ihe thermal coupling. .... e call the result a p,ej, ocllonfllor; sec 
Fig A 5-6. We agam look for a sharp Al e splltln the prefraetiona tor, and we leI B 
dIstribute between the top and bottom of this column. The minimum vapor rate for 
the do"ostream column depends on whether the upper or lower feed is controllll1g. 
Since both feeds to the downstream column are essen tIally binary mixtures and are 
saturated liquids, it is simple 10 dC\'elop expressions to estimate their valucs. Ilena:, 

V:.
m

,. = ::lAC":'" + a"daK - 1).-:., 
aAC OIIIC (a .. c lXa Ac cr"d 

(A.5-27) 

.,d (A .S-28) 

The correspondIng result for thc prefraetlona lor is given by Eq. AS-26, and the 
fractional recovery of 8 o\'erhead in the prefraetionator is given by Eq. A5-21 The 

• It. Ghnos and M t· Malone. f&E( /" 0<" /kl IJ~I·. l-4 1087 (l98~J. 

I K. Ghnos Ind M F M~lonc, ~Or"malII1 R'rJ!lJou/Ot (""",pl,. Col""", Alln"o."l'f" '" /)mdlo'lfflI 
ST3UMJ,~ pare' sutlmllle<i 10 C"~m 1'''4 R,. O~J. t987 
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total vapor generated by both reboi lers is thcn 

D 

Ciimplu CQlumn 

(A.5·29) 

I>ERFORMANCE OF PR .. :VRACTIONATORS. 111e maximum possible savings 
with a prdractionalor are never as huge as with a Pctlyuk column. U the ~pper feed 
contlols the maximum fractional savmgs are «(JAC 1l.r)/(a Ac I), wll1ch occurs 
when .-:~ ..... I. When lhe lower feed controls, the nHlXllllUI1l fracti onal "avings are 
(all(" - I )/(I1. AC - I) and ;lfe obtained when xc ..... O. li enee, the prefracl1onalOr 

savmg~ may be lar[l.e for huge values of x" 
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Ghnos and Millonc· summa fi led the results of their studies by developing a set of 
heurislIl.:S The~ heuristics are presented 10 Sec. 73 

A.6 E ' ENG" INTEG RATION OF DISTILLATIO N COLUMNS 

OISllllatlo n separatIOns com.ume large amo ums of energy lienee, there 15 an 
economic lIIcenllvc 10 ma\..e the energy consumplJon as small as poSSible The baSIC 
Idea bchlOd energy m[cgr,lIlon (see Chap 8) IS (0 usc the heal that must be 
removed from hot streams which need 10 be: cooled to add heat 10 streams which 
need to be heated Obvlously, ..... e would like to achieve as much energy lII tegration 
as can be economically Justified when we design dlslillatlon columns. 

I-Ieal EIf~ts in Dis cilhllion Columns 

For mOSt distliiallon scparallons the feed enters as a saturated liqUid, and the two 
product streams are also sa tu rated liquids. ExpenSIve separations correspond to 
relatively close boiling mh.tures, and for these cases an energy balance can be used 
to show that approxi mately all the heat supplied to the rcbOiler must be removed in 
the condenser. Thus, in most distillation separations, heat is supplied to the 
reboiler al a !ugh temperature, and thIS same amount of heat IS remo\'ed from Ihe 
condenser al a lower temperature For [his reason we sa) that heat IS degraded 
across a temperatu re range, .... ·Illeh IS equal to the difference III boIling points. We 
would like to ha\e a Simple procedure for esumatmg Ihe heal load and thiS 
temperature range 

SHORTCUT ESnMATES OF TIlE TEMPERATuRE RAI\"GE. Shortcut ClIpres
siolls for 4 Tand Q a Thave been de\elopc:d by Ghnos, Malone, and Douglas l and 
they are presented here. O\er narrow temperature ranges ..... e can use the Clausius
Clapeyron equation to relate the \apof pressure to temperature 

[-Ml.(1 I)] Tf - Pj.o exp ~ T - To 

For low-pressure system:., the K value is gwen by 

~ 
K·=-' 

, p-

(A.6- I) 

(A.6·2) 

• K Ghl106 and M F Mylo~ ~Op"mt>I", R.~fI'D>U.r- C""'l'k .. · C"I""", A;II~'''''/lues '" J)U,illaJ.lDn 
Syllt' .... ,~ paper iubmlHcd 10 C~m "-"Ii Rn D~J~ 1987 

, K GIono., M r Malone:. and J M Dotolltu, AICAE J., 31 t019 (198S). 
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Il oweyer, usmg our shortcut procedure for bubble point calculations, Eq A 2-S, we 
can also wnte 

(A.2·') 

for ideal, close-bOIling milltures. the heats of vaporization of all the components 
art about the same, so that we can replace all, by an average aJi. Thus, If we 
combine Eqs. A6-I, A.6-2, and A.2-S and ..... e let 

(A.6-3) 

we can obtain an ellpression relating the temperatures at two pomts in a column 

I I R DJ 
~-- =- In 
T~ T. 6 J1 D J 

(A.6-4) 

Using this result , we can rela te the temperature of the distillate and the 
bonoms to the feed temperature 

Tu = -- Ino£+ 
( 

R 1 ) -' 
III l Oll T,.. 

(A .6·S) 

(A 6-6) 

Then, by combilling these expreSSIOIiS and assuming that aH » RT,.., we can .... me 
an expresslOD for tbe temperature drop across the column 

Rr: all OT ___ ln _ 

611 a. (A.6-7) 

HEAT INPlIT TO TIlE COLUMN. The heat supplied to the reboiler and re
moved by the condenser is merely the heat of vaporization all multlphed by the 
vapor rate V (note that we are assuming saturated-liquid feeds) 

Q=MIV (A.6·8) 

B~ combining Eqs. A.6-7 and A.6-8 we find tbat 

(A 6-9) 

SinlX 

V "" (R + 1)0 _ (1.2R .. + 1)0 

we see that Q 6 T is approlilmatcJy a constant for a giyen separation task, i.e., It 
depends primarily on the compositions. 
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!\1ulticffecl Distillation 

Mullieffect distillallon has been discussed numerous places in the literature,· 
although il is not widely used We consider multiefTect columns because they both 
provide a simple example of the energy integration of distillation columns and 
lilu511ate the effect of the pressure shifting of columns_ As we Increase the pressure 
in 1'1 column, .... e increase both the overhead and bolloms temperatures, so that in 
many ca~cs ..... e can make energy matches that otherwisc .... ould not be possible, Our 
di~cus~lon of Illultieffect disti llat IOn IS not com plete, and an Interested reader 
should con~ult the hterature. Our goal here is to illustrate some effects encountered 
In the energy Integration of columns, 

Suppose we consider the distillation of a binary millurc, but ..... e split the feed 
roughly in half, ra ise thc pressure of one of the streams, and st:nd each stream to a 
separate dis tillation column ; see fig. A,6- 1. If our pressure shifting was such that 
the overhead temperature in the high-pressure column is greater than the rebailer 
temperature in the low-pressure column, then we can combine the condenser of the 
high-pressure column With the reboilcr of the low.pressure column. Hence., we only 
need to supply steam to one rcboller In the high. pressure column, and we only need 
to supply cooling water to the condenser in the low-pressure column: i.e .. the heat 
that must be removed to condense the overhead of the high-pressure column can be 
used to supply the heat needed in the reboiler of the low-prcssure column. 

Since only one·half of the feed is supplied to the high-pressure column, the 
distillate Aow from this column will be o ne-half of the value for the case of a single 
column. Also, from Eq A.6-10 the ... apor rate WIll be cut in half, and from Eq. A.6-8 
the rebOiler heat duty will be cut in half. Thus. we can accomplish the same 
separation with a multieffect column configuration (see Fig. A.6· 1) as we can in a 
convent IOnal column, but we require only half as much steam and cooling water 

Of course, when we use a multlCffect configuration, ..... e must use two separate 
columns_ Hence, muluefTcct systems will be of interest onl}' when the energy savings 
are adequate to pay for the higher im'cstment. In addition, however. we must 
supply the heat to the n:boiler of the high-pressure col umn at a higher temperature 
than we would necd for a single column. The condenser temperature for the 
multieffect and single columns will be the same. but we degrade the heat required 
for the muilleffect system over a larger temperature range. 

To estimate thiS temperature range, we remember that Eq. A.6-9 indicates 
that Q liTIs essentially a constant. Hence, if we cut the heat load in half. the 
temperalUre range will double. Our shortcut procedures enable us to estimate all 
the quantities invoh'ed for a particular system 

A LOWER BOUND ON UTI Lin' CONSUMPTION. As we introduce additional 
effects in our dIst illat ion separation . ..... e continue to decrease the energy reqUlre
ment~, although the temperatu re le\'cl through which the energy is degraded will 

• C S RobtMan and F R Gllhland. "/" .... ,," of F,oc'..,."../ /)lJ/illfJ""", 41h nt, McG ..... II 'Ii. Nt .. · 
Yml, 19~ •• OO C J KIn,. S~/H1"1/J"" /"<><'''''', 2d cd. MeG,a'" 11111 . Nc" Ynr~, 1'~110 
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continue to increase_ Andrecovich and Westerberg· showed that there was a very 
simple procedure for cstln13ting a lower bound for the utility ~nsumption .. ~y 
defining /) T as the difference between the temperatures of the highest hot utIlity ••• 11 

avaIlable and the lowcst cold utlhty, the minimum utili ty required is simply 

(A.6-11) 

when: Q 6. T i~ calculated for a ~1I1J? le column l,y u~lng Eq A 6-9 



Of course, we must allow for a 10 1- , or so, temperature drivmg force between 
energtintegrated condensers and rebOllers, and we can change both Q ilnd L\ Tby 
only mtegral values as ~e add effects, :.0 that our bound is not quile correcl 
However, il does provide an indication of the IIIcentive for undenakmg a more 
detailed analysis. 

T ·Q I)IAGRAMS. In the dISCUS:.lu ll of ene rgy lIltegrat lOn in Chap. 8, we used 
temperature-enthalpy dtagrams as an aId III undcrstandmg the behaVIOr of tile 
process These diagrams arc '1lso useful w hen we consider the energy integration of 
dlSllllallon columns The dlects of muilleffect di !> tilJatio n and the lower bound on 
Ihe utililY consumption are illu:.trated in Fig A.6-2. We see from the dIagram that 
we minimize Ihe utilities consumptIOn if we shift the pressures so thaI we can Slack 
column sections on top of one another 

TCONO 

Q 

FtGURE: A .6--2 
MmmHzmB UI,hUc5 by uSIng a mU!lldfccl co"fi~ u'~l l " " 11-,_, If J A,,,ltu-o, ,d • • m J ~ " 
W~I",bu,". AfChE j~ 31 363 ({Wll) 1 

Stand-Alone Column SequcllC~ 

Andrecovich and WC!,terberg sho wed thai Ihis same sladang procedure ~as useful 
for evalua ti ng a bound for Ihe utIlity consumption for column sequences. ThaI is, 
for a five-componenl mi"ture, there are 14 possible sequences. We find the 
(Q 6T),o,.1 for sequcnce I by addlllg the values of Q 6Tfor each column in that 
sequence. and we do this calculation fur each sequence. lienee, we can find which 
sequence has the :.mailesl valuc of 

(Q AT), •. • ~ L (Q AT). (A.6-12) 

Ihen Ihe minllllum \luluy bound is estlmatcd by US1llg Ihe expreSSIOn 

Q ~ (Q AT) ••. ••• 
""n !J. T."il 

(A 6-13) 

On a T-Q dlagram, ..... e diVide Ihe Q l!.Tfor each separation task into widths 
equal to QmiD ' and then we Slack the various Plea!S Ihal we obtain between the 
Ulliity levels. An illustration of this procedure- is given in Fig. A 6-1 Thus, there IS 
an easy way of estimaung the ulililY bounds. 

Of course, as we add effects in a multieffect column, we are increasing the 
capilal cosl, even though the energy costs are decreasing. Nevertheless, the pressure 
shifting 10 allow the stacki ng of columns will provide a lower bound on the utility 
requlfements, even if we forbId the use of any multicffcct columns For e"ample, III 
Fig A .6-4a ~e conSIder three columns_ By pressure shifting and stad,lIlg the 
columns, we can reduce Ihe uullty consumpuon _ The lowest UI1II1Y bound then 
becomes equal 10 the "alue of Q for the column with the largest heat load (see 
Fig A 6-4b) 

(A6- 14) 

We can reduce this load by replacing the column with the largest heat load QI ...... 
by a multieffect column (see Fig. A.6-4c)_ Normally, we prefer to pressure-shifl as 
little as possible when we stack the columns. 

Integration of Column Sequences with a Process 

If heat is available from process streams thai must be ejected to a cold utili ty, we 
prefer to use this heat rather than a hot utility to supply the energy to a distillation 
system. In this situation l!. T.,oil depends on the nature of the composite curves (sec 
Chap. 8). We never want to have a column straddle the process pinch. and our goal 
is to fit the columns in between the hot and cold composite curves (see Fig. A.6-5) 
or below Ihe grand composile curve (see Chap. 8). 

• M J "'"dr""o~ lCh d"d'" W We>,.e rbcrg. AICht. J , 31 36] ( 1985) 
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Limitations of the I)rocedure 

H we energY-integrate columns. then \lot' will change the optimum renul ratIo 
because we do nOI have to pay for Ullhlle5. Weexp«:1 that Ihc: oplnnum reflux ratio 
will be shifted 10 higher \alue'l. ~o Ihal the operati ng reflux ralioand Ihe vapor rale 
WII! H1CrC3<>e: A8 Ihe vapl'lr ratc IS lIlelcased. Eq 1\.6-8 indicates Ihal the column 
heat load Will lIIuease lI ence, some IleTIIIlon WIll be requlfed to find 
the be~1 design 
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A.7 HEAT· EXCIIANCER DESICN 

Guthne's cOrrdolUons (see Append, ... I:. 2) gl\e the cost ora he .. , c'I;chang.:r Ln I(rm) 
of its area The heaL -Lr<lnsfer area of a heat e ... eh,Ulger I ) calculated frolll an 
equation such as 

Q: VA 
AT. 

(A 7·1) 

~here Q = heat dut)', U = overall 
temperature dri\ Ing force 

heat-tran~fer cocHici.:nl, and ~T .. = lugmeJn 

Heat·Transfer C~fficienl 

The overall heat-transf(r coefficient in thiS expression is related to the IndlHdud l 
film coeffiCients b} 

I I A, 
- + -

U Ii. ho Ao 
(A 7·2) 

where ~ e neglect the wall resistance and we include Ihe fouling fa ctors In thl! 
individual coefficients. Also, the mdlndual coefficients, I!xcluding the fouhng 
factors. normally are gtYen in tl! rms of empirical corri!lations, such as Ihe DUlIIs· 
Boelter equallOn 

-- 0.023 - - -10,0 _ (DG)"(C",),,(,,), .. 
k /.l k/l., 

(A .7-3) 

Thus. to obtain an accurate estimate of V. even for the simple case of a 
double-pipe heat exchanger, we must evaluate the thennal conductivities, the heat 
ca pacilies. and the vi§COsities of the fluid mix tures on both Ihe tube and the shell 
sides of Ihe exchanger This procedure would require a significant amount of effort, 
which mighl not be warranted for prelinllnary design calcula tions. In particular. If 
the heat-e){changer area required for a specific unit tums out to be fai rl), small, so 
thai the cost of that unit contributes o nl), slightl), to the lotal processing COSts. WI! 
prefer 10 obtain o nly a rough approximation of the size ra ther than a ngorous 
design. 

To avoid tedio us calculations In our first estimates of the total proa:SSlllg 
COSts, it is common practice to base the iOillal design ora heat e){changer directly on 
an overall heal · transfer coefficient. such as the values listed in Table A.7· 1 An 
equivalen! approach is to use values, such as those given in Table A.7- 2. for the 
individual resistances Then if the process appears to be profitable, so that an 
additional deSign drort can be Justified , more accurale values of the overall 
coefficient s ca n be calcula ted. In most of our st udies we use the values given In 
Table A.7-l 

TABU': A1· 1 

O'enll hUl· lraosfer codticienlS 
Kcnoaabk Clilln .. tb or onull Mat-lU",r ... c.lticie.u 
(;"" ..... ina\ r ....... ' .nd .... II .e:\,i>,._) to ....., fo. prdimi. 

""., tk!.1,a> 

Condc:mmg 'Jpo' ,'" bolhng hquld 
Condcnimg ~por 10 lIo.nn& hqul<l 

Condemmg '~PO' 10 gas 
LIquid 10 liquid 
l.1quld 10 lI~J 
GiS 10 I&S 
!'an.a] CO ndell5ef 

". ". 
20 

'" 20 ,. 
30 

Simplified Models for Condensers 
(or Feed Vaporizers) 

There arc design problems where we cool a vapor, condense iI , and then su?<=ool 
the hquld The normal heat-u chang(r design equation, Eq. A.7- I, IS nOI vi!hd for 
Ihis case. Instead, firsl we calculate the heal duties for the process stream for the 
threl! secllons of the exchanger (itt Fig. A.7- 1) 

f rom thl!sc eSllmales. we can ClIlculatl! Ihe tOlal h(al dut), and Ihe reqUired flo\\ 
rale of coollllg waler 

(A .7-5) 

TABLE A.1-J 
Design resi§laoces s hell-aod-Iube heal nchaogers 

No Boitioa: C~·l 

Fluid phue eluoaCt' liquid ...... 
Fixed pSCS .. " 
lIght bydroc.rboo &asa 0035 .""' 
AIOOllIUC hqulds 0.001 0011 0.001 

Wghl byd.OCII.bon 1tqwd> .""' '00' 
Chlounaled bydloc:;ubons .. "'" .009 
Slum 0." .00' 
Boller walef 0003 .... 
CooIl"g lowe. Wiler 000' 

, ... ~ Rnnl.nee: ".cludo rolilinl and -w w.oll aIIow.DCa Do"",_ "" 
,~ ... 110- fll ' F/ B,,, f,,,.., \I , It .... ...d lot II BoI10"'. -"'Of«' 
In_ .... ur I'TOCCM Pia ...... • W,k,. Now 'o'<N ~. 19S1 
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" 90 

" FIGURE A.7_t 
Conden~1 lemflnllture profi~ 

Next ..... e calculate the coohng-water temperaturt::5 colTesponding to the discon_ 
tinuities in the condensation profile 

Mo'~(120 - 'I) Q, 
(A.7-6) " '..( 120 90) Q,+Ql+QJ 

1\'« ' 1 - 90) Q, 
(A .7.7) = 

w,( 120 - 90) QI + Ql + Ql 

Once these intermedIate tcmperatures have been (,valuated, we ca n use the 
normal desIgn equations to find I.he areas in each of the three sections : 

(A .7-S) 

(A.7-9) 

(A 7- 10) 

Also, we can usc the heaHransfer coefficients given in Ta ble A.7-1 or A 7-2 for the 
Ihree sections of the exchanger. 

The probkm of designing a feed vaporizer- where we first heal the stream to 
ils boilmg point. nexl vaporize the stream, and then superheat the vapor- is 
essentially the same, except that ills sImpler because the temperature of the heating 
medium, which usually is steam, is conSlant throughout the exchanger. For this 
case we usc lhe fractional ileat dutics in the three portions of the e.xchanser to 
estimate the quantity of steam condensed in the three: sections. 

Arithmetic M ea n Versus Log-M ea n Driving Force 

Of course, it is simpler to use the arithmetic mean rather than the Jog-mean 
temperature as a driving force to calcu late the area by using Eq. A.7- 1. Thus, we 
would like 10 develop an expression thai will indicate when tbe arithmetic mean 
provides a reasonable approxImation of the log-mean driving force. 

nella'" 1..7 HI!AT_UCH">IOU DESIGN ... 
. h fl.! to be the smallest driving To develop a criterion of thIS type, we c. oose 1 

force at one end of the exchanser, and we wnte 

6/ 1 ",, 1+( 

", 
The arithmetic me:an driving force is simpl y 

In contT8.5t, the log-mean eltpreSS10n is 

6(1 - /J./ l /J. ( 
/J.(,~ - In (6t, / lJ./ z) os Il In ( 1 + c) 

U c is small. we can write 

In (I + l) _ ( _ ill + ill + . = l( 1 - ~l + ill + ... ) 

(A.7-1I) 

(A 7-12) 

(A.7-13) 

(A_7- 14) 

Substituting this result into. Eq .. A 7-13 
a nother Taylor series eilpanSlon, gives 

and thcn using synthetic division. or 

6t'n "'" fl.ll{1 + !t - t,ll + ... ) (/\ 7- 15) 

N we see that if the: (' term is \ery smail, the rcsul t will bcc~me identical to the: 
ow _ A 7 12 H '" s ppose we rll'<1U\Te that arithmetic mean ~.lVen by Eq. . - . e:n . U -., 

nt' s: O_ l(~l) (A7-16) 

0' ( s: 0 .6 (A.7-17) 

Th r Eq A 7-11 for the arilhmetic and geometric mean driving forces to be en. rom . . 
about the same, ..... e requi re thai 

Multipass Exchangers 

M, 16 - s; . 
M, 

(A.7-18) 

- 1 - 1 be n,,"cU"C and/or multiple shell Most industrial exchangers mclude mu IIp ~ ~u . t'~. _ 

wever for conceptual designs we limit our focus 10 sl m pl~ ~unle.r 
~='t ~~:hang~rs. Th~ correction factors for multipass ex~hang~rs arc given m 
most texts on h~at transfer as well as that by Perry and ChIlton. 

F urnaces 

Guthrie's corrciation gives th~ cost of furnaces in lerms of the heal absor~ by the 
process nuid. Thus, no design procedure is necessary for conceptual dcslgns. 
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A.S GAS COMPR ESSO RS 

Guthrie's corrda(Jons .'" ,," "0" of .. a gas comprc~sor In terms of Ihe brake 
horsepower bhp (see Appendix E), 

• M&S 
InstalleJ(osl = 280 (5175Xbhp)0I1(211 t-Fd 

Design Equalion~ 

Assuming a compressor emclcncy of 08 gIves 

hp 
bhp _ -

08 

The horsepower IS given by Eq. 6.5-1 : 

hp ~ (3.03 x IO -')p [(P~')' 
"I .. Q'Q P ,. 

and the gas exit temperature is 

Operating Cos. 

The operalmg COSIS are based on the bhp and a motor effioency of 0,6 

Multislage Compressors 

(A8- 1) 

(A ,8-3) 

For multistage compressors. an equa l compression ratio IS used for each stage; see 
Eq. 6.5-5. 

A.9 DESIGN OF REFRIGERATION SYSTEMS 

Even though refrigeration cycles are diSCUSsed in numerous thermodynamic 
lex~books, normally il is .nol a tnvla] maHer to usc: the basic ideas to de\'clop a 
dc:s,gn .procedur~_ Hencc, IIlstead of merely describing the basic ideas, we present a 
fairly simple design case sludy thaI illustrates the economic trade-ofTs enCOuntered 
In C hap 3 we discussed the use of a gas absorber to recover a solvent from a gas 
stream (,-e., acctone from air), and we nOlcd Ihat a condensation process would be 
a process alternalive. lIence, we cboose the recovery of acetone from air as the 
problem 10 conSider, 

Ini.ial Flo"'shect and Screening Calculalions 

We want to ~eco\'er u~ to 10.3 mol/hr of acetone from 687 mol/hr of air, where the 
feed slream IS at ambient conditions If we use a condensation process. our first 

('001 lit • 

I I 
ALCIOIIC · Air 

Ctllll.lell'>er Flot.)h 

77" r· 1 atm 

I 
Acetone 

fiGURE A.9-1 
Aa:(onc Cl)mkns;lI!on rd"ll'talion 

5letch of a tlo .... sheel IS sho'ol n In Fig, A 9-1 If we guess thai we want to recover 
99.5 ~~ of the acetone:, so that 'ole can dIrectly compare Ihe cost of our condensallon 
prDaS!. 10 the absorpllon system that .... e dIscussed in Chap 3. then we reduce the 
mole fracllon of the acetone from the Inlet \'alue of 0 15 to 

)'z _ (1 _ 0995)(015)=7.5)( 105 (A.9-1) 

which IS qUlle small There must be an optimum fractional recovery, but .... e use thi.) 
\alue for our base-case deMMn \\'e also assume tha I the acetone Jeaung as the 
hquld stream from the phase sphutr IS pure, despite the fact that a small amount of 
,m I~ dlssohed In thIS acetone: 

ESTI\IAlI NG TUE TEMPERATURE;. Al\D PRESSURE OF Til E l'IIA51:. 
SI>LIlTER, The onl) temperature speCified III the: problem statement IS thai of the 
feed ~ue:am I-Io ..... elel ..... e eXptCtlhalthe vapor and hquid Jc:aving the phase: ~pllller 

will be in equihbnum, so Ihat from thermodynamics we: eJlpect lhat the parlla] 
pressure of acetone 11\ the na sh vapor will be equal to its vapor pressure . 

(A.9-2) 

ATfo,tOSI'II ER IC-PR ESSU RE DEStGN. If we opC'rale the condenser at atmospheric 
pressure P r - I aIm, from Eq A.9-2 .... e find thai 

(A.9-3l 

If .... e plot the data for the vapor pressure of acetone &I"eo In Perry and Chilton's 
handbool' as P' 'ChUS l I T, where T IS III ~ R, we find that the temperature is 
- 121:1' F, which is quite a low temperature 

• R II I'nry .nd c: H Ch,lton. c.."/v""c<J1 btgUJN" 1f<JNlbook, j lh cd; McGnwlhll . l*w Vorl 
11m. p 3-49 



Hl GU-PRESSURE OfSIGN. An alternate approach for condensing the aottone 
would be to increase the pressure of the feed stream unlil the partial pressure of the 
acetone were equal to the vapor pressure At 77"F, the vapor pressure of aottone i~ 
0.33 atm, and from Eq A.9-2 we find thai 

(7.S x 1O - ')PT=033 (A.9-4) 

so Ihat Pr ,. 4000atm This IS a veT) high pressure; I.e .. most high-pressure 
processes operate in the range: honl t()() 10 500 psia, although hydrocrad.ers 
operate at 1000 psi:!. and low ·denslt~ pol~ethylene processes operate at 43.000 psi:!. 
Also note thai Eq A.9-l IS no longer \ahd at this pressure le\'eI and that we must 
include fugaCIty correctIon temlS abo,,: 50 psHI. or so. 

CJlOOSING A 8ASE-CASE CQNOITIO;.l. There must be aD 0plimum pressure 
and temperature for the phase splitter. I.e., as we increase: the pressure (which 
increases the cost .of a feed compressor). we can operate the phase splitter al higher 
temperatures (which decreases the cost of the refrigeration system, which includes a 
compres.sor). As a first design, suppose that we operate al atmospheric pressure, 
wh,,;h glVc.~ us one bound on our design (and places the maximum load 00 the 
design of a refrigerat ion system). 

If we choose a IloF approach temperature (the ru le-of-thumb value is 2 or 
3°F for low temperatures, but we should evaluate the optimum for a final design), 
we can now put lemperatures on our fl o\.l·shcet; see Fig. A.9-2. However, we would 
not want to cxhaust air to the atmosphere at this low temperatu re <il would eause 
condensation and ice formation). Hence. \.Ie install a feed-.cmuent exchanger, which 
also reduces the load on the refrigerat ion system. Jr we pick an approach 
temperature or IO"F. we obtain the rC\1~ flowsheet sho":n in Fig. A.9-J, Of 
course. we would also nol send actlOnc 10 storage al this low temperature. so that 
actually we would install anOlher feed-<ffiuenl exchanger. However, sinot the 
acetone product flow is small coJmpared to Ihe olher flows. we neglect It in our first 
sel of calcula tions. 

Coolant 

) -1400 .1 
Acelone~Air 

Condenser 
77°F. I atm 

FIGURE A.' _2 

"O:Olom: OOndell""OIl lri"~'.',on 

- 128°F 

Air - 128° F 

mol/hr I 687 

Flash 

I 10.3 molthr 

Acetone, - 12RoF 

neTlON "-., DUION or IF.I1UOUAnoN SVSTF.M$ 49J 

Coolant Air 

l-I400 F I I 
tone~ 

Air -128°F 
FEHE Condenser Fluh 

77° F 

I 
67° F Acetone 

_ 128°F 

FIGURE A.9-] 
Acetone oonden5ation- rdngeratioll. 

Planning a Refrigeration System 

If we examioe the graph of the presSure versus temperature for various refrigerants 
shown in fig. 12-30 of Perry and Ch ilton · (also see Fig. A.9-4), clearly only a few 
materials can be used al _ 140°F. Letting the lowest operating pressure in the 
refrigerant process be about 5 psis. SO that air does not leak into lile system, we see 
that only ethylene and Freon- 14 are acceptable for the low-temperature opera tion. 

We also require that the refrigeration system reject heat to cooling water at 
90 F, which corresponds to a refrigerant temperature of 100°F if we allow a 10°F 
approach temperature. Neither ethylene nor Freon-14 will reach this temperature. 
and therefore we must use a two-stage process ; i.e .. the ethylene or Freon-14 will 
reject heat to another refrigeralll , such as propane. ammonia, elc., which will then 
reject Ihe heal to the cooling water. 

If we suppose thai our aottone recovery system is a pari of a petrochemical 
complex. Ihen propane and ethylene may be readily available, and so we choose 
these materials for our base-case calculations. To obtain a quk:k check of whether 
these fluids are acceptable, we use the Hadden and Grayson conelaiions gi\'en in 
Appendix c.1. From these correla tions, and assuming IO"F approach tempera
tures., we obtain the results given in Table A.9- 1, which appear reasonable. 

Modified Fio",·sheet 

When we add the equipment for the rerrigeration system to the flowshc:et shown in 
Fig. A.9-3, we obta in the result shown in Fig. A.9-S. Note that we have considered 

• R. H Pelry and C II Ch,lIon. Clw,.,oro! Eng,,,",', lIan01HJoJ< , 5th ed~ McGraw-till! . New YOlk, 
t!J7J. P 12·)0 
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TA RLE A.II-l 

Rt frigerllion system cOlldilions 

K .. I al IOO'F when I' .. I'JO 1'51.. K .. 1 ., - lrF w~n P .. 250 ps •• 
K _ 1 "I 17 ps •• when f ~2-F K .. J.t J7 ""Ii' .. ben T _ 15O"F 

Ihe possibility of lIsmg ijfiercookrs after the cOnlpres~or~, since compression cau~s 
a tc:mpc:ralure fiSC Thes(': aftercoolt:rs use coolmg water supplied by the cooling 
lO ..... ers. 

Base-Cast Design for Ihe Refrigeralion Process 

In our devt:!opmenl of a process fl owsheet, we estima ted tbe material flows of the 
proctss slreams, ahhough nOi for the refrigeration fl uids. Mo reover, we selected the 

Alr- Ac etone( ) 

~ 

FIGURE A.J.S 
P "XC>lo nm".hcc. 

AIT, 67° F 

Feed-effluent 
exchanger 

- 128° F 

- Refrigeration 128°F 
Flash 
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17 psla Acelo "' 

Compressor I ( ~ Valve 

i ~ -32°F, 
250 psia 

I EVijporalor 

- 42°F, 
17 psia 

Compressor I C 9 Valve 

100° F, 
190 pSla 

EVijponuor 
Coolmg WIlIer 

120° F 9O' F 



temperalUre~ and pressures of most of the ~treams, Rased on tlus mformallon. we 
can nov. usc energy ba la nces to calculate tht' other stream temperatures and flows. 
and then .... e can calculate the sizes and costs of the equipment 

Ob1iiously, our results depend on the assumptions we made for the mlet 
acetone com position, the fractional recOliery, the operatmg pressures, and the 
approach tempera lUres. Thus. If o ur results indicate that refrigeration is an 
altractl\"e reeoliery process, we v. III need to delenl11ne Ihe sensitivity of the desIgn 
to these assumptlons_ Ho .... e\t'f. v.e al~o must consider the absorptIon and 
adsorption alternallvc~. and v.e dnelop a fina l dC~lgn only for the least e~JlCnsl\'e 
process 

Energy Balances 

F": Jo:l)·EFFLUENT EXCHANGER. From an inspection of the flowsheet 
(Fig. A.9·5) we know the flow rate and the temperature change of fhe air returning 
through the feed--effluent heat exchanger. The heal duty of this cxchangcr is (the 
heal capacity values were taken from Pert) and Chilton, pp. J 134 and 3 126) 

( mOI)( B,u )( Ib ) Q"EHf.'" 6871U-" 0238 lb . eF 29 mol (67 - (- 128)] 

B,u 
- 925.000 hr 

which is a fairly small heat load. We expcclthat acelone might start to condense on 
the feed, rather than the return Side of this exchanger. and so we run the feed st ream 
through the shell Side. The de .... POlllt of the feed mIxture can be estImated 
from Eq. A.9·2 and a vapor·pressure cun'e fo r acetone ; po - PTY "" 00t5 and 
T= _ 21°F. Then the heal reqUIred 10 coollhe fud to the dew pollli (DP) is 

QOI' = [(600 ~~)( 0506 ~~u) J + 687(0.238)(29)( 77 - ( - 21)] 

= 494,000 Blu 
h, (A.9·6) 

Hence, the incremental heat load used to cool the feed st ream and condense some 
of the acetone is 

QlftO = 925,000 - 494,000 = 431 ,000 Btu/hr (A.9.7) 

If we let x = moles of acetone condensed, where 

1: "'" 103 687y.+ (A.9·8) 

then wc can write 

Q; .. < = [600(0-506) +- 687(02.'11)(29)]( 21 1,)+ (243 Btui lllolX58)(IO 3) 

= 5045(-21 'I) (/\.9·9) 
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TABU: A.'.2 

lncre-ml'nlal hel' IOld 

A ile- A 11._ 
f. Of P" _, • 1~,I(Mh 5(1.015( - 21 -1,1 Q-

21 0015 0 0 0 0 ... 00012 53' n.soo 4S.400 t20.\100 
80 000t9 ... 133.600 291,600 431.300 

Now. If we select temperatures. use a vapor·pressurc curve to find the vapor 
pressure at these temperatures, and apply Eq. A.9·2 to find the mole fracllon of 
acetone a nd Eq. A,9·8 to find x, we obtain the results in Table A.9·2. From these 
calculatIons we sec that the effluen t of the process stream is about _ 80°F. 

Moreover. we note from Table A.9·2 that the la tenl heat effect IS a fairly small 
fraction of the tOlal heat duty ofthi5 exchanger (133.6/925 _ 15 %). so thaI we base 
the log· mean ilion the in let and outlet st ream temperatures. The deSIgn ca1cula· 
1i0DS are given in Table A 9·3. 

R[FRIGERATION CONDENSER. Now that we haveeslimated the temperature of 
the process stream entering the refrigeration condenser, ..... e can calculate the heal 
dut}' of the refrigeration system: 

QII = [600(0.506) + 687(0.238)(29))[ - 80 

- 242,200 of 10.200 

.. 252.400 Btu/hr 

128)) + 243(58)(10.3 - 9.58) 

(A.9.1O) 

SlInilarly. we see that the latent heal effeet is only a small fractioD of Ihe total 

Refrigeration Cycles 

The SImplest procedure for designing the two refrigeration cycles is 10 use pressure· 
enlhalpy diagrams. since the expansion through the valve takes place at constant 
enthalpy and the compression is approximately isentropic. We expect the estimates 
we obtain from these diagrams to be somewhat different from our results using Ihe 
Hadden and Grayson correlations, so we repeat the analysis. The diagrams we 

TABU; A.' ·] 

[xchnger designs 

L.ul Q, to· Bn.fh, M, M. A'_ U A. fl' 

re«l~m~nl eAch~nse, 0925 10 ., '" 20 ''''' Rrin,.-uII<>I1 Cf.nd<:nK' 0252 Xl " <t. 20 ""J 
rUJ'Ofa'IH In elbyknc tN'P 0.,. '" to '" 20 '" hapo,al(>1 111 p'0r>~lIe loop 0611 " '0 12J 20 1484 



used for the calculations were published by Edmister," but a mo re reccnl set 
published by Reynolds' is available 

To esumate the temperatures, pressures, and enthalpies of the various 
streams in the rerrigeration loop (see FIB. A 9·8), we slart our analysis at point I 
(sec Fig, A.9-S) on the propane diagram (Fig. A.9-6), where the fluid is a salurated 
liquid at IOO~ F, and we read PI and II , (sec Table A.9-4). Next we expand the fluId 
through the valve al conslaOI enthalpy 10 a pressure of 17 pSla 10 poinl 2, and we 
read temperature: Tl from the dIagram. Then we evaporate Ihe liqUid at constant 
temperature and pressure unlil point 3, where il is a sa lurated vapor, and we find 
H] and Sl ' The compressIOn lales place al constant entropy untIl we reach the 
original pressure at poinl 4, and we find To and H,. . If T. is much larger than I (MY F, 
we install an aftercooler. By 8110WII1g a temperature rise o f the cooling water of 
lOOF and a IO"F approach lemperalUre, Ihe temperature at point S will be 110°F, 
and we can find H 5 ' Then the vapor is condensed again. The ethylene rcfrigeralion 
loop is calculated in an identical fashion by slarting with a lemperature JO"F higher 

Ihan TJ • 

Using this approach, we obtain the values given in Table A.9 .... We neglect 
the aftercoolers in bOl h loops because: temperatures are not excessive. The 
diagrams are difficult 10 read, 50 we might expect to obtain more accurate ~stima les 
by using a computer·aided design program. 

Ma ler-ia l a nd Energy Ba lll l1ces for tbe 
Re£rigenllion Syslem 

it l::FRI GERATION CONO£NSER. The beat dUly of the rc:rngerallon condens.c:r is 
gIven by Eq. A.9-JO, and the enthalpy charge of elhylc:ne is glve" 10 Table A.9 .... 
Hence, we can calculate the Circulation rale of ethylene : 

Q, 252,400 
Ethylene Row _ Wt '" = "" 19411bJhr (A.9-11) 

H} - Hl 86 -(- 44) 

The evaporator duty in the ethylene loop is then 

Qcr = 1941(H. - H.) _ 1941[166 - ( - 44)] "" 407,600 BtuJhr (A.9-l2) 

Similarly, the circulation rate of propane is 

Propane Flow - w, - lI}Q~EH I = J{:)7'~2) - 3996lbJhr (A.9- 13) 

and the heat duty of tbe 6nal evaporator is 

Qu = 3996(fI. - II, ) _ 3996[15 1 - (-2)] - 634,000 Btufhr (A.9- 14) 

• w C. EdmlStCr and B I Loc, ~Al'Phcd lI yoJroc;ubon ThcnnooJ~nim'<.:$. vol I," 2d cd Gulf 

Pubhshml Co~ Houslon, Texas. 1984 
I W C. Reynolds, TMrtWdynamu: "'OPfrfln ill SI. Ocpiln"",nt of Mccha. nlClol Enppccnnllo Stanford 

Un'YCnolt y, Slan/ord, yh[, 1979 
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Eq uipmenl Design 

!-IEAT EXCH ANGERS. Now that Ihe heat dUlles of allihe heal exchangers have 
been eSlimated and the lemperamres of the streams ha~e been fiKed, II IS a 
s traightforw ard task to calculate Ihe Slle and cost of the exchangers The results are 
given in Table A 9-5. 

The (;oollllg-wa[er flow rale IS dl:lcnnmed from an energ), balance 

Qu = 611 ,400 = l<C,.(120 - 90) (A9-15) 

so that 

61 1,400 
W = -- co 20 400 Ibfh' )0 • (A.9-16) 

If the cost of COOJlllg water IS SO.075/ 1000 gal and the plant operates 8150 hr/ yr, the 
annual cost is 

Aoo Co" ~ (~0075)( 1 ~)(20.400 Ib)(8150 h') 
1000 gal 8.341b hr yr 

= $1440 yr (A 9· 17) 

COMI' RESSOHS. The horsc:polOoer for the ethylene compressor loS given by Ihe 
expression 

( "'")( Ib)( 1 h, )( r, Ib)( I hP) 1 
hp - H .. - 1/ J Jb WI: h--;: 3600 s 778 Btu 550 fl Ib.'s E, E ... (A.9· 18) 

where E, "" com pressor efficiency - 0.8 ,\lid E .. = mOlOr effiCIency - 0.9. T hus, 

.j194IX778\ 1 87 
hp = (166 - 86\3600 550) (0.9)(08) "" .. (A 9-19) 

Similarly. the results fo r the propane compressor arc 

jJ996)(JJ8) 1 
hp - (15 1 - 100,\)600 5S0 (0.9)(0.8) '" 111.2 (A9.20) 

At a cost of SO.042jkwhr, the annual power (;OSI for the clh)'lene loop compressor IS 

Aoo Cost = - - (847 hp 8160 -(50.<'<2)( lkw ) {h') 
kwhr 1.341 hp yr 

= S21,700/ '1 r (A9-21) 

while that for thc propane loop I~ 

00( "12) Ann Cost = 21 ,7 84 7 = S28,500 'If (A.9-22) 

n el iON A' 0[,)1" .. O f .EnIGUAno .. n sru.t~ SO] 

BLOWER. We also mighl need a blower for the feed Slream. TIle air flow rate is 
687 moljhr = 687(359 fll/moIXS37/492)/ 60 = 4500 ft l/ mm, and Peters and Tim
merhaus· gl~e the purchased cost of turboblowers In lerms of this volumelnc flow 
ralc If we gues~ Ihat the pressure drop IS 5 pSI on both the tube side and Ihe shell 
side of heat eAchangers, then the pressure drop of the air stream is 15 psi, so Ihat we 
ne('d a 30-psi blower The (;051 is 

Cost "" 5S,000(4)(US) = S683,600 (A.9· B) 

""here"e ha\'e assumed an Tnstalla[lon factor of 40 Also, the power cost, assuming 
a blowe r effiCiency of 70}, ... a motor efficiency of 90}, .. and a power cost of 
SO.042jkwhr, is 

H,. - ( 15 i~~l)( 144 1~~lX 687 :;IX 392 ::1)(3~ S)(5~~ : ;b) 0.7('0.9) 

= 466.3 (A.9-24) 

Aoo Cost = _ .- 466.3 hp 8160 -(500.<2)( ,"w } {h') 
kwhr 1.342 hp yr 

= S119,200/yr (A.9-25) 

The capltlll cost of the blower IS very high, and we note from the COSI 
correlation Ihat we could cui this cost by a faClor of 10 if we could use a 3-psl 
turboblo"er, I.e., 

CO~t - 5 100(4XUS) '" S63,400 (A.9·26) 

Hence, we must esumate the pressure drop of these exchangers fairly carefully and 
1001.. for ways of mllllmizlllg Ihe p ressure drop If we guesslhat a ),pSI turboblower 
"Ill be adequate, then the power costs will be 

Ann. Cost IZ I 19,2OO(1\-) = S23,800/yr (A.9·2J) 

O ther Equipment Costs 

The capital cost of the heat CKchangers is eSllmate<i from Guthrie 's correlation, 
Appendix E.2, based o n Ihe values given in Table A.9·). We assume that the 
inSlallation factor is 3.29, Ihat we use floating-head ellchangers, thai the pressure 
correclion faclor for Ihe evaporators is 1.1 , [ha l we use s tainless-steel (or low-Nt 
steel) exchangers al temperatures below -2O"F, that the: M&S ratio is US, and 
thai the capllal charge fa clOr IS ! . Sllllllarly, we consider motor-driven, reclprocat-
1118 compressors with an installation factor of 3. 11 

• M S PCICU and K 0 Tlrnmc,h.au), M !'I .. nt lkl;.gn and Ec.unQmlQl rVl ChemlCat En ........ n;.M ld cd., 

Mrura'" 11 111 . No: ... Yo, \', t98O. p .n o 
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The results of the Cosl calculations are given in Table 1\.9-5. 10 addition, 
the utility costs are listed We see that roughly an investment of 11.304,000 
(S434.800/yr) and an operatmg Cosi of S75,500/ yr are needed 10 recover acetone 
valued at 1881 .300/yr. H we optim ize the process. we might be able to improve the 
profitabihty. However. we must also complete the designs fo r a gas absorber and an 
adsorption process before we can decide which process might be best. 

Shortcul Design Proce<iur('S for Refrigeration 
Loops 

From the case study presented above, we see thai the design of refrigeration 
processes is quite tedious. Fortunately, Shelton and Grossmann - have presented a 
shortcut procedUre thai significantly simplifies the caku1ations. From Fig. A.9-9 
we see thai the heat load for the evaporator (points I 10 2) can be wrillen as 

(A.9·28) 

where 6Hi is the molar latent heat of\aporization and6Hr, is the molar lost heat 
of vaporization. Since 

(A.9-29) 

if we assume that the entha lpy of a saturated liquid is independent of pressure and 
that the heat capacity of the hquid is constant o ver the temperature range, then we 
can write that 

(A.9-JO) 

and Eq. A.9-28 becomes 

(A.9·31) 

Fo r the isotropic compression, points 2 to 3, we can write that 

(Oil) ~ V 
oP • 

(A.9-32) 

Instead of attempting 10 integrate this expression by using an equation of state. 
Shelton and Grossmann- nOled that the curves for constant entropy on a Mo llie, 
diagram, where log pressure was ploned against enthalpy. arc almost linear. 
Therefo re, writing Eq. A.9-32 in terms of In P and using tbe idea1 gas law give 

(~) = PV = RT 
o inT', 

• M JI. Shdton.nd t F G.os.\ma nn. CQtl1r" '~~ and Cltmr Fftg . " 6tS ( t98S) 

(A.9·D) 
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EvaluatIng Tat Tl and integrating then give 

P, 
tJ.Hil = R~ In - (A.9-34) 

P, 

We can rewrite thIS expression in terms of temperatures by introducing the 
Clausius-Oapeyron equation 

In P l = tJ.lli (~_~) (A.9-35) 
PI R T, Tl 

Then the power requiremenl for the compressor becomes 

," ,//a "" _ tJ.J-li (T1 - T1)F IIF 
~Jl - '--' Il r ltl' -

T, 
(A 9-]6) 

nOlo'" ~ II 511101"''''''( ANO "' OMU.(-lAl U"~ lUI .. "~E"'OIX.. 507 

The t;ondenM:r dUI}, pOlllb 3 to 4, can be written liS (sa: Fig. A.9-9) 

Q ... ~ "" Q •• a .. 1 Wu (Mli Ml~l + AH7l)FIfF

Sub~lHutlllg our rre\lou~ r.:sults, we obtain 

[ 
,T, 

Q ..... ~ 611 I -l~ 

Summar) 

Thus, we ha,e obtamed slIllple cxpres.stons for the quantities of interest. 

Evaporator . 

Po .... cr requirement 

Condenser : 

A.lO REACfORS 

(A 9-37) 

(A 9-38) 

A kinetic model must ~ us¢d 10 calculate the required reactor volume. For tubular 
reactors, Ihe length-Io-dlameter rallo must exceed 6, but preferably it should be: 
~reater than 10 The cost of a tubular reactor is estimated by using Guthrie's cost 
correia lion for pres)ure \esscl s_ 

For continuous SlITred tank reactors, we usually sct the L 'D rallo 10 about 
1_0 1,5, Cost corrc:lallolls for CST Rs are available In Peters and Tlmmerhaus' 

A.t I SUMMARY OF SIIORTCUT 
[QUIPMENT-DESIGN GUIDELINES AND 
~O'\1ENCLATURE FOR APPENDIX A 

We have presented a number of deSIgn guidelines during our di~ussions. It IS 
con'ementlo combine these mto a single list which ..... e can refer to when ..... e attack 
other problems. The ItS\ presented below is not complete. so it always palS to ask 
eApenenced engineers if they know of any other guidelines that may apply to a 
panlcular problem 

Perhaps we should emphasize that It IS dangerous 10 blindly us¢ any 
publiShed rule·of-thumb or design value, since anyone of these generalizations is 
hmited to certain types of apphcations Therefore, it is always worth undersumdlng 
the origin of Ihe rule III o rder to gain some feeling for Ihe potential iimillllions 

• M S 1"~I~n an.! K 0 Tnnm~l~u" I'lunl /hJ'iJ" QM Eronom'i"I for CI~mlOil tng'M~'S. )oJ ed .. 
\Irun .. 11111. Ne ... Yorl, 1980, r>P 190-191 
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Moreover. for final design calculat ions we always prefer to use ngorous calcu lal10n 
proccdur~s necau'\.C v.e 11Iust be as certain as we ca n thai Ihe fi nal design will 
correspond to an operable process. l.e_. the cost of modifYing an eXlstmg plant to 
n;lke It meet design speCifications I~ enormous compared to the eost of making 
change..~ at the design s tage. 1I 0we\er, [mle pre~~ures and budget constramts 
somctllllCS force liS 10 take risls, so good judgmen t is always required 
I I'hyJ/ctJf Propprtle! 

Procedures for eSlimal1ng phySical properties of materials alt descnbed by 
R. C. RCld. J M Pra USllItl .. and T K ShcT'o'o·ood. The Propt:rlles o/Gases olld 
Liquids, 3d ed. McGraw- lI lll. New York. 1971. A condensed version of~ome 
o f [hese methods is gn'en in R. II Perry a nd C. H. Chilton, Cht'IlIIcol 
Engineer's lIandbook. 5th ed _, McGraw-Hili, New York, 1973. p. 3 226. The 
API /)010 Book and the /mefllollonol Critical Tables, as well as many o ther 
handbooks, also contain much yaluable infonnation_ 

II IS always better 10 base designs on actual ex perimental data rather 
tha n estImates obtained fr om correlations. lIoweycr, we oft en use the 
corre!allons for prellmlllary designs when data are not ;wal lable 

A sim ple: procedure for estimat ing K values for yapor·llquid equi libria IS 

presented In Sec. C 1 of AppendiX C 
II DistillatIOn Colullln /Jeslgn 

Disll llation columns are onc of the most common UOit operations. and 
normally the distillation costs are a large fraction of the total processing cost~ 
A Phust Eqlllllbrllllll 

1 General con ~lderatlons 

/l Careful aUenllon must be gl\cn to highly nonidea l mixtures In 
particular, It is essenllal to determine whether azeotrores rna) be 
formed An intercsting discussion of nooideal effects has been 
presented by G. 1. PierottI. C. H. Deal, a nd E. l. Derr, /nd Eng. 
Chtftl . 51: 95 ( 1959). 

b If the relative volati li ty is 1.1 or less. ex tractio n or some other 
operation may be cheaper than distillatio n 

c. The presence of heal-sensitive compounds or polymerizable mate
rials may require vacuum operation. 

d. Corrosi~'e materials require more expensive materials of construc
tion 

2. Shortcut design procedures 
a Most shortcut design proced ures. e.g., that of Fenske, Underwood. 

and GlI lila nd, require the assumption of constant relative yolatility 
o. 
( I) (,{"Instant (I is obtained for similar ma tcrials 

(I') The heats of vapori/.ation of the light and heavy key~ arc 
es~e ntl3lty the sa me_ 

(h) The boiling points of the light and heavy key~ a rc clno;e 
together 

RCTIOI'! A 11 !iu .............. AI'!l) IOO ... EN('I .... TUU fO .. API'I'NDlX'" 

(c) Use Idea l liquid mixtures 
(d) The separations are relatively difficult and a re expensivc 

(2) Fo r sim Ilar materials (ideal sol utions) where the bollll1g pomts 
are widely separa ted. heat effects a re important. 
(al Base the preliminarydcsign on the Kremser equation for the 

top and bottom sections. 
(IJ) Use fi ct iti ous molecular weights and a McCabe·Thiele 

diagram 
(c) The: separa tio ns normally are ~imple, and the co lumn~ are 

less expensl\·e. so that great accuracy is not required for 
preliminary designs. 

(3) For some nonideal liquid mixtures (widely separa ted bo/ hllg 

points). 
(al Base preliminary designs on the Kremser equation for the 

rectifying and stripping sections. 
(b) The separat ions often arc easy and the columns relatively 

ioexpensive. so that greal accuracy is not required 
B Colullln Ala/trial Balances 

I. Norma lly only o ne composition, which may be eit her the lop or the 
bollom, is fixed by product specifications. 

2. For first estimates assume between 99.0 and 99.9 % recoveries of 
valuable components fo r normal separat io ns. 
a. These estimates normally must be modiflOd if azeotrope'S are 

present. 
b. Lower est imates often a re used for high-pressure columns and 

columns with partial condensers or refrigerated cond~nsers . 
3_ Use Fenske's equation at total reflux to estimate the splits of th~ 

Donkey components. 
C. Column Design 

I. Estimate the column pressure. 
a. Condense the overhead at 100 to IJOQF. 

( I ) Use of a total condenser is prderred. 
(2) Make certain that there is adequate r~nux if a partial condenser 

is used. 
(3) Compare bottoms temperature to ayailable steam temperatures 

(a) We desire a JO to 45°F 6t or more. 
(b) Readjust pressure if neccs.sary. 

2. Estimate minimum reflux rate. 
a. Usc one of Underwood's equations if (I is constant. 
b. Usc McCabe-Thiele diagram for binary mixtures. 

3. Let R .,. 1.2R. for first est imate. 
4. Estimale number of theoretical plates- usc sieve trays (or vahe trays) 

a N _ 2N .. , or Gllli land's correlation. 
b_ Usc Kremser equa tion o r McCabe-Thide diagram. 
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5 bllmale Ihe actual number of plates 
(J Assu me an overall plate eftlcll."ncy of 50~;. 

( I) II should be IlIgher for c1ose"bolllng, Ideal mixtures.. 
(2) It should be lo wer for mix tures IIIrth large differences HI Ihelr 

boiling points. 
/!. Use O'Con nd!'s correla tion (a lthough il i:. not very rellilble) 

(I) Use IX •• if a ili approxlmatc:ly conSI3n l 
(2) Use different eSlllnatcs for the top .lIld bottom secllon:. If the 

Kremser eq uauon IS used fo r design 
6 Esumate Ihe column height. 

(J Use a 2.0-(1 Ir:l.y spaclllg (a 2"ft 6-10" tray spaCll1g for manhead 
locatIOns). 

b. Add g to 15 fI at top for vapor disengagemenl.. 
coo Add extra space al bottom as a liqUid surge tank. 

(I) Normally usc 3- 10 5·min holding lime based on bottoms fl ow 
(2) Use 6-mm holding time if bottom product IS fed 10 a furnace 
(3) Use 8- to 15-fl space for first designs. 

d If column height IS grea ler than 175 ft or If LID IS grealer than aboul 
20 to 30, special fo undiuions are reqUired. 
(I) Redesign with l8-in. (or 12-m.) tray spao ng. 
(2) Build the rectifying aod slripping sectIOns separately, if nee.es" 

sary. 
7. Esumate the column diameter for botb the recllfYlllg and stnppmg 

sections 
(.t Estimate the vapor rates In the top and bottom 111 ftl /s. 
b. ESlimate the vapor velocuy 

(I) Guess the vclocuy. 
(a) For atmosphertc operation assume the superficial velocit y IS 

3 ftls and the pressure drop is ) in 1i10 per tray. 
(b) For pressures below 100 mmJlg uSC 6 to 8 ftls. Be careful 

thai the pressu re drop is Dot so hIgh thai the bottoms 
temperature becomes excessive. 

(c) For high-pressure operation, the velocity should be reduced 
from 3 to I rtls as the pressure increases. 

(2) Use an F facto r of F - 1.5 for preliminary designs. 
(3) Usc Fair's flooding correlation, and set the velocity at60 to 85 0;.. 

of the fl ooding value. 
c. About 12 % of the area is required for downcomers. 
d. To wer diameters should be specified m 6-10 IOcrements. 
~. Use the largest diameter for tbe fCCtifytng o r stripping sections If 

they are close to the same or build a s ..... edge tower if they are very 
different. 

f Linlltalio ns. 
<I) If the tower diameter is large, l e_, greater than 12 to 15ft, 

consider increasrng the Iray spacing to 36 10 

III. 

SECTION A II 

(2) If the lO ..... er diameter I~ 1cl>S than 18 tn., redcslgn the to .... er as a 
pad.ed column 
(a) Use I-tn pall rings ofa suitable melal. 
(b) For atmospheriC operation assume a su~rficial vapor 

velocity of 3 fl/S, a pressure drop of 0.5111.1-1 )0/ft , and 
110 - = 2 2 for prehminary designs. 

(e) Fo~ pre:.sure:o les~ than 100 mm II g, assume a velocity of 6 to 
Ut .. s, a pressure drop of LOrn II)O/ft. and 1l{)G = 3 fllr 
prehrmna ry dcslgns 

(3) f or towe rS m the range from 1.5 to 4 .5 ft, use either a plate or 3 
packed to ..... er. 

(4) Other applications for packed towers. 
(a) Corrosive materials 
(b) Materials whieh foam badly. 
(c) If a low-pressure drop required. 

D Sequences of Dis/il/allon Columns 
The heunstics may be contradictory. 

I. Remove corrosive and hazardous materials early in the sequence 
2 Remove lhe most volatile component first. 
3. If a component is predomimmt in the feed, remove it first 
4. Make 50150 sphts whenever possible. 
5. Make the easiest separation first. 
6 Make the cheapest separation first. 
7. Remove the components one by o ne as column o\'erheads. 
8 Sa\e difficult sepa rations unlillast 
9 Prefer to operate as close 10 ambient conditions as possible, but prefer 

higher pressures to vaccum opera tion and higher temperatures to 
refngeralion conditIOns. 

10 Prefer no t to Introduce a component absent from the original mixture 
(absorpuon or extraction); but If we rntroducc: a foreign species, "e 
deSire 10 recover it as soon as possible. 

H~a/ Exchangers 
Heat exchangers also are very common pic:ccs of process equipment, and the 
total heat-cxchange costs normally are a large fractio n o r the total proccssrng 
costs. Some heurislics are given below ror approach temperatures, but. better 
results can be obtained by using the energy IOtegration procedure descnbed In 

Cbap 8. 
A fI~(Jl " T,tJrUf~r Coefficlenu 

Use the overall heal-transfer coeffi cients given III Table A.7-1 or A 7·2 or 
si milar values. 

B. DUlgn Condilions 
I W;lter coolers. 

(J Assume coohng wa ter IS available at 90' F (on a hot summer day) 
and must be returned to the coohng towers al less than 120~F to 
pre\ent $Calrng of exchanger surraces Solu tIOns of Opl1ml1.3tlon 



problems that estlmate the effluent cooling-water temperature nor
mally p:h'e \a lues greater than 120~F, because scaling problems are 
not constdered. 

b. Assume an approach temperature between the stream being cooled 
and the mlet cooling water of 10 F (for very clean materials) or 
20"F 

2 Co ndensers 
(l DIstIllatIon columns 

(I ) Usc a total conden~er If possIble 
(2) Pu re components condense at conslant tempera tures in a total 

conden.«:r, 
(3) For mlll:tures calculate the dew points and bubble points. a nd 

u~ thC:S( to estimate the log-mean aT for a tOlal condenser 
(4) For partial condensers make cenalO that there is an adequate 

amount of renux 
b Cooler condensers in processes. 

(1) Use the same approach temperature as for water coolers 
(2) Cool the \'apor 10 its de .... point. condense and cool to 115 bubble 

point, and then subcoolthe liqUId 
(0) Base the log-mean a Ton the inlet and outlet temperatures if 

the lalenl heal effects are small compared to the senSible 
heat changes 

(b) Base the log·mea n aT on the dew point and bubble pomt if 
the latent heat efTects are large compared to the ~nslble heat 
changes. 

3. Reboilers - Io pre\'enl film boihng assume tl T = 45°F and V ... 250 
Btu/(hr · ft1.oF). so thai VaT:=:. 11 ,250 Btu l ft l (up to 13,000 IS 
sat isfactory) 

4. Waste-heat boIlers - usc an approach temperatu re of 6O"F for first 
estimates. 

5. AIr-cooled exchangers and condensers. 
a. Assume U ... 70 Btu/(hr · ft l .~F) based on nonfinned surface. 
b. Use an approach temperature of ~F based o n the inlet high

temperature fluid . 
c. Assume the air temperature is 9O"F (on a hot.5ummerday) toensure 

that the area is adequate. 
d Assume 20-hp power Input per 1000 ftl of base surface area 

6. Countercurrent exchangers. 
a Assume an approach temperature of 3O~ F between the entering hot 

stream and the exiting cold stream for multipass exchangers, 
(I) The optImum value Will depend on the thennal capacitances o f 

the hot and cold ~ treams and the number o f tube-and -shell 
passes 

(2) The mmlmum ... alue IS about 10 I 

b. Multipass exchangers. 
(I) Use one of the pu bl ished charts to correct the log-mean tl T 
(2) If the correction factor is less than 0.8, redesign the e'llchangcr to 

obtain II hl8her correction facto r. 
c. If the area is less than 200 ftl, consider the use of fi nned tubes, 

7. Feed-effluent exchangers. 
a Reco\er about 75 % of the available heal for liquid-liquId ex

changers 
b_ Recover about 5O ~~ of the available heal for gas-gas or gas-liqUid 

excha ngers. 
c, The heuristics above often give poor results. Use tbe energy integra

tion procedure presented in Chap 8 
C Standard Duign5 

I. Tube diameter 
o In a given shell. the smaller the tubes, the greater the surface area. 

but the greater Ihe difficulty kccpin8 the tubes clean. 
b Usc )-in. tubes for dean materials, I-in for most fl uids, and 1.5-in 

for very dirt )' flu ids. 
2 Tube lengths 

a. Most chemical companies use 8-ft-long exchangers 
b. Most petroleum companies use 16-ft -long excha n8ers, although ill 

some cases 20-ft-long exchangers are u§Cd. 
c. For 16-ft-l ong exchangers.. the maximum surface area space shell is 

( I) 3500 ftl for ~·i n . tubes. 
(2) ]200 ftl for I-tn. tubes_ 
(3) 2000 ftl for 15-;n tubes, 

] , PItch 
a Triangular pitch gives sma llest shell Size for a gl~'en area 
b. Sq uare pitch IS much easier 10 clean. 

4. Pressure drop- assu me a S-psi pressu re drop for both the tube side and 
the shell side of the exchanger for rlrs t estimates. 

TV Furnoc~s 
A. Assu me that the flUId \,eloclly in the lUbes for a nonvaporizing liquid IS 

5 ft/s. 
S Assume an 80 '}~ efficiency based on the nel heating value, 

V Comprnsors 
A. Design equation: hp "" 3.0] )( TO ' or (303 x 10 ' I K) 

Il;.QI.[( P _ I Pin)/( - IJ/ K and T •• ,/1;. _ (P ..... I P1.)· . where hp = 
horsepower. P i. "" Ibf/ft 1

, Q is In cfm. and K "" (C./C .. - J XC,IC~). 
I. For monatomIC gases usc: K "" 0.4. 
2. For d iatom ic gases use K _ 0 .29. 
J For more complex gases (C02 , CH.) use K = 0.23. 
4 For other ga~eo; usc K _ RIC~. where R 1\ the gas constant 



B. Efficiency. 
I. Assume a compressor efficiency of 90" to account for fluid friction In 

suctioo and discharge valves and ports, friction of moving metal 
surfaces, ftuid turbulence, etc. 

2. Assume a driver efficiency of 90 " 10 account for the conversion of the 
Input energy into shaft work. 

C . Spares. 
I. Compressors are very cxpensi\-c, so spares aTe seldom provided 
2. A common practice is to provide two compressors with each handhng 60" of the load, SO that partial operatIOn of the plant can be 

maintained if one compressor fails. 
Yl. Gas Absorbers 

A. Plate columns- similar to distillation. 
J. Assume 99" or grealer recoveries. 
2. Use L/(mG) = 104. 
3. Use the Kremser equation for design for dilute concentrations. 
4. If heat effects arc large, use sidcstream coolers. 
5. Assume vapor velocity is 3 ftl s. or estimate it from F factor, F _ 1.5. 
6. Assume 2-ft tray spacing- use sieve trays. 
7. Assume pressure drop is 3 in.HzO per tray. 
8. Usc O'Connell's correlation for tray efficiencies - the effiCIenCIes In 

absorbers arc lower than in distillalion columns because the liquid is 
not boiling. 

B. Packed columns. 
I. Applications. 

o. Corrosive materials. 
b. Foaming materials. 
c. If low-pressure drop required. 
d. If tower diameter is less tban 2 (I. 

2. Design. 
a. Assume 99.9" recovery. 
b. Use L/(mG) .., 1.4-
c. Kremser equation gives NO(; = 20 for 99% recovery. 
d. Assume HOG"" 2 fl. 
e. Packed height _ 40 fL 
f. Assume vapor velocity is 3 ft/ s. 
g. Use I-in. Pall rings in metal or plastic. 
h. Assume pressure drop is 0.5 in.HzO/ft. 

VII . Ot~r Equipment 
A more complete collection of shoncut design procedures is available In J. 
Happel and D. G. Jordan, Chemical Process &onomics, 2d ed., Dekker, New 
York, 1975, appendix C. Another set is given in W. D. Baasel, Preliminary 
Chemical Engineering Plant Design, Elsevier, New York, 1976, pp. 114, 2ll. In 
addition, numerous textbooks on unit operations list values. 

An ~xcellent recent collection of shortcut equipment-<iesign proc~dures 
has been published by F. Aerstin and G. Street, Applied Chemical Proass 
DeSign, Plenum, New Vorl, 1978. Also the Manual of Economic Analysis of 
Chem,col Processel, publIshed by Ihe Institul Fran~is du Pel role, McGraw· 
Hill, 1981 , contams much useful mfonnauon. 

'OMECLATURE 

a, b, c 
A 

Ac, A II 

A .. AD 
A, 
All , Al l 

b 
B , 
C. 
C, 
C, 
C. 
D 
D 
D, 
E. 
F 
F .. 
F, 

9 
G 
G 
G, 
H 
H, 
H. 
h .. ho 
H, 
H, 
Ho. 
k 
k 
K, 

Coefilclents tn Smoker's equallon solution 
""' L/(mG), absorption factor 
J leal-exchanger area of condenser and rebOller 
InSide and oUlside areas 
Tower cross-sectional area (fIl) 
Binary interaction parameters in Marguks 
equatIons 

Imercepl of operating line 
BolIoms How (mol/tlf) 
Design parameter 
Drag coefficient 
Heat capaoty [8tu/(mol · eFn 
Cost of steam (S/Klb) 
COSI of cooling water, S/ Kgal 
DIstillate flow (mol/hr) 
Tube diameter 
Tower diameter (h) 
Overall plate efficiency 
f factor 
Refrigerant flow (mol/hr) 
Correcllon factors m cost correlations ; see 

Appendix C 
Gravitational acceleration 
Total gas rate (mol/hr) 
_ ptJ, mass flow rate 
Flow of carrier gas (mol/hr) 
Height of a plale column 
Enthalpy of feed (Btu/mol) 
Enthalpy of vapor (Btu/mol) 
Film heal-transfer coefficients 
Enthalpy of liquid (Btu/mol) 
Disengagement plus sump heights 
Height of a transfer unit (ft) 
Parameter 
Thermal conduclivity 
Constant 
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L 
L, 
m 

M 
M, 
M&S 
n 

N 

P" 

P'PT 

• Qc.Q. 
Q, 
Q. 
R 
R 

" R. 
R, 
S 
SF 
To 
T, 
T, 
U, U" U. , 
", r 
v. Y' 

" w, 
IV, 
X, ]C. 

x. 
x, 
x, 
X I.' X ... , 

Total liquid now (molfhr) 
flow of solvent (molfhr) 
Slope of equilibrium linc 
Slope of operating line 
Molecular weight of liquid 
Marshall and Swift index 
Plate number 
Total number of theoretical plates 
Actual number of plales 
Mrnimum number of trays 
Theoretical trays in rectifying and slnpping 
sections 

Vapor pressure (atm or psia) 
Total pressure (aIm or psia) 
Feed quality 
Heat load of condenser and reborler 
Heat loads (Btu/hr) 
Volumerie now rate 
Gas constant 
Drop rad ius 
Fraclional recovery 
Mmimum reflu}l ratio 
Term in Smoker's equation solution 
Reboil ratio 
Separation factor 
Bubble pornl (OF) 
Condensate temperature ( F) 
Inlet liqUid temperature rFJ 
Heal-transfer coefficients (Btu/(hr fll . OF)] 
Gas ~'elocity (ft/s) 
Weight fraction of solute in solvent phase 
Vapor fl ow in stripping section 
Vapor rate in rectifying and stripping sections 
(molfh r) 

Flow of cooling water 
Weight fraction of solute in nonsolvent phase 
Sturn flow rate (lb/hr) 
Mole fraction o f solute in liquid 
Bottoms mole fraction 
Distillate mole fraction 
Feed mole fraclion liquid 
Molar ralio of solute in the liquid phase 
(mol/mol) 

CompoSition variables 
Bottoms mole fraction 

Greek 

, 
611. 
H. 
6H, 

Y 
Y 
IJr. IJL 
p, 
p. 
0,8; , 
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Mole fraction of solute in gas 
Feed mole fraction - vapor 
Inlet and outlet molar ratio or solute in the gas 
phase (mol/mol) 

Molar ratio in the gas phase 
Feed composition 

Rciativc volatility 
Heat of vaporization (Btu/mol) 
Log-mean temperature driving fora: (oF) 
Heat or vaporization or Sleam (Btuflb) 
_ (C,/C. ~ I)/(C,/C.) 
Liquid-phase activity coefficient 
Viscosity of feed or solute (C,) 
Density (Ib/n) 
Molar density (mol/fl l) 
Root of Underwood's equation 
Small parameter 



APPENDIX 

B 
HDA 
CASE 
STUDY 

The design of a process 10 produce: benzene by thc hydroalkylallon of toluene has 
been d iscussed in numerous chaplers in Ihls leX!. The purpose of this appendiX is 
simply to collect and present a SCI of sample calcula tions for th iS case stud), This 
problem is a modified version of the 1967 AIChE Student Contcst problem . 

LEVEL 0: INPUT INFORMATION 

The definition of the p roblem was given 10 Example 4.1-1. The infonnatlon of 
importance IS as follows: 

Reactions: 

Toluene + Hz ...... Benzene + C II . 
2 Benzcnc;;::::Diphenyl + H2 

(8-1) 
(8·2) 

Reaction condllions: Reactor inlet temperature = 1150~F (10 get a high 
enough ra te) and reactor pressure = 500 psia 

Selcctivity: Moles being produced per mole of toluene converled = S 

• SC>£ J J McKell&, -EDCydopedi. of C,",mlCl' P,occssms and Des'sn,- .01 4, I:>':ILlc •• Nc: .. Vork , 
1917, p 182 

518 

TA BL.E 8-1 
Stcleclh·il )' o r IInA prOCbS 

S .99 0985 0971 .97 '93 
, " .60 07" .1> ." 

F,OOD ,he 1%1 AJCII,E 51 .... 0 ' C_ 1C<t f'rohlt<l> Sec 

J J M.Kcu;o, ·Ea.:)~Jopc.b .. " Cbc......,.. 1"""""",, an.! 
0.:."",,- , o1 _. o..H ••. New YOf~ 1 ~ 77, P U2 

The 1967 AIChE Student Contest problem presents the selectiVity dala gl\<cn 

In Table 8 -1. If we plot the dala as In(1 - S) versus 10(1 - .x), 50 thai we make the 
data as sensitive as possible, we: ohlalll the results shown In Fig. 8 -1. 

I. Now, If we fil an equallon (0 the data and rearrange the results. we obtain 

0,0036 
S = I - (I _ X)I ~« (" ·3) 

Conditions : Gas phase, no cata lysl 

o 10 

'\ 
.\ 

o. 0 1 
\ 

0. 1 I 0 
I - x 

nGe,u; 8-1 
Sclccmuy of the: Il [)A proc.= 



2. Producllon rate = 265 mol/hr of ben7ene 
J. Product punty : 

Xo ~ 0,9997 

4. Raw materials: Pure toluene at ambienl condi tions; 95 o,~ Il l' 5 % ('II. al IOO~F. 
550 p~1a 

5. ('on~tnllnt~· II z, aromatics = 5 at reactor inlet (10 pre\ent coking); reactor 
outlet temperature S 1100 1 (10 pre.'ent hydrocracking re:u:t.om), quench 
reacto r emuenl 10 1150 F ( to pre\ent cok1l11!-) 

6_ Other plant and Slle data are lP"en where needed 

LEVEL- l DECISION: HATCH VERSUS 
CONTI NUOUS 

Choose a conlmuou<; pr<:l«SS, 

LEVEL-2 IJ ECISIONS: INP UT-OUTPUT 
STRUCTU RE 

See Fxamplcs 51-2, 52-I. and 5.3-1 

I. Punfy feed strr:.am:;· The loluene feed strr:.am IS pure; do no! purify the hydrogen 
feed stream because Ihe methane ImpuTlly IS small. Also. methane IS a by
product of Ihe rr:.actions. and the separation of gases IS cxpensive. 

2. Reversible by-products: Diphenyl is a by· product fonned by a reversible 
reaction. Thus, we can eilher recover diphenyl from the process or let it build up 
10 ils equilibrium level in a recycle loop. Ir we remO\'e the diphenyl, we hne a 
selectl\ity loss of toluene to produce the dlphenyl. However. if we recycle the 
diphenyl. we can avoid the selectivity loss. but we must o\·ersi7.e all of the 
equipment III the recycle loop to accommodate the recycle How of dlpheny!. We 
guess that it is chr:.aper to reco\'er the diphenyl 

3. Recycle and purge ; Since a reactant (hydrogen) and both a feed impuTlty 
(methane) and a reaction by· product (methane) boil lower than propylene, we 
WIll nttd a gas recycle and a purge stream; i.e., we want to recycle the hydrogen. 
but Ihe methane will build up in the recycle loop so Ihat it must be purged. A 
membrane separation process, which could be used to separate the hydrogen 
and methane, might be less expensive than the leKS of hydr(lgen m a purge 
stream. Unfortunately, however, no deSign procedure or cost correlation is 
available for membrane separators. and so we base our fir~t design on a gas 
recycle and purge ~trcam 

4. Excess reactants: Sillce neilher 0 1 fro m air nor 11 10 is a reactant thcre are no 
e~ce~~ react"nt« 
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TABU' 8-2 
Component dfc'itinalinns 

ComtM'Wnl N8P.Gf 1}esIMuU;"'" 

II . -.13 Gu .ccyck Bnd pU'lr 
CII, 219 Gas l'tCyck: Bnd purlC 
9cnlcnr 7762 Primary produc. 
Toh"' .... HI 1 Recyck: 
l)'pI\cn)1 .,. . 8 ) -1'.od...,' 

5, Number of product Slreams: The component boiling pollltsodand destinallon; :~e 
gIven III Table 8-2 The II I and C H .. are lumped as one pr uct stream. an e 
benzene and diphen~ 1 are t"'O additional product streams, T hus. the flowsheet IS 

gwen in fig. 5,1-2 

6. Material balance~ and stream costs : Let 

P" ..., 265 molfhr ben7ene x = 0,75 ) ' ,.H " 04 (8-4) 

0.0036 
S "" 1 - 1 ,. .. = 0.9694 

(I - x) 
(B-3) 

Fresh feed toluene 

p. 265 
F, - S = 0_9694 = 273 4 mol lhr ( 8 -<;) 

Dlphenyl produced 

PD - P.,(I - S)/2S (0-6) 

_ 265(1 - 09694)/2(0.9694) = 4.18 

Extent 1 = 273.4 Extenl2 = 4.18 (D-7) 

Makeup gas: 

p. PJ"I - S) _ P 
YrRFG - S+ 2S - Y"H G 

(B-8) 

- p. )P (I -YrH)f G + S = (I -}",." G (B-9) 

Add the<;c expres~lOn~ 10 obll!.ln 

(8- 10) 



Combine Eqs 0-8 and B-IO 

Excess II I 

Stream costs ; 

I-a '" 1',(1 - (I - J/,,)(I - S)/2] 

S(YF" YI"") 

_ 265[1 - ( I - 0.4XI - 0.9694)/2] 
- 0.969-l(0_95 _ 0.4) = 492 5 

265{1 0_9694) 
P" :: 4925 + --- = 4967 

2(0.9694) 

Fc= YI"" FG = 0.4(492.5) = 197.0 

II R P, P, 
1 cacled=S--2S(I-S) 

= 273.4 - 4.18 = 2692 

Va llie of Benzene = SO.85/gal = S9.04/ mol =- ell 
Toluene - SO. SO/gal = S6 40/ mol = Cr 

(assuming II capllve internal price) 

Ileal values : 

l-I l Feed = SI.J2/mol = C ". 

H z = 0.123 x 10" Btu/ mol = t1 fJ c." 

C H. = 0.383 x 106 Btu/mol = t1Hc II 

Benzene = 1.4 1 x 106 Blu/mol = 6 Hc .. 

Toluene - 1.68 )( 1()6 Btu/m ol = oH ,., 
D ipheoyl _ 269 x 10' Blu/ mol = t1l1c.o 

(We assume Iha l the fuel va lue of diphenyl is $5.38/ mol.) 
Economic pOlent ial: 

( B· II ) 

(D-12) 

(B·I3) 

(8 ·1 4) 

(8 -15) 

( 8 - 16) 

( B· 17) 

(B·18) 

(B·19) 

(8·20) 

( B·21) 

EP - C, P, - CT FF + C,'(t1 Hc.o Po + [t1 Hc." Y,,, + t1 Ho, ( I - YI"H)]PG) 

(B·22) 
We can 

Fig. 5.3- I. 
use this rela tionship and the expressIons above 10 p repare 

uvel-2 Allernalives 

We made several decisions concerOing the structure of the Rowsheet and If we had 
made dl fTcre:n1 decislOlls, we would have changed the fl owsheet . If we Jist the 
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proc(:» alternatl~e) .1) wc t1c~dop II d~lgn , II is easier to rcvi!! .... these decisions 
after \Ie complete a base-(;<lSC deSign The altcrnati~es at Inel 2 are as follo .... '5. 

I. Remo\'C the C II ~ from the:: II I feed ~lream This IS probably not dcslrable 
because ..... e produce (, II ~ a) a by-produ..:! anyway 

2. Re<.:}ck the dlphen)1 rdther th.1II removlIlg It Wuh this approa<.:h .... e a~oid 
an~ ~dccm'ny In)~ of toluene to dtphcllyl, but \IoC must o,)\er~Jl': "II thc 
equipment m the Jlphen}'I-recyde loop to a<.:commOOate the eqUihbnum flow 
of Jlpncnyl 

3. Reco\'er some II I from the purge stream We must determine \Iohether the 11 2 
rcco\ery is Jusl1fied by determinmg the cost of the recovery system 

LEHL-3 DECISIQ S, RECYCLE 
STRL·crURE OF TilE FLOWSHEET 

Design Decisions 

The deSign deCISIOn:. for the Iccyc1e structure were dl!>Cussed III Example 6. 1-2. 
Ther.c are bnt:fI) re, le\loed no .... 

J. Onl~ one reaClO1 I) lI:qUlred (the reactions lale place at the same temperature 
and pressure) 

2_ There are two recycle streams-a gas recyle (and purge) or 11 2 + C H. and a 
bquld toluene-recycle stream 

3. We must use a 5,1 h~drogen-to-aromallcs ratio OIl the reactor mlet accord 109 to 
the problem sta tement 

4. A gas· recycle compressor is required 

Before \Ioe can deCide on the reactor heat effects, we must calculate the recycle 
matenal balances The recrde ftowshcct IS shown In Fig. 6.2-1. 

Recycle Material Balances 

The recycle material balances were: developed as Eqs 6.2-2 and 6.2- 10. 
Toluene 10 reactor : 

265 
- 0.9694(075) = 365 

( B-23) 
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Recycle gas : 

Rc - -p. (M Y'.) 
S)'I'H J. YrH ..1'1''' 

(8-24) 

_ 265 ( _ '_ _ 0.95 ) = 3376 
0.9694(0.4) 0.75 0.95 0.4 

Reactor HCIII EH"f'Cts 

The reactor heat effects were dISCUSsed In Examples 6.3·1 and 6.3·3. The reacto r 
heat load is 

" 265 ) 2 1.53"\0.9694 - 5.836 x 10
6 

Btu/hr 

and tnc adiabatic exit temperature is given by 

p. 
Q. = AU. S 

= p .16F,. + (7YI'/I + 10,1(1 - "I'/I)]RG + 48.7FT HT •. _, - 1150) 

21,530P.IS 
T,,_, - 115O+ -

. 7.16FG + (10.1 3.1YI'/I )RG + 48.7P.f Sx 

(B-25) 

= 1150 + 21,530(265/0.9694) 
7.16(492.5) + [10.1 - 3.1(0.4))3376 + 48.7(26')/[0.9694(0.75)] 

= 1265 (B-26) 

These resuhs are shown in Fig. 6.3-1, and we find that we expect that an adiabatic 
reactor will be acoeptable. 

Recyde Compressor Costs 

The reactor pressure is given as SOO psia. We guess that the pressure at the phase 
splitter is 465 psia and that the recycle compressor must increase the pressure to 
555 psia This allows a pressure dropof90 psi though the gas-recycle loop. We need 
to assess the sensitivity of our design to changes in this guess.. 

The design equation for a gas compressor is 

p _ - p. QI -- I h 
(

' .03 x 10- ') [(P -)' J 
Y ,.. PI. 

(B-27) 

Using Table 6.S- I, we can wri te 

y - 0.29YI'H + 0.23(1 - YI'/I) - 0.254 (B-28) 

l!!V!! .... J 0£Cl510J11 UCYCU: mucro"l! Of THI': noWSHEET 52.5 

Also, 
- ___ 1.046 __ 

(
p _')' (SSS)"'" (T,) 
PIn 465 T, 

(B-29) 

and rOf our first design we assume tbat this value is constant. The gas density at 
100°F and 465 psia. given an ideal gu, is 

_ ( _1_ mOl) (460 + 32) 465 _ 0.0774 mol/ ft' 
P.. 3S9 rt) 460 + 100 1 • . 7 

and the inlet pressure is 

The volumetric now rate is 

Ra(mol/hr) R,. 
Q;" = (P .. mo l/n 2X60 minjhr) - 6Op_ 

Then since 

273( 5 0.95) RG = - - - - 3371 mol/hr 
0.4 0.75 0.95 0.41 

3371 . 
Qlo "" 6O(0.0774} - 727 n' fmm 

Also, hp = 3 .0~.;5~0 - ' (6.70)( IO·X727XI.046 - I) = 267 

and the brake horscpower is 

267 
bhp '" - = 334 

0.8 

Guthrie's correlation (Appendix EI) gives 

M&S 
Install. Cost = 280 (517.5}(bhpt u (211 + FJ 

(B-30) 

(B-31) 

( B-32) 

(B-33) 

(8 -J4) 

(B-3' ) 

(B-36) 

(B-37) 

U M&S .., 792 and Fe _ 1.0 (a ocDlrifugal compressor), and inlToducing a capital 
cbarge ractor of! yr to put the installed cost o n an annual basis. we find that 

(
792) 0.82(3.11) 

Compressor Cost = 280 (517.5)(334) 3 =S I77,800/ yr (B-38) 

For optimization calculations. we can write 

( 
R, )"" [(555/ 465)' - IJ'" Compo Cost .. 3371 J .046 ( B-'9) 
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The operating cost is based on a motor efficicncy (comprcs~or plu~ motor) of 
08 and a power cost of SO.045/lwhr : 

(334hP)( Ikw )(0045)( h') Ann Cost - 08 IJ41hp kwhr 8150 yr =SII4,OOO/ yr (8-40) 

We can also wnl~ tlus expr~ss'on as 

Po"er COSI - 114,000 (3~;1) = S3].8IRG /yr (0-41 ) 

Re.ll clor CoSI 

The kin~tics for the primary reaction have been discussed by Silsby et al. ° and by 
Zimmerman and York I Since Ihe amount of diphcnyl produced is "cry small, we 
base the reactor design only on the primary reaction. (However, a kinetic model for 
the by-produci reaction IS available in Hougen and Watson.') So 

where k ... 6Jx 

r = _ k(T)(H)l l l 

10,0 (g . mol 'L} - '!l(s - I) exp [ - 52,000 cal /(g · mOI)J 
RT, 

(8.42) 

(8-43) 

Smce there IS a la rgc execS!; of hydrogen, we assume Ihal IJ ul IS a constant 
Also, lIo.e assume Ihal we can eSllmale the reaclOr ,·olume based on isolhermal 
operatio n, although "C wIll base the Isothermal reaclor temperature on a mean 
value bel 'Ween the reactor lIl1c:t and out1c:1 temperatures T. = (II SO ... 1265)/2 -
1208 Thus, we write Ihe reaclor volume V. as 

I' _ cF-'Clo"'[,-;I"I(,-1 _-.. x"Jl 
II kp", 

(8-44) 

wherll the molar density at the reactor conditions (assuming an ideal gas) is 

( I mOIX460 + 32)(500) , 
Po. - 359 fl] 460 + T. 14.7 ... 0.0279 mol/rt (B-45) 

• R I SIt~byand E. W Sawycr; .1 App/ CIwm_, 6 341 (AulW;! 19S6); W D BeLlf." Poppcr.aod R [ 
S;l$by • .1 App/ CMm . 7 4'17 (Scp!cmbcr 1'157) 
'C. C. Z,mmmnan and R YOIl. ldf:.C 1"01: V~. On:_, 3 2501 (Ju[y 19(4) 

lOA lIolllcn and K M Wal$On, CM",ocall'rocrn Pmlc,p/~. Pari III . I("""ru·. a..J CIJUJ/ ySIJ, WI[Cy, 
New Vorl. t947, p 87S 

where T. =: (1150 + 1265) 2 '" 120.7_ from Eqs B·42 and B-43 

klli/l =: 6.] x IOU'(& mOI)"[( 1 ~ : mol )(28.32 L)J-I
.
l 

l 4541b mol ft l 

r mOIJ' " [ - 52,000(1.8)J 
)( 04(O.0Z79) fll e;\p 1.987( 1685) 

; 2522 x JO·[0 4(0 0279)O!exp , =0.0142s 1 

[ 
93600 ] 

1987(1667) 

Thcn. from Eq. 8 -44, 

v: _ (492.5 + 2048 + 364)(mol/hr) In (1 /( 1 - 0_75)] _ l 

11- (00142s - ' X3600sjhrXO.0279mol/ ft) -4090fl 

Ifwc assume a cylindncal reaClor with L,,JD . ... 6, then 

and thus, 

,0' I,c --' 
4 

DII = 952ft 

n , 
LII II< 4 (6DJI) 

LJI - 56.96 ft 

(B~46) 

(8-47) 

( B-48) 

(B-49) 

The tolel and outlet temperatures for the reactor are 1150c F and 1265G F. 
which is very high, and therefore we will add 6 In. of insulation on the inSIde of the 
rcaclOr to try 10 Icttp Ihe inside walltempersture below 900°F. The addition of thIS 
Imulallon requires Ihat we add a nother fOOl 10 the diameter of our reactor shell, 
and 10 be somewhat consenau\.-e Yoe lei 

LII - 60ft ( B-50) 

Then, from Guthrie's corrclallon for pressure vcssels, 

Ann. Cost"" (792) (101.9XIOI OlioX600 11) 2. 18 ... 3.67 + 1.6 
282 3 

= S239,254/yr (8 -51) 

We neglect the cost of the insulatIon in OUT first cstlmate of the reactor cost, hoptog 
Ihat the additional cost associated wilh oversizing the reactor will compensale for 
the Insulation. 

Economic Potential 

By subuacting Ihe annualized reactor cost and both Ihe annualiz.ed capilal and the 
operating cost of the com pressor from the st ream costs (i_c., the leveJ·2 economic 
potcntial, Eq. 8 ·22), we can calcu late Ihe economic potential at level 3 as 
a function of the design variables (conversIon and purge composition): sec 
Fig 6.7-1. We note that there IS all o ptimum value for both con \·ersion and purge 
composition. or course, these optIma arc not the true oplima because we have not 
considered the: separallon co sts or the heat exchanger costs yel. However, we do 
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cote that the range of the design variables where profitable operation IS possible 
has been significantly reduced. Since the process is still profitable. we continue to 
the next level. 

LEVEL 4: SEPARATION SYSTEM 

Now we add the details of the separation system. To determine the general 
structure or [he separation system. we must decide which of the flowshee[s shown in 
Figs. 7.1-2 through 7. 1-4 is applicable. The reactor emuen! is at 1265<> F and 
therefore is all vapor. Then, providing we obtain a phase split at 100°F and 465 
psia. the flowshect given in Fig. 7. 1-4 will be correct. 

We can usc either the Hadden and Grayson method given in Sec. C. I or a 
FLOWTRAN program to find the K, values for the flash drum. The nash 
calculations were discussed in Sec. 7.1, and as shortcut expressions we use these ' 
Light components, K j > 10: 

1- J,'L!' 
,- KILl. 

Heavy components. K J < 0.1: 

II ~f{ 1 - Kr.~J,) 

(B-52) 

(D-S]) 

With Ihese eltpressions. we calculate the vapor and liquid flows leaving the flash 
drum (see Table B-3) 

Lh "'" 1549 + 2]23 = 3872 i..fJ "" 26S + 91 + 4 = 360 (8.54) 

From Ihese results. we see tbal we obtain a re&SOnabk phase split. However, 
a significant amount of benzene leaves wilh Ihe flash vapor. Some of this benzene 
will be lost in the purge stream, and the remainder will be recycled with the gas 
stream. From the rcaclions in Eqs. B-1 and B-2, we would expect Ihal some of Ihis 
recycled benzene will be converted to diphenyl. However, OUT selectivity correla
tion, Eq. 8·3, does not indicate that there will be any loss. 

We suspect thai the dala given in Table 8 · 1 were for a pure loluene feed , so 
that no loss would be appan:ct. Hence, from the information available it is nol 
possible to eslimale the benzene los$. and we should ask the chemist or Ihe pilol 

TABLE 8-] 

Flash takulations 

Com..- t. . II 1(' _"1 • 
H, " .. 99.07 ''') 2 
CH, 2lll 20.00 2312 " ..... ~ '" 0.GI04 29.' 2U4 
ToIliellC " 0.00363 ).. 81.4 
Diphe:nyt • 0.I10000I 0 • 
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plant group to run some additional experiments (which is why we want to 
undertake the conceptual design study very early in Ihe life of a project). The value 
of the benzene in the flash vapor stream. assuming that all of it is losl. is 

Potential Benzene Loss .., (29.6 mol/hrXS9.04/rnoIXBI50 hr/yr) 

_ S2. IB x 1rJ>/ yr (B-55) 

which is very large. Thus, there is a great incenti\e fOf undertaking the experiments. 
As an alternalive, we cou ld attempl to increase the pressure of the fla sh drum. 

Since PrY; = )',r:x j , .... e often can obtain a reasonable eslimale of the dTecl of 
pressure by using Ihe expression 

(8-56) 

so Ihat increasing the pressure will decrease the K value for benzene and will 
decrease the amount of benzene in the Hash vapor. Since tbe number of moles is 
conserved in the reactions, Eqs. B-1 and 8-2, pressure docs Dot appear to affect the 
reaction rate or the equilibrium. However, the possibility of coke formation or 
hydrocracking rcaeliocs (both of which were mentioned as the causes of some 
conslrainlS in Ihe problem fonnulation) again makes il essential to undertake 
additiona l eltpcriments before we undertake a design at a higher pressure. 

Ralher Ihan gel bogcd down in details about the benzene.recycle loss or 
pressure effects, we go ahead and complete a firsl design. In particular, if Ihe 
process is not profitable in any even I. so that we decide nOI to proceed to a final 
design. then we do not wanl to waste money on experiments developing a data base 
ror a plant Ihat we are nOI going 10 build. 

LEVEL 4a: VAPOR RECOVERY SYSTEM 

If we are going to include a vapor recovery system, we must decide on the location 
(flash vapor, purge stream, or gas recycle) and the type of recovery system 
(absorplioc, condensation, adsorption, o r membrace system). In the discussion 
above, we estimated the value of Ihe tolal amounl of benzene leaving in the flash 
vapor. If it should be acocplable to recycle benzene, we slill must estimate the 
benzeoe aod toluene loss in the purge stream, 10 see whether we should place a 
reco\'cry system 00 this purge stream. The flash vapor flows oC benzene and toluene 
arc given in Table B-3, Ihe purge flow is given by Eq. B-IO, and the gas-recycle flow 
IS gh'en by Eq. B-33. Thus, the fraction of Ihe flash vapor that leaves as purge is 

Fraclion Purged _ P G 

PG + RG 

496 
496 + 3376 - 0.128 

The benzene and toluene losses are thert 

Benzene ill Purge = 0.128(29.6) = 3.79 mol/ht 

Toluene in Purge = 0.128(3.6) = 0.461 

(8-57) 

(8-58) 
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and the values of these streams Ire (sec Eq _ 8-54) 

Benzene Loss"" (S9.04/molX3.79 mol/hrX815O hr/ yr) = S279,200/ yr 
(8-59) 

Toluene Loss _ (S6,40/moIX0461 mol,11r)(815O hr/yr) = S24,OOOjyr 

Now we must guess whether Ihe addition of a benzene and toluene recovery 
system on the purge st ream can be justified lI o .... e\er, If the costs of the hqUid 
sepa rallon system and the heat-cxchanger networlo. arc ~uffiClcntly large that the 
process loses money (and we decide not to bUild it). 'ftC do not want to spend much 
effon on the d esign of a \'apor recm'ery syStem. Thus, tentatively, we accept th iS 
purge loss, although we might return 10 this problem later. (For example, we could 
use the toluene feed as the solvent in an absorber.) 

LEVEL 4b, LIQUID SEPARATION SYSTEM 

From tbe results o f the flash calculalion (sec Table B-2), we have an estimate of Ibe 
amount of H2 and CH. dissolved In the flash liquid. If we assume that we recover 
all the benzene, then the feed 10 the liqUid separation system is 

Feed : H2 = 2 C H. = II Benzene .. 235.4 Toulene = 87.4 
Diphenyl _ 4 moljhr (8-60) 

Le,el-4b Decisions 

The decisions we must make concerning the liquid separalJon sySlem incl ude 

I. How should Ihe light ends be removed If they might contaminate the producl'~ 
1. What IS the best deslinatlon of the light ends? 
3. Do we recycle components that form azeotropes with the reactants? 
4_ What separations can be made by distillation? 
S. Whal sequence of columns should we use? 
6. How should we accomplish separations if distillation IS nOI feasible? 

We diSCUSS most of these decisions below. However, no azeotropcs arc 
formed with the reaclants and distillat ion separations are easy for all the 
components, so Ihal ilems 2 and 6 arc not considered. 

UGIIT ENDS. If we recovered all the benzene as well as the H 2 and CH. overhead 
in a product column, Ihe product purity would be 

x "'" 235.4 "'" 0.948 
D 2+11+23.5.4 

(8-61) 

which is well below our product purity requirement of Xu = 0.9991. Of course, 
some toluene must leave In thiS stream. 

If we attempt to drop the pressure to 50 psia and fla.sh off tbe I-i l and CH. , we 
can obtam a rough esllmate of the K values by uSing Eq B·.56 (it would be better to 

T"'BU:~ 
Lo1'l-prtSsure Huh 

CDQlpcNII'li1 f. or fJ K, orKJ • 
II, , 

'" '" 00> 
CII, II 08' '" 1.49 
Bcnunc 2354 00906 0.85 114 55 
rol~nc ." 00337 011 "" Dlp"" .. )l • 0,000074 0 0 

usc the lIadden and Grayson correlations given in Sec, C.l for such a large 
pressure change). Thus, we obtain tbe K values and tbe component flows from 
Table 8 -4 : 

[k-" 2 + II = 13 [Ii = 23.5.4 + 81.4 + 4.0 = 326.8 (8-62) 

Now if we recover all the H l • CH., and benzene, we find that 

234.55 
liD = - - = 0.9935 

234.55 + 0.05 + 1.49 
(8 -63) 

which IS SIIII less than our desired punty of X D = 0.9997 (even if we neglect the 
toluene m Ihis stream). Moreover, there is a fa irly large benzene loss from Ihls low. 
pressure Hash ; ie_, from Eq. 8 -.59 

JOS') Benzene Loss - (S483,OOO/yr'\316 "'" SI09,200'yr (8-64) 

Hence, OU t eSlimates mdicate thai 'ftC probably will need a stabilizer to obtam a 
product stream with the required puril)' (a pasteurization section on the produci 
column might be acceptable, and we list this as an ahcrnali\·e), 

If ..... e recover the light ends ( H l and CH.) in a stabilizer, Ihen we would 
normally send Ihese lighl ends to the vapor recovery system to recover any benze ne 
or IOluene that leaves wi th this s tream (or to any uni t that recovers and recycles 
some of the hydrogen from the purge: stream). However, since we have nOllOciuded 
a n~ units of this type (at least at this time), we would probably send the hght ends 
to tbe fuel supply. 

COLl.'MN SEQUENCING. To usc a slabl lizer column to rcmo\e the 1-11 and CH. 
from the benzene producl , we normally p~essurize this column 10 make il easier 10 

condense the overhead and thereby to oblam an adequate amount of reflul:_ That 
15, the H, and C f-I. are remo\·ed as a vapor slream from Ihe rellux drum after a 
panial condenser, but it is necessary to lake some benzene overhead 10 provide an 
adequate amount of liquid reflux. From Table B-3 the K va lue nf bcn.lcnc is rairly 
high at 50 psia, so that we might sct the s tabilizer pressure at ISO psia, or so. 

If we use a column sequefi(;c that docs not remove the light ends In the fi rst 
column, then e ... ery column thallolally condensed the H J and CH. in the overhead 
.... ould ha\e 10 be opera ted at high pressure. Thus, the capital cost probahly would 



be greater than if ..... e had removed the light ends 10 the firsl column Sumlady. 
Qperation of several columns at high pressure IIlcreases the bubble points of the 
botloms Slrcams. so Ihat a higher-pressure steam might be requi red to drive the 
rebollers. For these. reasons, \I.e assume that il is cheapest to remove the hght ends 
in the first column. 

When we then consider Ihe separation of benzene (234.5 molfhr). toluene 
(87.4 molfhr). and d iphenyl (4 molfhr), almost at[ the hcurist lcs (i .e .. lightest firs!. 
most plentiful first . favor equlmolar sphls - but not the easiest first or save dlmcult. 
high-purity splits until lasl). favor the dirc:ct sequence. Hence. for our base-ClIo;(' 
design ..... e Will choose the hghtc.~1 first sequence to evaluate However. complc~ 
columns might provide a cheaper separation system. 

Now we want to estimate the sizes and the costs of the columns. Since the 
rccycle column. I .e~ the toluene-diphenyl split, involves only a binary mixture, we 
consider the design of this col umn first. Similarly. we consider the design of the 
product column before we consider that of the stabilizer. We design both oC the 
recycle and product columns to operate at slightly above ambient pressure because 
it is easy to condense both toluene and benzene with cooling water at this pressure 

TOLUENE COLUMN. From a plo l of the vapor pressures of toluene and diphenyl, 
we find that the slopes of the vapor-pressure curves for these two componenlS are 
some ..... hat dllTerent. This result, according to the Clausius-Clapeyron equation. 
implies that the heats of vaporization of the Iwo compounds are different, whIch to 

turn implies that the common assumption of equal molal o\erflow in the coluOin 
will not be correct We could correct for this difference tn latent heats b) 
introducing a fictitious molecular ..... eight for one of the components and then UStng 
the McCabe·Thiele procedure to design the column. However, fo r our prelimmary 
calculations we Ignore thiS potential difficulty. 

From the vapor-pressure data, we find that 

760 
.. - -., 102.1 

.p 7.4 (8·65) 

This is a large vanation in Cl, as well as a very large temperature gradient across the 
colUmn, thaI is, 110.6°C _ 231°F at the top versus 254.9°C = 492°F al the bottom. 
Thus, we Cl:pect that some of the simplified design procedures. such as Fenske's 
equation, Gilliland's correlation, or Smoker's equation, which ..... e often use to 
estimate column designs. may give misleading predictions. Nevertheless. we might 
be able to get some idea of the column design with these shortcut design procedures 
if we choose a conservative estimate o f aI., . For this rea SOD we Jet aI = 25 

Given no losses of aromatics anywhere in the process (which. of course, is not 
really consistent with our other calculations. but the efTor is small). the reed rate to 
the toluene column is 87.4 mol{hr of toluene and 4 mol{hr o f diphenyl, so that 

x, = 87 _4/{R7A + 4) _ 0_956 (B-66) 

Thus, the feed composllion of toluene IS qUIte high 
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ICwe recover 99_5% of the toluene overhead and 99.5~~ of the dlphenyl In the 
bottoms. then we find that 

dr = 0_995(87.4):= 87.1 do = 0.005(4) = 0.02 1 (8·67) 

,nd ,~_87.1 =09996 
o 87.1 + 0_021 . 

(D-68) 

Also. "'r .." 0.005(87.4) = OA38 " '0 '" 0.995(4) = 0_-'98 (n·69) 

'nd 
0438 

'<. = -- = 0.095 (8-70) 
0.438 + 198 

Assuming a saturated-liquid feed. Under ..... ood's equation for minimum reflux 

R __ ,_ ['. - '(' - '0)] 
.. aI I Xr I Xr 

(B-71) 

R _ ' [0.9997 _ 25(1_ - 0.9997)J 
.. 2S - I 0.956 I - 0_956 

( 8 -72) 

,.,. h (1.0456 - 0227) = 0.0347 (8 -7]) 

.....hich is very low: the feed composition is very high. and II is very large. With a very 
lov. \'alue of reflux such as IhlS, we should also consider the usc of only a strippmg 
column as an alternative. Hov.e\er, we contmue wilh Ihe design. and ..... e let 

R ::::: 15R .. = 1. 5(0.0]47) = 0.Q5 ( D-74) 

According to Fenske's equation, the nlJOlmum number ofthcoretlcal trays at 
tolal reflux needed for the separation is about 

, In [xoI( 1 - xo)][(1 - x.)/x,.] In[(O.9996jO.OOO4XO.905jO.095)) 
,- -=. =3 13 

.. Inal 1025 ' 
(B-75) 

We can obtalll an estimate of the number of theoretical trays required at the 
operaling renu.x ratio by using Gilliland's approximation 

NT = 2N ..... 6.2 (8-76) 

The o\'erall plate efficiency is given by O'Connell"s correlation, Eq A2-72. For a 
quick esti mate we assume that JJr = 0.3, and ..... e write that 

0.5 
Eo!:l:: ~ 0 u ... 0.302 (8-77) 

(0.3a1) 

Then the actual number of required tray .. IS 

62 
,.., ... .., 21.6 = 22 

0.30 
(n 7R) 



For a 2-fl tray spaclIIg and an additIOnal 15 ft at the ends, the tower height 15 

1/ ... 2(22) of 15 = 59::::: 60ft ( 8 -79) 

The lower cross-sectional area can be estimated by using Eq A 3-12 

(8 -BO) 

and we want to base Ihe design o n the bonom of the tower, i,e,t ht: dlphenyl, where 
At = 154 and r. = 492wF The vapor rale is wrinen as 

1'- L + D ... (R + I )D = 1.05(87.1 + 0.021) = 91.73 

and Ihe area becomes 

A - 2124 x lO - ol J I54(492 + 460)(91.7) = 7.5 ft J 

The column diameter is 

f4A D = ";7 = 27::::: 3 fI 

Now we can use Guthne's correla tIOn to find tbe cost 

Ann. Cost = (101.9X31066X600.BOl _ = S26 300/ yr (792) {30IB) 
280 3' 

(B-B I) 

(B-82) 

(B-83) 

(B-B4) 

TOLUENE COLUMN CONDENSER AND COOLING WATER. A condenser heat 
balance gives 

Qc - 1l1I1, 1'= Uc Ac l1T .. = w,C,.{120 - 90) (8-85) 

and if AH. z: 14,400 Dtu/ mol, Uc = 100 81U/(hr · ft z .oF), and r. "" 231 °F,then 

l1T. _ 120 - 90 ..,1250F 
.. In «231 - 90)/(231 - 120» 

(B-86) 

Thus, 14,4001'.91.7) 1 

Ac - 100(125) = 105 fI (8-87) 

and the annual cost IS 

(792) (30") Ann. Cost = 280 (101.9)(I05° ") - 3- = S6500/yr (B-BB) 

Also, the cooling-wa ler costs are 

Ann c ($0006)( IB'I)[14,4OO(91.7)lbJ( h') 
051_ 10000gai 8.34Jb 30 be 81SO yr - S2600/ yr 

(B-B9) 

TOLUENE COLUMN REDOILER ANfl STEAM. A heat balance for Ihe reboller 
gives 

(8-90) 

I. , ·tl 'b II<.,IUlD SErAl'.ATK)1'< SUl fM S3S 

The area then bc..:o melo 

A. _ 19,600(917) _ f2 
11 ,250 - ]60 I (8-911 

and the cost is 

(B-9?) 

The boiling paml of dlphen} 115 492' F, and 50 we must usc 10000psi stea m (or 

some high-pressure level} 11\ the reboller. Of course, we could usc 420-plol ste:l m If 
we Clperaled the to wer under a \acuum, 50 Ihat the bollmg POint of dlphcnyl ..... as 
reduced 10 about 420~ F (w hlCh wo uld allow a 6 Tof 30"F} Il owever. since Ihe costs 
associated with this column 3re reasonably small up to this point, we use lOOO-plol 
steam Then the steam COSIS are 

C (S2.25)[19,6OO(9J.7)lbJ( h') 960001 Ann_ ost = IOOOlb 667,5 hr 81SO yr =S4. yr 

(B-93) 

ThiS cost is fairly high, so that we might want to cxamllle some ahernallves later 

BEl'"ZE;\"E COLUMN. Again assummg perfect separations and no losses, we Sec: 
that Ihe flow rale 10 the benzene column contams 235.4 mol 'he of benzene. 
874 mol 'hr of toluene, and 4 mol 'hr of dlphenyl. Since the diphenyl flow rale is so 
small "'c assume thaI we could obtain a reasonable estlma le oflhe column design If 
",e lump II together "lIh the to luene Then 

235.4 
).F - 2354 + 914 = 0720 (B·94) 

In addnion. our product Spcc1fiC81l0n for benzene requires that Ihe punly be 
9997~;" and we want 10 reco .. er 99_S~o of the benzene overhead. Wilh IheS( 
restncllons 

'0 

d. = 0.995(235.4) "" 234.2 

w. = 235.4 - 234.2 _ J.2 

d., _ 234.2 (I - 0.9997) = 0.Q7 (0 -95) 
0.9997 

wr = (87.4 + 4 - 0.07) = 92.33 

)t.,. _ 0.013 (B-96) 

From the vapor-pressure data we find that a •• ~ 2.5, and then Eq. 8-71 gives 

I I 
R",::::: = '"" 0.926 

(a - I)x, (2.5 - 1)0.72 
( 13-97) 

Hence R ::::. L2R", _ L2(0.926) _ I II ( 8 -98) 
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Also. from Eq. D-75. 

In [(O.9997ft100l3)(0.981/O.013)] 
N..... In 2.5 = 13.6 (8-99) 

Then, by Gilli land's approximation 

NT ~ 2N . ... 2(116) - 272 (8 -100) 

For a values in the range of 2 to 3. Eo IS insensitive to a (sec Eq A.2-72), and 
therefore we can guess that Eo .. 0.5. Hence, the total number of trays required is 

27.2 
N ~- = 54.4 :::: 55 

0.5 

and the column height (allowing 15 n at the ends) is 

11 - 2(55)+ 15 - 125n 

(B-IOI) 

(B-102) 

The cross-sectional area of the column is glyen by Eq. 8 -80, where we 
evaluate the area at the bottom of the colum and V is given by Eq. B-81. Hence_ 

.A. = (2.124 )( 10- "')J92(231 + 460) «1 . 11 + 1)(234.2 + 0.07) 

"" 19.73 

and the diameler is 

(4A crI9.
73

) D - ..J 11 ""..; 4 \. --;:--, - - 5.01 ft 

Then, fro m Guthrie. the cost is 

Ann. Cost - G~) (101 .9)(1 251066)(5.01°.101) c.; 8) 

_ S81 ,3OO/yr 

(B-103) 

(B-I04) 

(8-10') 

BENZENE COLUMN CONDENSER AND COOLING WATER. A heat balance 
o n the condenser gives 

Qc = 6.111' V "" Uc .A.c 11 T. "" wcC,(120 - 90) 

With 6HI' - 13,300, Uc = 100, and 

120 - 90 
6T. - ;:In'''[('"17''7c-'i90;;;'')I(''1~77'-''12;n0'')1 ~ 10.9 

we find that 

13,300(1.1 1 + 1)(234.2 + 0.07) J 

Ac - 100(70.9) - 928 ft 

(B-I06) 

(B-107) 

(D- IOS) 

Lf;Vf:L .. · LIQUID n' ....... ~ $YS'Tn' SJ7 

Rnd the cost is 

Ann. Cost = G:~) (101 .3)(92806~{3.:9) 

"" S26,700/ yr 

Also. the cooling-water cost is 

~ ( S006 ) (~)[ll.JOO(494.7) Ib] (8150 h') 
Ann. Cost 1000 gal. 8.341b 30 hr yr 

- S 12,900/yr 

(8 -109) 

(B- 1I0) 

BEI'IIZENE COLUMN RE80lLER ANI) STEAM COSTS. A reboiler heat balance 
gives 

Q. - Mlp P - U • .A..l!IT. _ n~M/$ 

so that with l!IHr - 14.400, Ji' = V, and U.l!IT. = 11 .250. then 

= 14,400(494.7) "" 708 n1 
A. 11 ,250 

and the cost is 

Ann Cost = G~) ( 10 1.3)(708° 6~)C·:9) 

= S20.800/yr 

Morco'·er, the steam cost is given by 

_ ( $1.65 ) [14,400(494.7) Ib] (8150 hr) 
Ann. Cost lOOl Ib 933.7 hr yr 

= SlOl,600/yr 

( B- III ) 

(B-1 12) 

(8 -113) 

(B-1I4) 

STABILIZER. The design of the stabilizer is not as simple as that for the other 
columns. First, it is very difficult 10 find reliable thennodynamic data ·for mi.xtures 
of hydrogen and methane with aromatics. The variety of point! that could be used 
o n the Hadden and Grayson charts (see Sec. C I) illustrates this d ifficulty_ 

In addition, the mixture o f hydrogen and methane that we desire to remove 
from tbe top of the column is essentially noncondensible. so to obtain a sufficient 
amount of liquid for reftuJl, we must allow some benzene to go o verhead. Howeyer, 
as .... oe saw in the purge-loss calculation (Eq. 8 ·59). even small flows o f benzene are 
quite yaluable. Therefore, we want to pressurize the stabilizer oolumn. both to 
minimize the benzene loss rrom the partial condenser and to be able to usc normal 
cooling water in this condenser. Of course, as we increase: the operating pressure. 
we increase the capital costs of the column. or the condenser, and of the reboiler 
because the wall thickness must be increased. lienee, we anticipate that there will 
be an o ptimum opcnting pressure for the column. 
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To fix the operd lmg pressure of the slablllzer, we "ught start byexammlng 
the behavior of the flash drum when K, < 0.1 for benzene For example, by 
considering the value lisled in Table B·3 for benzene. we might initially guess Iha l 
we want K. _ 0. 0.2 Then, from the "iadden and Grayson correla tion (Sec. C.I), the 
pressure of the nash drum has to be 280. psia 10 condense the: overhead al 100"" , 
and il is not even possibk to condense Ihe overhead at 1]0' F Similarly, if we Jet 
K. = 0.05, we find that the pressure I) 80. pSia al 100°F ilnd 165 psia al IJD"F, so 
the pressure calcula tion is \'ery sensitive. 

Now, to determine the importance of choosing values of K, that are \·ery 
small, ie., in the range from 0..0.2 to o..o.S, we must eslima te the value of the benzene 
that is lost with the vapor leaving the flash drum. We expect that the values of Klh 
and KCH• will be very large compared to unity, and so we expect that the liquid In 

the flash drum will be essentially pure benzene. Then the equilibrium relationShip 
when x.:::::: 1.0. gi ... es 

.Y, = K,x,::::: K/I (B-1 IS) 

From Table B-3, we expect the hydrogen and methane flows leaving in the 
stabilizer overhead t~ be about 2 and II mol/llr, respecIIH:I), so 

'. y, - K, 0; (8-116) 
2+II+n/l 

0' 
13K, n,= ---

I - K. 
(B-1 17) 

If K, = 0..0.5, then the benzene loss calculated from thiS expression IS about 0. 7 
moljhr, and from Eq 8 ·59 the value of the benzene loss IS 

Ann. Loss = 9,04(0..7)8150 = S51,600 lyr (8-IIS) 

which is fairly large. Of course, this loss is compensated, at least in pan, by the fuel 
value of the benzene in the overhead stream. 

After examining the sensitivity of the benzene loss from the tiash drum o(the 
stabilizer. we decided to choose K, = 0.,04 with a condensing temperature of 
II S"F, so that for OUf first design the operating pressure orthe stabilizer is 150 psia 
At these conditions 

Kell• = 36 

and the benzene loss is 

I3(O.GO) 
n, = 1.0. 0.04'" 0.54 

and Ann. Loss = 9.04(0.14)8150 = S39,SOO/yr 

The distillate flows are then 

dH • = 2 

so that 

d, = 054 

XV.II, = 0.148 X O•CH • = 0..812 Xu., - 0.,040 

(B·1I9) 

(B· I 20) 

(B·121) 

(B.122) 

(B·I23) 
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We \,OIn ~m\plify the dOlgn cakul,UJolls If 'Ae lump all tho: arom3W.:S and 
conSider them to be benzene, so thai the benlene feed rate to the column bc:comes 
(sec Tabk 11· ') 235 4 + 1174 + 4 = 326.8 mol/hr. llence, the fccd rale I) 

F == 2 + II + 326.8 - 379 II mol/lir 

and the feed composlllon IS 

AI" = 0.0055 A, = 0..961 

(H· 124) 

(H-125) 

With thIS assumplion. the effluent from the bottom of the to"O:( 'Aill be 
essenually pure benzene boiling at 150. psia Then from the Hadden and Grayson 
correlat ions for K, = 1.0. and P _ ISO psia, we find thai the temperat ure IS 36o.~F 
However, we expect that Ihe presence of the toluene and dlphenyJ 'A III mcrease IhlS 
boiling pomt, thus we guess that the bolloms temperature is about 4OO' F. Also, at 
150 psia and 4OQ°F, we find that 

KH, = 70. KCH , _ ]6 (8·126) 

No'A, from Eqs. 8-119 and 8-125 we can estimate the II ... alues : 

Top ; 
ISS 

a H , - 0,04 - 4600 
36 a," ___ 900 

• 0.,04 
(8-127) 

Bottom: 
10 

all, = "I = 70 
36 

tlcu. = I :: 36 

Clear!) to introduce an assumption of conSlanl rebtl\'e volatility would be 
rather "5hal..y~ but all the shortcut design procedures rely on this ahumpllon 
Hence, for our fir~1 design we as~ume Ihal :Xj IS conSlant, but we use the smallest 
poSSible valUe, Eq. 8- 127 at the bollom, m our calculations. 

Underwood'~ expression for the minimum reflux rales for binar)' separallons 
should give us a conscrvath'e estimate for muillcomponent separation~. SO 

R ~ _ 1_ [Xu.c, ~ tlc , XD.,] 
- (I( ~ I Xr.c, , - )Cr., 

(8 -12S) 

I [O.SI2 dOGO)] 
-]6 ~ 1 0..0.324 ~ 3~\0.961 - 0.689 (8·129) 

Then, for an operating reflux, we choose 

R ::::: 1.5(0. 689) ::::: 1.0.33 (B. I30) 

We estimate the mimmum number of trays by uSing Fenske's equation, wliich we 
wrile as 

N .. In «xc,/x,)u (x,/x1) .. ] 

.. Inllc,_, 
( 8 .13 1) 

If (x, lxc,) .. - 10 -1>, then 

In [(0.812/0,04)0,719/(6.62 x 10. ')] 
N.~ 1,36 · - 3.' ( B·132) 
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Then, from Gilliland's apprmnmatlOn 

NT = 2N .. - 6,8 (B-133) 

US1I1g Eq 8-19 to estimate the o\'erall plate efficIency (note that we are not eerlain 
that Jl f ". 0.3 centipoise at high pressures) g1\'ts 

0.5 
Eo = [03(36)]0 .i~ '" 0.216 (8 -134) 

so that the total number of required trays is about 

6.86 
N "'" 0.216 '" 24.6 (8-135) 

and the column heigh I is 

II = 2(25) + 15 - 65 ft (8-136) 

The vapor rate is 

V = (R + I)D ::::( 1.033 + 1)(2 + II + 0.54)::::27.5 (8-137) 

and the tower diameter is (for an ideal gas) 

[ j ")J'" A = 0.000214 78(400 + 460'\150 (27.5) = 0.478 (8-138) 

and the column diameter is 

J4A 
D= -;- = 0.8ft~ 1ft (8- 139) 

Unfortunately, this diameter is less than Ihe allowable minimum value of 
1.5 fl, so we should consider the possibility of using a packed tower. lI owever. 
clearly we have based our design on a number of questionable assumptions. so al 
some poinl we mllst undertake a more careful analysis. Nevertheless, ollr primary 
focus at this time should be the processing costs of the lotal plant. ralher Ihan an 
accurate design oC the stabilizer. and since we do not expect that the slabilizer 'Aill 
be very expensive. we eSlimate Ihe cost 

Ann. Cost = G:~) ( 101.3)(65 1 066)(1°801) C·18 
; 1_15) = S5400/ yr (8 -140) 

STABILIZER CONDENSER ANI) COOU NG WATER. A heal balance for the 
condenser gives 

(8 - 141 ) 

Since we are tondensing the overhead at 11 5~F, we cannOI allow the lemperature of 
the cooling water to increase form 90 10 120 1- I hu~ , for our first deSign we as~ume 
thaI t.~, ,. 100°F. Then 

AT = 
.. In nilS 

100 - 90 

90),( "5 - 100)] 
19.6 ~ 2O"'F (1)- 142) 

We let Uc = 100 BIU/(hr ft l F), and we assume that AI/H. - 389 and dUctl . -
3520 Btll mol lienee 

(8 - 143) 

and the cost is 

(792) (329) Ann COSI = 280 (10I,3)(41806~) -3- = S3600/ yr ( 11 -144) 

Also. the cost of coohng waler IS 

Ann. Cost = ' ~~ - 8150 - _ S500/ yr( R_145) 
(

SO 06 ) ( 1 •• 1 ) [ 83,600 IbJ ( ''') 
1000 gal 8J41b 1(100 9O)hr yr 

STA BILI ZER REBOILER AND SrEAM. The reboiler heat balance is 

QII '" l1HvV "" UtfA lI l1T,. = 1J~6H' 

We assume that P = Vand 6Hp = l!H., so that 

A = 13,300(27,5) _ ]2.5 ft 2 
II 11,250 

and the cost is 

(8- 146) 

(0- 147) 

Ann Cost = ~ (101 ])(]2 SO u) - -= SJOOO/ Vf (8 -1 4R) (79') (' 29) 
280 l-

The Ixulmg pomt of the bolloms is about 400 F. ~o 'Ae U'iC 420-psla steam III 1he 
reboiler. Then, using the lalues in Sec. E.J. we find that the cost IS 

Ann. Cost .. ~- - 8150 - - S7700/ yr (8-149) 
( 

S2 ) [13,300(275) IbJ ( h') 
1000 Ib 775.6 hr yr 

LEVEL-4 ECONOMIC POTENTIAL. To calcula te the economic potential alle .. ei 
4, we sublract the annuahzed capital COSIS of the columns. condensers, and 
feboilers. as well as the steam and coohng-water costs. from the values of the level -3 
economic potential. In additIon, we must sublract the purge losses o f benzene and 
toluene (as well as any recycle losses, but we may take fuel credll for the benzene 
and loluene in the purge and the stabihzer overhead). The resulls are shown in Fig. 
13-13. and we see that the range of the design variahlescorresponding to profitable 
operation has been dramaltcally reduced 

Of course. with a dtfferr:nt process alternative. the profitabIlity mlghl be 
Increased. However, we want to complete thr: design befOfe: we examine any 
alternat ll es. 

UV .. I ...... ALTnCNA11\ f'S. -) here afe numerous illternatlles Ihat we could con
~Ide r al le \·el 4 A vapor rcco\"erysy~lem nl1ghl prove to be profitable on either the 



fl ... sh vapor (if we U1(;ur ra:ycle losses) or the purge strc:am AbsorptIOn, condensa
lion, adsorption, o r a membrane recovery system could be used as this vapor 
recovery process 

There are also numerous alternatives for the distillation system Since the 
renux ratios arc: so small for both the stabililer and the recycle column, we might be 
able to use just stripping columns, I e .• no rectifYing sectiuns. Silnilarly, since both 
the C I1 4 -benL.ene and the toluene-dlphenyl spillS are very easy, we should consider 
the posslbhty of usmg pasteurization sections to decrease the number of columns. 
However, we dder an attempt to evaluate the costs of these alternatives unlll we 
have evaluated the heat-exchanger networl for our base-case dcslgn.. 

LEVEL 5: HEAT-EXCHANGER NETWORK 

The procedure for designing a heal~xchanger network was presented in Chap. 8. 
To develop the dala we need for this procedure, we mUSI calculate the temperature
eothalpy curves for each process stream. We would recommend that normally this 
IIlformalion be developed with the use of a CA D package such as FlOWTRAN, 
particularly for processes where mixtures exhibit a phase change (i.e., a sct of flash 
calculations is nceded along the length of an exchanger to calculate the T-II 
profile). Similarly, [or cases where a phase change takes place at high pressures, II is 
usually Simpler to use a CA D package to calculate the phYSical proJXrties reqUired 
than it is to use handbooks and empirical corrclallons The use of FlOWTRA N 
for these: calculations IS discussed in Chap 12 . CI HYDROCA RDO N VAPO R-LIQ UID 

EQUILIBRIA' 

APPENDIX 

C 
DESIGN 

DATA 

Use Figs Cl-J and C.1-2 for compouods wilh lower bolhng pomts than heptane, 
and use Table c. J- J with the graphs ror compounds or cuts Wi th higher boiling 
poims than heptane . 

• Ta~eD from S T Hadden and II G G11I)'50n. wNcw Chani fOI lI),droca,bon VlPO' _Loq.oo 
Eql.lllibna. ~ lIyJ'~tub P'DC" (J...J "mol R~fiMr . 40 91, 201 (s"pumbcr t961) 
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C.2 1 [MPERATU RE RA NGE.S FOR SOMt:.. 
MATERIALS 

See Tolble C.2-1 

TABLE <.'.21 
Tl'lIlperillure ungl:!> for ~o lll e materials 

M IIJ.,-~,bon ~Ie.,[ 

lo"'-AI<J.cI ilounlU!i steel 

1811 S!.am\c$j; >led 

Al ulDHlum 

[ntoloy (H/2S) 

-20 10 bSO 
- ISO 10 100 

-32S 10 1400 

- 325 to 700 

-l2S to 2100 



APPENDIX 

D 
FORTRAN 
INPUT 
FORMS 

Thc tables in this appendix are taken from J. D . Seader, W. D. Seider. and 
A. C. Pa uls, ~ Flowtra n Simu lation ~An introd uCl lon:' 2d cd ., C AC h E Corp .. 
Cambridge. Mass., 1977. Copies are ava Ilable from Ulrich·s Book Store 549 E 
University Ave,. Ann Arbor, M ich., 48 104. ' . 

D. I CHEMICALS IN THE P UBLIC DATA 
FILE 

Physicial properlies a re a vaila ble fo r lhe components in Table D.1 - 1. 

TARu.: D.I-1 
Chcmiuls in lhe Public Oilia Fil ... 

Empirical rormoda 

A> 
B, , 

=. 
co 
COCl, 
co, 
05, 
e,OC1, 
0 " 

548 

Argon 
Rrommc 
Carbon lel.ach!ond<:: 
<: ".oon monoxKic 
Ph05gMK 
C".bon dio .. dc 
Ca,bon d"ultide 
T l1chlOloattl },t-(L 

Ilydrog<'n chlonde 

Empiriaol rormola 

0, 
HI 

", 
11,0 
H,S 
II,N 
N, 
NO 
NO, 

C ..... poM1Il Urnii' 

C il lonnc 
Hyd togen iodide 
Il yd.o!en 
Watet 

lI ydroge .. 5ulfid<:: 
Am ... "n,a 
Ncon 
Nunc o'jde 
N".o~~n dloxld~ 

TABLE 1).1 -1 tCo~I","d) 

N, 
N,O 
0, 

Cl iO, 
CH N 
CH,O 
Cil,O 
ClI,I 
CH, 
CH,O 
C H.N 
(,Ha, 
C,HO,O 
C,H, 
C,H,CI,O 
C,H,a 
C, H,ao 
C, II,Q, 

C, 'l , '" 
C:H. 
C: II.O, 
(,H,a, 
C, ll , O 
(, H,O 
(, H.O, 
C, H.O, 
C, H.G 
(, II. 
C, H.O 
(,11.0 
C,H.O, 
C,H.S 
C, H.S 
C,H _N 
C,H,!" 
C,H, 
(, H, 
C,H6 

C, 1I.0 
C,H.O, 
C,II.0, 
(",11.0, 
C,II .NO 
C, ll, 
C, II ,O 
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Compo_Ol lUI ..... 

r-IIf,,~en o,s 
NiHo'" o"de {),S 
(h'~en 

D'p'n,c chcmicals 

Chloroform C, ' I.O 
1I )'d",~n c)an,,1c C, lI.N 
Formaldeb)de C,l l, 
Melhyl chlonde C, I [,S 
MelhyllOdlde C,II ,N 
Methane C, II ~ 

Mnhanol C,II . 
Melh)'1 am",e C, II . 
1 nchlol","lhyJenc C, H. 
D,ehlmoaol'lyl-CL C, II . 
A~I)'k:"," C, II . 
Chlo",,,ccl~I ·CL C, II. 
\ In' I chlonde C,II. 
A~"'I chlonde C. II . 
112TfI-CL-o:thsne C,II. 
ACl'lOmmle C, II .O 
flh! lene C, 1I.0 
I I·DichlmOt"lhulle C,II .0, 
I ,:· DlChlo.<>clhaoe C, H,O, 
ACCl31dehyde C,1I .0, 
Elh,lene o"de C, II.0, 
Aome aCId C,I I.NO 
Melll}llonnale C,H .. 
Elh)1 chlonde C,II ,o 
El hane C, II ,.O 
Dimelllyl e\he. e,II ,.O 
Elhnol C,II ,.O 
El h~lcoe !Iycol e, H,.O 
Dimetbyl sulfide e ,'" ,.0, 
Elh) I mercaplall C, il ,O, 
Eth) lamme C, II . 
ACf)lonll n le C.II ,• 
Methylaccl)'Jene C, H,. 
Propad ... ne Cl U,. 
P.opy1cne C, lI n 
Aoclone C, II ,. 
Elh)<IIOlmale 1.:,11 ,. 
Meillyl a~tat~ C, II ,o 
I>.op,ono<: "cld C,II ,oO 
D'mcl hylf(>rmam,de £',11 ,&0, 
P.opane l" ,II " 
l so-p.o~nol C, Il " 

Sulflll dlo,,,le 
Sulrlll ,,,ollde 

/II.Propanol 
T.u"c!II}lam,ne 
Vlny laocly1cne 
Thiophene 
MelhaClylon1l.ik: 
Butadoenes 
Ormelhylaalylcnc 
Elhylacelyknc 
1,2·Rulad ... "., 
1.3 fl lllad",,,,, 
SUlytene5 
1-llulcn(: 
(",,·2·hulenc 
I wbulen~ 

T." ... l·bulene 
IWbU!}taldch)'dc 
MF K 
N· Bu'Y.K and 
Elhyt a"' lalc 
Melhyl plop,on~lc 
!',op},1 Fonna,. 
D,m<:lh)'1 "celJmide 
lsobu13nc 
N-8 ula"" 
IwbUlanol 
,.".Butanol 
T- Rtlly] alcohol 
O ... th}'t c!her 
O",lhylc"., ,glycol 
Furfu.al 
"'cp,~ne .nd ("5 
I-Me- I-bulene 
2· Me.l-bute .. e 
l· Me· l ·butene 
Cycl0p"nl~ne 

I· Penlenc 
CiJ-2-p ... leOt" 
T", ... _l_pcnlcnc 
OIc!hyl kel""" 
N· P.opyl.~lale 

IWp"n l ane 

N·P"nlane 

Conrill"d 
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TAbLE: D.t-t (COII,,,,,,cd) 

_<m_-~"_ria __ '_'_onn __ '_'_. ______ ~C~.m~,... __ ~, ~u_ .. ~ ____ =Em=:Piria ___ '_r_onn __ "_'_. ________ C_om __ '"" ___ "_' _u_ .. __ __ 

C, U" 
C.H,Ct, 
C.II.0, 
C"H.C1, 
C"H.C1, 
C.H, Br 
C.H,Cl 
C.U,t 
C.H. 
C.JI .O 
C.H ,N 

C"H" 
C.H" 
C.H,. 
C.H,. 
C.H,. 
C.II ,. 
C.1l ,. 
C"H .. 
C"U,.O. 
e,li. 
C , H.O 
C, H ,. 
C, II,. 
C_H,. 
C,H,. 
C.H. 
C.H' D 
C.H ,o 
C. H ' D 
C.H ,c 
CIH'D 
CIII" 
C.H .. 
C.H ,. 
CIH .. 
CIHLlO, 
C.H. 
c"H,o 

D_2 IFLSH 

Description 

Nto-pcnlanc 
1.2.4 Tn-CL-8Z 
M-DlChlorobcnze~ 

O-Dochlolobcnunc 
P-DochlOlobcnzenc 
Bromobc:nlcDC 
Chlorobc:nzenc 
lodobenzem. 
Bcrtltoe 
Phonol 
Anihoc 
Cydohonnc 
Mc.hylcycloprnlanc 
I-Hcunc 
2,2· Dimtlh)lbu.anc 

- 2,l·D,mclhylbutanc 
N-Hcnne 
2-Mcthytpcntanc 
l·Mcthylpcn,anc 
Tncthyk:nc glycol 
Toluene 
O-Cresol 
Mtlhylcyclohuane 
Ethylcycloprn.anc 
I-Heptcnt 
N_Heptane 
Stytcnc: 
ElhyJbc:nzcnc 
Xylenes and ETB 
M-Xylene 
O·Xylem. 
P-Xylc:ne 
N-Propylbc:IUtDC 
Elhylcycloheunc: 
N -Propylcyclopenta 
N-Octaoc 
Tetracth"'nt gJycol 
Indenc 
Indan 

C.",o 
C.tl " 
C,Il'1 
C.II .. 
C,B 'D 
C,oH. 
C,oll,e 
C,oH,a 
C,oH" 
C,eH ,. 
C,ell ,. 

C,eH," 
C,gH" 
C"H,e 
C"H,o 
C"li a 
C"U, 
CUH 'D 
CIlH" 
CnH .. 
CIIH,. 
CuB,c 
C"H,. 

Cull,. 

CuH,. 

CuB .. 
C,.II'D 
C,. H'G 
C" Hu 
C"H,. 
C"B" 
C .. H,o 
C,.H,o 
C,.II" 
C,.H .. 
CIII~1l 

Me.hyilayrcnc 
C,l·Alkylbc:nzcl)(; 
l -El -2-M e-bc:nzene 
N-Propylcyclo"""an 
N· Nonane 
Naphlhalene 
I_Mclhylindenc 
2-Mclhylindcnc 
Docydopen ladlenc 
N-8ulylbc:nzenc 
1)-D1ME·l·ETHBZ 
N-Butykydohexanc 
N·Dcci>.nc 
1-M~lhylnaphlhalcn 
2-Melh) InaphlhaJen 
N-Undccant 
AcenJph!h)lcne 
Biphon)l 
2. 7-o.methylnaphth 
1,2.1-TRI M E-Indenc 
N·Dodccanc 
Fluorel\C 
C.3-Alk) Inaph.ha· 

""' l -Me~-ETtl -Naph -,h. 
2.3.5-TR IM E-N .. ph
<h' 
N-Tndeane 
Phenanth rene 
N_Tetradecanc 
I-PhcnylindcDt 
2-E.hylJluoreDC 
N-Pcnladeca.nc 
Fluol1Lnthenc 
Py~~ 

J-Phonylnaphlhalc:n 
N_Huadecanc 
Oorpcnc 

IFLSH (Isothennal flash) determines the quanlity and composit ion of liqUId and 
vapor streams result ing when a feed stream is flashed at a specified temperature 
and pressure. If the flash condillons arc such that only a single phase product 
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occurs, then the appropriate product composition is set equal 10 the feed and the 
other stream is set to zero. The block also calculates the rate of heat addition 
(positive) or removal (negatiy!'!) from the flash vessel in order to maintain the 
specified temperature and pressure. 

OUCput 

The output gJ\'es the unJl name, the feed and product stream names, the flash 
temperature and pressure, the heat added to Ihe vessel, and the fraction of feed 
..... hich kayes as \'apor. An opllon is provided for printing stream flo ..... s and physical 
propertIes including eqUIlibrium K-values_ 

Physical Properties 

Vapor-liquid equilibria and enthalpies are required. 

Block Lisc 

List type 
VOlt name 
VOlt type 
Name of feed stream 
Name of liquid product SHearn 
Name of vapor product stream 

Parameter List 

List typo: 
Unit name 
Index of firsl entry 

I. Flash temperature, OF 
2_ Flash pressure, psia 
3. Print st ream flows, physical properties, 

and K-yalues : 0 = no, I = yes. 

D.3 AFLSI-I 

Description 

BLOCK 

IFLSH 

PARAM 

AFLSH (Adiabatic flash) determines the quantity and composition of liquid and 
vapor streams resulting when up to seven feed streams are mixed and flashed 
adtabatlcally_ The number ofproduci streams may be I or 2. The block can be used 
to simulate a pressure drop across a valve or through a pipeline. H two product 
streams are specIfied and the flash conditions result in a single phase, the 
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appropriate product is.set equal to the sum of the feed streams and the other stream 
is set to zero. You can also specify heat addition to or removal from the flash unit. 

OUlput 

The output gives the unit name, the feed and product stream names, the flash 
tempc:ralUre and pressure. the heat added to or removed from the system, and the 
fraction of feed whIch leaves as vapor. An option is provided for printing stream 
flows and physical properties including equilibrium K·values. 

Properties Used 

Vapor·liquid equilibria and enthalpies arc required. 

Block Lisl 

List type 
Unit name 
Unit type 
Name of 1st feed stream 
Name of 2d feed 5tream or 0 
Name of 3d feed stream or 0 
Name of 4th feed stream or 0 
Name of 5th feed stream or 0 
~ame of 6th feed stream or 0 
~ame of 7th feed stream or 0 
~ame of liquid product stream· 
'lame of vapor product stream or O· 

Parameler List 

Lisl type 
Unit name 
Index of first entry 

I. flash pressurc. PSl3, if positive. 
Flash pressure minus the minimum feed 
pressure psia, if 0 Of negative. 

!. Heal added, Btu/hr (if negalive, heat removed). 
J. Print stream flows, physical properties. 

K·values : 0 - no, 1 _ yes. 

Jr ooly one prodUCI strum II lpeclrled. itt phase oondlhon .;11 be determined 

BLOCK 

AFLSH 

PARAM 

SEcnON O' SE'" 55J 

D.4 SEPR 

Description 

SEPR (Constant split·fraction separation) can be used to simulate distillation or 
other separation processes when details of the process arc unknown or irrelevant. 
The basis of the model is that fOf each component the rallo or the moles in the 
overhead to the moles in the feed is constant These spltt fractions. one for each 
component, arc input values The bottoms product may be assumcd to be a 
saturaled liquid. and the o\crhead product may be eithcr saturated liquid or 
saturated vapor. Product tempcralUres are then deleonined from the:: saturalion 
requirement. The product temperatures may be alternatively set equal to the feed 
temperature. 

Output 

The output gives Ihe unil name. the type of condenser (Iotal or partial) if one is 
simulated, thc stream names. the tolal fraction of feed taken as overhead, and the 
split fraction for each component. 

Propefties Used 

Vapor-liquid equilibria and enthalpies are required 

Block List 

List type 
Unit name 
Unit Iype 
Name of reed strcam 
Name of bottoms product stream 
Name of overhead product slream 

Parameter List 

List type 
Unit name 
IndCJI of first entry 
Split fractions, moles i in overhead/moles j in feed · 

BLOCK 

SEPR 

PARAM 



l. Componelll I 

2. Component 2 
3. Component 3 

4. Component 4 

5. Component 5 

D.S ADD 

Description 

ADD (stream addition) adds up to seven process Slreams and determines the 
product stream temperature and phase condllion which satisfies the condition of 
zero enthalpy change. The pressure of the outlet stream is taken as the minimum of 
the nonzero pressures of the Inlet strea ms less a specified pressure drop. This block 
is similar to the adiabattc flash block AFLSH. 

Output 

The output gives the unit name, the feed stream names and product stream name, 
temperature, and pressure. An option is provided for printing stream flows and 
phYSical properties Including equilibrium K-values. 

Properlies Used 

Vapor-liquid equilibria and en thai p,es are used. 

Block List 

List type 
Unit name 
Unit type 
Name of 1st feed stream 
Name of 2d feed siream 
Name of 3d feed stream or 0 
Name of 4th feed stream or 0 
Name of 5th feed stream or 0 
Name of 6th feed st ream or 0 
Name of 7th feed stream or 0 
Name of product stream 

Para meier USI 

List type 
Unit name 
Index of first entry 

BLOC K 

ADD 

PARAM 

1. 6P, pressure drop, psi (subtracted from 
mln llnum inlet pressure) 

2. Pont st ream fl ows, properlles, and K-va lues 
0 ... no, I = yes. 

D.6 SPLIT 

Description 

SPLIT (stream spill) separates an input stream into as many as seven o.utput 
sHeams, each having the same composillon, temperature, and pressure as the I~put . 
You must specify the amount of each product stream a.s a fraction of the ~nput 
stream If the ~um of the fractions docs not equal unllY, the fractions . Will be 
normalized. This makes II possible for a given fraclion 10 serve as a mampulated 

variable in a control loop 

Output 

The oU lput gives the umt name, the IOpul and output stream names, a nd the 

normalized spit I fracllons. 

Properlies U~ 

None are used 

BlocL: List 

lIst type 
Unit name 
Unit type 
Name of mput stream 
Name of 1st output strl;:am 
Name of 2d output stream 
Name of 3d o utput stream or 0 
Name of 4th output stream or 0 
Name of 5th output stream or 0 
Name of 6th Oll tput stream o r 0 
Name of 7th OU lput stream or 0 

Parameter Lisl 

LIst I ~pc 

Unn name 
Indo of first en try 

BLOCK 

SPLIT 

PARAM 



I. Number of output slreanu (2 to 1) 

L Split rr~lf:twn f(lr ht Olltput ~I,um 
3. Spill fraction (OJ 2d output Itce.m 
.. Split (l1Ietio n leu 3d o utput ,tream 
~ Spill r-:aCfI()n tor 4th output stream 
6. Split hactinn rOt 511'1 Qulput ,,-Iff'../Im 
7. SpUI r'aeUon for 6th O~TPI.l I j ,reJIm 
IJ. Sphl lraction for 7th oulp'll $!ram 

0 .7 PUMP 

DtsUiption 

PUMP (cenlrifu(t<1J pomp size and (lOwer) .aOO Ibe pressure of a strum to a 
'jX.drlCd value:.. It should be' used only fot III IUlall)' liqllid Pleam. TypiCIII Qltva 

(,om the lill:flltu,e tile ~ Ie) (!$1~mIH( (1tImp and dri\let etrK:XnOts so Ih31 driw, 
$11(' and electric: po",-e, n:quiremc:nl' I;.iIn be QI}culilIM_ Thcf< "'''''ct Art hII:\Cd nn 
watet : I~~t pum» dficieocy ~n be upocled (Of mor(' "iscollS Ouids. 

OUIP'lI 

The oUlput g1VIS (~ unit 11:lIn( , the inJcl :lnd llullct lllu::tm runne,,", tiM! actu:t! 00"" 
In @:pm. prcMure chtnr.c in ~~. n\ltd bOf'SC'pt)v.'t'r. ptlmp effacleoo . b"Ike horse
power, dri"e:J efncit nc!. and kilowatu. 

Pr.,..., its UJ<d 
liguid Im)1.aJ voJunw is used. 

• 
Rt'rt'Rft(;~ 

M. S. PetcB. N unl DWJign and ~IQfar (;"nnkaJ Engin"" , McOnlw~lI iU. 

New York. 195.&, p. 29J. 

Btock Li.o!Il 

List ITpe 
Unh name! 
Unit type 
r"lan1l.' of (ted .IoI l'e:lm 
Nl&rnt (If p,oouct ~I,etm 

BLOCK 

l'UMr 

I 

I 

I 

I 
I 

Par. met"" List 

1...t~ 1 type !'.ARAt.! 
Unit nl me 
Indtl!. fir fi rs1 en ,,), I 

I. Ouliel rre.'msre. ~'" 

0.8 GCO.\1P 

OeMii~lo. 

GCOM P (ttotrirulal Ct.'mp,es50t, po$lli~NtisI1l3tttOe .. 1t compICS!iQr. "nd lurl,lnc) 
computes the ... ·ork rtquhed lor c:umpleuion Of tM W()f" y~kied b)·(:. ('IlI rtSit;m aud 
the outlc.t $lf\::im tcmpcnlfurt. phase ooodition. elld e"!halpy 

TIle bioct \lim pclrl'rOi rOut different t)'~ 01 C'alculll !l l1n$~ 

I. (,entrifufal comr,cssor usinJ!. Ihe poIYIUlpk' dftl!JUfcy. ~1.lll1dilll(':S cn lkd H~ N _,/ond 
Z. r OJIII\·e.dh"lacemenl CUI1lP'e5..W( usittt t he polYlrt?l)ic CIl"JcicllC)' 

J. TUTbil)C (If etpandn usinil ihe isentropic.! effieklKY. also a llw tbe ihlfalHlllc 
'ffi(l~ty aDd Itlc Alt)tlltr If'Ur/l l)d 

4. Cenln(u,al rofflpt(SWf u~ l nk. the i!etll lOpic c:ffKtr. ncy 

Wilh eacb DlC:lh,ll1. )'OU mo)' :§pc..;Jf)' the apptullllale CfflOCflOr ; nil nu tlet ,IIClI ln 
colldil io ll~ aDd stl.A .... 'brt. will be computM I I(lwc ... c r-. If the olltlel !cmrerat\Jre ft 
koo'A'n, i, mar Ix elliered for 1 he: ~ec('lnd ",, ' :lmCIN, amI the prpjtf1lm will oompute 
tM efflCit'nc}. This option i~ ilscJul for cban,::terizin& an c)listing compreuot 

The ~ylfOpk: t;alcubtion must ItOI m: u~d lor lIUtamli t hai ate r :u lillily 
liquf6cd at iolel Uf OUtkt cond i tio~s, 

The cqultLions: used afC II.' 'nIlUW$ ¥I'here the subscript l rdetS to inJcl 
coodi lion~ and subscnpl '2 refcN 10 OUtSe t conditions: 

I. POlyu(lflk compll.".,siol) 

K = C,• 
c., 

AIt : . - - J "'" r(r,).-,,· ] .... - I,. P .,. . 
ibp .- w I~h 

bhp _ ill II ,. 

• 

l'o lYlrupic tlflCt(oc), 

Enthalpy eh. nMc ru mOll! 
(with 7o pflto pfia lc '," liS) 

IndlOlll(d hO~crn'A'i:' 



2. lselltroplC cOnlprcs~lOn 

h 
_ h. - h, ,- --,. 

3. IsentropIc expansion 

4. Volunlelrlc efficiency 

". = 10 - 0.01 Pl-t C(I _ V~) 
P, Vl 

S. Outlet temperature is computed from the oUllet enthalpy : 

1I,,,,,h,+"'h 

OUlpur 

The output conststs of the inlet and outlet stream names, the dischargc pressure, 
aClUa] and constant-entropy discharge temperatures, constant-entropy horse
power, indicated horsepowcr, and brake horsepower. Work done by the flu id is 
negative. If the posilive-displaccment-compression option is chosen, the output 
also includes the volumetric eRiciency and the required displacement in ft lfhr. 

Properries Used 

Entropies, entha lples, spectfic heats, specific volumes., and \apor-liquid eqUilibria 
arc used. 

Nomenclalure 

c Clearance fraction 
C, Heat capacily al constanl pressure 
Cp I-Ieat capacity at constant vo lume 
h. Enlhalpy on constanH:nlropy path 
n Polytropic exponenl 
w Stream Row 

,,_ Mechanical eRklenc), 
'I, Polytropic efficiency 
'I. Isentropic efficiency 
,, ~ Volumetric efficiency 

References 

Dresser Indu5lries, Inc., Clark Multisrage Ci'nlrifugo/ Compressars. Franldm 
Park, III , 1969. 

Elliott CompallY, Elliall Compressor Ri'Jresher, Jeannelle, Pa 
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Block List 

List type 
Unil name 
Unil type 
:-.lame of mlel )treilm 
Name of outlet stream 

Parameter List 

LISl type 
Unit name 
Inde,; of fina entry 

I Outlet pressure, psia 
II. Qutlet temperature. OF (computed if 0) 

III. Type o f unit 
I Centrifugal compressor by polytropic method 
2 Positive-displacement compressor by polytropic method 
3 Turbine by isentropic method 
4 Cenlrifugal compressor by isentropIc method 

IV. Clearance fraction for poSitive-displacement compressor 
V Mechanical efficiency (I if 0) 

VI Polytropic efficiency for options I and 2; 
isentropic efficiency for options 3 and 4 
(0.72 If 0) 

D.9 SCYW 

Description 

BLOCK 

GCOMP 

PARAM 

SCVW (bounded Wegstein stream convergence) is a stream convergence block 
I't'hich is capable of converging one, two, or three: streams simultaneously. The 
accelerated con"ergena: method of Wegstein with a modification by Kleisch and 
Sulli"an is used (see References). 

The follOWing options arc IOcluded : 

1. The convergence lolerance may be specified. The same value is used in each 
stream for every variable except enthalpy and fraction vapor. If a value is lIot 
specified,0.0005 IS chosen (see parameter 2). For each variable in a stream, the 
error is defined as the smaller of either the difference bctwee:n the calculated 
(input) and C$timatcd (output) vatues or the differences divided by the estimated 
value. Errors which exceed the convergellce tolerance arc indicated In the 
history by an asterisk The first N variables III the stream arc Ihe molar How 



n it!! 0 ' cxcl. or die .v eOrnp6lH'nB, tI + I ill the total nlul:u RI)W HUe. N + 2 i~ 
lemperature, N .. i$ pressUfe, ,... + .c IS the C11 th.IPT noW', and N :.. S Is the 
rnu.'tion vIIJX'Ir 

1: ille rlllu,iIllU"1 Ill.tulber or ilennionJ I11I1Y be .Jpttified. If dK' number ~ nt)' 
spccdied. 30 iler"UOllli art automatically chosen (see panllnelel J). The bloc" 
!JUly operate as II direc.1 I1cralion bloc:k by spttil)'i n~ Ihe Dumber or dire« 
he~tiom: (~nlm( l c:r6) 10 be cqllll l lO t he- maximum numM' 01 ilera lioM. T be 
dirlXl herahons Ulay be cbmped by a OOnttllnl fach.1I (pu amelu 1). (II vari .. bk 
damping mlly ~ Apr lkd. 1I~ ea pl;rined bd (tw 

J. You CilO continue the 511nu l3tlon cvc" t hou~h the rJl.il)UmUm Ilumb(.r ol 
lIe,atH>ni I..a.<! b«n lI:sdlC'd. tr )'ou dl), tI)e I!b"t C$timlltc nf the output ,t.!tb ",.t 
and a message indieating that tbc simulation comioued I'i th uuconw:rgt'd 
outpu l art pnnled in the ltis(01)·. Stt parameter 4. 

.. You rua~' 'ped f}, IO; /toethcr the ou tput stream is 10 be Oasllcd. You may oat wIsh 
10 Oa!>h tile 5ueam if l!lett' 1$ a possib ility or throe phases e ... ~ung or ir a heat 
b3l11nce ~ not 0 ' Ulttl~L S<'t' pllr1lmeln S. 

In ' he ron'~tJt.C1'tCC" method, In .lccdenltion J»Inlmeler q • .,. 4:lticui.:.led .and 
used to weight the prc\<ioo$ suram estima tes to obtain a ncw e$UmalC. n k' 
1l ca; 1~lttJn laaor b dclintd liS tbe.slope dhoj~ by the slop:minU$ I. 1ltt: slore is 
df'tn milled f(lf e:tch variable in ~Ich ~4Uc:tm f,Om 

SIo", =!('J - j!.r. _, ) 
x. - ~. _ I 

.. 'here ~ .. _ I I~ the: v1l1uc awen 10 lhe pt«~s 10' • ptlrlicul.tr !oI R'.<Im vamlblc.(bla<;k 
~u t PU I ) a1ld1( l . _ I) " the el}rrc$,pt1ndina "Dluc alculiltt'd (,"Tn the JtfQCt:s, lblock 
lllput). The values.Y. 81k1f( \'J are the I)(;\t pair ~r inpul and .tn'lOnse stre3m 
\·. Iuu- Smce t .... ·u ,·:tluq. ur (x) lUC "ceded 10 a leu"' le q. , :II In~t o ne difel-'I 
iter" tJ<m must be. mlllk before aCQ:kr., tiQn ctlin be: appli¢d 

F()IIt)win~ the initial dirct1 iter3(ions. d ie new estinllue for ta(h streAm 
v.,W blc 1!4 C".k:ut:llelJ rtom • 

.t • • I ~ q • .l. + (1 - '1.)1('.) 

II q. :- O. IheQ)kulnlloo IS (hrec' uer.,t ion Iro < q. < I, illl< c;l Irec1 i'C'tlllion ... ·ilh 
damptng ...... hlk f/. < 0 applies a«ek(A tion. Po~ith'c valucs or q. &i' '<: >10". Mablr 
oonverg,encc: n('g:lIJ\l: valu~ enn eon.siderabi)' JJl('Cd up conYer~('I'IC(' but int'fc8..'C 
lbe likelihuod C)( i n~abil i ty. 

T t,t 4.'~':ttn ., f~vl1tll blc Iril(Je.off t.etl'U fi ~petd ""d ,stithfli t)'. c¥h q. 1~ Ilmlled 
co the l'an1tc 

I 
I 

• 

Set: parameteTtI 8 to II . Unk:s~ )'ou CcU~\~ y()ur ,),stem is e).ceplionaUy suabk (Or 

"n~ tDblc). you should u~ the dda ult , aluC$ 01 Q.I .. - - j.o IIIld Q ..... - 0.0. If tbe 
.so1U1in ll I, found to u&(:ilta le or dh·elSC'. 01)( o r bolb Of t}Iese \'alues IIhoukJ be 
~Itebraic.ally HlCl'eIISffl. UOWCYu. if the J)'str;m h Jlabk. decr~;nlnl Q ..... and/or 
Q_. rnay kive oon",c't!;cnce in fewet it ~la l ions 

Ir Q"III and Q .... arc both nf)nnega rivc, tllert: \to'ill be no o-ecdcfalion. 
c(ln ... ergcnct being equi\'aleol to direct iteration wit h d.amping in tbe Jaore bet'''"O 
Q.'II and Q,_ •. FUllhcr. unlbS II. is ., ....... Yf; (i'lnlC'whnt Ics-s thall 1.0. the block will 
rc: re:uedly ll'y the ,.arne \'Ilh/IC of)( • • 1 (and thus 3Pf'Cill 10 hll\c eon\'t:f~). Setting 
Q .... < 1.0 IofCCS t he bloc:lc to al~ys take~l le'1~l a 1.0 - Q_. friiClioa or the di rect 

ite.ati.oD step.. 
10 addilioo ' 0 chantin@ Q .. ", l'lnd Q ...... $t~bil it y can be tnRueoctd by 

changinl the il)i tial number 01 diu:c:t ilr ratiom. pilr)jm~t cf 6. and tlte nnH)unl. ol 
damp''''' pllrametcr ,. In gtOl'tat Ihis will also dCCfUse Iht t.te of C()n\'trg,ence 

Output 

The' e- is none. 

PfO~Jllts Used 
rnillalp i~ ud .... pof-t'quilibu3 dala :IIrt· needed II lite uutput SIIcam I!C na,hrd. 

Rde.t'f1CfoS 
H. C. Kkisch .... A Study of Con~cf £.ef'K' e A(;CC Je,:11Q' AIg.orilhmJ I)seJ in StcDd)' 
State Process Simulltion." Master's Tha i", T ubl t\(. Ullh'u sity. l'lew Orleans.. 1967. 
J. 1-1 , wCJ;$tt5n. .. AOCtkf:' ting Convc.Vlll'e or Ilerltion 1' (OtOsts.." Comm. A .M. 
1: 9 C l ~58) 

Bind: U st 

List type 
Unit OiJUC 

Unil lrpc 
X. mc o r first input $ucam 
N-amc or stClOOd input Sl IOlIll orO 
Name of tMrd inptll SlfCOl rn or 0 
Tnllu fc i pOlin (unit " ilme 0 ' dl(" 6nt bkH:l; 111 d ie rce)'cle 
~).,tCfll ' 
~:t~ or fi Not OUlput $1 lCfUO 
Name (l( secnnd nulru t $Itea m qr It 
Name m third uutput wcam or 0 

BLOCK 

scvw 
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Para meier List 

LiSt type PARAM 
Unit name 
Index of first entry· 

I. Print the q vector after each iteration : 
o :: no, I = yes. 

2. Convergence: tolerance (0.0005 if 0). 

3. Maximum number of iterations (30 if 0). 

4. Action if unconverged after the maximum number 
of iterations : 0 z: tenninate simula tion, 
I = continue with last estimate of output streams. 

5. Flash output streams: 0 = yes. I _ no. 

6. Number of direct iterations to be performed before 
acceleration is applied (I if 0). 

7. Damping fa ctor for direct iterations (0 = no dampmg). 
8. Code (or determining upper limit on q, Q_ •. 

Q . If 0, Q ..... is set to O. 
b. If I, Q ..... is set by parameter 9. 

9. Maximum value of q, Q_. (see parameter 8). 
10. Code for detennining lower limit on q, Q ..... . 

Q IfO, Q_.lssetto - 5. 
b. If I, Q .. ;. IS set by parameter 11. 

11. Minimum value of q, Q"j~ (s~ parameter 10). 

D. 1O DSTWU 

Description 

DSTWU (shortcut distillation) uses the Winn·Underwood method (see Refer· 
ences) to calculate the overhead and bolloms streams for a single f~d distillation 
column with either a total or a parlial condenser ; that is, the overhead product is 
either saturated hquid or sat urated vapor. The desired column perfonnanoe is 
sperified as splits for lighl- and heavy-key componenls. The Gilliland correlation 
(see References) is used In cak:ulale eilher the actual reilulE ratio for a given number 
oC trays or the actual number of trays for a specified reflux ralio. The reRux rallO 
may be given as either a fixed value or a mulliple of the minimum reRux. If Ihe 

• All pano.mo:'cn for IbIS blocl I.e o ptIOnal. Ddlul, YlllLJoCl; Irc l~lancd 10 ~c.o Ind un.pcofied 
~1Imc:lcn. 
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specified reflux rallO or number oflrdYs is less than the mlDlmum that will produce 
the desired separation, twice the minimum is used. 

Output 

Minimum reflux ratio mnUffium number of trays, actua l reflux ratio, actual 
number of trays, number of trays in reclifying section for optimum feed tray 
location, and condenser and reboiler temperatures are ou tput. 

Properties Used 

Vapor-liquid equilibria and enthalpies are employed. 

References 

F. W. WlDn, Pi!lrQI. Refiner, 37 (5) : 2 16 (1958) 
A. J . V Underwood, eM".. Eng. Progr., 44 (8): 603 (1948). 
E. R. Gilliland and C. S. Robinson, Elements 0/ frtl{'/ional Disrillorion, 41h ed, 

McGraIl/-Hili, New York, 19SO, p. 347. 

Block List 

List type 
Unit name 
Unilt~ 

Name of feed 
Name of bouoms product 
Name of overhead product 

Parameler Lisl 

List type 
Unit name 
Index of first eDlry 

1. Heavy-key component number 
2. Light-key component number 
3. Split for light key, distillate mole fraction! 

bottoms mole fraction 
4. Spilt for heavy key, bottoms mole fraction! 

distillate mole (raction 

BLOCK 

DSTWU 

PARAM 



5. Q\1.ll ly o f Ic«1 · (OO,"pulcd if 0) 

Ii. Dc:slrcd rcBuII: ",110 ir pofiliyc: dle" eb. n - I. Ibe 
,dlu.1 ,al;o u 1p(6)1lilhd tilt minImum rc:nUA 

7. Dt$irtd number oC Ifay,! 
t . Top pu:,aure, ~a 

9. Bottom (Kr5Su le. I»i. 
10. Condelucr It re : 0 - lo,al, I - parllJl) 

DeuripcHln 

REACT {themic;al f~KlOf} is .. ~loc~ wh;cb CQtllpult.t. the c.ompOlilJon n r lin 
em~1 slrum from n reactor. The first reaction use5lhe c()flIponcnl nOW$ round in 
the Ittd SUellm. A 5C'eOnd renclion "'o,lId usc lbe fmaJ r(3Ctioo mass oI lhe Gr 'l 
fellct lon IU. feed " team. This procedure Is applic:d in a rimibr mll'nner 10 tbe lhnd 
.t,Id (o urlh re"cliom:, The cuel compul8 tion is as (OliOWl: 

FEEl) I-...:::ROlIT 

ROUT, --- ~EED; - WI~EO • .,. )(' CONV~COEF,/COEF __ •• ) 

where I is Ihe It" component ' 1'1 lhe l~ell(1 n alld 

FEED, ... a,mounc or Ith oompontl'll in !('Cd stream 
ROUT~ = amount of lth oonlpOllcnl in emuenl slnam 
PEED .. , _ amount <.rltey oompoocn' io reed Jlr~m 
key .,.. key co mponrnl (8 (eadalllJ 
CONY - 'tllClu;mal COn\'Crflon or key componenl 

• 

COEFj = n10laf sioichiomeitie eceffidenl of comJW'"~nl ; rot Ihe re;$cl.ion: 
pMill \~ 1m prl'dtJdll. nCIIII,ve 1m- reac:lanlf 

COEF .... .... MoIilr sloichiomeuic coeffiml or key oompot'ue.nc 'CIt rca.Chon 
(1lIw'llY:S nclllJlh't, u.~l<1l1y - I ) 

, Ttrw 6.<N q ll.lit," the ..".1*111 01 hut MIrIIo:I ttl Dl)lnpltwly " !'II,he 1 hI' ~ di.i.' ...... t.,. I'" ~f;otnd 
.... 1 M fc'ilfo:,eno: bo::l~n ~ l'1li1 1I11"t*"J'Oin' ""I". lpel.1 '" 1 ht kt<1. 
I It .,...1 .. .... ,lni ..... . d ......... I ,", d",,", n""',,"" ell,.". lue .. _,~ tllttl I'" dulm , ft .... ;. 
l ool"fii ' I Uoc, . 1# omll WIll, Ik ~O:Wlll'" 1Y\Od doe Idhi. Ibl \I. u I~ ... iIom!,", " "",,," ('I 

UJt. 

I 

, 

, 

The rna.almuat number ul feactlons Ihnl citn bc. ~pcciricd " <t. MCHC thllll 'OUI 
re.lct tollS (,41n be h,.odled by plac:iltJ reactor bloeb in series. Up 10 5e''en feed$ can 
be hanJk d by Jl.EACf whteh adds che componenl !low ",let in one I'«d 10 the 
.nClo,. 0 bel t 01 tr.llCllon is ca lculalcd (or Ihe f e:tCior ~ Ibe reactOr ttmpel""'" e 
and pressure must be 'pcc;itic:d. The em l)C(1I is ftllsbed inlo 1tquid and vapor 
prod ucts 11.1 the $~ificd Icmper!i lule !tnd plcuure ill..-.'(1 r n:IlIUCll a~ spedfttd 
The output clln he 3 t inSle sut'~'" 

1'lUlI tIlelCJ J is used 10 dcleillune: Ihe blocl Ilctton whetl lhe spca raW 
col\\tuion ls "rell tcl ,h . ... Ihe maximum pl.l"sibie oom'elsiol\ (when aU we tt:IIClll'Il 
it. depicted). A v;tluc or U e 'lIl\otS 1M bkxl: tl) '($C! the ron\~rJi()n 10 the INUlmum 
possibk and ~onl imJOe: u value or I causes llle- simulatM'lt1 10 tetmioste wilh an enor 

111""11'-
T he parame-ter lrs lJ IIlIow 2S \,'o mpootnlJ ror each of the four ,eactions. 

Sloktnomeuic eoe.fflcicllu ro' c""'rnnent, nO! In a ,taction 5hould be 7.CfO. 
Componenl$ arc nurubered ~llJe.n ' Ullfy ru~m I 10 1S i.n Ihe ~ukr in which Ihey 
oor:u r in Ihe com('OlIcnl list. 

OUlptrl 

Elro ' mt!lo'SlSC' printed in lhe hU;lor), arc ltJ rollu "-'~ 

",ARNINO RE/iCnON x CONVERSION RljSI;;T 1'0 = V 
If ~rameta J l55el II) 0 and you specify iI con ... n $ion rOI Icaction X hi&Jtc: r 1hll n the: 
muimum rvs~ ible. lbe block uses the: m:uimuUl Y and continoe,. 

REAcnON X EXCI!WS M;\ X J"OSSIBLI! CONY Of V 
If pln'"~U:t J issei to I aod you spedr), 3 conversion ror t('.llcl;oo X hisMr Ihan the 
muimum po$;$ib~ Y, lhe simliialion is Itnmnalro. 

REACTION X KE"I' COM_I' FLOW ... 0 
f(Jf ,ucciol'l X Ib~ Dow r.ale kn Ihe ~~clfied k.ey OQmpor,enl ... urn. The 
simulation OQntlOuC9 on 10 th(' ne,u rtSIclM>n in the iC'QUCDCC'.. 

FEED S I REAM 15 ZERO 
AU '""",, It) the bkd: ate zero The m\IlalK>1l continues . 'i lb the· nc:_1 blOCk • 
OUIPUI sue3ms are $(,1 10 re tc)' 

ERROR iN MFlSH 
The b~ prOIt,:ml /:aIlIIOI fjl)lj Ibe enlhlllrr 0' the a il mcams.. S.muladon I. 
lennin1ted. 

MAX NO. REA ;nONS EQU"L • 
Simulilton is terminalttl 

KEY COMI' COEF It()S ITI VE OR ZERO 
KC')' COfTl~OCIl I ct'ocmcitul nU1S1 be nc,a(n~ SimulatiOn b lerminated 

llloe!o. uulptll ((I"'~tSl1, of.he btock. n",pc. 1M ftlK.-UOII lC'tnpcratu~ .Inc! r 'd~tlre. 

-ani' 'hr nalllc.'( ", Ihe input a nd (lul r "I " fealll"! 
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PrOIW' rfies U!ied 

I'nthalpies an: used. 

Block Li~f 

list Iype 
Unll name 
U01I type 
Name of 1st feed st ream 
Name of 2d feed stream or 0 
Name of 3d feed stream or 0 
Name of 4th feed stream or 0 
Name of Sih feed stream or 0 
Name of 6th feed Sln::am or 0 
Name of 7th feed stream or 0 
Name of liquid product stream or singh: ~Ir ... am output 
Name of vapor produCi stream or 0 

Pa rl lllCfer Lis t 

List Iype 
Unit name 
Index of first emr} 

I. Temperature of reactor, oF. 

2. Pressure of reaclor, psia. 
3. Terminate simulation if specified conversion exceeds 

maximum conversion: 0 = no, I = yes. 
4. Number of reactions. 

Data for 1st reaCllon 
5. Key component number 
6. Fractional conversion for key component 
7. Stoichiometric coefficient 1st component 

S. Stoichiometric coefficient 2d component 

9. Stoichiometric coefficient 3d component 
10. SlOichiometric coefficienl 4th component 
II . Stoichiometric coefficient 5t h component 

• CompOnent order 15 lbe Older In "'hl~h lbe,. 0«:11/ In the compOneot list 

BLOCK 

REACT 

PARAM 

12. StOlchll)lI1elnC coeffici ent 6th component 

31. Sioiduomeinc coetficlent 251h component 

Dala for 2d reaction 
32. Key component number 

33. Fractional comersion for l..ey component 

34. Stoichiometric coefticlenl 1st component 

58. Stoichiometric cocfticlent 251h component 

Data for 3d reaction 
59. Key component number 
60. Fractiooal conversion for key component 
61. Stoichiometric coefficient 1st component 

85. StOichlOmelric coeftiClent 25th component 

Data for 4th reaction 
86. Key component number 
87. Fractional cOIl\'ersion for key compallent 

88. Stoichiomelric coefficient 1st companelll 

l IZ. Sioichiomeinc coeffiCient 25th component 

iECTIOS D II .. U CT 567 



APPENDIX 

E 
COST 
DATA 

E.I OPERATING COSTS 

Otemicals 

The costs of raw materials. products.. and by-products can normally be found in the 
:::h~mical M(Jrk~flng Reporter. The values listed arc thc current market prices. 
Nhieh may be significantly diffrrenl from the price used in a particular company 
.x:cause of long-term contracts. The costs of light gases usually arc not listed in the 
~hernical Marbling Reporter because these materials often are sold "over the 
"coee" (a vendor builds a special plant to produce these materials which is located 
leX! to the si te that will use them) or a long-term con tract is negotiated. 

Utilities 

fhe best way to estimate the cost of utilities is to relate the costs of any utility 10 its 
!quivalent fucl value by using thermodynamics and Iypical efficiencies of poI'icr 
~Iants. turbmes, boikrs, etc. Market fluctuations might occur al times which makC' 
he value of steam less than that of fuel, but large cost penalties can be encountered 

568 

TA BU': £.t - t 
UtilitiH costs 

Uolil, F~M J'rttt 

r",,1 (011 Of IU) 10 S4.00/ IO' Blu 
Slum 

600 ~Iat 7WF UO J,1.20/1000 Ib 
S.luraled Slum 

600 J'511 '" S4 ..... _ 

2SO~1 093 J .72 
ISO J"I11 085 " '" "". 0.'" U 
I!i J!511 0.57 n. 

Electnclly 10 -SO.IM/kwhl 
Coolin •• alrr 075 SO.OJ/ IOOO pI 

if a design is based on distorted prices and then the costs revert to theIr normal 
pattern. 

A reasonable sel of factors 10 use IS given in Table E.I-!. Once the value of 
fuel has been specified, the COSI5 of the other utilities can e3sily be calculated_ Note 
thai the values givcn in Table E. I-I were not used throughout this te).t Similarly, 
the costs used in different problems an~ sometimes different Howe\·C'r. the costs 
used in \arious problems are Identified as the SOlullon is developed. 

£.2 SUMMARY OF COST CORRELATIONS 

The 1970s ha,·c been a period of rapId cost escalatIon (see Fig 2_2-11), and so vcry 
few COSI correlatIons were publishcd during this period. We use Guthrie's cost 
correlations in this tellt, whene\'er possible" to illust rate cosling procedures, but 
nOle that these correlations arc out of dale. We update the correlations from the 
mid-1968 valucs- by using a ralio of the M&S indices, but this is not a 
recommended practice for such a long time span. Instead, if an updated set o f 
company cost correlations is not available, a designer should consult one or more 
veDdors early iD the costing procedure to obtain more recent cost data 

For our preliminary process designs. we usc a simplified vC'Tsion of Guthrie's 
corrC'lations. The nonnal material (the base costs assume carbon steel) and 
pressure correction factors arc used to estimate the purchased cost, but the most 
consct"\'ati \'e base module cost factor is used to estimate thc installed costs. This 
approllimation corresponds to a conservative cost estimate. For morC' accurate 
estimates, Guthrie's book should be consulted. ' 

• K. M Gu(b,",. MCa pllal Cost EslimaUPI-M C"- b.g~ 76(6). II~ (Malch 24. 19(9) 

• K. M GUlhrio:, PrfKnJ Plun' £mlMlllIf Enduuuo .. mod CON,ol. C,aIISm.1n R('IOk Co, Solana Belich. 
CaIlL 197-4 



370 SECTION I!.l SUr.!r.!,U Y Of COST conn"noNS 

Process Furn.l6ces 

Mid· 1968 cost, box or A-frame construcllon with multiplc lu be banks, field
erected_ 

("&5) P urchased Cost, S = 280 (5.52 x 

when; Q = adsorbed duty, 10" Blu/hr, 20 < Q < 300 

F<~ F.+F .. t F" 

Installed Cost, S = (~:S}5.52 x 1O)Qo 8~(l _27 + FJ 

§ 

"7 

1/ 

I 
3< ) lOOUWOOO )00 

Absorbed dUlY, 1()6 Btu/ hr 

TA8LE E..l_1 

CorrecliOD ractoTS F< ror pJ"0ces5 rurnace 

Desip IYJI" F, R.fIdiuI I.~ .... leriJol 

p,QOe$S healer UXl Carbon m,.,1 
Py,oly. i~ 1.10 Chrome/ moly 
Rdonner (no !:,nalysl) US SlalDless 

FIGU RE: 1':.1-1 
PrOCCS!i rurnao::s. [K !of G~'''rl#!. 

CIonn. Eng; 16(6)' 114 (/IIlJuh } f . 

J969}.) 

Jla;ip ,.._re, 
F. pO F. 

00 UPIO~ 000 
035 1000 0.10 
075 "00 0.11 

2000 .25 
2500 ... 
JOOO 060 

Oirecl-Fired Ilcaler.!. 

Mid-19M COSI, cyli ndrical con~truc[]on, field cra::tion 

where Q 

§ 

H)O 

50 

30 

10 

l 

3 

) 

. 

Purchased CO~I, $ = (~~}5.07 x 

!Hborbed dUlY, 10" litu/hr, 1 < Q < 30 

("&5) Installed Cost. S = 280 (5.07 x IOJ)Qo8~(U3 + F,) 

..-

I mtI ..-

I , 
I 

FIGURE t:..l-l 
3 l iO 30 50 

Absorbed dUlY. 106 Btu/ hr 

)00 
Direct-fired healer. [X M, G~'"I#!, Ch~m. 
Eng., 76(6) J Jf (MlJI rh N , 1969).] 

TABLE E.2-2 
Correction factors F< ror direct-fired heaters 

Ocsip pr_e. 
~.IYP" F, Rad;"nt luM maleriJol F. pO F. 

Cyhndncal , 0 Carbon slc-el 00 Up to 100 0.00 
Oo""hcrm 133 ClIrome, moly 0" 1000 ." 

S!amles~ 0>0 "00 020 



lIeat Excha llJ!crs 

Mld·I%R C(lst. ~hdl and lube, complete fa brication 

("&S\, Purchased Cost. S - 280 r lOL3AO 6s F,) 

whe:r~ 1 arra f11; 2011 < A < 5000 

Su.faox area. 

ro' 

1{l()1 10 '\OCII'l 

100 

, 
, 
of--
I) 

0 

, 
3 

/ 

Shrll-a nd lube 1\-18lr r1:11 =- F .. 

(-~ 

~~ 
CSt cs 55 CS Mone'" 

CS _ B.35' " 0 55 55 M.,.",I Monel 

'00 ,,. 
'" '" '" '" <2, 

("'&S) lJl ~lallcd Cost. S = 280 101 lAO 6'(2.29 + r ,) 

- ..- t 

/-

FIGURE FJ.] 

CS' 1; 
1: " 

1195 11 (l5 

1 
100 300 500 1.00:1 3.000 10.000 

Surface area (calculated) . ftl 

Sl1ell.and·tube be31 n eball,..rs [ A At 
Gullrr .... eM,... En9_ 76(6) //4 (M tNcll 

N. /969).] 

TA BLE E.2-.l 
Correction faC lors for heat e \':cha ngt'l"S 

~2I1pr~. 

~I)pe >, '" >, 

Kellk. rolJo.k. IH Uplo 150 000 
Floal",!! head "" 100 '" U-Iube '" "" '2' 
roue.! tube ~'Itt' 0 .. ." 0" 

''''' ,« 

SECTION !OJ W "' .... U Of con COlllElAllONS 573 

Gas Compressors 

Mld-1968 cost. centrifugal machllle. mOlor drive. base plate a nd cou pling 

Purchased CO~I. S""' (~~Sf5 1 7.5)(hhP)O BlF, 

IOo he:re: bhp.,..,. b rake: horc;epov.·cr ;]O < b lip < 10.000 

f , = F, 

("&S) Inslalled Cosi. S - 280 (517.5Xbhp)oel(2 11 

FlGL'R[ f.J....4 

300 500 1.000 ] .000 
Brake horscpov..t"r. bhp 

-+ F.) 

Process"" camp.esw .. alld d,j"e$ l K At Gu,/,r.,.. eM .... F-ng_ 76(6) ' /14 (M(lT(" ]4. /969)] 

TABLE FJ..4 
CornC"tion facfOf"S ror 
Com~essors 

Cnllnfupl. mot ... 
RCC1p.oallng. s'elI m 
Cen.\,~fu~l. IUrbme 
i'«rPl~n«- moror 
R OCIp'OOI!m~ 8'" cn~",e 

>.00 

'" 
'" '" '" 



Pressure Vesseb, Columns, Heac(Or~ 

(
M&S\ 9 ' OO<)'/J IJInF) l~ur(;haJ.ed Cost, S = 280 -r!OJ D , 

where D '"" diameter, (, 

II = height. fl 

r , = " .. r. 
P"'WUIC L:p'o j() "" "" "'" ." SOl "" "" "" ... "'" 

r. "" , 0> 115 '''' IH ' <5 16" LSO ,% 2311 2.511 

Installed Co!>!. S = r~~S)lOl 9D' Ob6Ho IOJ(2.18 + F,) 

§ 

3 
8 

jj-l .'" l~ ;SO 
5 .~ ,. /. 

5 
4 
3 

2 

4 
00' 

Jt-~~'" 
2 

V~ ,1% 
0 
0 
0 
0 

'0 
7 

0' b 'l. 
'~'~/I/ 

"''ll 

~ 

5 Ver1ical fabricll iion 

o 
o 

3 

2 

, 
7f-L 
.5 

./ V-
HOrlzonl'll 

~ 
H GUU ... £,,2-5 

-

//. 
ij , , , 

, , , 

V 

~ ,/ 

III 
fabrication 

Pn:uulc ,~b r A' AI (,~IIr,..,. (Jo,m bt,j. 7"'61 J U, ,\I",cJt 14, 1110101) J 

SKTION 1:-1 SUIotMAIY or COST COUfLA llONS 575 

TA BUU·,5 
Corree.ion fllclors for pressure ~essel) 

~ _.dlld 

F •• solId 

cs 

'00 
' OIl 

225 
367 

)89 
0), 

." 
7,89 

(}iSlilluioli Column Tuys and TO~f'r hllernab 

(M&S) Installed Cost, S = 280 4.7D' H HF, 

where D "" diamclcr, rt 
H "" tray slack height, (1 (24-10 spacmg) 

F,= F.+ f,-f"" .. 

Tra) stack height, Ii (24-10 . spaci ng) 

TA8LL E.l~ 

COrTKlion (M CIOD fur colullln Ir.)·!> 

Tr.r.y~an&. In " " 12 '. '" " 22 
Tr~) ()"pC G ... 1'~lc S",,'C 

(00 do .... o· 
cOIIICr) 

'. "" "" "" Tu)' IlUICf\llJ CS SS M ooeJ '. "" " " 

FIG URE £..2 ... 
DI'IIJ1~"onrolumD ,rays LA M GUll! 
"t. eM"" £"11_. 76(6} J U (M arch U . 
/91'19) J 

Troulh Bubbtc Koo;:h 
o. YlIJvc ap KUClldc 

". " J9 
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TABLf .:'1-1 
TO'flcr Jl lckinw; 

ACII""cd Q,bon 
Alum,na 
Cah 
C,u.hcd h","",'<,ne 
Slhca ,el 
I 'ln R.sdll, flnp S,one.llt 

Porc .... In 

S'.lnlds 
l·m Br:r1 ~ddln SIO"""·3.'C 

I'medaln 

Turbo Iv ro:=~~·maJt . , 
I I O.~~ i max . 
h ,;., m" , 

TTrTT 

M.lm.t. . .... 
I. bor. Sffl ' 

'" 126 

" " 212 

" 70 
702 

'" 15.9 

~ 

Ro"'l' blo'" V 
... ~ 

V 

, 

17 
7 

It ' ~J,';,i~ 

10' 

0' " 

, 

f..- HOi" ,,; I 

10' 10 I J( 

CapacilY, n J/min 

f lGl lIJ' Ll-1 

= 

BIo .. ~s jhel~,-du'" mdu~lnll I~rel (I,.,." J.f .'> p",,, and K D TinInW'/otlu.. •. PIIl1II fJ,"q" ond 
ErottomIO/fN C~mj(QJ ~'''"''' ,ld td. McGr(J"LJIIII, Nt'" I ",A:, 198()." J<61) 

SE("I""N P2 5UIo1MAlY or ('()$! ('OUEl_AnON5 577 

Turbo Blo"" ers 

From Petc~ and T,mmerhaus_ o Ja nuar) 1967 cost, sec Fig E.2-7 

J-psi maximum discharge. 

Purchased COS! = (M&S)J97QQ H'1 
26() . 

100 < Q < 10.000 whcre Q = crm and 

IO-p~, maximum dlschargc' 

Purchased COSI = (~:S} 26.5Qo 'Q8 

whcre Q = cfm and 1000 < Q < JO.(M)(). 

JO-psi maximum discharge: 

Purchased Cost =- C';:S)8J8. 7Qo.u 

where Q = cfm and 2000 < Q < 15,(M)(). Ass ume IIlslalialio n raclor .., 4.0 

• M S rC\crs and K ,I>. TUI1"",,h.u<. ~ PLanl IlM.Ir:n and r C(>IlOmlCS rOf l.nermQI Engrneers.. - ld cd , 
MeGf." 11 ,11, ~t., 'olk, 1980. p S62 



APPENDIX 

F 
CONVERSION 
FACTORS 

Area 

I (II = 0.0929 m! 
= l44 in J 

DensilY 

Ilb/ ft ' _ 16.018 kg/m1 

III' 1/ 62.4 g/cm' 
I Ib mole of an ideal gas, O"e. I aim " 359.0 fll 
t Jb mole of air, O"C I ai m '" 0.0807Ib/ ft 1 

Energy- Also.see Work 

518 

I Btu ,,", 252 cal 
= 1.055 kJ 
= 7779 ft · Ibf 
_ 1929 x 10 4hp · hr 
'"' 29307)( 10- · kwhr 

Force 

Il bf ""' 4 4482 N (kg , m/sl) 
_ 32174 Ibm · ft/s J 

- 4.4482 x lOs dyn (8 em/s2
) 

Heal Load - Also see PO¥l er 

1 Btufh r ""' 0.29307 w 

Heal-Transfer Coefficient 

J Btu/(hr (t 1 ·"F)=5.6782w/(m 1 ."q 

"""ENOIl( r COKYUSION f ACTo n 579 

= 1.]571 x JO - ·cal/(cmJ ·s ·"C) 

Length 

Ift = 03048m 

Mass 

I Ibm "" 0 45359 kg 
I ton (short ) = 2000 Ibm 

Pressure 

I aim _ 14.7 psi 
I psi ,,", 6894.76 N/ml (dyn/cml) 

PoVtt'r - Aiso see Heal Load 

I hp .. 550 ft · lbf/ s 
- 0.7457 kw 
... 2546.7 Btu/hr 

Specific Heat 

1 Bl u '(lbm _G F) _ 4. 1869 kJ/ ( 1.:8 ·"Q 

Work - Also see Energy 

1 fl lbf ... 1.2851 x 10 l Btu 
= 1 7662)( 10 -1 1r;:wh r 



580 Ar'EJ'lOIX f ('ONHUIOI'I fAClOU 

Velocity 

1 fi ls""" 03048 m/s 

Viscosil), 

1 Ibml(fI s) = 1 4881 kg/em -5) 
1 Ibm,(ft hr) = 41318'>( 10 19/(CIl1 5) 

Volume 

1 ftl _ O.028lI1m' 
=: 28.32 L 
= '.481 gal 

INDEXES 

581 
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retrofit , 354 368 
screelllOg: comparison by 

deslgomB each,S 
cost dIagrams, 289 315 
eJimmatlDn uSlIlg heunSllCs, 5 
o ptlmlzallon, 319 - 349 

solvent recovery, 73, 81 
(St't' also lIydrodealk}latlo n of 

loluene prOlXss) 
AmmOllla synthc~is, 153 
AnnuilY,52 
Approach temperature, 222, 296. 324 
Area of heat exchangers. 2]3-236 
Artisl's approach (5<'<' Eng.lOeenng 

method) 
Azeotrope, 21, 143, 114 
Azeotroplc dlsullallon, 185 186 

dlstlllallon boundanes, 189 194 
rc:ed compoSlIlon, 192 194 
lOill1mum rdlux rallO, 194 204 

Back-of-Ihe-<nvelopc calculatIons 
(see Shortcut designs) 

BasIC research, 8 
Balch prou:sses, 16, 107 110, 

114115,409-412 
Bellzene, 8 15, 20 21, 23, II], 

126 132, 134 135. 138, 140, 
142, 147 148,150, 153. 
160 161 .207 208,21], 
518 542 

lknzo ic aCid, 22, 213 
Blower co~t, 576 
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Boundmg 50lullons, 90 93,464 465 
Bubble points, 428 
Butadiene (see Butadiene sulfone) 
Butadiene sulfone, 135, 161. 213 
Butane alkylation, 135, 140. 161, 213. 

m 
Butene (set' Butane alkylation) 

Capital charge factor (CCF), 60 
Capi tal costs, 23. 29. 32 

contingencies, 41 ~42 
correlations, 33~31, 569~511 
cost diagrams, 289- 315 
depreciation. 46 
direct cost. 41 - 42 
fixed capital, 31, 41 - 42 
Guthrie's correlations, 34. 569 517 
indirect costs, 41 42 
inflation factor. 36 
inside battery limits ( ISBl), 41 42 
installation factors, 29, 33 35 
offsite cost, 41 - 42 
onsite cost. 41 - 42 
\·s , operating cost. 48 54,354-368 
outside battery limits (OSBl), 

41-42 
owner's cosl, 41 42 
start-up cost, 40- 42 
total capital investment, 31-42 
vendor's quote. 33 
working capital. 29. 31. 41 -42, 70 

(See a/so Cost: Profit) 
Cascade diagram. 220- 222 
Cash flow. 48 
Catalyst deactivation, 103 
Cent rifuge,408-410 
Complex distillation columns, 

ISO 182,466 418 
Compressor cost, 155 156,329,573 
Compre~~or dc~ign. 153 155, 490, 

513 
computer-aided de~lgJ1, 557 
refrigeration processes, 490 507 

Computer-aided design (CAD), 
369 404 

computer information diagram. 381 
controllers. 389 
co nvergence, 318. 559 
equipment subroutines, 373-375, 

550- 567 
roxecutive. 310 
flash calculations, 382-387, 

550-553 
Iterations, 389 
physical property data, 311, 319 
sequential modular, 311 
starting values., 381 
stream lea ring, 311 
thennodynamics, 37 1 

Computer infonnation diagram. 381 
Conceptual design (st'e Process 

synthesis) 
Condensation, 13,73.168 
Condenser. 458, 487-488 
Consecuth'e reactions, 11 3 
Conservation of money, 49 
Constraints, 105.210,357- 368 
Continuous interest, 49 - 54 
Control,414-416 
Convergence. 378, 559 
Conversion. 17, 94, 124. 145, 150, 

157.209,296,320,324- 327. 
341 ~349 

Con\'ersion factors, 578-580 
Cooling waler. 75. 458 

cost, 328- 332 
Cost : 

capital (see Capital costs) 
cooling water. 328- 332 
data. 106, 569-577 
diagrams, 289 315 
distillation, 330. 457, 460. 461 , 

574 571 
equipment (see Capital costs) 
estimates. 23 71 
opcratmg (st'e Operating cosl~) 
product. total. 37. 43 
revenue. 44 48 

Cost diagrams, 289 ) 15 
cost allocations., 297- 302 

heal exchangers. 297 
process streams. 300 

heuristics, 295 
operating costs. 289-315. 354, 

358 360 
significant design variables. 296 
structural modifications, 296 

COSI models, 327-332 
Creative activity, 4-5 
Crystall ization, 187 - 188, 408--411 
Cyclohexane, 23. 134, 142, ISO. 161. 

213 

Decomposition, 8, 17 
Design : 

costs of developing. 7 
optimum (set' Optimum design) 
types, 6 
\'ariables (see Conversion; Molar 

ratio of reactants; Pressure ; 
Temperature) 

Dew points, 438 
Diethylbenz.ene (see Styrene) 
DiethyJether (see Ethanol) 
Diluents, 153 
Diminishing returns, 6 
Diphenyl (see Hydrodealkylation of 

toluene process) 
Discounted-cash-flow rate of return 

(DCFROR). 56- 59, 10 
(Set' 0150 Profit) 

Discrete compounding, 50-54 
Disproportion of toluene, 66, 213. 

290- 293 
Distillation : 

alternatives, 182 188 
applicability, 175 
azeotropes, 189- 204 
bubble point. 438 
complex column~, 180 182. 

466 478 
compoSItions. 4]6. 450, 509 
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Distillation (COTII.) : 
computer-aided design, 397. 553, 

562 564 
condenser, 458 
cooling water requirement, 458 
costs, 330. 457, 460. 461, 574 577 
dCl'lgn equatIOns, 4]6 453 
deSign procedure. 508 511 
dew point. 438 
diameter. 454-457. 510 
energy integration, 264 272, 

478 485 
F ellSk e-U nderwood-Gillila nd 

procedure, 439-444 
Fenske's equation for minimum 

plates. 441 
flooding, 454- 457 
Gilliland's correlation. 439 441 
heat integration. 264 212 
height. 453_ 510 
heuris tics for sequencing, 462 
McCabe-Thiele method. 450 
material balances, 4]6, 450, 509 
minimum reflux ratio, 194-204, 

44\-444, 447 
number of plates, 439-453 
packed tower. 460 
pasteurization columns. 173, 469 
Petlyuk columns, 472- 416 
plate efficiency. 451-453 
prefractionator, 476-478 
pressure, 436- 437. 509 
reboiler, 459, 512 
reflux ratio. 197-204,296,321- 325, 

341-349,441 -444 
relative volatili ty. 438, 448- 450 
sequencing. 10, 175- 182,461 465, 

511 
sidestream columns, 12, 466 
sidestream rectifiers and strippers. 

470 411 
simple columns, 175 180 
Smoker's equalion. 444 447 
splits, 436, 450, 509 
stream requirement, 459 
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Distillation (ConI .) : 

Underwood's equations : minimum 
reflux, 441 444 

plates, 448 
vapor rate, 463 

(Su also Azeotropic dIst illation) 
Dominant design variables, 319 350 
Drums: 

cost, 67 
flash (set' Rash) 

Drying. 408 411 

Economic pOieniial, 62, 64, 73 
leve] 2, 130- 132 
level 3, 158- 159 
level 4, J 88- 189 

Economil; trade-oft's, 5, 319- 350, 
356- 357 

Economics, engineering, 23- 7 1 
Economy of scale, 104 
Effective interest rate, 51 - 54 
Electricity cost, 32 
Energy conservation (.we Heat

exchanger networks) 
Energy integration, 10 

distillation, 264- 284, 478- 485 
heat and power, 261 - 264 
(Sec also Heat-exl;hanger 

networks) 
Engineering method, 5-8, 20 
Environmental constrai nts, 5, 143 
Equilibrium limitations, IS, 142, 

149- 153 
Equipment cost (ue Capital costs) 
Equipment sizes, 23 
Equipment subroutines, 373- 375, 

550- 567 
Ethane cracking, 112, 135, 161 , 

286- 287 
Ethanol, 21,134,143- 144, 152, 161 
Ethyl acrylate, 152 
Elhylbenzene (see Styrene) 
Ethylene, 21, 112, 134 135, 143 
Extent of reaction, 128129 

Extraction, 183- 185 
Extractive distillation, 184 

Feasible matches, 2)7 
Feed distribution, 157- 158 
Fenske's equatIon for mimmum 

plates, 441 
Filter, 408- 41 I 
Finite difference calculus, 50- 54 
First law, 218, 225, 230 
Filed capital investment, 37, 41 - 42 
Rasb : 

calcu lations, 166- 168 
computer-aided design, 382- 387, 

550- 553 
splits, 9 

Aowshect : 
absorber (stripper), 75 
decomposition, 8, 17 
input-output structure of (Sl'e 

Input-output structure of 
fiowsheel) 

processes : aCfetone from 
isopropanol dehydrogenation, 
18, 294 

benzene from toluene 
hydrodealleylatlon, 8- 17, 
216- 284,297- 315 

benzoic acid rrom lolufene 
oxidation, 21 

I;yclohexane rrom benzene 
hydrogenation, 24 

disproportionation of toluene to 
give benzene and xylene, 66, 
213,289- 293 

ethane cracking to ethylene, 286 
et hanol from ethylene and water, 

20 
ethyl benzene from benzene and 

ethylene, 19 
hydrodesulfurization, 285 

recycle struclUre of (see Recycle 
structure of flowshect) 

FLOWTRAN, 369 4O-t, 548 567 

FLOWTRAN (Com.); 
equipment subroutines, 373 375, 

550- 567 
IIlput da la, 371 
physical property data, 371 373 
thermodynamics options, 372 

Fr<l.clion<l.1 recoveries, 296, 325, 
341 - 349 

Fuel cost, 32 
Furnace, 329. 489, 513 

cost, 570-57 1 

Gas absorber (set' Absorber) 
Gas compressor, (see Compressor 

design) 
Gas recycle and purge, 9,126- 128, 

209,324, 520 522 
Gasoline, 135 

(See also Butane alkylatIOn) 
Gilltiand's correlatlon for distillation, 

439- 441 
Grand composi te CUf\e, 224 
Grass-rools plant, 41 , 70 
Guthne's correlations, 34, 569 577 

Hazards, 417- 420 
Heal : 

and disti lla tion integration, 
264-284, 478-485 

and power integration, 261 264 
Heat camer, 149 
Hfeat effects, 142, 146- 149 
Heat engtoes, 26 1 
Heat-exchanger design, 486 489, 

511 - 51 4 
COS I , 572 

Heat-u cha nger networks : 
area eStimates, 233- 236 

hea t-transfer coeffi cients, 234, 
486-487 

computer-aided desIgn, 399 
cost model, 327 

$UIJHCT 'NO£)( S95 

Heal-exchanger networles (COrlt.) : 
design o f minimum-energy 

networles, 236-261 
algonthm, 257- 261 
alternatives, 240 
capital vs. operating cost trade-

off,251-256 
complete design. 244 
design abo,'c the pinch, 236- 241 
deSign below the pinch, 241 - 244 
distiUatioo columns, 264-272, 

478-485 
eliminating exchangers. 251 
energy relaxation, 251 
feasible matches, 237 
heat engines, 261 
heat pumps, 263 
heuristics, 238, 248, 251, 260 
loops, 248, 251 - 256 
o ptimum approach temperature, 

246 
paths. 248 
pinch matches, 239 
st ream splitting, 257 - 26 1 

mlOimum healing and cooling 
required, 216--23O 

approach temperature, 222 
cascade diagram, 220 
first·law analysis, 218, 225 
grand composite curve, 224 
limitations, 229 
minimum approach temperature, 

222 
minimum utility loads, 222 
multiple utilities, 227 
phase changes, 228 
pinch temperature, 222 
temperature-entbalpy diagram, 

222- 224 
temperature intervals, 218- 220 

minimum number o f exchangers, 
230- 233 

first law, 230 
independent problems, 231 
loops, 231 
second law, 232 

retrofi t, 354- 368 
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Heat pumps, 263 
HeaHransfer coefficients. 234. 

486 487 
Heuristics, 5, 9, 85, 90 91 

approach temperature In heat 
exchangers, 92 93 

batch processes, 108 
compression ratiO, 155 
conversion, 94, 145 
cost diagrams, 295 
distillallon column sC<juenclllg, 

91 92,177 178,180 184, 
461-466,511 

fractional recovery, 77, 86~88 
heat-exchanger n(:tworks, 227. 231. 

238. 248. 25 I, 260, 284 
heal loads. 148 
1I1put-ou tput struclure, 13] 
limitations. 88- 89 
mlnllllUm trays 111 a d,st,llatIOn 

column. 91 
numlx:r of product streams, 

121 - 12] 
optimization, 345 
pIpe vdOClty. 91 
reactor conv(:rslon (single 

rcacllon),94, 145 
reactor design. 157 
recycle structure, 160 
separation system, 163 165. 

211 - 212 
soh'ent now 111 gas absorber, 77, 

85-86 
Hiera rchIcal design procedure 

batch processes, 409 410 
pertochemical processes, 8 16, 407 
solids processes, 408 410 

Hiera rchical planmng. 17 
Hydrodealkylation of 101u(:11(: ("IDA) 

process, 518 542 
alternatives: feed purificatIon, 304 

punfy gas·recycle st ream. ]06 
recycle of dlphenyl. 304 

dlphenyl recycled, 20. III. 133, 
161. 213. J03 315 

dlphenyl removed ad13bal1c 

Hydrodealkylallon of toluene (IIDA) 
process, diphenyl removed 
(COOI.) : 

temperature rise, 147- 148.524 
alternatives, 132,522,541 
Ix:nzene column, 535 537 
case study, 518- 542 
compressor, 524 
computer-aided design. 375 40] 
t,;onstramts, 307 
cost diagram, 297 ·303 
decisions., 520. 530-541 
decomposition of nowshcct, 

8 " 
distillation, 397, 530 541 
distillation column sequencing, 

531 
economic potential, 130 132_ 

158 159,188- 189,522,527. 
541 

economic trade-ofTs, 123- 124, 
158- 159, 188- 189 

energy integration. 216 284 
flash calcula tions, 167.528 
heat-exchanger net ..... ork. 

216 284,399,542 
heat load, 147. 524 
hydrogen purification, 134, 520 
mput data. 107,518-520 
inpul-output structur~, 520-523 
levels of detail , 8 15 
number of reactor systems, 138 
operatmg cost diagram, 360 
overall material balances, 

126 130,521-522 
reactor size and cost, 526 
recycle a nd purge. 120.520 
recycle compressor. 524 526 
recycll:'! material balanCC$. 

142- 14].145.523 
re trofit, 358 368 
le .. ersible by-products. 149,520 
ngorous material balance~. 

204 2 11 
Select iVity data. '119 
stabihzer, 5]7 541 

lIydrodealkylation of toluene (I IDA) 
process. diphenyl removed 
(Cont.): 

toluene column, 532~535 
vapor recovery systcm. 169 170, 

529 
Hydrodesulfurization, 285. 287 
Hydrogen.8 15, 20,23 

Independent problems, 2]1 
Input information: 

constraints. 105 
cost data, 106 
physical properly data, 105 
plant and site data, 105 
product purity, 104 
production rate. 104 
ray, materials, 104 
reaction infoona tion. 99 10] 

Input,ou tput structure of no .... shcct . 
15, Jl6- 136 

deslpr \·ariables. 124 
ClI:a:SS reactants, 120 121 
gas recycle and purge, 120 
number of product streams. 

121 - 123 
o\erall material balances. 12] 130 
purification of feed streams, 

118-119 
reco\'er or recycle reversible by-

products, 119 120 
Inside battery limits (IS BL), 41 42 
Investment (st'e Capital costs) 
Isobulaoe (see Butane alkylalion) 
Isooctane (st'e Butane alkylation) 
lsopropano~ 20, 134, 147- 148, 152, 

213 
Iteration, ]89 

K ~·alues. 543 546 
Ketene (see Acetic anh)'dnde) 
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Levels of designs (st't' Design, types) 
Limitations: 

heat-eJtchanger network desi@n. 
229 

optimization procedure. 327 
synthesis procedure, 15 

Llmi tmg reactant, 142 
Liquid separatIon system. 10 13. 

172 ~ 204 

alternath-es to distillation ; 
azeotropic diSlillation. 185 

crystallization, 187- 188 
extraction. 182- 185 
ext ractive distillation, 184 
reacth-e distillation, 187 

azeolropes wilh reactants. 174 
distillatIOn : applicahilit}. 175 

cOl\lplu: columns, 180 182. 
466-478 

sequenclllg of simple columns, 
175- 182, 461 -465, 51 I 

mteraCtion with process. 178 
light ends. 173- 174 
multiple- distillation sequences, 179 

Loops. 2]1. 248- 256 

McCabe-Thiele method for 
distillation. 450 

Marshall and Swift (M&S) mdex. 
3. 

Material balances: 
absorber (stripper). 76-79 
approximate, 78 
computer-aided design, 375~396 
equilibrium conversion. I SO 
linear, 204-21 I 
overa ll (feeds and products). 

123 130,521 522 
recycle. 142 145,523 
reversible by-products, 146 
rigorous.2Q4 211. 375 396 
solvent loss from absorber, 78 
vapor Icco\'ery system, 169 170 
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Material temperature ranges, 547 
Membrane sepa rator~, 13, 73, 168 
Methane,8 15,20 
Methyl isobutyl ketone ( MIBK), 79 
MJllJmum coohng required, 216 230 
Minimum-energy heat-cxchanger 

networks,236 251 
Minimum healing n:qulred, 216230 
Molar ratio of reactants, 17, 124, 

140 142, 157, 324 327 
Monomers, 152 
Mortgage payments, 69 
Multieffect distillation, 48 
Muhipass heal exchangers, 49 

Nominal interest rate, 50 54 

Offsite cost, 41 ~42 
On si te cost, 41 -42 
Open-ended design problems, 4 
Operating cost d iagram, 354, 

358-360 
Operating costs, 23 - 25, 32 

vs. capilal cost, 48 -54, 354 368 
cooling water, 328- 332 

(See afso Utilities) 
cost diagrams, 289- 315, 354, 

358-360 
direct product cost, 43-45 
insurance, 43- 45 
interest, 43- 45 
labor, 43- 45 
laboratory charges, 43 45 
manuracturing costs, 43 45 
operator. 45 
overhead, 44 
raw materials, 15, 43 45 
rent, 43 45 
repairs and maintenance, 4]- 45 
royalty, 43 45 

Opera ting COSIS (COnt ): 
sales, research, admmistration lind 

engltleering (SA RE) cost, 
43 45 

start-up cost, 40 
steam, 328 332 

(See also [Jl1l1t)' costs) 
superVISIOn, 43- 45 
supphes,43 45 
taxes., 4] 45 
uti lities, 25, 43- 45, 328-]]2, 

568-569 
(See also Cos!) 

Operating time, 73 
Optimum design, 62, 319 350 

approach temperatures, 246 
retrofit, 356- 368 
\ariables, 124, 209 

Order of magnitude, design 
estima tes, 7 

Outside battery lim its (OS BL), 41 - 42 
Oxygen, 2, 120 

Packed absorber (see Ab~orbcr ; 
Distillation) 

Para llel reactions, 11] 
Partial condense r, 173 
Pasteurization distillation column, 

173, 469 
Paths, 248 - 256 
Payout time, 55 

(See also Profi t) 
Petlyuk distillation columns, 472 476 
Phase changes, 229 
Phosgene, 141 
Physical properly data, 105,371, 379, 

SOH, 543- 546 
PUlch : 

distillation, 264 
heat engi nes. 261 
heat pum ps, 263 

Pinch matches, 239 
PlOch temperature, 222 
Plant and site data, 105 

Plant design, ddinitiun of, 3 
Plate eflklency: 

absorbers, 4]5 4]6 
distillatio n columns, 451 - 45] 

Plale gas absorber (see Absorber) 
Power and heal inh:gration, 261 264 
Po wer COSI, 32 
PrcfractlOnator di~lillation column~, 

476 478 
Pre~nt \alue, 53- 54 
Pressure, 124, 157, 324 

absorber, 82 
distillation columns, 436- 437, 509 

Problem defini tion (see Input 
infonnation) 

Process ahernatives (see Alternatives) 
Process constraints, 105 
Process cont rol, 414-416 
Process design definit ion of, 3 

(See a/50 Process synthesis) 
Process flowsheet (see Flowsheet 

processes) 
Process reuofits, 64, 353-368 
Process syothesis . 

batch \s. contmuous processes, I iO 
creal1\ C activity, 5 
definition of, 4, 110 
hierarchical procedu re, 8 
heat-exchanger network, 216- 218 

IOput infonnation, 99- 107 
input-out put structure, 116- 136 
recycle struct ure, 137 - 162 
separa tion system, 163- 215 

Product purity, 104 
Production rate, 104 
Profit, 2], 47-48 

measures: discountcd-cash-flow 
rate of return, 56 

payout time, 55 
return 00 investment, 31 , 55 

model, 61 
after laJ[es, 47- 48 
before laJ[es, 45 46 

Proximity parameter, 344, 356 
Pumps, 67 
Purge (see Gas recycle and purge) 
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Purge composition (see Gas recycle 
and purge) 

Rank-order parameter, 343, ]56 
Raw materials, 104, ]20 
CO~b, 15, ]2 
(See (llsiJ Operallng costs, raw 

materials) 
Reaction information, 99-103 
Reactions: 

consecutive (see Consecut ive 
reactions) 

parallel (see Parallel reactions) 
Reactive distil lation, 187 
Reactor: 

computer+aided design, 564- 567 
configuration, 157 - 158 
cost model, 329, 334, 574 
design, 156- 158, 507 
design guidelines. 157 
design variables: conversion (see 

Conversion) 
molar ratio of reactants (see 

Molar ratio of reactants) 
pressure (see Pressure) 
temperature (see Temperature) 

equilibrium limitations (see 

Equilibrium limi tat ions) 
heal effects, I , 142, 146- 149 
heat load, 146 
separator reactors, 152 

Reboiler, 459, 512 
Recycle and purge (see Gas recycle 

and purge) 
Recycle suucture of nowsheet, 14, 

137- 162 
case study, 523 - 528 
compressor design and costs, 

153- 156 
economic evaluation, 158 159 
equilibriulll limitations, 149- 153 
excess reactants, 140 
material balances, 142 145, 523 
number of reaClOr systems, 138 
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Rec)c1e structure of flows heel 
(Conr l' 

nUluber of reC)c1e streams. 
138 140 

reactor de~ign, 156 158, 507 
reactor heat elf('(:t~. 146 149 

Reflux rallO, 197 204.296, _\21 325, 
34 [ .l49.441 444 

RdngeHtllOn sy~tem design. 490 507 
Rciall\'e vol:Hlhty, 438, 448 450 
Retrofi t (.sef' Process retrofits) 
Return on In\estment (ROI). 31, 55 
Reversible b)-products, 10. 119. 146. 

520 
Rule of thumb (su Heurisllcs) 

Safety. 5, 417 421 
Salvage \<lluc, 58 
Scak factors, 342 
Second la .... , 2.12 
Selectivity. 101 102.111-114. 

126 129,334 
SemltivHy,88 
Separi.lion s)stem' 

general structure, 13, 163-168 
liquid separation system (.see 

LiqUid separatIon system) 
vapor rcco\·ery system (SL'f' Vapor 

reco\·ery system) 
Separator reactors, 152 
Sequential modular simulallon, 377 
Shortcut designs, 5, 16,73 

absorbers. 426 436 
back-of-the~ne\iciope mode~ 83 
bounding solu tions, 92 95. 

464 465 
cost models, 328 340 
flash ca!culallons, 166 168 
optimi7.3tions, 319 350 
overall material balanccs, 123 130. 

3D 
recycle balance~, 142 [45. 3D 
rdngclalion ~y~telll!\, 505 507 

Side reactions, 100 
Sidestream distillation columns. 12. 

466 
Site location, 417 421 
Smoker's equation for distillation, 

444-447 
50" 1]5, 153 
SOl. 15 ] 
Solids processes. 408 410 
Sohenl recovery, 72-81 

alternau\ies, 73, 81 
Stabilizer. 9, 173, 537 54 1 
Start-up considerations. 5. 416 
Steam cost. 32, 33 I 
Stoichiometry, 126 129 
Stream cost. 32, 333 
Stream spliHing. 257 
Strum table. 25. 129 
Stream teanng, 377-379 
Styrene, 113, 1 ]4, 153. 161 . 213 
Succ:css rates, 4 
Succes~iYe approximallons (su 

Fngineering method) 
Sulfuric acid. 152 
Srnlhesls and analYSIS (Sf'f' ?rocess 

synthesis) 
Systems approach, 82 83. 296 

Tanks: 
feed , 67 
storage, 67 

Temperature, 124. 157.324 327, 
341 349, 547 

Temperature-cnthalpy diagram. 
222-224 

Tempera ture intervals. 218-220 
Thermodynamics., 371 37],54] 546 
Time value of monr::y. 48 54 
Toluene, 8 15.20.22. 11 3.126 132. 

134.138.140.147 148. 15l 
161. 205 207.21 '. 297 1m, 
]75 403.518 542 

Toluene disproportionalion. 66. 213. 
290 293 

Total annual cost, 331 
Trade-offs (UII! Economic trade-orrs) 
Triethylbcnzene (sf'e Styrene) 

Underdefiucd (SL'f' Open-ended 
design problems) 

Underwood's equation for mint mum 
reflux, 441 - 444, 448 

Utility costs, 32, 328 332, 568 569 
(Sf'1I! also Operating costs) 

Utility flows. 23-25, 216 230. 
480 482 

minimum, 222 
multiple utilities. 227 
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Vapor-liquid eqUilibrium, 543 546 
Vapor rcco\ery system. 13 

combined with liqUid separallon 
system. 172 

locallon. 168 171 
type. 171 

\Vater-gas shirt reliction. 153 
Work inS capllal, 29.37,41 42. 70 

Xylene (Stf' Toluene 
d lsproport ionation) 

Yield. 100. III 114 


